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Summary for Policymakers
SPM Introduction
This Synthesis Report is based on the reports of the three Working Groups of the Intergovernmental Panel on
Climate Change (IPCC), including relevant Special Reports. It provides an integrated view of climate change
as the final part of the IPCC’s Fifth Assessment Report (AR5).
This summary follows the structure of the longer report, which addresses the following topics: Observed
changes and their causes; Future climate change, risks and impacts; Future pathways for adaptation,
mitigation and sustainable development; Adaptation and mitigation.
In the Synthesis Report, the certainty in key assessment findings is communicated as in the Working Group
Reports and Special Reports. It is based on the author teams’ evaluations of underlying scientific
understanding and is expressed as a qualitative level of confidence (from very low to very high) and, when
possible, probabilistically with a quantified likelihood (from exceptionally unlikely to virtually certain) 1.
Where appropriate, findings are also formulated as statements of fact without using uncertainty qualifiers.
This report includes information relevant to Article 2 of the United Nations Framework Convention on
Climate Change (UNFCCC).

SPM 1.

Observed Changes and their Causes

Human influence on the climate system is clear, and recent anthropogenic emissions of greenhouse
gases are the highest in history. Recent climate changes have had widespread impacts on human and
natural systems. {1}
SPM 1.1

Observed changes in the climate system

Warming of the climate system is unequivocal, and since the 1950s, many of the observed changes are
unprecedented over decades to millennia. The atmosphere and ocean have warmed, the amounts of
snow and ice have diminished, and sea level has risen. {1.1}
Each of the last three decades has been successively warmer at the Earth’s surface than any preceding decade
since 1850. The period from 1983 to 2012 was likely the warmest 30-year period of the last 1400 years in the
Northern Hemisphere, where such assessment is possible (medium confidence). The globally averaged
combined land and ocean surface temperature data as calculated by a linear trend, show a warming of 0.85
[0.65 to 1.06] °C 2 over the period 1880 to 2012, when multiple independently produced datasets exist
(Figure SPM.1a). {1.1.1, Figure 1.1}
In addition to robust multi-decadal warming, the globally averaged surface temperature exhibits substantial
decadal and interannual variability (Figure SPM.1a). Due to this natural variability, trends based on short
records are very sensitive to the beginning and end dates and do not in general reflect long-term climate
trends. As one example, the rate of warming over the past 15 years (1998–2012; 0.05 [–0.05 to 0.15] °C per
1

Each finding is grounded in an evaluation of underlying evidence and agreement. In many cases, a synthesis of
evidence and agreement supports an assignment of confidence. The summary terms for evidence are: limited, medium,
or robust. For agreement, they are low, medium, or high. A level of confidence is expressed using five qualifiers: very
low, low, medium, high, and very high, and typeset in italics, e.g., medium confidence. The following terms have been
used to indicate the assessed likelihood of an outcome or a result: virtually certain 99–100% probability, very likely 90–
100%, likely 66–100%, about as likely as not 33–66%, unlikely 0–33%, very unlikely 0–10%, exceptionally unlikely 0–
1%. Additional terms (extremely likely: 95–100%, more likely than not >50–100%, more unlikely than likely 0–<50%
and extremely unlikely 0–5%) may also be used when appropriate. Assessed likelihood is typeset in italics, e.g., very
likely (see Guidance Note on Uncertainties, 2010, IPCC for more details).
2
Ranges in square brackets or following “±” are expected to have a 90% likelihood of including the value that is being
estimated, unless otherwise stated.
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decade), which begins with a strong El Niño, is smaller than the rate calculated since 1951 (1951–2012; 0.12
[0.08 to 0.14] °C per decade). {1.1.1, Box 1.1}
Ocean warming dominates the increase in energy stored in the climate system, accounting for more than 90%
of the energy accumulated between 1971 and 2010 (high confidence), with only about 1% stored in the
atmosphere. On a global scale, the ocean warming is largest near the surface, and the upper 75 m warmed by
0.11 [0.09 to 0.13] °C per decade over the period 1971 to 2010. It is virtually certain that the upper ocean
(0−700 m) warmed from 1971 to 2010, and it likely warmed between the 1870s and 1971. {1.1.2, Figure 1.2}
Averaged over the mid-latitude land areas of the Northern Hemisphere, precipitation has increased since
1901 (medium confidence before and high confidence after 1951). For other latitudes, area-averaged longterm positive or negative trends have low confidence. Observations of changes in ocean surface salinity also
provide indirect evidence for changes in the global water cycle over the ocean (medium confidence). It is
very likely that regions of high salinity, where evaporation dominates, have become more saline, while
regions of low salinity, where precipitation dominates, have become fresher since the 1950s. {1.1.1, 1.1.2}
Since the beginning of the industrial era, oceanic uptake of CO2 has resulted in acidification of the ocean; the
pH of ocean surface water has decreased by 0.1 (high confidence), corresponding to a 26% increase in
acidity, measured as hydrogen ion concentration. {1.1.2}
Over the period 1992 to 2011, the Greenland and Antarctic ice sheets have been losing mass (high
confidence), likely at a larger rate over 2002 to 2011. Glaciers have continued to shrink almost worldwide
(high confidence). Northern Hemisphere spring snow cover has continued to decrease in extent (high
confidence). There is high confidence that permafrost temperatures have increased in most regions since the
early 1980s in response to increased surface temperature and changing snow cover. {1.1.3}
The annual mean Arctic sea-ice extent decreased over the period 1979 to 2012, with a rate that was very
likely in the range 3.5 to 4.1% per decade. Arctic sea-ice extent has decreased in every season and in every
successive decade since 1979, with the most rapid decrease in decadal mean extent in summer (high
confidence). It is very likely that the annual mean Antarctic sea-ice extent increased in the range of 1.2 to
1.8% per decade between 1979 and 2012. However, there is high confidence that there are strong regional
differences in Antarctica, with extent increasing in some regions and decreasing in others. {1.1.3, Figure 1.1}
Over the period 1901 to 2010, global mean sea level rose by 0.19 [0.17 to 0.21] m (Figure SPM.1.b). The
rate of sea-level rise since the mid-19th century has been larger than the mean rate during the previous two
millennia (high confidence). {1.1.4, Figure 1.1}
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Figure SPM.1: The complex relationship between the observations (panels a, b, c, yellow background) and the
emissions (panel d, light blue background) is addressed in Section 1.2 and topic 1. Observations and other
indicators of a changing global climate system. Observations: (a) Annually and globally averaged combined land and
ocean surface temperature anomalies relative to the average over the period 1986 to 2005. Colours indicate different
data sets. (b) Annually and globally averaged sea-level change relative to the average over the period 1986 to 2005 in
the longest-running dataset. Colours indicate different data sets. All datasets are aligned to have the same value in 1993,
the first year of satellite altimetry data (red). Where assessed, uncertainties are indicated by coloured shading. (c)
Atmospheric concentrations of the greenhouse gases carbon dioxide (CO2, green), methane (CH4, orange), and nitrous
oxide (N2O, red) determined from ice core data (dots) and from direct atmospheric measurements (lines). Indicators: (d)
Global anthropogenic CO2 emissions from forestry and other land use as well as from burning of fossil fuel, cement
production, and flaring. Cumulative emissions of CO2 from these sources and their uncertainties are shown as bars and
whiskers, respectively, on the right hand side. The global effects of the accumulation of CH4 and N2O emissions are
shown in panel c). Greenhouse gas emission data from 1970 to 2010 are shown in Figure SPM.2. {Figures 1.1, 1.3, 1.5}

SPM 1.2

Causes of climate change

Anthropogenic greenhouse gas emissions have increased since the pre-industrial era, driven largely by
economic and population growth, and are now higher than ever. This has led to atmospheric
concentrations of carbon dioxide, methane and nitrous oxide that are unprecedented in at least the last
800,000 years. Their effects, together with those of other anthropogenic drivers, have been detected
throughout the climate system and are extremely likely to have been the dominant cause of the
observed warming since the mid-20th century. {1.2, 1.3.1}
Anthropogenic greenhouse gas (GHG) emissions since the pre-industrial era have driven large increases in
the atmospheric concentrations of CO2, CH4 and N2O (Figure SPM.1c). Between 1750 and 2011, cumulative
anthropogenic CO2 emissions to the atmosphere were 2040 ± 310 GtCO2. About 40% of these emissions
have remained in the atmosphere (880 ± 35 GtCO2); the rest was removed from the atmosphere and stored on
land (in plants and soils) and in the ocean. The ocean has absorbed about 30% of the emitted anthropogenic
CO2, causing ocean acidification. About half of the anthropogenic CO2 emissions between 1750 and 2011
have occurred in the last 40 years (high confidence) (Figure SPM.1d). {1.2.1, 1.2.2}
Total anthropogenic greenhouse gas emissions have continued to increase over 1970 to 2010 with larger
absolute increases between 2000 and 2010, despite a growing number of climate change mitigation policies.
Anthropogenic greenhouse gas emissions in 2010 have reached 49 ± 4.5 GtCO2 eq/yr. 3 Emissions of CO2
from fossil fuel combustion and industrial processes contributed about 78% of the total greenhouse gas
emissions increase from 1970 to 2010, with a similar percentage contribution for the increase during the
period 2000 to 2010 (high confidence) (Figure SPM.2). Globally, economic and population growth continued
to be the most important drivers of increases in CO2 emissions from fossil fuel combustion. The contribution
of population growth between 2000 and 2010 remained roughly identical to the previous three decades,
while the contribution of economic growth has risen sharply. Increased use of coal has reversed the long‐
standing trend of gradual decarbonization (i.e., reducing the carbon intensity of energy) of the world’s
energy supply (high confidence). {1.2.2}

3

Greenhouse gas emissions are quantified as CO2-equivalent (GtCO2-eq) emissions using weightings based on the 100
year Global Warming Potentials, using IPCC Second Assessment Report values unless otherwise stated. {Box 3.2}
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Figure SPM.2: Total annual anthropogenic greenhouse gas (GHG) emissions (gigatonne of CO2-equivalent per year,
GtCO2-eq/yr) for the period 1970 to 2010 by gases: CO2 from fossil fuel combustion and industrial processes; CO2 from
Forestry and Other Land Use (FOLU); methane (CH4); nitrous oxide (N2O); fluorinated gases covered under the Kyoto
Protocol (F-gases). Right hand side shows 2010 emissions, using alternatively CO2-equivalent emission weightings
based on Second Assessment Report (SAR) and AR5 values. Unless otherwise stated, CO2-equivalent emissions in this
report include the basket of Kyoto gases (CO2, CH4, N2O as well as F-gases) calculated based on 100-year Global
Warming Potential (GWP100) values from the SAR (see Glossary). Using the most recent 100-year Global Warming
Potential values from the AR5 (right-hand bars) would result in higher total annual greenhouse gas emissions (52
GtCO2-eq/yr) from an increased contribution of methane, but does not change the long-term trend significantly. {Figure
1.6, Box 3.2}

The evidence for human influence on the climate system has grown since the Fourth Assessment Report
(AR4). It is extremely likely that more than half of the observed increase in global average surface
temperature from 1951 to 2010 was caused by the anthropogenic increase in greenhouse gas concentrations
and other anthropogenic forcings together. The best estimate of the human-induced contribution to warming
is similar to the observed warming over this period (Figure SPM.3). Anthropogenic forcings have likely
made a substantial contribution to surface temperature increases since the mid-20th century over every
continental region except Antarctica 4. Anthropogenic influences have likely affected the global water cycle
since 1960 and contributed to the retreat of glaciers since the 1960s and to the increased surface melting of
the Greenland ice sheet since 1993. Anthropogenic influences have very likely contributed to Arctic sea-ice
loss since 1979 and have very likely made a substantial contribution to increases in global upper ocean heat
content (0–700 m) and to global mean sea-level rise observed since the 1970s. {1.3, Figure 1.10}

4

For Antarctica, large observational uncertainties result in low confidence that anthropogenic forcings have contributed
to the observed warming averaged over available stations.
Subject to final copy-edit and layout

5

Summary for Policymakers

IPCC Fifth Assessment Synthesis Report

Figure SPM.3: Assessed likely ranges (whiskers) and their mid-points (bars) for warming trends over the 1951–2010
period from well-mixed greenhouse gases, other anthropogenic forcings (including the cooling effect of aerosols and
the effect of land-use change), combined anthropogenic forcings, natural forcings, and natural internal climate
variability (which is the element of climate variability that arises spontaneously within the climate system even in the
absence of forcings). The observed surface temperature change is shown in black, with the 5–95% uncertainty range
due to observational uncertainty. The attributed warming ranges (colours) are based on observations combined with
climate model simulations, in order to estimate the contribution of an individual external forcing to the observed
warming. The contribution from the combined anthropogenic forcings can be estimated with less uncertainty than the
contributions from greenhouse gases and from other anthropogenic forcings separately. This is because these two
contributions partially compensate, resulting in a combined signal that is better constrained by observations. {Figure
1.9}

SPM 1.3

Impacts of climate change

In recent decades, changes in climate have caused impacts on natural and human systems on all
continents and across the oceans. Impacts are due to observed climate change, irrespective of its cause,
indicating the sensitivity of natural and human systems to changing climate. {1.3.2}
Evidence of observed climate-change impacts is strongest and most comprehensive for natural systems. In
many regions, changing precipitation or melting snow and ice are altering hydrological systems, affecting
water resources in terms of quantity and quality (medium confidence). Many terrestrial, freshwater, and
marine species have shifted their geographic ranges, seasonal activities, migration patterns, abundances, and
species interactions in response to ongoing climate change (high confidence). Some impacts on human
systems have also been attributed to climate change, with a major or minor contribution of climate change
distinguishable from other influences (Figure SPM.4). Assessment of many studies covering a wide range of
regions and crops shows that negative impacts of climate change on crop yields have been more common
than positive impacts (high confidence). Some impacts of ocean acidification on marine organisms have been
attributed to human influence (medium confidence). {1.3.2}
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Figure SPM.4: Based on the available scientific literature since the AR4, there are substantially more impacts in recent
decades now attributed to climate change. Attribution requires defined scientific evidence on the role of climate change.
Absence from the map of additional impacts attributed to climate change does not imply that such impacts have not
occurred. The publications supporting attributed impacts reflect a growing knowledge base, but publications are still
limited for many regions, systems and processes, highlighting gaps in data and studies. Symbols indicate categories of
attributed impacts, the relative contribution of climate change (major or minor) to the observed impact, and confidence
in attribution. Each symbol refers to one or more entries in WGII Table SPM.A1, grouping related regional-scale
impacts. Numbers in ovals indicate regional totals of climate change publications from 2001 to 2010, based on the
Scopus bibliographic database for publications in English with individual countries mentioned in title, abstract or key
words (as of July 2011). These numbers provide an overall measure of the available scientific literature on climate
change across regions; they do not indicate the number of publications supporting attribution of climate change impacts
in each region. The inclusion of publications for assessment of attribution followed IPCC scientific evidence criteria
defined in WGII Chapter 18. Studies for polar regions and small islands are grouped with neighboring continental
regions. Publications considered in the attribution analyses come from a broader range of literature assessed in the
WGII AR5. See WGII Table SPM.A1 for descriptions of the attributed impacts. {Figure 1.11}

SPM 1.4

Extreme events

Changes in many extreme weather and climate events have been observed since about 1950. Some of
these changes have been linked to human influences, including a decrease in cold temperature
extremes, an increase in warm temperature extremes, an increase in extreme high sea levels and an
increase in the number of heavy precipitation events in a number of regions. {1.4}
It is very likely that the number of cold days and nights has decreased and the number of warm days and
nights has increased on the global scale. It is likely that the frequency of heat waves has increased in large
parts of Europe, Asia and Australia. It is very likely that human influence has contributed to the observed
Subject to final copy-edit and layout
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global scale changes in the frequency and intensity of daily temperature extremes since the mid-20th century.
It is likely that human influence has more than doubled the probability of occurrence of heat waves in some
locations. There is medium confidence that the observed warming has increased heat-related human mortality
and decreased cold-related human mortality in some regions. {1.4}
There are likely more land regions where the number of heavy precipitation events has increased than where
it has decreased. Recent detection of increasing trends in extreme precipitation and discharge in some
catchments imply greater risks of flooding at regional scale (medium confidence). It is likely that extreme sea
levels (for example, as experienced in storm surges) have increased since 1970, being mainly a result of
rising mean sea level. {1.4}
Impacts from recent climate-related extremes, such as heat waves, droughts, floods, cyclones, and wildfires,
reveal significant vulnerability and exposure of some ecosystems and many human systems to current
climate variability (very high confidence). {1.4}

SPM 2.

Future Climate Changes, Risks and Impacts

Continued emission of greenhouse gases will cause further warming and long-lasting changes in all
components of the climate system, increasing the likelihood of severe, pervasive and irreversible
impacts for people and ecosystems. Limiting climate change would require substantial and sustained
reductions in greenhouse gas emissions which, together with adaptation, can limit climate change
risks. {2}
SPM 2.1

Key drivers of future climate

Cumulative emissions of CO2 largely determine global mean surface warming by the late 21st century
and beyond. Projections of greenhouse gas emissions vary over a wide range, depending on both socioeconomic development and climate policy. {2.1}
Anthropogenic greenhouse gas emissions are mainly driven by population size, economic activity, lifestyle,
energy use, land-use patterns, technology and climate policy. The “Representative Concentration Pathways”
(RCPs) which are used for making projections based on these factors describe four different 21st century
pathways of greenhouse gas emissions and atmospheric concentrations, air pollutant emissions and land-use.
The RCPs include a stringent mitigation scenario (RCP2.6), two intermediate scenarios (RCP4.5 and
RCP6.0), and one scenario with very high greenhouse gas emissions (RCP8.5). Scenarios without additional
efforts to constrain emissions (“baseline scenarios”) lead to pathways ranging between RCP6.0 and RCP8.5.
RCP2.6 is representative of a scenario that aims to keep global warming likely below 2°C above preindustrial temperatures (Figure SPM.5.a). The RCPs are consistent with the wide range of scenarios in the
literature as assessed by WGIII 5. {2.1, Box 2.2, 4.3}

5

Roughly 300 baseline scenarios and 900 mitigation scenarios are categorized by CO2-equivalent concentration (CO2eq) by 2100. The CO2-eq includes the forcing due to all GHGs (including halogenated gases and tropospheric ozone),
aerosols and albedo change.
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Figure SPM.5: (a) Emissions of CO2 alone in the Representative Concentration Pathways (lines) and the associated
scenario categories used in WGIII (coloured areas show 5-95% range). The WGIII scenario categories summarize the
wide range of emission scenarios published in the scientific literature and are defined on the basis of CO2-eq
concentration levels (in ppm) in 2100. The time series of other greenhouse gas emissions are shown in Box 2.2, Figure
1. (b) Global mean surface temperature increase at the time global CO2 emissions reach a given net cumulative total,
plotted as a function of that total, from various lines of evidence. Coloured plume shows the spread of past and future
projections from a hierarchy of climate-carbon cycle models driven by historical emissions and the four RCPs over all
times out to 2100, and fades with the decreasing number of available models. Ellipses show total anthropogenic
warming in 2100 versus cumulative CO2 emissions from 1870 to 2100 from a simple climate model (median climate
response) under the scenario categories used in WGIII. The width of the ellipses in terms of temperature is caused by
the impact of different scenarios for non-CO2 climate drivers. The filled black ellipse shows observed emissions to 2005
and observed temperatures in the decade 2000-2009 with associated uncertainties. {Box 2.2, Figure 1, Figure 2.3}

Subject to final copy-edit and layout

9

Summary for Policymakers

IPCC Fifth Assessment Synthesis Report

Multiple lines of evidence indicate a strong, consistent, almost linear relationship between cumulative CO2
emissions and projected global temperature change to the year 2100 in both the RCPs and the wider set of
mitigation scenarios analysed in WGIII (Figure SPM.5.b). Any given level of warming is associated with a
range of cumulative CO2 emissions 6, and therefore, e.g., higher emissions in earlier decades imply lower
emissions later. {2.2.5, Table 2.2}
Multi-model results show that limiting total human-induced warming to less than 2°C relative to the period
1861-1880 with a probability of >66% 7 would require cumulative CO2 emissions from all anthropogenic
sources since 1870 to remain below about 2900 GtCO2 (with a range of 2550-3150 GtCO2 depending on
non-CO2 drivers). About 1900 GtCO2 8 had already been emitted by 2011. For additional context see Table
2.2. {2.2.5}
SPM 2.2

Projected changes in the climate system

The projected changes in Section SPM 2.2 are for 2081-2100 relative to 1986-2005, unless otherwise
indicated.
Surface temperature is projected to rise over the 21st century under all assessed emission scenarios. It
is very likely that heat waves will occur more often and last longer, and that extreme precipitation
events will become more intense and frequent in many regions. The ocean will continue to warm and
acidify, and global mean sea level to rise. {2.2}
Future climate will depend on committed warming caused by past anthropogenic emissions, as well as future
anthropogenic emissions and natural climate variability. The global mean surface temperature change for the
period 2016-2035 relative to 1986-2005 is similar for the four RCPs and will likely be in the range 0.3°C0.7°C (medium confidence). This assumes that there will be no major volcanic eruptions or changes in some
natural sources (e.g., CH4 and N2O), or unexpected changes in total solar irradiance. By mid-21st century,
the magnitude of the projected climate change is substantially affected by the choice of emissions scenario.
{2.2.1, Table 2.1}
Relative to 1850-1900, global surface temperature change for the end of the 21st century (2081-2100) is
projected to likely exceed 1.5°C for RCP4.5, RCP6.0 and RCP8.5 (high confidence). Warming is likely to
exceed 2°C for RCP6.0 and RCP8.5 (high confidence), more likely than not to exceed 2°C for RCP4.5
(medium confidence), but unlikely to exceed 2°C for RCP2.6 (medium confidence).{2.2.1}
The increase of global mean surface temperature by the end of the 21st century (2081-2100) relative to 19862005 is likely to be 0.3°C–1.7°C under RCP2.6, 1.1°C–2.6°C under RCP4.5, 1.4°C–3.1°C under RCP6.0,
and 2.6°C–4.8°C under RCP8.5 9. The Arctic region will continue to warm more rapidly than the global mean
(Figure SPM.6.a, Figure SPM.7.a). {2.2.1, Figure 2.1, Figure 2.2, Table 2.1}
It is virtually certain that there will be more frequent hot and fewer cold temperature extremes over most
land areas on daily and seasonal timescales, as global mean surface temperature increases. It is very likely
that heat waves will occur with a higher frequency and longer duration. Occasional cold winter extremes will
continue to occur. {2.2.1}

6

Quantification of this range of CO2 emissions requires taking into account non-CO2 drivers.
Corresponding figures for limiting warming to 2°C with a probability of >50% and >33% are 3000 GtCO2 (range of
2900-3200 GtCO2) and 3300 GtCO2 (range of 2950-3800 GtCO2) respectively. Higher or lower temperature limits
would imply larger or lower cumulative emissions respectively.
8
This corresponds to about two thirds of the 2900 GtCO2 that would limit warming to less than 2°C with a probability
of >66%; to about 63% of the total amount of 3000 GtCO2 that would limit warming to less than 2°C with a probability
of >50%; and to about 58% of the total amount of 3300 GtCO2 that would limit warming to less than 2°C with a
probability of >33%.
9
The period 1986-2005 is approximately 0.61 [0.55 to 0.67] °C warmer than 1850-1900. {2.2.1}
7
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Figure SPM.6: Global average surface temperature change (a) and global mean sea-level rise 10 (b) from 2006 to 2100
as determined by multi-model simulations. All changes are relative to 1986–2005. Time series of projections and a
measure of uncertainty (shading) are shown for scenarios RCP2.6 (blue) and RCP8.5 (red). The mean and associated
uncertainties averaged over 2081-2100 are given for all RCP scenarios as coloured vertical bars at the right hand side of
each panel. The number of Coupled Model Intercomparison Project Phase 5 (CMIP5) models used to calculate the
multi-model mean is indicated. {2.2, Figure 2.1}

10

Based on current understanding (from observations, physical understanding and modelling), only the collapse of
marine-based sectors of the Antarctic ice sheet, if initiated, could cause global mean sea level to rise substantially above
the likely range during the 21st century. There is medium confidence that this additional contribution would not exceed
several tenths of a meter of sea-level rise during the 21st century.
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Figure SPM.7: Change in average surface temperature (a) and change in average precipitation (b) based on multimodel mean projections for 2081–2100 relative to 1986-2005 under the RCP2.6 (left) and RCP8.5 (right) scenarios. The
number of models used to calculate the multi-model mean is indicated in the upper right corner of each panel. Stippling
(i.e., dots) shows regions where the projected change is large compared to natural internal variability, and where at least
90% of models agree on the sign of change. Hatching (i.e., diagonal lines) shows regions where the projected change is
less than one standard deviation of the natural internal variability. {2.2, Figure 2.2}

Changes in precipitation will not be uniform. The high-latitudes and the equatorial Pacific are likely to
experience an increase in annual mean precipitation under the RCP8.5 scenario. In many mid-latitude and
subtropical dry regions, mean precipitation will likely decrease, while in many mid-latitude wet regions,
mean precipitation will likely increase under the RCP8.5 scenario (Figure SPM.7.b). Extreme precipitation
events over most of the mid-latitude land masses and over wet tropical regions will very likely become more
intense and more frequent. {2.2.2, Figure 2.2}
The global ocean will continue to warm during the 21st century, with the strongest warming projected for the
surface in tropical and Northern Hemisphere subtropical regions (Figure SPM.7.a). {2.2.3, Figure 2.2}
Earth System Models project a global increase in ocean acidification for all RCP scenarios by the end of the
21st century, with a slow recovery after mid-century under RCP2.6. The decrease in surface ocean pH is in
the range of 0.06 to 0.07 (15–17% increase in acidity) for RCP2.6, 0.14 to 0.15 (38–41%) for RCP4.5, 0.20
to 0.21 (58–62%) for RCP6.0, and 0.30 to 0.32 (100–109%) for RCP8.5. {2.2.4, Figure 2.1}
Year-round reductions in Arctic sea ice are projected for all RCP scenarios. A nearly ice-free 11 Arctic Ocean
in the summer sea-ice minimum in September before mid-century is likely for RCP8.5 12 (medium
confidence). {2.2.3, Figure 2.1}

11

When sea-ice extent is less than one million km2 for at least five consecutive years.
Based on an assessment of the subset of models that most closely reproduce the climatological mean state and 19792012 trend of the Arctic sea-ice extent.
12
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It is virtually certain that near-surface permafrost extent at high northern latitudes will be reduced as global
mean surface temperature increases, with the area of permafrost near the surface (upper 3.5 m) projected to
decrease by 37% (RCP2.6) to 81% (RCP8.5) for the multi-model average (medium confidence). {2.2.3}
The global glacier volume, excluding glaciers on the periphery of Antarctica (and excluding the Greenland
and Antarctic ice sheets), is projected to decrease by 15 to 55% for RCP2.6, and by 35 to 85% for RCP8.5
(medium confidence). {2.2.3}
There has been significant improvement in understanding and projection of sea-level change since the AR4.
Global mean sea-level rise will continue during the 21st century, very likely at a faster rate than observed
from 1971 to 2010. For the period 2081-2100 relative to 1986-2005, the rise will likely be in the ranges of
0.26 to 0.55 m for RCP2.6, and of 0.45 to 0.82 m for RCP8.5 (medium confidence)10 (Figure SPM.6.b). Sealevel rise will not be uniform across regions. By the end of the 21st century, it is very likely that sea level will
rise in more than about 95% of the ocean area. About 70% of the coastlines worldwide are projected to
experience a sea-level change within ± 20% of the global mean. {2.2.3}
SPM 2.3

Future risks and impacts caused by a changing climate

Climate change will amplify existing risks and create new risks for natural and human systems. Risks
are unevenly distributed and are generally greater for disadvantaged people and communities in
countries at all levels of development. {2.3}
Risk of climate-related impacts results from the interaction of climate-related hazards (including hazardous
events and trends) with the vulnerability and exposure of human and natural systems, including their ability
to adapt. Rising rates and magnitudes of warming and other changes in the climate system, accompanied by
ocean acidification, increase the risk of severe, pervasive, and in some cases irreversible detrimental impacts.
Some risks are particularly relevant for individual regions (Figure SPM.8), while others are global. The
overall risks of future climate change impacts can be reduced by limiting the rate and magnitude of climate
change, including ocean acidification. The precise levels of climate change sufficient to trigger abrupt and
irreversible change remain uncertain, but the risk associated with crossing such thresholds increases with
rising temperature (medium confidence). For risk assessment, it is important to evaluate the widest possible
range of impacts, including low-probability outcomes with large consequences. {1.5, 2.3, 2.4, 3.3, Box
Introduction 1, Box 2.3, Box 2.4}
A large fraction of species faces increased extinction risk due to climate change during and beyond the 21st
century, especially as climate change interacts with other stressors (high confidence). Most plant species
cannot naturally shift their geographical ranges sufficiently fast to keep up with current and high projected
rates of climate change in most landscapes; most small mammals and freshwater molluscs will not be able to
keep up at the rates projected under RCP4.5 and above in flat landscapes in this century (high confidence).
Future risk is indicated to be high by the observation that natural global climate change at rates lower than
current anthropogenic climate change caused significant ecosystem shifts and species extinctions during the
past millions of years. Marine organisms will face progressively lower oxygen levels and high rates and
magnitudes of ocean acidification (high confidence), with associated risks exacerbated by rising ocean
temperature extremes (medium confidence). Coral reefs and polar ecosystems are highly vulnerable. Coastal
systems and low-lying areas are at risk from sea-level rise, which will continue for centuries even if the
global mean temperature is stabilized (high confidence). {2.3, 2.4, Figure 2.5}
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Figure SPM.8: Representative key risks 13 for each region, including the potential for risk reduction through adaptation
and mitigation, as well as limits to adaptation. Each key risk is assessed as very low, low, medium, high, or very high.
Risk levels are presented for three time frames: present, near term (here, for 2030-2040), and long term (here, for 20802100). In the near term, projected levels of global mean temperature increase do not diverge substantially across
different emission scenarios. For the long term, risk levels are presented for two possible futures (2°C and 4°C global
mean temperature increase above pre-industrial levels). For each timeframe, risk levels are indicated for a continuation
of current adaptation and assuming high levels of current or future adaptation. Risk levels are not necessarily
comparable, especially across regions. {Figure 2.4}

Climate change is projected to undermine food security (Figure SPM.9). Due to projected climate change by
the mid-21st century and beyond, global marine species redistribution and marine biodiversity reduction in
sensitive regions will challenge the sustained provision of fisheries productivity and other ecosystem services
(high confidence). For wheat, rice, and maize in tropical and temperate regions, climate change without
adaptation is projected to negatively impact production for local temperature increases of 2°C or more above
late-20th century levels, although individual locations may benefit (medium confidence). Global temperature
increases of ~4°C or more 14 above late-20th century levels, combined with increasing food demand, would
pose large risks to food security globally (high confidence). Climate change is projected to reduce renewable
surface water and groundwater resources in most dry subtropical regions (robust evidence, high agreement),
intensifying competition for water among sectors (limited evidence, medium agreement). {2.3.1, 2.3.2}

13

Identification of key risks was based on expert judgment using the following specific criteria: large magnitude, high
probability, or irreversibility of impacts; timing of impacts; persistent vulnerability or exposure contributing to risks; or
limited potential to reduce risks through adaptation or mitigation.
14
Projected warming averaged over land is larger than global average warming for all RCP scenarios for the period
2081-2100 relative to 1986-2005. For regional projections, see Figure SPM.7. {2.2}
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Figure SPM.9: (A) Projected global redistribution of maximum catch potential of ~1000 exploited marine fish and
invertebrate species. Projections compare the 10-year averages 2001–2010 and 2051–2060 using ocean conditions
based on a single climate model under a moderate to high warming scenario, without analysis of potential impacts of
overfishing or ocean acidification. (B) Summary of projected changes in crop yields (mostly wheat, maize, rice, and
soy), due to climate change over the 21st century. Data for each timeframe sum to 100%, indicating the percentage of
projections showing yield increases versus decreases. The figure includes projections (based on 1090 data points) for
different emission scenarios, for tropical and temperate regions, and for adaptation and no-adaptation cases combined.
Changes in crop yields are relative to late-20th century levels. {Figure 2.6.a, Figure 2.7}

Until mid-century, projected climate change will impact human health mainly by exacerbating health
problems that already exist (very high confidence). Throughout the 21st century, climate change is expected
to lead to increases in ill-health in many regions and especially in developing countries with low income, as
compared to a baseline without climate change (high confidence). By 2100 for RCP8.5, the combination of
high temperature and humidity in some areas for parts of the year is expected to compromise common
human activities, including growing food and working outdoors (high confidence). {2.3.2}
In urban areas, climate change is projected to increase risks for people, assets, economies and ecosystems,
including risks from heat stress, storms and extreme precipitation, inland and coastal flooding, landslides, air
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pollution, drought, water scarcity, sea-level rise, and storm surges (very high confidence). These risks are
amplified for those lacking essential infrastructure and services or living in exposed areas. {2.3.2}
Rural areas are expected to experience major impacts on water availability and supply, food security,
infrastructure, and agricultural incomes, including shifts in the production areas of food and non-food crops
around the world (high confidence). {2.3.2}
Aggregate economic losses accelerate with increasing temperature (limited evidence, high agreement) but
global economic impacts from climate change are currently difficult to estimate. From a poverty perspective,
climate change impacts are projected to slow down economic growth, make poverty reduction more difficult,
further erode food security, and prolong existing and create new poverty traps, the latter particularly in urban
areas and emerging hotspots of hunger (medium confidence). International dimensions such as trade and
relations among states are also important for understanding the risks of climate change at regional scales.
{2.3.2}
Climate change is projected to increase displacement of people (medium evidence, high agreement).
Populations that lack the resources for planned migration experience higher exposure to extreme weather
events, particularly in developing countries with low income. Climate change can indirectly increase risks of
violent conflicts by amplifying well-documented drivers of these conflicts such as poverty and economic
shocks (medium confidence). {2.3.2}
SPM 2.4

Climate change beyond 2100, irreversibility and abrupt changes

Many aspects of climate change and associated impacts will continue for centuries, even if
anthropogenic emissions of greenhouse gases are stopped. The risks of abrupt or irreversible changes
increase as the magnitude of the warming increases. {2.4}
Warming will continue beyond 2100 under all RCP scenarios except RCP2.6. Surface temperatures will
remain approximately constant at elevated levels for many centuries after a complete cessation of net
anthropogenic CO2 emissions. A large fraction of anthropogenic climate change resulting from CO2
emissions is irreversible on a multi-century to millennial time scale, except in the case of a large net removal
of CO2 from the atmosphere over a sustained period. {2.4, Figure 2.8}
stabilization of global average surface temperature does not imply stabilization for all aspects of the climate
system. Shifting biomes, soil carbon, ice sheets, ocean temperatures and associated sea-level rise all have
their own intrinsic long timescales which will result in changes lasting hundreds to thousands of years after
global surface temperature is stabilized. {2.1, 2.4}
There is high confidence that ocean acidification will increase for centuries if CO2 emissions continue, and
will strongly affect marine ecosystems. {2.4}
It is virtually certain that global mean sea-level rise will continue for many centuries beyond 2100, with the
amount of rise dependent on future emissions. The threshold for the loss of the Greenland ice sheet over a
millennium or more, and an associated sea-level rise of up to 7 m, is greater than about 1°C (low confidence)
but less than about 4°C (medium confidence) of global warming with respect to pre-industrial temperatures.
Abrupt and irreversible ice loss from the Antarctic ice sheet is possible, but current evidence and
understanding is insufficient to make a quantitative assessment. {2.4}
Magnitudes and rates of climate change associated with medium- to high-emission scenarios pose an
increased risk of abrupt and irreversible regional-scale change in the composition, structure, and function of
marine, terrestrial and freshwater ecosystems, including wetlands (medium confidence). A reduction in
permafrost extent is virtually certain with continued rise in global temperatures. {2.4}
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Future Pathways for Adaptation, Mitigation and Sustainable Development

Adaptation and mitigation are complementary strategies for reducing and managing the risks of
climate change. Substantial emissions reductions over the next few decades can reduce climate risks in
the 21st century and beyond, increase prospects for effective adaptation, reduce the costs and
challenges of mitigation in the longer term, and contribute to climate-resilient pathways for
sustainable development. {3.2, 3.3, 3.4}
SPM 3.1

Foundations of decision-making about climate change

Effective decision making to limit climate change and its effects can be informed by a wide range of
analytical approaches for evaluating expected risks and benefits, recognizing the importance of
governance, ethical dimensions, equity, value judgments, economic assessments and diverse
perceptions and responses to risk and uncertainty. {3.1}
Sustainable development and equity provide a basis for assessing climate policies. Limiting the effects of
climate change is necessary to achieve sustainable development and equity, including poverty eradication.
Countries’ past and future contributions to the accumulation of GHGs in the atmosphere are different, and
countries also face varying challenges and circumstances and have different capacities to address mitigation
and adaptation. Mitigation and adaptation raise issues of equity, justice, and fairness. Many of those most
vulnerable to climate change have contributed and contribute little to GHG emissions. Delaying mitigation
shifts burdens from the present to the future, and insufficient adaptation responses to emerging impacts are
already eroding the basis for sustainable development. Comprehensive strategies in response to climate
change that are consistent with sustainable development take into account the co-benefits, adverse sideeffects and risks that may arise from both adaptation and mitigation options. {3.1, 3.5, Box 3.4}
The design of climate policy is influenced by how individuals and organizations perceive risks and
uncertainties and take them into account. Methods of valuation from economic, social and ethical analysis
are available to assist decision making. These methods can take account of a wide range of possible impacts,
including low-probability outcomes with large consequences. But they cannot identify a single best balance
between mitigation, adaptation and residual climate impacts. {3.1}
Climate change has the characteristics of a collective action problem at the global scale, because most
greenhouse gases accumulate over time and mix globally, and emissions by any agent (e.g., individual,
community, company, country) affect other agents. Effective mitigation will not be achieved if individual
agents advance their own interests independently. Cooperative responses, including international
cooperation, are therefore required to effectively mitigate GHG emissions and address other climate change
issues. The effectiveness of adaptation can be enhanced through complementary actions across levels,
including international cooperation. The evidence suggests that outcomes seen as equitable can lead to more
effective cooperation. {3.1}
SPM 3.2

Climate change risks reduced by mitigation and adaptation

Without additional mitigation efforts beyond those in place today, and even with adaptation, warming
by the end of the 21st century will lead to high to very high risk of severe, widespread, and irreversible
impacts globally (high confidence). Mitigation involves some level of co-benefits and of risks due to
adverse side-effects, but these risks do not involve the same possibility of severe, widespread, and
irreversible impacts as risks from climate change, increasing the benefits from near-term mitigation
efforts. {3.2, 3.4}
Mitigation and adaptation are complementary approaches for reducing risks of climate change impacts over
different time scales (high confidence). Mitigation, in the near-term and through the century, can
substantially reduce climate change impacts in the latter decades of the 21st century and beyond. Benefits
from adaptation can already be realized in addressing current risks, and can be realized in the future for
addressing emerging risks. {3.2, 4.5}
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Five "Reasons For Concern" (RFCs) aggregate climate change risks and illustrate the implications of
warming and of adaptation limits for people, economies, and ecosystems across sectors and regions. The
Five RFCs are associated with: (1) Unique and threatened systems, (2) Extreme weather events, (3)
Distribution of impacts, (4) Global aggregate impacts, and (5) Large-scale singular events. In this report, the
RFCs provide information relevant to Article 2 of UNFCCC. {Box 2.4}
Without additional mitigation efforts beyond those in place today, and even with adaptation, warming by the
end of the 21st century will lead to high to very high risk of severe, widespread, and irreversible impacts
globally (high confidence) (Figure SPM.10). In most scenarios without additional mitigation efforts (those
with 2100 atmospheric concentrations >1000ppm CO2-eq), warming is more likely than not to exceed 4°C
above pre-industrial levels by 2100. The risks associated with temperatures at or above 4°C include
substantial species extinction, global and regional food insecurity, consequential constraints on common
human activities, and limited potential for adaptation in some cases (high confidence). Some risks of climate
change, such as risks to unique and threatened systems and risks associated with extreme weather events, are
moderate to high at temperatures 1°C to 2°C above pre-industrial levels. {2.3, Figure 2.5, 3.2, 3.4, Box 2.4,
Table SPM.1}
Substantial cuts in greenhouse gas emissions over the next few decades can substantially reduce risks of
climate change by limiting warming in the second half of the 21st century and beyond. Cumulative emissions
of CO2 largely determine global mean surface warming by the late 21st century and beyond. Limiting risks
across RFCs would imply a limit for cumulative emissions of CO2. Such a limit would require that global net
emissions of CO2 eventually decrease to zero and would constrain annual emissions over the next few
decades (Figure SPM.10) (high confidence). But some risks from climate damages are unavoidable, even
with mitigation and adaptation. {2.2.5, 3.2, 3.4}
Mitigation involves some level of co-benefits and risks, but these risks do not involve the same possibility of
severe, widespread, and irreversible impacts as risks from climate change. Inertia in the economic and
climate system and the possibility of irreversible impacts from climate change increase the benefits from
near-term mitigation efforts (high confidence). Delays in additional mitigation or constraints on
technological options increase the longer-term mitigation costs to hold climate change risks at a given level
(Table SPM.2). {3.2, 3.4}
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Figure SPM.10: The relationship between risks from climate change, temperature change, cumulative CO2 emissions,
and changes in annual GHG emissions by 2050. Limiting risks across Reasons For Concern (panel A) would imply a
limit for cumulative emissions of CO2 (panel B), which would constrain annual GHG emissions over the next few
decades (panel C). (A) reproduces the five Reasons For Concern {Box 2.4}. (B) links temperature changes to cumulative
CO2 emissions (in GtCO2) from 1870. They are based on CMIP5 simulations (pink plume) and on a simple climate
model (median climate response in 2100), for the baselines and five mitigation scenario categories (six ellipses). Details
are provided in Figure SPM.5. (C) shows the relationship between the cumulative CO2 emissions (in GtCO2) of the
scenario categories and their associated change in annual GHG emissions by 2050, expressed in percentage change (in
percent GtCO2-eq per year) relative to 2010. The ellipses correspond to the same scenario categories as in Panel B, and
are built with a similar method (see details in Figure SPM.5). {Figure 3.1}

SPM 3.3

Characteristics of adaptation pathways

Adaptation can reduce the risks of climate change impacts, but there are limits to its effectiveness,
especially with greater magnitudes and rates of climate change. Taking a longer-term perspective, in
the context of sustainable development, increases the likelihood that more immediate adaptation
actions will also enhance future options and preparedness. {3.3}
Adaptation can contribute to the well-being of populations, the security of assets, and the maintenance of
ecosystem goods, functions and services now and in the future. Adaptation is place- and context-specific
(high confidence). A first step towards adaptation to future climate change is reducing vulnerability and
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exposure to present climate variability (high confidence). Integration of adaptation into planning, including
policy design, and decision making can promote synergies with development and disaster risk reduction.
Building adaptive capacity is crucial for effective selection and implementation of adaptation options
(robust
evidence,
high
agreement).
{3.3}
Adaptation planning and implementation can be enhanced through complementary actions across levels,
from individuals to governments (high confidence). National governments can coordinate adaptation efforts
of local and subnational governments, for example by protecting vulnerable groups, by supporting economic
diversification, and by providing information, policy and legal frameworks, and financial support (robust
evidence, high agreement). Local government and the private sector are increasingly recognized as critical to
progress in adaptation, given their roles in scaling up adaptation of communities, households, and civil
society and in managing risk information and financing (medium evidence, high agreement). {3.3}
Adaptation planning and implementation at all levels of governance are contingent on societal values,
objectives, and risk perceptions (high confidence). Recognition of diverse interests, circumstances, socialcultural contexts, and expectations can benefit decision-making processes. Indigenous, local, and traditional
knowledge systems and practices, including indigenous peoples’ holistic view of community and
environment, are a major resource for adapting to climate change, but these have not been used consistently
in existing adaptation efforts. Integrating such forms of knowledge with existing practices increases the
effectiveness of adaptation. {3.3}
Constraints can interact to impede adaptation planning and implementation (high confidence). Common
constraints on implementation arise from the following: limited financial and human resources; limited
integration or coordination of governance; uncertainties about projected impacts; different perceptions of
risks; competing values; absence of key adaptation leaders and advocates; and limited tools to monitor
adaptation effectiveness. Another constraint includes insufficient research, monitoring, and observation and
the finance to maintain them. {3.3}
Greater rates and magnitude of climate change increase the likelihood of exceeding adaptation limits (high
confidence). Limits to adaptation emerge from the interaction among climate change and biophysical and/or
socioeconomic constraints. Further, poor planning or implementation, overemphasizing short-term outcomes,
or failing to sufficiently anticipate consequences, can result in maladaptation, increasing the vulnerability or
exposure of the target group in the future or the vulnerability of other people, places, or sectors (medium
evidence, high agreement). Underestimating the complexity of adaptation as a social process can create
unrealistic expectations about achieving intended adaptation outcomes. {3.3}
Significant co-benefits, synergies, and trade-offs exist between mitigation and adaptation and among
different adaptation responses; interactions occur both within and across regions (very high confidence).
Increasing efforts to mitigate and adapt to climate change imply an increasing complexity of interactions,
particularly at the intersections among water, energy, land use, and biodiversity, but tools to understand and
manage these interactions remain limited. Examples of actions with co-benefits include (i) improved energy
efficiency and cleaner energy sources, leading to reduced emissions of health-damaging climate-altering air
pollutants; (ii) reduced energy and water consumption in urban areas through greening cities and recycling
water; (iii) sustainable agriculture and forestry; and (iv) protection of ecosystems for carbon storage and
other ecosystem services. {3.3}
Transformations in economic, social, technological, and political decisions and actions can enhance
adaptation and promote sustainable development (high confidence). At the national level, transformation is
considered most effective when it reflects a country’s own visions and approaches to achieving sustainable
development in accordance with its national circumstances and priorities. Restricting adaptation responses to
incremental changes to existing systems and structures, without considering transformational change, may
increase costs and losses, and miss opportunities. Planning and implementation of transformational
adaptation could reflect strengthened, altered or aligned paradigms and may place new and increased
demands on governance structures to reconcile different goals and visions for the future and to address
possible equity and ethical implications. Adaptation pathways are enhanced by iterative learning,
deliberative processes, and innovation. {3.3}
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Characteristics of mitigation pathways

There are multiple mitigation pathways that are likely to limit warming to below 2°C relative to preindustrial levels. These pathways would require substantial emissions reductions over the next few
decades and near zero emissions of CO2 and other long-lived GHGs by the end of the century.
Implementing such reductions poses substantial technological, economic, social, and institutional
challenges, which increase with delays in additional mitigation and if key technologies are not
available. Limiting warming to lower or higher levels involves similar challenges, but on different
timescales. {3.4}
Without additional efforts to reduce GHG emissions beyond those in place today, global emissions growth is
expected to persist, driven by growth in global population and economic activities. Global mean surface
temperature increases in 2100 in baseline scenarios – those without additional mitigation – range from 3.7 to
4.8°C above the average for 1850-1900 for a median climate response. They range from 2.5°C to 7.8°C
when including climate uncertainty (5th to 95th percentile range). (high confidence) {3.4}
Emissions scenarios leading to GHG concentrations in 2100 of about 450 ppm CO2-eq or lower are likely to
maintain warming below 2°C over the 21st century relative to pre-industrial levels. 15 These scenarios are
characterized by 40% to 70% global anthropogenic GHG emissions reductions by 2050 compared to 201016,
and emissions levels near zero or below in 2100. Mitigation scenarios reaching concentration levels of about
500 ppm CO2-eq by 2100 are more likely than not to limit temperature change to less than 2oC, unless they
temporarily overshoot concentration levels of roughly 530 ppm CO2-eq before 2100, in which case they are
about as likely as not to achieve that goal. In these 500 ppm CO2-eq scenarios, global 2050 emissions levels
are 25-55% lower than in 2010. Scenarios with higher emissions in 2050 are characterized by a greater
reliance on Carbon Dioxide Removal (CDR) technologies beyond mid-century (and vice versa). Trajectories
that are likely to limit warming to 3°C relative to pre-industrial levels reduce emissions less rapidly than
those limiting warming to 2oC. A limited number of studies provide scenarios that are more likely than not to
limit warming to 1.5°C by 2100; these scenarios are characterized by concentrations below 430 ppm CO2-eq
by 2100 and 2050 emission reduction between 70% and 95% below 2010. For a comprehensive overview of
the characteristics of emissions scenarios, their GHG concentrations and their likelihood to keep warming to
below a range of temperature levels, see Table SPM.1.{Figure SPM.11, 3.4, Table SPM.1}.

15

For comparison, the CO2-eq concentration in 2011 is estimated to be 430 ppm (uncertainty range 340 ppm – 520
ppm).
16
This range differs from the range provided for a similar concentration category in AR4 (50% – 85% lower than 2000
for CO2 only). Reasons for this difference include that this report has assessed a substantially larger number of scenarios
than in AR4 and looks at all GHGs. In addition, a large proportion of the new scenarios include Carbon Dioxide
Removal (CDR) technologies (see below). Other factors include the use of 2100 concentration levels instead of
stabilization levels and the shift in reference year from 2000 to 2010.
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Figure SPM.11: Global GHG emissions (GtCO2-eq/yr) in baseline and mitigation scenarios for different long-term
concentration levels (upper panel) and associated upscaling requirements of low-carbon energy (% of primary energy)
for 2030, 2050 and 2100 compared to 2010 levels in mitigation scenarios (lower panel). {Figure 3.2}
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Table SPM.1: Key characteristics of the scenarios collected and assessed for WGIII AR5. For all parameters, the 10th to 90th percentile of the scenarios is shown.15,16 {Table 3.1}
CO2-eq Concentrations
in 2100 (CO2-eq) 6
Subcategories
Category label
(conc. range)
< 430
450
(430 – 480)
500
(480 – 530)

550
(530 – 580)
(580 – 650)
(650 – 720)
(720 – 1000)2
>10002

Relative
position of
the RCPs4

Change in CO2-eq emissions
compared to 2010 (in %)3

Likelihood of staying below a specific temperature level over the
21st century (relative to 1850-1900)4,5

2050

1.5ºC

2100

2ºC

3ºC

4ºC

Only a limited number of individual model studies have explored levels below 430 ppm CO2-eq10
More unlikely
Total range1,,7
RCP2.6
-72 to -41
-118 to -78
Likely
than likely
No overshoot of 530
More likely than
-57 to -42
-107 to -73
ppm CO2-eq
not
Overshoot of 530 ppm
About as likely
-55 to -25
-114 to -90
CO2-eq
as not
Likely
No overshoot of 580
-47 to -19
-81 to -59
ppm CO2-eq
Unlikely
Likely
More unlikely
9
Overshoot of 580 ppm
than
likely
-16 to 7
-183 to -86
CO2-eq
Total range
-38 to 24
-134 to -50
RCP4.5
More likely than
Total range
-11 to 17
-54 to -21
not
Unlikely
More unlikely
Total range
RCP6.0
18 to 54
-7 to 72
than likely
8
Unlikely
More unlikely
8
Total range
RCP8.5
52 to 95
74 to 178
Unlikely
Unlikely
than likely

1

The 'total range' for the 430 ppm to 480 ppm CO2-eq concentrations scenarios corresponds to the range of the 10th-90th percentile of the subcategory of these scenarios shown in
Table 6.3 of the Working Group III report.
2
Baseline scenarios fall into the >1000 and 720 ppm – 1000 ppm CO2-eq categories. The latter category includes also mitigation scenarios. The baseline scenarios in the latter
category reach a temperature change of 2.5–5.8°C above the average for 1850-1900 in 2100. Together with the baseline scenarios in the >1000 ppm CO2-eq category, this leads to an
overall 2100 temperature range of 2.5–7.8°C (range based on median climate response: 3.7–4.8°C) for baseline scenarios across both concentration categories.
3
The global 2010 emissions are 31% above the 1990 emissions (consistent with the historic GHG emission estimates presented in this report). CO2-eq emissions include the basket of
Kyoto gases (CO2, CH4, N2O as well as F‐gases).
4
The assessment here involves a large number of scenarios published in the scientific literature and is thus not limited to the RCPs. To evaluate the CO2-eq concentration and climate
implications of these scenarios, the MAGICC model was used in a probabilistic mode. For a comparison between MAGICC model results and the outcomes of the models used in
WGI, see Section WGI 12.4.1.2 and WGI 12.4.8 and 6.3.2.6.
5
The assessment in this table is based on the probabilities calculated for the full ensemble of scenarios in WGIII using MAGICC and the assessment in WGI of the uncertainty of the
temperature projections not covered by climate models. The statements are therefore consistent with the statements in WGI, which are based on the CMIP5 runs of the RCPs and the
assessed uncertainties. Hence, the likelihood statements reflect different lines of evidence from both WGs. This WGI method was also applied for scenarios with intermediate
concentration levels where no CMIP5 runs are available. The likelihood statements are indicative only {WGIII 6.3} and follow broadly the terms used by the WGI SPM for
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temperature projections: likely 66-100%, more likely than not >50-100%, about as likely as not 33-66%, and unlikely 0-33%. In addition the term more unlikely than likely 0-<50% is
used.
6
The CO2-equivalent concentration (see Glossary) is calculated on the basis of the total forcing from a simple carbon cycle/climate model, MAGICC. The CO2 equivalent
concentration in 2011 is estimated to be 430 ppm (uncertainty range 340 ppm – 520 ppm).This is based on the assessment of total anthropogenic radiative forcing for 2011 relative to
1750 in WGI, i. e. 2.3 W m− 2, uncertainty range 1.1 to 3.3 W m− 2.
7
The vast majority of scenarios in this category overshoot the category boundary of 480 ppm CO2-eq concentration.
8
For scenarios in this category, no CMIP5 run or MAGICC realization stays below the respective temperature level. Still, an ‘unlikely’ assignment is given to reflect uncertainties
that may not be reflected by the current climate models.
9
Scenarios in the 580 ppm – 650 ppm CO2-eq category include both overshoot scenarios and scenarios that do not exceed the concentration level at the high end of the category (e.g.
RCP4.5). The latter type of scenarios, in general, have an assessed probability of more unlikely than likely to stay below the 2°C temperature level, while the former are mostly
assessed to have an unlikely probability of staying below this level.
10
In these scenarios, global CO2-eq emissions in 2050 are between 70–95% below 2010 emissions, and they are between 110–120% below 2010 emissions in 2100.
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Mitigation scenarios reaching about 450 ppm CO2-eq in 2100 (consistent with a likely chance to keep
warming below 2°C relative to pre-industrial levels) typically involve temporary overshoot 17 of
atmospheric concentrations, as do many scenarios reaching about 500 ppm CO2-eq to about 550 ppm
CO2-eq in 2100 (Table SPM.1). Depending on the level of overshoot, overshoot scenarios typically
rely on the availability and widespread deployment of bioenergy with carbon dioxide capture and
storage (BECCS) and afforestation in the second half of the century. The availability and scale of
these and other Carbon Dioxide Removal (CDR) technologies and methods are uncertain and CDR
technologies are, to varying degrees, associated with challenges and risks. 18 CDR is also prevalent in
many scenarios without overshoot to compensate for residual emissions from sectors where mitigation
is more expensive (high confidence). {3.4, Box 3.3}
Reducing emissions of non-CO2 agents can be an important element of mitigation strategies. All
current GHG emissions and other forcing agents affect the rate and magnitude of climate change over
the next few decades, although long-term warming is mainly driven by CO2 emissions. Emissions of
non-CO2 forcers are often expressed as “CO2-equivalent emissions”, but the choice of metric to
calculate these emissions, and the implications for the emphasis and timing of abatement of the
various climate forcers, depend on application, policy context, and contains value judgments. {3.4,
Box 3.2}
Delaying additional mitigation to 2030 will substantially increase the challenges associated with
limiting warming over the 21st century to below 2°C relative to pre-industrial levels. It will require
substantially higher rates of emissions reductions from 2030 to 2050; a much more rapid scale-up of
low-carbon energy over this period; a larger reliance on CDR in the long term; and higher transitional
and long-term economic impacts. Estimated global emissions levels in 2020 based on the Cancún
Pledges are not consistent with cost-effective mitigation trajectories that are at least about as likely as
not to limit warming to below 2°C relative to pre-industrial levels, but they do not preclude the option
to meet this goal (high confidence) (Figure SPM.12, Table SPM.2). {3.4}

17

In concentration “overshoot” scenarios, concentrations peak during the century and then decline.
CDR methods have biogeochemical and technological limitations to their potential on the global scale. There
is insufficient knowledge to quantify how much CO2 emissions could be partially offset by CDR on a century
timescale. CDR methods may carry side-effects and long-term consequences on a global scale.
18
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Figure SPM.12: The implications of different 2030 GHG emissions levels for the rate of CO2 emissions
reductions and low-carbon energy upscaling in mitigation scenarios that are at least about as likely as not to
keep warming throughout the 21st century below 2°C relative to pre-industrial levels (2100 GHG concentrations
of 430 ppm CO2-eq - 530 ppm CO2-eq). The scenarios are grouped according to different emissions levels by
2030 (coloured in different shades of green). The left panel shows the pathways of GHG emissions (GtCO2eq/yr) leading to these 2030 levels. Black dot with whiskers gives historic GHG emission levels and associated
uncertainties in 2010 as reported in Figure SPM.2. The black bar shows the estimated uncertainty range of GHG
emissions implied by the Cancún Pledges. The middle panel denotes the average annual CO2 emissions
reduction rates for the period 2030–2050. It compares the median and interquartile range across scenarios from
recent inter-model comparisons with explicit 2030 interim goals to the range of scenarios in the Scenario
Database for WGIII AR5. Annual rates of historical emissions change (sustained over a period of 20 years) and
the average annual CO2 emission change between 2000 and 2010 are shown as well. The arrows in the right
panel show the magnitude of zero and low-carbon energy supply up-scaling from 2030 to 2050 subject to
different 2030 GHG emissions levels. Zero- and low-carbon energy supply includes renewables, nuclear energy,
and fossil energy with carbon dioxide capture and storage (CCS), or bioenergy with CCS (BECCS). [Note: Only
scenarios that apply the full, unconstrained mitigation technology portfolio of the underlying models (default
technology assumption) are shown. Scenarios with large net negative global emissions (>20 GtCO2-eq/yr),
scenarios with exogenous carbon price assumptions, and scenarios with 2010 emissions significantly outside the
historical range are excluded.] {Figure 3.4}

Estimates of the aggregate economic costs of mitigation vary widely depending on methodologies and
assumptions, but increase with the stringency of mitigation. Scenarios in which all countries of the
world begin mitigation immediately, in which there is a single global carbon price, and in which all
key technologies are available, have been used as a cost-effective benchmark for estimating macroeconomic mitigation costs (Figure SPM.13). Under these assumptions mitigation scenarios that are
likely to limit warming to below 2°C through the 21st century relative to pre-industrial levels entail
losses in global consumption — not including benefits of reduced climate change as well as cobenefits and adverse side-effects of mitigation — of 1% to 4% (median: 1.7%) in 2030 and 2% to 6%
(median: 3.4%) in 2050, and 3% to 11% (median: 4.8%) in 2100 relative to consumption in baseline
scenarios that grows anywhere from 300% to more than 900% over the century (Figure SPM.13).
These numbers correspond to an annualized reduction of consumption growth by 0.04 to 0.14
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(median: 0.06) percentage points over the century relative to annualized consumption growth in the
baseline that is between 1.6% and 3% per year (high confidence). {3.4}

Figure SPM.13: Global mitigation costs in cost-effective scenarios at different atmospheric concentrations
levels in 2100. Cost-effective scenarios assume immediate mitigation in all countries and a single global carbon
price, and impose no additional limitations on technology relative to the models’ default technology
assumptions. Consumption losses are shown relative to a baseline development without climate policy (left
panel). The table at the top shows percentage points of annualized consumption growth reductions relative to
consumption growth in the baseline of 1.6% to 3% per year (e.g., if the reduction is 0.06 percentage points per
year due to mitigation, and baseline growth is 2.0% per year, then the growth rate with mitigation would be
1.94% per year). Cost estimates shown in this table do not consider the benefits of reduced climate change or
co-benefits and adverse side-effects of mitigation. Estimates at the high end of these cost ranges are from
models that are relatively inflexible to achieve the deep emissions reductions required in the long run to meet
these goals and/or include assumptions about market imperfections that would raise costs. {Figure 3.3}

In the absence or under limited availability of mitigation technologies (such as bioenergy, CCS and
their combination BECCS, nuclear, wind/solar), mitigation costs can increase substantially depending
on the technology considered. Delaying additional mitigation increases mitigation costs in the
medium- to long-term. Many models could not limit likely warming to below 2°C over the 21st
century relative to pre-industrial levels if additional mitigation is considerably delayed. Many models
could not limit likely warming to below 2°C if bioenergy, CCS, and their combination (BECCS) are
limited (high confidence) (Table SPM.2).
Mitigation scenarios reaching about 450 or 500 ppm CO2 equivalent by 2100 show reduced costs for
achieving air quality and energy security objectives, with significant co-benefits for human health,
ecosystem impacts, and sufficiency of resources and resilience of the energy system. {4.4.2.2}
Mitigation policy could devalue fossil fuel assets and reduce revenues for fossil fuel exporters, but
differences between regions and fuels exist (high confidence). Most mitigation scenarios are
associated with reduced revenues from coal and oil trade for major exporters (high confidence). The
availability of CCS would reduce the adverse effects of mitigation on the value of fossil fuel assets
(medium confidence). {4.4.2.2}
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Table SPM.2: Increase in global mitigation costs due to either limited availability of specific technologies or
delays in additional mitigation1 relative to cost-effective scenarios.2 The increase in costs is given for the median
estimate and the 16th to 84th percentile range of the scenarios (in parentheses).3 In addition, the sample size of
each scenario set is provided in the coloured symbols. The colours of the symbols indicate the fraction of
models from systematic model comparison exercises that could successfully reach the targeted concentration
level. {Table 3.2}
Mitigation cost increases due to
delayed additional mitigation
until 2030

Mitigation cost increases in scenarios with
limited availability of technologies4

2100
concentrations
(ppm CO2-eq)
450 (430-480)
500 (480-530)
550 (530-580)
580-650

[%increase in total discounted5 mitigation costs (20152100) relative to default technology assumptions]
no CCS

nuclear
phase out

limited
solar/wind

limited
bioenergy

138 %
(29-297%)

7%
(4-18%)

6%
(2-29%)

64 %
(44-78%)

39 %
(18-78%)

13 %
(2-23%)

8%
(5-15%)

18 %
(4-66%)

N/A

N/A

N/A

N/A

N/A

N/A

N/A

N/A

}
}

[% increase in mitigation costs relative to
immediate mitigation]
medium term
long term costs
costs
(2050-2100)
(2030-2050)
44 %
(2-78%)

37 %
(16-82%)

15 %
(3-32%)

16 %
(5-24%)

Symbol legend – fraction of models successful in producing scenarios (numbers indicate the number of successful
models)
: all models successful
1

: between 50 and 80% of models successful

: between 80 and 100% of models successful

: less than 50% of models successful

Delayed mitigation scenarios are associated with GHG emission of more than 55 GtCO2-eq in 2030, and the
increase in mitigation costs is measured relative to cost-effective mitigation scenarios for the same long-term
concentration level.
2
Cost-effective scenarios assume immediate mitigation in all countries and a single global carbon price, and
impose no additional limitations on technology relative to the models’ default technology assumptions.
3
The range is determined by the central scenarios encompassing the 16th to 84th percentile range of the
scenario set. Only scenarios with a time horizon until 2100 are included. Some models that are included in the
cost ranges for concentration levels above 530 ppm CO2-eq in 2100 could not produce associated scenarios for
concentration levels below 530 ppm CO2-eq in 2100 with assumptions about limited availability of technologies
and/or delayed additional mitigation.
4
No CCS: CCS is not included in these scenarios. Nuclear phase out: No addition of nuclear power plants
beyond those under construction, and operation of existing plants until the end of their lifetime. Limited
Solar/Wind: a maximum of 20% global electricity generation from solar and wind power in any year of these
scenarios. Limited Bioenergy: a maximum of 100 EJ/yr modern bioenergy supply globally (modern bioenergy
used for heat, power, combinations, and industry was around 18 EJ/yr in 2008).
5
Percentage increase of net present value of consumption losses in percent of baseline consumption (for
scenarios from general equilibrium models) and abatement costs in percent of baseline GDP (for scenarios from
partial equilibrium models) for the period 2015–2100, discounted at 5% per year.

Solar Radiation Management (SRM) involves large-scale methods that seek to reduce the amount of
absorbed solar energy in the climate system. SRM is untested and is not included in any of the
mitigation scenarios. If it were deployed, SRM would entail numerous uncertainties, side-effects,
risks, shortcomings and has particular governance and ethical implications. SRM would not reduce
ocean acidification. If it were terminated, there is high confidence that surface temperatures would
rise very rapidly impacting ecosystems susceptible to rapid rates of change. {Box 3.3}
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Adaptation and Mitigation

Many adaptation and mitigation options can help address climate change, but no single option
is sufficient by itself. Effective implementation depends on policies and cooperation at all scales,
and can be enhanced through integrated responses that link adaptation and mitigation with
other societal objectives. {4}
SPM 4.1
responses

Common enabling factors and constraints for adaptation and mitigation

Adaptation and mitigation responses are underpinned by common enabling factors. These
include effective institutions and governance, innovation and investments in environmentally
sound technologies and infrastructure, sustainable livelihoods, and behavioural and lifestyle
choices. {4.1}
Inertia in many aspects of the socio-economic system constrains adaptation and mitigation options
(high agreement, medium evidence). Innovation and investments in environmentally sound
infrastructure and technologies can reduce greenhouse gas emissions and enhance resilience to
climate change (very high confidence). {4.1}
Vulnerability to climate change, GHG emissions, and the capacity for adaptation and mitigation are
strongly influenced by livelihoods, lifestyles, behaviour and culture (medium evidence, medium
agreement). Also, the social acceptability and/or effectiveness of climate policies are influenced by
the extent to which they incentivise or depend on regionally appropriate changes in lifestyles or
behaviours. {4.1}
For many regions and sectors, enhanced capacities to mitigate and adapt are part of the foundation
essential for managing climate change risks (high confidence). Improving institutions as well as
coordination and cooperation in governance can help overcome regional constraints associated with
mitigation, adaptation, and disaster risk reduction (very high confidence). {4.1}
SPM 4.2

Response options for adaptation

Adaptation options exist in all sectors, but their context for implementation and potential to
reduce climate-related risks differs across sectors and regions. Some adaptation responses
involve significant co-benefits, synergies and trade-offs. Increasing climate change will increase
challenges for many adaptation options. {4.2}
Adaptation experience is accumulating across regions in the public and private sectors and within
communities. There is increasing recognition of the value of social (including local and indigenous),
institutional, and ecosystem-based measures and of the extent of constraints to adaptation. Adaptation
is becoming embedded in some planning processes, with more limited implementation of responses
(high confidence). {1.7, 4.2, 4.4.2.1}
The need for adaptation along with associated challenges are expected to increase with climate change
(very high confidence). Adaptation options exist in all sectors and regions, with diverse potential and
approaches depending on their context in vulnerability reduction, disaster risk management or
proactive adaptation planning (Table SPM.3). Effective strategies and actions consider the potential
for co-benefits and opportunities within wider strategic goals and development plans. {4.2}
Table SPM.3: Approaches for managing the risks of climate change through adaptation. These approaches
should be considered overlapping rather than discrete, and they are often pursued simultaneously. Examples are
presented in no speciﬁc order and can be relevant to more than one category. {Table 4.2}
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Response options for mitigation

Mitigation options are available in every major sector. Mitigation can be more cost-effective if
using an integrated approach that combines measures to reduce energy use and the GHG
intensity of end-use sectors, decarbonize energy supply, reduce net emissions and enhance
carbon sinks in land-based sectors. {4.3}
Well-designed systemic and cross-sectoral mitigation strategies are more cost-effective in cutting
emissions than a focus on individual technologies and sectors, with efforts in one sector affecting the
need for mitigation in others (medium confidence). Mitigation measures intersect with other societal
goals creating the possibility of co-benefits or adverse side effects. These intersections, if wellmanaged, can strengthen the basis for undertaking climate action. {4.3}
Emissions ranges for baseline scenarios and mitigation scenarios that limit greenhouse gas
concentrations to low levels (about 450 ppm CO2-eq, likely to limit warming to 2°C above preindustrial levels) are shown for different sectors and gases in Figure SPM.14. Key measures to
achieve such mitigation goals include decarbonizing (i.e., reducing the carbon intensity of) electricity
generation (medium evidence, high agreement) as well as efficiency enhancements and behavioural
changes, in order to reduce energy demand compared to baseline scenarios without compromising
development (robust evidence, high agreement). In scenarios reaching 450 ppm CO2-eq
concentrations by 2100, global CO2 emissions from the energy supply sector are projected to decline
over the next decade and are characterized by reductions of 90% or more below 2010 levels between
2040 and 2070. In the majority of low‐concentration stabilization scenarios (about 450 to about 500
ppm CO2-eq, at least as likely as not to limit warming to 2°C above pre-industrial levels), the share of
low‐carbon electricity supply (comprising renewable energy (RE), nuclear and CCS, including
BECCS) increases from the current share of approximately 30% to more than 80% by 2050, and fossil
fuel power generation without CCS is phased out almost entirely by 2100. {4.3}

Near-term reductions in energy demand are an important element of cost-effective mitigation
strategies, provide more flexibility for reducing carbon intensity in the energy supply sector, hedge
against related supply-side risks, avoid lock-in to carbon-intensive infrastructures, and are associated
with important co-benefits. The most cost-effective mitigation options in forestry are afforestation,
sustainable forest management and reducing deforestation, with large differences in their relative
importance across regions; and in agriculture, cropland management, grazing land management, and
restoration of organic soils (medium evidence, high agreement). {4.3, Figures 4.1, 4.2, Table 4.3}
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Figure SPM.14: CO2 emissions by sector and total non-CO2 GHGs (Kyoto gases) across sectors in baseline
(faded bars) and mitigation scenarios (solid colour bars) that reach about 450 (430–480) ppm CO2-eq
concentrations in 2100 (likely to limit warming to 2°C above pre-industrial levels). Mitigation in the end-use
sectors leads also to indirect emissions reductions in the upstream energy supply sector. Direct emissions of the
end-use sectors thus do not include the emission reduction potential at the supply-side due to, e.g., reduced
electricity demand. The numbers at the bottom of the graphs refer to the number of scenarios included in the
range (upper row: baseline scenarios; lower row: mitigation scenarios), which differs across sectors and time
due to different sectoral resolution and time horizon of models. Emissions ranges for mitigation scenarios
include the full portfolio of mitigation options; many models cannot reach 450 ppm CO2-eq concentration by
2100 in the absence of CCS. Negative emissions in the electricity sector are due to the application of BECCS.
‘Net’ AFOLU emissions consider afforestation, reforestation as well as deforestation activities. {4.3, Figure 4.1}

Behaviour, lifestyle and culture have a considerable influence on energy use and associated emissions,
with high mitigation potential in some sectors, in particular when complementing technological and
structural change (medium evidence, medium agreement). Emissions can be substantially lowered
through changes in consumption patterns, adoption of energy savings measures, dietary change and
reduction in food wastes. {4.1, 4.3}
SPM 4.4

Policy approaches for adaptation and mitigation, technology and finance

Effective adaptation and mitigation responses will depend on policies and measures across
multiple scales: international, regional, national and sub-national. Policies across all scales
supporting technology development, diffusion and transfer, as well as finance for responses to
climate change, can complement and enhance the effectiveness of policies that directly promote
adaptation and mitigation. {4.4}
International cooperation is critical for effective mitigation, even though mitigation can also have
local co-benefits. Adaptation focuses primarily on local to national scale outcomes, but its
effectiveness can be enhanced through coordination across governance scales, including international
cooperation. {3.1, 4.4.1}
•

The United Nations Framework Convention on Climate Change (UNFCCC) is the main
multilateral forum focused on addressing climate change, with nearly universal participation.
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Other institutions organized at different levels of governance have resulted in diversifying
international climate change cooperation. {4.4.1}
The Kyoto Protocol offers lessons towards achieving the ultimate objective of the UNFCCC,
particularly with respect to participation, implementation, flexibility mechanisms, and
environmental effectiveness (medium evidence, low agreement). {4.4.1}
Policy linkages among regional, national, and sub-national climate policies offer potential
climate change mitigation benefits (medium evidence, medium agreement). Potential
advantages include lower mitigation costs, decreased emission leakage, and increased market
liquidity. {4.4.1}
International cooperation for supporting adaptation planning and implementation has received
less attention historically than mitigation but is increasing, and has assisted in the creation of
adaptation strategies, plans, and actions at the national, sub-national, and local level (high
confidence). {4.4.1}

There has been a considerable increase in national and sub‐national plans and strategies on both
adaptation and mitigation since the AR4, with an increased focus on policies designed to integrate
multiple objectives, increase co-benefits and reduce adverse side-effects (high confidence). {4.4.2.1,
4.4.2.2}
•

•

•

•

•

•

National governments play key roles in adaptation planning and implementation (high
agreement, robust evidence) through coordinating actions and providing frameworks and
support. While local government and the private sector have different functions, which vary
regionally, they are increasingly recognized as critical to progress in adaptation, given their
roles in scaling up adaptation of communities, households, and civil society and in managing
risk information and financing (medium evidence, high agreement). {4.4.2.1}
Institutional dimensions of adaptation governance, including the integration of adaptation into
planning and decision making, play a key role in promoting the transition from planning to
implementation of adaptation (high agreement, robust evidence). Examples of institutional
approaches to adaptation involving multiple actors include economic options (e.g., insurance,
public-private partnerships), laws and regulations (e.g., land zoning laws), and national and
government policies and programs (e.g., economic diversification). {4.2, 4.4.2.1, Table
SPM.3}
In principle, mechanisms that set a carbon price, including cap and trade systems and carbon
taxes, can achieve mitigation in a cost-effective way, but have been implemented with diverse
effects due in part to national circumstances as well as policy design. The short-run effects of
cap and trade systems have been limited as a result of loose caps or caps that have not proved
to be constraining (limited evidence, medium agreement). In some countries, tax-based
policies specifically aimed at reducing GHG emissions – alongside technology and other
policies – have helped to weaken the link between GHG emissions and GDP (high
confidence). In addition, in a large group of countries, fuel taxes (although not necessarily
designed for the purpose of mitigation) have had effects that are akin to sectoral carbon taxes.
{4.4.2.2}
Regulatory approaches and information measures are widely used and are often
environmentally effective (medium evidence, medium agreement). Examples of regulatory
approaches include energy efficiency standards; examples of information programmes include
labelling programs that can help consumers make better-informed decisions. {4.4.2.2}
Sector-specific mitigation policies have been more widely used than economy-wide policies
(medium evidence, high agreement). Sector-specific policies may be better suited to address
sector-specific barriers or market failures and may be bundled in packages of complementary
policies. Although theoretically more cost-effective, administrative and political barriers may
make economy wide policies harder to implement. Interactions between or among mitigation
policies may be synergistic or may have no additive effect on reducing emissions. {4.4.2.2}
Economic instruments in the form of subsidies may be applied across sectors, and include a
variety of policy designs, such as tax rebates or exemptions, grants, loans and credit lines. An
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increasing number and variety of renewable energy (RE) policies including subsidies –
motivated by many factors – have driven escalated growth of RE technologies in recent years.
At the same time, reducing subsidies for GHG-related activities in various sectors can achieve
emission reductions, depending on the social and economic context (high confidence).
{4.4.2.2}
Co-benefits and adverse side-effects of mitigation could affect achievement of other objectives such
as those related to human health, food security, biodiversity, local environmental quality, energy
access, livelihoods, and equitable sustainable development. The potential for co-benefits for energy
end-use measures outweighs the potential for adverse side-effects whereas the evidence suggests this
may not be the case for all energy supply and AFOLU measures. Some mitigation policies raise the
prices for some energy services and could hamper the ability of societies to expand access to modern
energy services to underserved populations (low confidence). These potential adverse side-effects on
energy access can be avoided with the adoption of complementary policies such as income tax rebates
or other benefit transfer mechanisms (medium confidence). Whether or not side-effects materialize,
and to what extent side-effects materialize, will be case- and site-specific, and depend on local
circumstances and the scale, scope, and pace of implementation. Many co-benefits and adverse sideeffects have not been well-quantified. {4.3, 4.4.2.2, Box 3.4}
Technology policy (development, diffusion and transfer) complements other mitigation policies
across all scales, from international to sub-national; many adaptation efforts also critically rely on
diffusion and transfer of technologies and management practices (high confidence). Policies exist to
address market failures in R&D, but the effective use of technologies can also depend on capacities to
adopt technologies appropriate to local circumstances. {4.4.3}
Substantial reductions in emissions would require large changes in investment patterns (high
confidence). For mitigation scenarios that stabilize concentrations (without overshoot) in the range of
430-530 ppm CO2-eq by 2100 19, annual investments in low carbon electricity supply and energy
efficiency in key sectors (transport, industry and buildings) are projected in the scenarios to rise by
several hundred billion dollars per year before 2030. Within appropriate enabling environments, the
private sector, along with the public sector, can play important roles in financing mitigation and
adaptation (medium evidence, high agreement). {4.4.4}
Financial resources for adaptation have become available more slowly than for mitigation in both
developed and developing countries. Limited evidence indicates that there is a gap between global
adaptation needs and the funds available for adaptation (medium confidence). There is a need for
better assessment of global adaptation costs, funding and investment. Potential synergies between
international finance for disaster risk management and adaptation have not yet been fully realized
(high confidence). {4.4.4}
SPM 4.5

Trade-offs, synergies and interactions with sustainable development

Climate change is a threat to sustainable development. Nonetheless, there are many
opportunities to link mitigation, adaptation and the pursuit of other societal objectives through
integrated responses (high confidence). Successful implementation relies on relevant tools,
suitable governance structures and enhanced capacity to respond (medium confidence). {3.5, 4.5}
Climate change exacerbates other threats to social and natural systems, placing additional burdens
particularly on the poor (high confidence). Aligning climate policy with sustainable development
requires attention to both adaptation and mitigation (high confidence). Delaying global mitigation
19

This range comprises scenarios that reach 430-480 ppm CO2-eq by 2100 (likely to limit warming to 2°C
above pre-industrial levels) and scenarios that reach 480-530 ppm CO2-eq by 2100 (without overshoot: more
likely than not to limit warming to 2°C above pre-industrial levels).
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actions may reduce options for climate-resilient pathways and adaptation in the future. Opportunities
to take advantage of positive synergies between adaptation and mitigation may decrease with time,
particularly if limits to adaptation are exceeded. Increasing efforts to mitigate and adapt to climate
change imply an increasing complexity of interactions, encompassing connections among human
health, water, energy, land use, and biodiversity (medium evidence, high agreement). {3.1, 3.5, 4.5}
Strategies and actions can be pursued now which will move towards climate-resilient pathways for
sustainable development, while at the same time helping to improve livelihoods, social and economic
well-being, and effective environmental management. In some cases, economic diversification can be
an important element of such strategies. The effectiveness of integrated responses can be enhanced by
relevant tools, suitable governance structures, and adequate institutional and human capacity (medium
confidence). Integrated responses are especially relevant to energy planning and implementation;
interactions among water, food, energy and biological carbon sequestration; and urban planning,
which provides substantial opportunities for enhanced resilience, reduced emissions and more
sustainable development (medium confidence). {3.5, 4.4, 4.5}
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Energie und Klimaschutz: Einige grundsätzliche
Betrachtungen
Andreas Veigl
DI Andreas Veigl, Untere Weißgerberstraße 10, 1030 Wien. Tel: +43 650 501 54 65.
E-Mail: info@andreasveigl.at; Web: www.andreasveigl.at
Kurzfassung: In diesem Beitrag werden einige grundsätzliche Überlegungen angestellt,
welche Pfade bei Energiewende und Klimaschutz in Österreich eingeschlagen werden
können, um einen fairen Beitrag zur Begrenzung der globalen Klimaerwärmung im Sinne des
Paris Agreements zu leisten. Die Analyse zeigt, dass historisch das Wirtschaftswachstum den
deutlichste Treiber der steigenden Energieverbräuche und CO2-Emissionen darstellt, die
durch Verbesserungen der Energie- und Kohlenstoffintensitäten bei weitem nicht kompensiert
werden können. Legte man die höchsten in einem Fünfjahreszeitraum seit 1970 erzielten
Verbesserungsraten an, blieben notwendige Emissionsziele bis 2050 selbst bei mäßigem BIPWachstum unerreichbar. Das liefert Argumente dafür, die Konzentration auf Wachstum zu
hinterfragen und Energiewende sowie Klimaschutz nicht ausschließlich als technische
Aufgabe zu begreifen.
Keywords: Klimaschutz; Kaya-Dekomposition; Energieintensität; Kohlenstoffintensität

1 Einleitung
Zur Begrenzung der negativen Folgen des globalen Klimawandels müssen die Emissionen
von Treibhausgasen (THG) dramatisch gesenkt werden. Laut Empfehlung des IPCC müssen
Industriestaaten ihre Emissionen von Treibhausgasen (THG) bis 2050 gegenüber 1990 um 80
bis 95 Prozent senken. Das ist in etwa gleichbedeutend mit der im Paris Agreement
formulierten Übereinkunft zur Dekarbonisierung bis Mitte des 21. Jahrhunderts.
In diesem Beitrag werden einige grundsätzliche Überlegungen angestellt, welche Pfade bei
Energiewende und Klimaschutz in Österreich eingeschlagen werden können, um das
Energiesystem bis 2050 zu dekarbonisieren und damit einen fairen Beitrag zur Begrenzung
des Klimawandels zu leisten und nicht zuletzt die international eingegangen Verpflichtung des
Paris Agreements zu erfüllen.
Den mit Abstand größten Anteil an den THG-Emissionen Österreichs machen energiebezogene CO2-Emissionen aus, 2013 beträgt ihr Anteil 85 % (Umweltbundesamt 2015). Damit
entspricht die Reduktion dieser Emissionen auf null eine Reduktion der gesamten THGEmissionen auf rund 15 % des Niveaus von 1990.
Im Folgenden werden historische Trends seit 1970 bzw. 1990 bis 2013 analysiert, um
Hinweise für mögliche Entwicklungen bis 2050 abzuleiten.
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2 Analyse historischer Trends
Im ersten Schritt werden, einer Analyse von Handrich et al. (2015) folgend, die Trajektorien
dieser CO2-Emissionen, des Bruttoinlandsverbrauchs von Primärenergie (BIV) und des
fossilen Primärenergieverbrauchs in Bezug auf die Wirtschaftsentwicklung der letzten 25 Jahre
aufgezeichnet, siehe Abbildung 1.
Wie in allen folgenden Betrachtungen werden die Energieverbrauchswerte der Energiebilanz
2015 entnommen (Statistik Austria 2015a), die Emissionen aus Umweltbundesamt (2015) und
die Wirtschaftsentwicklung aus Zeitreihen der Statistik Austria und des WIFO (zitiert nach
WKO 2015). Als Bevölkerungsstatistik wird Statistik Austria (2015c) herangezogen.

Abbildung 1: Trajektorien des Bruttoinlandsverbrauchs (BIV gesamt), des Bruttoinlandsverbrauchs an fossiler
Energie (BIV fossil) und der CO2-Emissionen in Österreich gegenüber dem realen BIP, 1990-2014. Links:
Entwicklung der absoluten Werte. Rechts: Entwicklung der Pro-Kopf-Werte. Quelle: Eigene Darstellung

Es ist offensichtlich, dass der Primärenergieverbrauch und die CO2-Emissionen bis 2005 stark
ansteigen. Erst ab dann findet eine gewisse Entkopplung statt, die im Wesentlichen auf den
verstärkten Einsatz erneuerbarer Energien zurückgeht, der gesamte Primärenergiebedarf
sinkt nur leicht, während sein fossiler Anteil deutlich abnimmt.

2.1

Dekomposition der energiebedingten CO2-Emissionen

Die Dekomposition der energiebedingten CO2-Emissionen gemäß der Kaya-Dekomposition ist
eine in der Literatur häufige angewendete Methode (vgl. Raupach et al. 2007, Blanco et al.
2014 oder Sussams et al. 2015). Dabei werden die Veränderungen der Emissionen in die
Effekte der Entwicklungen von Bevölkerungszahl, Pro-Kopf-BIP, Energieintensität des BIP und
die CO2-Intensität des Energieverbrauchs zerlegt Die Kaya-Identität ist eine spezielle Formulierung der allgemeinen IPAT-Identität (Ehrlich & Holdren 1971), die beschrieben wird als

Sie drückt aus, dass sich die Auswirkungen anthropogenen Handelns auf die natürliche
Umwelt (Impact, I) aus einer Multiplikation der Größe der Bevölkerung (Population, P), ihres
Wohlstands (Affluence, A) und der eingesetzten Technologien (Technology, T) errechnet. Das
bedeutet, dass etwa ein Sinken eines der drei Terme P, A oder T, ceteris paribus, ein
proportionales Sinken des Impacts I zur Folge hat.
•

I steht dabei für eine Umweltauswirkung. Inhaltlich ist I nicht festgelegt, beliebige
„Pressures“ können damit ausgedrückt werden, seien es Entnahmen von Rohstoffen
oder Emissionen in die natürliche Umwelt.
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•
•
•

P steht in der Regel für die Größe der Bevölkerung.
A kann je nach Anwendungsfall sehr unterschiedlich repräsentiert sein, meist wird er
als BIP/Kopf ausgedrückt.
Der Term T kann eine Vielfalt von von Triebkräften ausdrücken. Generell beschreibt
er, wie stark der Einfluss menschlichen Handelns auf die natürliche Umwelt pro Kopf
und Geldeinheit ist, beschreibt also die Art und Weise, wie die Gesellschaft konsumiert
bzw. produziert.

In der Ausformulierung von IPAT als Kaya- Identität werden als Impact I die energiebezogenen
CO2-Emissionen modelliert in Abhängigkeit der Bevölkerungszahl P und des Pro-Kopf-BIP als
Affluence A. Der Technologie-Term T wird in eine Komponente der Energieintensität des BIP
und eine CO2-Intensität des Energieverbrauchs aufgespaltet:
=

ö

ℎ ×

ö

ℎ

×

×

Bzw., abgekürzt:
=

×

×

×

Darin ist
CE
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Primärenergieintensität des BIP in MJ/EUR

CI

Kohlenstoffintensität des Primärenergieverbrauchs in t CO2 / TJ

Die Dekomposition wird nach der Logarithmic Mean Divisia Index Methode (LMDI)
durchgeführt. Sie hat den Vorteil, dass kein unerklärter Residualterm verbleibt (vgl. Ang & Liu
2001 bzw. Ang 2005). Die Differenz zwischen den CO2-Emissionen zum Zeitpunkt T und dem
Startpunkt 0 kann in der additiven LMDI-Dekomposition angesetzt werden als Summe von
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Effekt der Veränderung der CO2-Intensität

Die Dekomposition erfolgt dabei jeweils für die Phasen 1990-2005 und 2005-2013, da sich
diese Phasen wie beschrieben deutlich voneinander unterscheiden.
Das Ergebnis in Abbildung 2 zeigt, dass das Pro-Kopf-BIP mit einem Anstieg von 42 % im
Zeitraum 1990-2013 den höchsten Beitrag zum Anstieg der CO2-Emissionen liefert, die
Bevölkerungszunahme weitere 12 %; diese Effekte können durch die Verbesserung der
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gesamtwirtschaftlichen Energieintensität und der Reduktion der CO2-Emissionen des
Primärenergiebedarfs nicht kompensiert werden. Dabei unterscheiden sich die beiden Phasen
deutlich:
•

•

•

1990-2005 steigen die Emissionen aufgrund des BIP-Wachstums um fast 34 %, durch
die wachsende Bevölkerung um weitere 8 %, jeweils bezogen auf 1990. Diese Effekte
können durch die Verbesserung der Primärenergieintensität des BIP und die
Kohlenstoffintensität des Primärenergieverbrauchs bei weitem nicht kompensiert
werden, die Emissionen steigen um 28 %.
2005-2013 erfolgt eine gewisse Trendwende: Die Emissionen sinken, erreichen jedoch
2013 ein Niveau das 9 % über jenem von 1990 liegt. Die beschleunigte Substitution
fossiler mit erneuerbaren Energieträgern führt zu einer Senkung der CO2-Emissionen
um 17 % relativ zu 1990, während die die Energieintensität des BIP eine Reduktion um
knapp 14 % bewirkt. Die Effekte der deutlich niedrigeren BIP-Wachstumsraten in
diesem Zeitraum und der wachsenden Bevölkerung können damit deutlich
überkompensiert werden.
Während seit dem Jahr 2005, dem „all-time-high“ der CO2-Emissionen eine absolute
Entkopplung vom BIP nachgewiesen werden kann, ist die für den längere Zeitraum seit
1970 nicht möglich.

Abbildung 2: Kaya-Dekomposition der CO2-Emissionen 1990-2005 und 2005-2013 in Effekte der Faktoren
Bevölkerung, reales Pro-Kopf-BIP (BIP/Kopf), Primärenergieintensität des BIP (BIV/BIP) und CO2-Intensität des
Primärenergieverbrauchs (CO2/BIV). Prozentsätze bezogen auf 1990. Quelle: Eigene Darstellung.

2.2

Historisch beobachtete Veränderungsraten

Im nächsten Schritt werden die historischen Veränderungsraten der einzelnen Komponenten
der Kaya-Identität analysiert. Besonderes Augenmerk wird dabei auf die Veränderung des ProKopf-BIP und die technischen Faktoren der Primärenergieintensität des BIP und die CO2-
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Intensität des Primärenergieverbrauchs gelegt. Außerdem wird der Beobachtungszeitraum auf
1970 bis 2013 ausgeweitet1. Abbildung 3 zeigt die Entwicklungen.
Für die einzelnen Komponenten werden jeweils die Maxima und Minima, die Mittelwerte und
die maximalen und minimalen 5-Jahres-Mittelwerte gebildet. Letztere deswegen, da für
längerfristige Trends in der folgenden Szenariobildung weniger die maximal beobachtete
Veränderungen einer Komponente in einem einzelnen Jahr aussagekräftig ist, sondern
Veränderungsraten, die für einen etwas längeren Zeitraum aufrechterhalten werden können.

Abbildung 3: Jährliche Veränderungen der Primärenergieintensität des BIP, der CO2-Intensität des
Primärenergieverbrauchs und des Pro-Kopf-BIP, 1970-2013. Quelle: Eigene Darstellung

Die Ergebnisse sind in Tabelle 1 dargestellt: Es zeigt sich, dass im langjährigen Schnitt
Verbesserungen der Energieintensität (PEV/BIP) von nur -1,0 % p.a. erreicht wurden – die
beste in einem Fünfjahreszeitraum erreichte Intensitätsreduktion liegt bei -2,2 % p.a. Ähnlich
das Bild für die CO2-Emissionsintensität des Primärenergieverbrauchs (CO2/PEV): im Mittel
sinkt sie um -0,8 % p.a. mit dem besten 5-Jahres-Mittel bei -2,6 % p.a.
Tabelle 1: Veränderungsraten in % pro Jahr der einzelnen Parameter im Zeitraum 1970-2013. Quelle: Eigene
Berechnungen

Max
Min
Mittelwert
Max. 5-Jahres-Mittel
Min. 5-Jahres-Mittel

BIP/Kopf
5,5%
-4,0%
2,1%
3,6%
0,0%

PEV/BIP
5,3%
-6,7%
-1,0%
1,7%
-2,6%

CO2/PEV
1,8%
-3,4%
-0,8%
0,6%
-2,2%

1

CO2
7,9%
-8,5%
0,6%
3,5%
-2,6%

Die CO2-Emissionen für die Jahre vor 1990 werden abgeschätzt anhand der
Primärenergieverbräuche (Statistik Austria 2015a) und mittleren Emissionsfaktoren, abgeleitet
aus Umweltbundesamt (2014).
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3 Szenarien für die Zukunft
Im letzten Schritt werden einige Szenarien für die Entwicklung der energiebedingten CO2Emissionen bis 2050 betrachtet. Dazu werden Annahmen zu unterschiedlichen Entwicklungen
für die Komponenten der Kaya-Identität angenommen bzw. kalkuliert, die einen Fächer
möglicher Entwicklungen aufspannen.
Auf Basis aktueller Zahlen würde die Erreichung des Ziels einer Senkung der THG-Emissionen
um 80 bis 95 % bis 2050 bedeuten, dass die CO2-Emissionen auf Null reduziert und das
Energiesystem damit de facto vollständig dekarbonisiert werden müsste, da 2013 die
Emissionen von CH4 und N2O in der Landwirtschaft2 und die Emissionen von F-Gasen über
10 Mio. tCO2-eq und damit über 13 % der THG-Emissionen bezogen auf 1990 ausmachen. Nur
in dem Ausmaß, in dem auch Emissionen anderer THG als CO2 reduziert werden, könnten
daher 2050 energiebezogene CO2-Emissionen im System verbleiben.

3.1

Annahmen

Die Annahmen für die Szenarien sind in Tabelle 2 dargestellt und setzen sich wie folgt
zusammen:
•

•

•

•

•

2

Die Szenarien 1 bis 4 sind explorative Szenarien: Unter der Annahme, wie sich
einzelne Komponenten bzw. Treiber entwickeln, werden Pfade der CO2-Emissionen
bis 2050 abgeschätzt.
Szenario 5 und 6 sind Zielszenarien: Hier werden die Intensitätsentwicklungen3 so weit
verändert, dass sich die energiebedingten CO2-Emissionen auf ein Minimum
reduzieren. Dabei wird angenommen, dass 2050 die energiebedingten Emissionen bis
auf einen Rest von 2 Mio. t CO2 abnehmen, der auf die energetische Nutzung nichterneuerbarer Abfälle zurückgeht (vgl. Veigl 2015).
Allen Szenarien gemeinsam ist die angenommen Bevölkerungsentwicklung. Gemäß
der Hauptvariante der Bevölkerungsprognose 2015 der Statistik Austria wird davon
ausgegangen, dass die österreichische Wohnbevölkerung von 8,45 Mio. im Jahr 2013
auf 9,63 Mio. im Jahr 2050 steigt (Statistik Austria 2015b); das entspricht einer
durchschnittlichen jährlichen Wachstumsrate von 0,35 % p.a.
Für das Bruttoinlandsprodukt wird einerseits in Szenario 1 und 2 ein Wachstum des
pro-Kopf-BIP in der Höhe des Durchschnitts der Jahre 1970-2013 angenommen, das
sind 1,62 % pro Jahr; das entspricht einer durchschnittlichen BIP-Wachstumsrate von
knapp 2 % pro Jahr; andererseits wird das Pro-Kopf-BIP in Szenario 3 und 4 bis 2050
konstant gehalten, das BIP steigt also im Ausmaß der Bevölkerungszuwachses.
Für die Primärenergieintensität werden ebenfalls zwei Varianten betrachtet: In
Szenario 1 und 2 wird von einer Veränderung von -0,72 % p.a. ausgegangen, das
entspricht dem Mittelwert der Verbesserung im Zeitraum 1990-2013. Szenario 3 und 4

Zuzüglich „Sonstige“, siehe Statistik Austria (2015)

3

In den Szenarien 5 und 6 werden Energie- und CO2-Intensität zusammengefasst, d.h. nicht
zwischen den Möglichkeiten Energieeffizienz und CO2-ärmeren Energieträgern differenziert,
weil die Verfügbarkeit erneuerbarer Energiepotenziale nicht berücksichtigt wird. Dies erfolgt
erst im nächsten Schritt.
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bilden eine Intensitätsverbesserung von -2,2 % p.a. ab, das ist die günstigste 19702013 beobachtete Rate über einen Fünfjahreszeitraum.
Die Reduktion der Kohlenstoff-Intensität des Primärenergieverbrauchs orientiert sich
ebenfalls an den historischen Werten: Szenario 1 und 2 enthalten wieder den
historischen Durchschnitt 1990-2013 von -0,95 % p.a., die Szenarien 3 und 4 die
maximalen in einem Fünfjahreszeitraum von 1970-2013 erreichten Reduktionsraten
von 2,6 % p.a.

•

Tabelle 2: Veränderungsraten der Komponenten der Kaya-Identität in den Szenarien bis 2050 in Prozenten pro
Jahr. Quelle: Eigene Berechnungen

Szenario
1
2
3
4
5
6
1
2
3
4
5
6

3.2

Bev.
% p.a.
0,35%
0,35%
0,35%
0,35%
0,35%
0,35%
Mio.
9,63
9,63
9,63
9,63
9,63
9,63

BIP/Kopf
% p.a.
1,62%
0,00%
1,62%
0,00%
1,62%
0,00%
EUR/Kopf
65.661
36.226
65.661
36.226
65.661
36.226

BIV/BIP
CO2/BIV
% p.a.
% p.a.
-0,72%
-0,95%
-0,72%
-0,95%
-2,20%
-2,60%
-2,20%
-2,60%
-10,85%
-9,40%
MJ/EUR
t/TJ
3,57
33,42
3,57
33,42
2,05
17,93
2,05
17,93
-10,85%
-9,40%

CO2
% p.a.
0,29%
-1,31%
-2,86%
-4,41%
-9,08%
-9,08%
Mio. t
75,42
41,61
23,20
12,80
2,00
2,00

CO2

gg. 1990
+21%
-33%
-63%
-79%
-97%
-97%

Ergebnisse

Mit den beschriebenen Annahmen ergeben sich in den Szenarien folgende Entwicklungen, die
in Tabelle 2 und Abbildung 4 dargestellt sind:
•

•

•

•
•

In Szenario 1, in dem sämtliche Trends des Zeitraums 1990-2013 bis 2050
fortgeschrieben werden, ergeben sich steigende CO2-Emissionen um +21 %
gegenüber 1990.
Szenario 2 unterscheidet sich von Szenario 1 durch das verringerte
Wirtschaftswachstum. Das Ergebnis zeigt zwar sinkende CO2-Emissionen, jedoch
nehmen sie bis 2050 nur um 33 % gegenüber 1990 ab.
Mit der historischen BIP-Wachstumsrate aber deutlich höheren Verbesserungsraten
der Intensitäten ergeben sich in Szenario 3 deutlich sinkende Emissionen; insgesamt
nehmen sie um 63 % gegenüber 1990 ab.
Demgegenüber sinken die Emissionen in Szenario 4 mit niedriger BIP-Wachstumsrate
um 79 % gegenüber 1990, das Ziel wird dennoch deutlich nicht erreicht.
In den Zielszenarien 5 und 6, in denen die Emissionen annahmegemäß bis 2050 auf
2 Mio. t CO2 sinken, müsste diese 2013 bis 2050 im Jahresschnitt um über 9 % sinken.
Die Verbesserungsraten der Intensitäten müssten – zusammengenommen – jährlich
durchschnittlich -10,85 % bzw. -9,40 % betragen, je nach angenommener
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Wirtschaftsentwicklung. Beides sind Werte, die im Zeitraum 1970 bis 2013 in keinem
einzigen Jahr – geschweige denn über einen längeren Zeitraum – erreicht wurden.

Abbildung 4: Szenarien für die Entwicklung der energiebedingten CO2-Emissionen. Rot: dargestellt mit historischen
Mittelwerten der Intensitätsverbesserungsraten, blau mit den maximal beobachteten 5-Jahres-Durchschnitten.
Grün: Entwicklung in den Zielszenarien. Farbig unterlegt ist der Bereich eines Wachstums des Pro-Kopf-BIP
zwischen 0 % p.a. und dem historischen Durchschnitt von 1,62 % p.a. Quelle: Eigene Darstellung.

Anhand der Szenarienergebnisse ist bereits ersichtlich, dass in den nächsten 35 Jahren
jedenfalls deutlich höhere Raten für die Senkung der Energieintensität des BIP (=
Entkopplung) und der Umstellung der Energieversorgung von fossilen auf erneuerbare
Energieträger (= Substitution) erzielt werden müssen, als über längere Zeiträume in der
Vergangenheit seit 1970.

3.3

Entkopplung und Substitution

Versucht man diese beiden Effekte zu separieren, so muss eine Annahme über die verfügbare
erneuerbare Primärenergie in Österreich im Jahr 2050 getroffen werden. Zur Abschätzung
dieser Größe werden Szenariostudien von Bliem et al. (2011), Christian et al. (2011) und
Streicher et al. (2010) herangezogen, die auch im Österreichischen Sachstandsbericht
Klimawandel (vgl. Stagl et al. 2014) analysiert wurden. Zusätzlich wird auf Veigl (2015)
zurückgegriffen, wo auf Basis eben dieser Studien Abschätzungen für die ökologisch
nachhaltigen Primärenergiepotenziale getroffen werden. Alle diese Studien gehen davon aus,
dass der Energiebedarf Österreichs 2050 de facto vollständig auf Basis erneuerbarer
Energieträger gedeckt werden und dieser Jahresbedarf an erneuerbarer Primärenergie
bilanziell in Österreich aufgebracht werden kann. Dabei stellen die Studien im Wesentlichen
energetische Mengen-, jedoch keine Leistungsbilanzen auf.
Der Quervergleich zwischen diesen Arbeiten zeigt, dass technische Potenziale für
erneuerbare Primärenergie von bis zu 1.300 PJ gesehen werden, 2050 als nutzbar werden
erneuerbare Primärenergieträger in der Größenordnung von max. 700 bis 950 PJ gehalten.
Die verglichenen Szenarienergebnisse weisen dabei eine Häufung der Obergrenze zwischen
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700 und 800 PJ auf und ergeben sich nicht zuletzt auch aufgrund verschiedener
technologischer Pfade in der Energieaufbringung4.
Um 2050 das Ziel von nur mehr 2 Mio. t energiebedingter CO2-Emissionen zu erreichen, muss
nun der Primärnergieverbrauch so weit gesenkt werden, dass er mit den verfügbaren
erneuerbaren Primärenergien und den restlichen im System verbleibenden nichterneuerbaren Abfällen, gedeckt werden kann. Tabelle 3 zeigt die Mengenverhältnisse, die
Zeile „BIV gesamt“ enthält dabei die maximal verfügbare Primärenergie 2050 und damit auch
den Zielwert des Bruttoinlandsverbrauchs.
Tabelle 3: Varianten von Primärenergieaufbringung und -verbrauch 2050 und der daraus resultierenden
durchschnittlichen Veränderungsraten. Quelle: Eigene Berechnungen

BIV erneuerbar
BIV fossil
BIV gesamt
Veränderung 2013-2050 erneuerbar
Veränderung 2013-2050 fossil
Veränderung 2013-2050 gesamt

PJ
PJ
PJ
% p.a.
% p.a.
% p.a.

2013
417
964
1381

2050
700
30
730
1,4%
-9,0%
-1,7%

2050
800
30
830
1,8%
-9,0%
-1,4%

2050
900
30
930
2,1%
-9,0%
-1,1%

2050
1.000
30
1030
2,4%
-9,0%
-0,8%

Damit ergeben sich in Abhängigkeit der BIP-Entwicklung und des 2050 abdeckbaren
Bruttoinlandsverbrauch die in Tabelle 4 dargestellten notwendigen Reduktionsraten der
Primärenergieintensität und der Kohlenstoffintensität:
•

•

Bei einer Wachstumsrate des Pro-Kopf-BIP von 1,62 % p.a. (Szenario 5) müsste die
CO2-Intensität des BIP jährlich um knapp 11 % gesenkt werden.
o Je nach verfügbarer erneuerbarer Primärenergiemenge – und damit maximal
möglichem Bruttoinlandsverbrauch – liegt die notwendige Reduktion der
Primärenergieintensität zwischen 2,8 und 3,7 % pro Jahr. Zum Vergleich: Die
1970-2013 in einem 5-Jahres-Zeitraum maximal beobachtete Rate beträgt
2,6 % p.a. Es müsste also in den nächsten 35 Jahren eine durchschnittliche
Effizienzsteigerung erreicht werden, wie sie in den vergangenen 45 Jahren
durch keinen 5-Jahreszeitraum hindurch beobachtet werden kann.
o Selbiges zeigt sich punkto Senkung der Kohlenstoffintensität der
Primärenergie: Die notwendigen jährlichen Raten zwischen 7,4 und 8,3 % p.a.
liegen sogar mehr als doppelt so hoch wie die im besten Einzeljahr zwischen
1970 und 2013 erreichte.
Unter der Annahme, dass das Pro-Kopf-BIP im Zeitraum 2013 bis 2050 konstant bleibt
(Szenario 6) wäre eine Reduktion der CO2-Intensität des BIP um 9,4 % p.a.
erforderlich.
o Die Primärenergieintensität des BIP müsste zwischen 1,2 und 2,1 % jährlich
abnehmen. Diese Werte liegen innerhalb der Bandbreite zwischen dem

4

Die Werte stimmen in ihrer Höhe auch gut mit den Ergebnissen aus Haas et al. (2008)
überein, wo ökonomische Analysen und Szenarien zur künftigen Bedeutung verschiedener
nachhaltiger Energietechnologielinien entwickelt werden, die Technologie-Interaktionen,
Lerneffekte und exogene Einflussgrößen mit berücksichtigen.
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o

beobachteten Mittelwert 1970-2013 und dem besten Wert in einem 5-JahresZeitraum innerhalb dieses Intervalls. Damit scheint dieses Erfordernis
wesentlich einfacher realisierbar.
Die Dekarbonisierung des Primärenergieverbrauchs müsste jedoch mit den
gleich hohen Raten erfolgen wie in der oberen Variante.

Tabelle 4: Notwendige Verbesserungsraten der Energie- und CO2-Intensität zur Reduktion der energiebedingten
CO2-Emissionen auf 2 Mio. t im Jahr 2050. Variiert wird dabei die Wachstumsrate des Pro-Kopf-BIP und die 2050
nutzbare erneuerbare Primärenergie.

Szenario
5

BIP/Kopf
% p.a.
1,62%

6

0,00%

BIV erneuerb.
PJ
700
800
900
1000
700
800
900
1000

BIV/BIP
% p.a.
-3,70%
-3,37%
-3,07%
-2,80%
-2,14%
-1,80%
-1,50%
-1,23%

CO2/BIV
% p.a.
-7,42%
-7,74%
-8,03%
-8,28%
-7,42%
-7,74%
-8,03%
-8,28%

CO2/BIP
% p.a.
-10,85%

-9,40%

4 Schlussfolgerungen
In diesem Beitrag wird versucht, anhand der Analyse historischer Daten prinzipiell mögliche
Pfade für die Dekarbonisierung des österreichischen Energiesystems bis 2050 auszuloten.
Es kann gezeigt werden, dass der Zeitraum 1990 bis 2013 in zwei Phasen zerfällt: 1990 bis
2005 ist durch ein Ansteigen sowohl des Bruttoinlandsverbrauchs von Primärenergie als auch
der energiebedingten CO2-Emssionen gekennzeichnet. Die Kaya-Dekomposition zeigt dass
die in diesem Zeitraum gewachsene Bevölkerung mit einem Anstieg von 8 %, das gewachsene
BIP mit fast 34 % zum Anstieg der Emissionen beitragen, jeweils bezogen auf 1990. Diese
Effekte können durch die Verbesserung der Primärenergieintensität des BIP und die
Kohlenstoffintensität des Primärenergieverbrauchs bei weitem nicht kompensiert werden, die
Emissionen steigen um 28 %. In der Phase ab 2005 erfolgt eine gewisse Trendwende: Die
Emissionen sinken, erreichen jedoch 2013 ein Niveau das 9 % über jenem von 1990 liegt. Die
beschleunigte Substitution fossiler mit erneuerbaren Energieträgern führt zu einer Senkung
der CO2-Emissionen um 17 % relativ zu 1990, während die die Energieintensität des BIP eine
Reduktion um knapp 14 % bewirkt. Die Effekte der deutlich niedrigeren BIP-Wachstumsraten
in diesem Zeitraum und der wachsenden Bevölkerung können damit deutlich überkompensiert
werden. Während also seit dem Jahr 2005, dem „all-time-high“ der CO2-Emissionen eine
absolute Entkopplung vom BIP nachgewiesen werden kann, ist dies für den längere Zeitraum
seit 1970 nicht möglich.
Werden anhand historisch beobachteter Veränderungsraten von Pro-Kopf-BIP,
Primärenergieintensität (BIV/BIP) und Kohlenstoffintensität (CO2/BIV) zusammen mit dem
prognostizierten Bevölkerungszuwachs Szenarien für die Entwicklung der CO2-Emissionen bis
2050 gebildet, so können folgende Schlüsse gezogen werden:
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•

•

•

•

Selbst in Szenarien mit konstantem Pro-Kopf-BIP ist eine de-facto-Dekarbonisierung
des BIV nur dann erreichbar, wenn die technischen Faktoren – also die Energie- und
Kohlenstoffintensität – ceteris paribus kontinuierlich und deutlich über das historisch
erzielte Maß hinaus verbessert werden können.
Wird der Bruttoinlandsverbrauch 2050 mit dem nachhaltig verfügbaren Angebot an
erneuerbarer Primärenergie (zuzüglich einer kleinen Menge verbleibender fossiler
Abfälle) begrenzt, können diese Effekte in einen Effekt der Entkopplung und einen der
Substitution dekomponiert werden.
Es zeigt sich – neben dem Erfordernis hoher Ausbauraten für erneuerbare Energien
und hohen Substitutionsraten fossiler Energien – das Erfordernis der massiven
Senkung der Energieintensität des BIP, das umso höher ausfällt, je höher die
angenommenen BIP-Wachstumsraten liegen.
Damit erschwert ein weiteres Wachstum des Pro-Kopf-BIP die notwendige
Dekarbonisierung des Energiesystems, da es Intensitätsverbesserungsraten
erforderlich macht, die teilweise deutlich über die seit 1970 erreichten Werte
hinausgehen müssen. Damit müssen sie auch über die während der beiden Ölkrisen
der 1970 Jahre und die Hochpreisphase ab 2004 bzw. ab 2011 hinausgehen.

Daraus kann gefolgert werden, dass Energiewende und Klimaschutz nicht lediglich als
technisch bzw. techno-ökonomisch zu lösendes Problem gesehen werden sollte. Selbst wenn
die Energieeffizienz deutlich angehoben werden kann verbleibt die Gefahr von
Reboundeffekten, die erreichte Effizienzsteigerungen durch höheres Wirtschaftswachstum
und Energiemehrverbrauch wieder zunichtemachen. Das Paradigma notwendigen BIPWachstums stellt damit die notwendige Dekarbonisierung infrage.
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Technical Summary
1.

Introduction and framework of this report

Carbon dioxide capture and storage (CCS), the subject of this
Special Report, is considered as one of the options for reducing
atmospheric emissions of CO2 from human activities. The
purpose of this Special Report is to assess the current state of
knowledge regarding the technical, scientific, environmental,
economic and societal dimensions of CCS and to place CCS
in the context of other options in the portfolio of potential
climate change mitigation measures.
The structure of this Technical Summary follows that of
the Special Report. This introductory section presents the
general framework for the assessment together with a brief
overview of CCS systems. Section 2 then describes the major
sources of CO2, a step needed to assess the feasibility of CCS
on a global scale. Technological options for CO2 capture
are then discussed in Section 3, while Section 4 focuses
on methods of CO2 transport. Following this, each of the
storage options is addressed. Section 5 focuses on geological
storage, Section 6 on ocean storage, and Section 7 on mineral
carbonation and industrial uses of CO2. The overall costs and
economic potential of CCS are then discussed in Section 8,
followed by an examination in Section 9 of the implications
of CCS for greenhouse gas emissions inventories and
accounting. The Technical Summary concludes with a
discussion of gaps in knowledge, especially those critical for
policy considerations.
Overview of CO2 capture and storage
CO2 is emitted principally from the burning of fossil fuels,
both in large combustion units such as those used for electric
power generation and in smaller, distributed sources such
as automobile engines and furnaces used in residential and
commercial buildings. CO2 emissions also result from some
industrial and resource extraction processes, as well as from
the burning of forests during land clearance. CCS would
most likely be applied to large point sources of CO2, such
as power plants or large industrial processes. Some of these
sources could supply decarbonized fuel such as hydrogen to
the transportation, industrial and building sectors, and thus
reduce emissions from those distributed sources.
CCS involves the use of technology, first to collect and
concentrate the CO2 produced in industrial and energyrelated sources, transport it to a suitable storage location,
and then store it away from the atmosphere for a long period
of time. CCS would thus allow fossil fuels to be used with
low emissions of greenhouse gases. Application of CCS to
biomass energy sources could result in the net removal of
CO2 from the atmosphere (often referred to as ‘negative
1

In this report, EOR means enhanced oil recovery using CO2
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emissions’) by capturing and storing the atmospheric CO2
taken up by the biomass, provided the biomass is not
harvested at an unsustainable rate.
Figure TS.1 illustrates the three main components of the CCS
process: capture, transport and storage. All three components
are found in industrial operations today, although mostly not
for the purpose of CO2 storage. The capture step involves
separating CO2 from other gaseous products. For fuelburning processes such as those in power plants, separation
technologies can be used to capture CO2 after combustion
or to decarbonize the fuel before combustion. The transport
step may be required to carry captured CO2 to a suitable
storage site located at a distance from the CO2 source. To
facilitate both transport and storage, the captured CO2 gas is
typically compressed to a high density at the capture facility.
Potential storage methods include injection into underground
geological formations, injection into the deep ocean, or
industrial fixation in inorganic carbonates. Some industrial
processes also might utilize and store small amounts of
captured CO2 in manufactured products.
The technical maturity of specific CCS system components
varies greatly. Some technologies are extensively deployed
in mature markets, primarily in the oil and gas industry, while
others are still in the research, development or demonstration
phase. Table TS.1 provides an overview of the current status
of all CCS components. As of mid-2005, there have been
three commercial projects linking CO2 capture and geological
storage: the offshore Sleipner natural gas processing project
in Norway, the Weyburn Enhanced Oil Recovery (EOR)
project in Canada (which stores CO2 captured in the United
States) and the In Salah natural gas project in Algeria. Each
captures and stores 1–2 MtCO2 per year. It should be noted,
however, that CCS has not yet been applied at a large (e.g.,
500 MW) fossil-fuel power plant, and that the overall system
may not be as mature as some of its components.

.
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Figure TS.1. Schematic diagram of possible CCS systems. It shows the sources for which CCS might be relevant, as well as CO2 transport
and storage options (Courtesy CO2CRC).

Why the interest in CO2 capture and storage?
In 1992, international concern about climate change led to the
United Nations Framework Convention on Climate Change
(UNFCCC). The ultimate objective of that Convention is
the “stabilization of greenhouse gas concentrations in the
atmosphere at a level that prevents dangerous anthropogenic
interference with the climate system”. From this perspective,
the context for considering CCS (and other mitigation
options) is that of a world constrained in CO2 emissions,
consistent with the international goal of stabilizing
atmospheric greenhouse gas concentrations. Most scenarios
for global energy use project a substantial increase of CO2
emissions throughout this century in the absence of specific
actions to mitigate climate change. They also suggest that
the supply of primary energy will continue to be dominated
by fossil fuels until at least the middle of the century (see
Section 8). The magnitude of the emissions reduction needed
to stabilize the atmospheric concentration of CO2 will depend
on both the level of future emissions (the baseline) and the
2
3

desired target for long-term CO2 concentration: the lower
the stabilization target and the higher the baseline emissions,
the larger the required reduction in CO2 emissions. IPCC’s
Third Assessment Report (TAR) states that, depending on
the scenario considered, cumulative emissions of hundreds
or even thousands of gigatonnes of CO2 would need to
be prevented during this century to stabilize the CO2
concentration at 450 to 750 ppmv. The TAR also finds
that, “most model results indicate that known technological
options could achieve a broad range of atmospheric CO2
stabilization levels”, but that “no single technology option
will provide all of the emissions reductions needed”. Rather,
a combination of mitigation measures will be needed to
achieve stabilization. These known technological options are
available for stabilization, although the TAR cautions that,
“implementation would require associated socio-economic
and institutional changes”.

ppmv is parts per million by volume.
“Known technological options” refer to technologies that are currently at the operation or pilot-plant stages, as referred to in the mitigation scenarios discussed
in IPCC’s Third Assessment Report. The term does not include any new technologies that will require drastic technological breakthroughs. It can be considered
to represent a conservative estimate given the length of the scenario period.
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Post-combustion

X

Pre-combustion

X

Oxyfuel combustion

Transportation
Geological storage

X

Industrial separation (natural gas processing, ammonia production)
Pipeline

Shipping

X

Saline formations

Mineral carbonation
Industrial uses of CO2
a
b
c
d
e
f

Enhanced Coal Bed Methane recovery (ECBM)

f

Direct injection (dissolution type)

X

Natural silicate minerals

X

Direct injection (lake type)
Waste materials

X
X

Enhanced Oil Recovery (EOR)
Gas or oil fields

Ocean storage

Mature market d

Capture

Economically feasible
under specific conditions c

CCS technology

Demonstration phase b

CCS component

Research phase a

Table TS.1. Current maturity of CCS system components. An X indicates the highest level of maturity for each component. There are also
less mature technologies for most components.

X

X
Xe

X

X
X

X

Research phase means that the basic science is understood, but the technology is currently in the stage of conceptual design or testing at the laboratory or
bench scale, and has not been demonstrated in a pilot plant.
Demonstration phase means that the technology has been built and operated at the scale of a pilot plant, but further development is required before the
technology is required before the technology is ready for the design and construction of a full-scale system.
Economically feasible under specific conditions means that the technology is well understood and used in selected commercial applications, for instance if
there is a favourable tax regime or a niche market, or processing on in the order of 0.1 MtCO2 yr-1, with few (less than 5) replications of the technology.
Mature market means that the technology is now in operation with multiple replications of the technology worldwide.
CO2 injection for EOR is a mature market technology, but when used for CO2 storage, it is only economically feasible under specific conditions.
ECBM is the use of CO2 to enhance the recovery of the methane present in unminable coal beds through the preferential adsorption of CO2 on coal.
Unminable coal beds are unlikely to ever be mined, because they are too deep or too thin. If subsequently mined, the stored CO2 would be released.

In this context, the availability of CCS in the portfolio of
options for reducing greenhouse gas emissions could facilitate
the achievement of stabilization goals. Other technological
options, which have been examined more extensively in
previous IPCC assessments, include: (1) reducing energy
demand by increasing the efficiency of energy conversion
and/or utilization devices; (2) decarbonizing energy supplies
(either by switching to less carbon-intensive fuels (coal to
natural gas, for example), and/or by increasing the use of
renewable energy sources and/or nuclear energy (each of
which, on balance, emit little or no CO2); (3) sequestering
CO2 through the enhancement of natural sinks by biological
fixation; and (4) reducing non-CO2 greenhouse gases.

Model results presented later in this report suggest that use of
CCS in conjunction with other measures could significantly
reduce the cost of achieving stabilization and would increase
flexibility in achieving these reductions . The heavy worldwide
reliance on fossil fuels today (approximately 80% of global
energy use), the potential for CCS to reduce CO2 emissions
over the next century, and the compatibility of CCS systems
with current energy infrastructures explain the interest in this
technology.
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Major issues for this assessment
There are a number of issues that need to be addressed in
trying to understand the role that CCS could play in mitigating
climate change. Questions that arise, and that are addressed
in different sections of this Technical Summary, include the
following:
• What is the current status of CCS technology?
• What is the potential for capturing and storing CO2?
• What are the costs of implementation?
•	How long should CO2 be stored in order to achieve
significant climate change mitigation?
•	What are the health, safety and environment risks of
CCS?
• What can be said about the public perception of CCS?
•	What are the legal issues for implementing CO2 storage?
•	What are the implications for emission inventories and
accounting?
•	What is the potential for the diffusion and transfer of CCS
technology?
When analyzing CCS as an option for climate change
mitigation, it is of central importance that all resulting
emissions from the system, especially emissions of CO2, be
identified and assessed in a transparent way. The importance
of taking a “systems” view of CCS is therefore stressed, as
the selection of an appropriate system boundary is essential
for proper analysis. Given the energy requirements associated
with capture and some storage and utilization options, and the
possibility of leaking storage reservoirs, it is vital to assess
the CCS chain as a whole.
From the perspectives of both atmospheric stabilization
and long-term sustainable development, CO2 storage must
extend over time scales that are long enough to contribute
significantly to climate change mitigation. This report
expresses the duration of CO2 storage in terms of the‘fraction
retained’, defined as the fraction of the cumulative mass
of CO2 injected that is retained in a storage reservoir over
a specified period of time. Estimates of such fractions for
different time periods and storage options are presented later.
Questions arise not only about how long CO2 will remain
stored, but also what constitutes acceptable amounts of slow,
continuous leakage from storage. Different approaches to
this question are discussed in Section 8.
CCS would be an option for countries that have significant
sources of CO2 suitable for capture, that have access to storage
sites and experience with oil or gas operations, and that need to
satisfy their development aspirations in a carbon-constrained
environment. Literature assessed in the IPCC Special Report
‘Methodological and Technological Issues and Technology
4

Transfer’ indicates that there are many potential barriers
that could inhibit deployment in developing countries, even
of technologies that are mature in industrialized countries.
Addressing these barriers and creating conditions that would
facilitate diffusion of the technology to developing countries
would be a major issue for the adoption of CCS worldwide.
2.

Sources of CO2

This section describes the major current anthropogenic
sources of CO2 emissions and their relation to potential
storage sites. As noted earlier, CO2 emissions from human
activity arise from a number of different sources, mainly
from the combustion of fossil fuels used in power generation,
transportation, industrial processes, and residential and
commercial buildings. CO2 is also emitted during certain
industrial processes like cement manufacture or hydrogen
production and during the combustion of biomass. Future
emissions are also discussed in this section.
Current CO2 sources and characteristics
To assess the potential of CCS as an option for reducing global
CO2 emissions, the current global geographical relationship
between large stationary CO2 emission sources and their
proximity to potential storage sites has been examined. CO2
emissions in the residential, commerical and transportation
sectors have not been considered in this analysis because
these emission sources are individually small and often
mobile, and therefore unsuitable for capture and storage. The
discussion here also includes an analysis of potential future
sources of CO2 based on several scenarios of future global
energy use and emissions over the next century.
Globally, emissions of CO2 from fossil-fuel use in the year
2000 totalled about 23.5 GtCO2 yr-1 (6 GtC yr-1). Of this, close
to 60% was attributed to large (>0.1 MtCO2 yr-1) stationary
emission sources (see Table TS.2). However, not all of these
sources are amenable to CO2 capture. Although the sources
evaluated are distributed throughout the world, the database
reveals four particular clusters of emissions: North America
(midwest and eastern USA), Europe (northwest region),
East Asia (eastern coast of China) and South Asia (Indian
subcontinent). By contrast, large-scale biomass sources are
much smaller in number and less globally distributed.
Currently, the vast majority of large emission sources
have CO2 concentrations of less than 15% (in some cases,
substantially less). However, a small portion (less than
2%) of the fossil fuel-based industrial sources have CO2
concentrations in excess of 95%. The high-concentration
sources are potential candidates for the early implementation

With respect to CO2 storage, leakage is defined as the escape of injected fluid from storage. This is the most common meaning used in this Summary. If used
in the context of trading of carbon dioxide emission reductions, it may signify the change in anthropogenic emissions by sources or removals by sinks which
occurs outside the project boundary.
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Table TS.2. Profile by process or industrial activity of worldwide large stationary CO2 sources with emissions of more than 0.1 MtCO2 per
year.
Process

Number of sources

Emissions (MtCO2 yr-1)

4,942

10,539

638

798

Fossil fuels
Power

Cement production
Refineries

Iron and steel industry

Petrochemical industry
Oil and gas processing
Other sources

Biomass

Bioethanol and bioenergy

Total

of CCS because only dehydration and compression would
be required at the capture stage (see Section 3). An analysis
of these high-purity sources that are within 50 km of storage
formations and that have the potential to generate revenues
(via the use of CO2 for enhanced hydrocarbon production
through ECBM or EOR) indicates that such sources
currently emit approximately 360 MtCO2 per year. Some
biomass sources like bioethanol production also generate
high-concentration CO2 sources which could also be used in
similar applications.
The distance between an emission location and a storage
site can have a significant bearing on whether or not CCS
can play a significant role in reducing CO2 emissions. Figure

1,175
269
470

N/A
90

303

7,887

932
646
379
50
33
91

13,466

TS.2a depicts the major CO2 emission sources (indicated
by dots), and Figure TS.2b shows the sedimentary basins
with geological storage prospectivity (shown in different
shades of grey). In broad terms, these figures indicate that
there is potentially good correlation between major sources
and prospective sedimentary basins, with many sources
lying either directly above, or within reasonable distances
(less than 300 km) from areas with potential for geological
storage. The basins shown in Figure TS.2b have not been
identified or evaluated as suitable storage reservoirs; more
detailed geological analysis on a regional level is required to
confirm the suitability of these potential storage sites.

Figure TS.2a. Global distribution of large stationary sources of CO2 (based on a compilation of publicly available information on global
emission sources, IEA GHG 2002)
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Figure TS.2b. Prospective areas in sedimentary basins where suitable saline formations, oil or gas fields, or coal beds may be found. Locations
for storage in coal beds are only partly included. Prospectivity is a qualitative assessment of the likelihood that a suitable storage location
is present in a given area based on the available information. This figure should be taken as a guide only, because it is based on partial data,
the quality of which may vary from region to region, and which may change over time and with new information (Courtesy of Geoscience
Australia).

Future emission sources
In the IPCC Special Report on Emission Scenarios (SRES),
the future emissions of CO2 are projected on the basis of six
illustrative scenarios in which global CO2 emissions range
from 29 to 44 GtCO2 (8–12 GtC) per year in 2020, and from
23 to 84 GtCO2 (6–23 GtC) per year in 2050. It is projected
that the number of CO2 emission sources from the electric
power and industrial sectors will increase significantly
until 2050, mainly in South and East Asia. By contrast, the
number of such sources in Europe may decrease slightly. The
proportion of sources with high and low CO2 content will
be a function of the size and rate of introduction of plants
employing gasification or liquefaction of fossil fuels to
produce hydrogen, or other liquid and gaseous products. The
greater the number of these plants, the greater the number of
sources with high CO2 concentrations technically suitable for
capture.
The projected potential of CO2 capture associated with the
above emission ranges has been estimated at an annual 2.6 to
4.9 GtCO2 by 2020 (0.7–1.3 GtC) and 4.7 to 37.5 GtCO2 by
2050 (1.3–10 GtC). These numbers correspond to 9–12%,
and 21–45% of global CO2 emissions in 2020 and 2050,
respectively. The emission and capture ranges reflect the
inherent uncertainties of scenario and modelling analyses, and
the technical limitations of applying CCS. These scenarios
only take into account CO2 capture from fossil fuels, and
not from biomass sources. However, emissions from large-

scale biomass conversion facilities could also be technically
suitable for capture.
The potential development of low-carbon energy carriers
is relevant to the future number and size of large, stationary
CO2 sources with high concentrations. Scenarios also suggest
that large-scale production of low-carbon energy carriers
such as electricity or hydrogen could, within several decades,
begin displacing the fossil fuels currently used by small,
distributed sources in residential and commercial buildings
and in the transportation sector (see Section 8). These energy
carriers could be produced from fossil fuels and/or biomass
in large plants that would generate large point sources of CO2
(power plants or plants similar to current plants producing
hydrogen from natural gas). These sources would be suitable
for CO2 capture. Such applications of CCS could reduce
dispersed CO2 emissions from transport and from distributed
energy supply systems. At present, however, it is difficult to
project the likely number, size, or geographical distribution
of the sources associated with such developments.
3.

Capture of CO2

This section examines CCS capture technology. As shown
in Section 2, power plants and other large-scale industrial
processes are the primary candidates for capture and the
main focus of this section.

Technical Summary
Capture technology options and applications
The purpose of CO2 capture is to produce a concentrated
stream of CO2 at high pressure that can readily be transported
to a storage site. Although, in principle, the entire gas stream
containing low concentrations of CO2 could be transported
and injected underground, energy costs and other associated
costs generally make this approach impractical. It is
therefore necessary to produce a nearly pure CO2 stream for
transport and storage. Applications separating CO2 in large
industrial plants, including natural gas treatment plants and
ammonia production facilities, are already in operation today.
Currently, CO2 is typically removed to purify other industrial
gas streams. Removal has been used for storage purposes in
only a few cases; in most cases, the CO2 is emitted to the
atmosphere. Capture processes also have been used to obtain
commercially useful amounts of CO2 from flue gas streams
generated by the combustion of coal or natural gas. To date,
however, there have been no applications of CO2 capture at
large (e.g., 500 MW) power plants.
Depending on the process or power plant application in
question, there are three main approaches to capturing the
CO2 generated from a primary fossil fuel (coal, natural gas or
oil), biomass, or mixtures of these fuels:
Post-combustion systems separate CO2 from the flue
gases produced by the combustion of the primary fuel in air.
These systems normally use a liquid solvent to capture the
small fraction of CO2 (typically 3–15% by volume) present
in a flue gas stream in which the main constituent is nitrogen
(from air). For a modern pulverized coal (PC) power plant or
a natural gas combined cycle (NGCC) power plant, current
post-combustion capture systems would typically employ an
organic solvent such as monoethanolamine (MEA).
Pre-combustion systems process the primary fuel in a
reactor with steam and air or oxygen to produce a mixture
consisting mainly of carbon monoxide and hydrogen
(“synthesis gas”). Additional hydrogen, together with CO2,
is produced by reacting the carbon monoxide with steam in
a second reactor (a “shift reactor”). The resulting mixture
of hydrogen and CO2 can then be separated into a CO2
gas stream, and a stream of hydrogen. If the CO2 is stored,
the hydrogen is a carbon-free energy carrier that can be
combusted to generate power and/or heat. Although the initial
fuel conversion steps are more elaborate and costly than in
post-combustion systems, the high concentrations of CO2
produced by the shift reactor (typically 15 to 60% by volume
on a dry basis) and the high pressures often encountered in
these applications are more favourable for CO2 separation.
Pre-combustion would be used at power plants that employ
integrated gasification combined cycle (IGCC) technology.
Oxyfuel combustion systems use oxygen instead of air for
combustion of the primary fuel to produce a flue gas that is
mainly water vapour and CO2. This results in a flue gas with
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high CO2 concentrations (greater than 80% by volume). The
water vapour is then removed by cooling and compressing
the gas stream. Oxyfuel combustion requires the upstream
separation of oxygen from air, with a purity of 95–99%
oxygen assumed in most current designs. Further treatment of
the flue gas may be needed to remove air pollutants and noncondensed gases (such as nitrogen) from the flue gas before
the CO2 is sent to storage. As a method of CO2 capture in
boilers, oxyfuel combustion systems are in the demonstration
phase (see Table TS.1). Oxyfuel systems are also being
studied in gas turbine systems, but conceptual designs for
such applications are still in the research phase.
Figure TS.3 shows a schematic diagram of the main
capture processes and systems. All require a step involving
the separation of CO2, H2 or O2 from a bulk gas stream
(such as flue gas, synthesis gas, air or raw natural gas).
These separation steps can be accomplished by means of
physical or chemical solvents, membranes, solid sorbents,
or by cryogenic separation. The choice of a specific capture
technology is determined largely by the process conditions
under which it must operate. Current post-combustion and
pre-combustion systems for power plants could capture
85–95% of the CO2 that is produced. Higher capture
efficiencies are possible, although separation devices become
considerably larger, more energy intensive and more costly.
Capture and compression need roughly 10–40% more energy
than the equivalent plant without capture, depending on the
type of system. Due to the associated CO2 emissions, the net
amount of CO2 captured is approximately 80–90%. Oxyfuel
combustion systems are, in principle, able to capture nearly
all of the CO2 produced. However, the need for additional gas
treatment systems to remove pollutants such as sulphur and
nitrogen oxides lowers the level of CO2 captured to slightly
more than 90%.
As noted in Section 1, CO2 capture is already used in
several industrial applications (see Figure TS.4). The same
technologies as would be used for pre-combustion capture are
employed for the large-scale production of hydrogen (which is
used mainly for ammonia and fertilizer manufacture, and for
petroleum refinery operations). The separation of CO2 from
raw natural gas (which typically contains significant amounts
of CO2) is also practised on a large scale, using technologies
similar to those used for post-combustion capture. Although
commercial systems are also available for large-scale oxygen
separation, oxyfuel combustion for CO2 capture is currently
in the demonstration phase. In addition, research is being
conducted to achieve higher levels of system integration,
increased efficiency and reduced cost for all types of capture
systems.
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Figure TS.3. Overview of CO2 capture processes and systems.

Figure TS.4. (a) CO2 post-combustion capture at a plant in Malaysia. This plant employs a chemical absorption process to separate 0.2 MtCO2
per year from the flue gas stream of a gas-fired power plant for urea production (Courtesy of Mitsubishi Heavy Industries). (b) CO2 precombustion capture at a coal gasification plant in North Dakota, USA. This plant employs a physical solvent process to separate 3.3 MtCO2 per
year from a gas stream to produce synthetic natural gas. Part of the captured CO2 is used for an EOR project in Canada.

Technical Summary
CO2 capture: risks, energy and the environment
The monitoring, risk and legal implications of CO2 capture
systems do not appear to present fundamentally new
challenges, as they are all elements of regular health, safety
and environmental control practices in industry. However,
CO2 capture systems require significant amounts of energy
for their operation. This reduces net plant efficiency, so power
plants require more fuel to generate each kilowatt-hour of
electricity produced. Based on a review of the literature, the
increase in fuel consumption per kWh for plants capturing
90% CO2 using best current technology ranges from 24–40%
for new supercritical PC plants, 11–22% for NGCC plants,
and 14–25% for coal-based IGCC systems compared to
similar plants without CCS. The increased fuel requirement
results in an increase in most other environmental emissions
per kWh generated relative to new state-of-the-art plants
without CO2 capture and, in the case of coal, proportionally
larger amounts of solid wastes. In addition, there is an
increase in the consumption of chemicals such as ammonia
and limestone used by PC plants for nitrogen oxide and
sulphur dioxide emissions control. Advanced plant designs
that further reduce CCS energy requirements will also reduce
overall environmental impacts as well as cost. Compared to
many older existing plants, more efficient new or rebuilt
plants with CCS may actually yield net reductions in plantlevel environmental emissions.
Costs of CO2 capture
The estimated costs of CO2 capture at large power plants
are based on engineering design studies of technologies in
commercial use today (though often in different applications
and/or at smaller scales than those assumed in the literature),
as well as on design studies for concepts currently in
the research and development (R&D) stage. Table TS.3
summarizes the results for new supercritical PC, NGCC and
IGCC plants based on current technology with and without
CO2 capture. Capture systems for all three designs reduce
CO2 emissions per kWh by approximately 80–90%, taking
into account the energy requirements for capture. All data
for PC and IGCC plants in Table TS.3 are for bituminous
coals only. The capture costs include the cost of compressing
CO2 (typically to about 11–14 MPa) but do not include the
additional costs of CO2 transport and storage (see Sections
4–7).
The cost ranges for each of the three systems reflect
differences in the technical, economic and operating
assumptions employed in different studies. While some
differences in reported costs can be attributed to differences
in the design of CO2 capture systems, the major sources of
5
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variability are differences in the assumed design, operation
and financing of the reference plant to which the capture
technology is applied (factors such as plant size, location,
efficiency, fuel type, fuel cost, capacity factor and cost of
capital). No single set of assumptions applies to all situations
or all parts of the world, so a range of costs is given.
For the studies listed in Table TS.3, CO2 capture increases
the cost of electricity production by 35–70% (0.01 to 0.02
US$/kWh) for an NGCC plant, 40–85% (0.02 to 0.03 US$/
kWh) for a supercritical PC plant, and 20–55% (0.01 to
0.02 US$/kWh) for an IGCC plant. Overall, the electricity
production costs for fossil fuel plants with capture (excluding
CO2 transport and storage costs) ranges from 0.04–0.09 US$/
kWh, as compared to 0.03–0.06 US$/kWh for similar plants
without capture. In most studies to date, NGCC systems have
typically been found to have lower electricity production
costs than new PC and IGCC plants (with or without capture)
in the case of large base-load plants with high capacity factors
(75% or more) and natural gas prices between 2.6 and 4.4
US$ GJ-1 over the life of the plant. However, in the case of
higher gas prices and/or lower capacity factors, NGCC plants
often have higher electricity production costs than coal-based
plants, with or without capture. Recent studies also found that
IGCC plants were on average slightly more costly without
capture and slightly less costly with capture than similarlysized PC plants. However, the difference in cost between
PC and IGCC plants with or without CO2 capture can vary
significantly according to coal type and other local factors,
such as the cost of capital for each plant type. Since full-scale
NGCC, PC and IGCC systems have not yet been built with
CCS, the absolute or relative costs of these systems cannot be
stated with a high degree of confidence at this time.
The costs of retrofitting existing power plants with CO2
capture have not been extensively studied. A limited number
of reports indicate that retrofitting an amine scrubber to an
existing plant results in greater efficiency loss and higher
costs than those shown in Table TS.3. Limited studies also
indicate that a more cost-effective option is to combine
a capture system retrofit with rebuilding the boiler and
turbine to increase plant efficiency and output. For some
existing plants, studies indicate that similar benefits could be
achieved by repowering with an IGCC system that includes
CO2 capture technology. The feasibility and cost of all these
options is highly dependent on site-specific factors, including
the size, age and efficiency of the plant, and the availability
of additional space.

The cost of electricity production should not be confused with the price of electricity to customers.
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Table TS.3. Summary of CO2 capture costs for new power plants based on current technology. Because these costs do not include the costs (or

credits) for CO2 transport and storage, this table should not be used to assess or compare total plant costs for different systems with capture. The full costs of
CCS plants are reported in Section 8.

Performance and cost measures

Emission rate without capture (kgCO2/kWh)
Emission rate with capture (kgCO2/kWh)
Percentage CO2 reduction per kWh (%)

Plant efficiency with capture, LHV basis (% )
Capture energy requirement (% increase input/
kWh)

New NGCC plant
Low

Range

Rep.

High

value

0.040 - 0.066

0.052

0.344 - 0.379
83 - 88
47 - 50

New PC plant

Range

Low

High

value

0.092 - 0.145

0.112

0.367

0.736 - 0.811

86

81 - 88

48

Rep.

30 - 35

New IGCC plant
Range

Low

High

value

0.065 - 0.152

0.108

0.762

0.682 - 0.846

85

81 - 91

33

Rep.

31 - 40

0.773
86
35

11 - 22

16

24 - 40

31

14 - 25

19

515 - 724

568

1161 - 1486

1286

1169 - 1565

1326

909 - 1261

998

1894 - 2578

2096

1414 - 2270

1825

64 - 100

76

44 - 74

63

19 - 66

37

COE without capture (US$/kWh)

0.031 - 0.050

0.037

0.043 - 0.052

0.046

0.041 - 0.061

0.047

Increase in COE with capture (US$/kWh)

0.012 - 0.024

0.017

0.018 - 0.034

0.027

0.009 - 0.022

0.016

Total capital requirement without capture
(US$/kW)
Total capital requirement with capture
(US$/kW)

Percent increase in capital cost with capture
(%)
COE with capture only (US$/kWh)

Percent increase in COE with capture (%)
Cost of net CO2 captured (US$/tCO2)

Capture cost confidence level (see Table 3.6)

0.043 - 0.072
37 - 69
37 - 74

moderate

0.054
46
53

0.062 - 0.086
42 - 66
29 - 51

moderate

0.073
57

41

0.054 - 0.079
20 - 55

13 - 37

moderate

0.062
33
23

Abbreviations: Representative value is based on the average of the values in the different studies. COE=cost of electricity production; LHV=lower heating
value. See Section 3.6.1 for calculation of energy requirement for capture plants.
Notes: Ranges and representative values are based on data from Special Report Tables 3.7, 3.9 and 3.10. All PC and IGCC data are for bituminous coals only
at costs of 1.0-1.5 US$ GJ-1 (LHV); all PC plants are supercritical units. NGCC data based on natural gas prices of 2.8-4.4 US$ GJ-1 (LHV basis). Cost are
stated in constant US$2002. Power plant sizes range from approximately 400-800 MW without capture and 300-700 MW with capture. Capacity factors vary
from 65-85% for coal plants and 50-95% for gas plants (average for each=80%). Fixed charge factors vary from 11-16%. All costs include CO2 compression
but not additional CO2 transport and storage costs.

Table TS.4 illustrates the cost of CO2 capture in the
production of hydrogen. Here, the cost of CO2 capture
is mainly due to the cost of CO2 drying and compression,
since CO2 separation is already carried out as part of the
hydrogen production process. The cost of CO2 capture
adds approximately 5% to 30% to the cost of the hydrogen
produced.
CCS also can be applied to systems that use biomass
fuels or feedstock, either alone or in combination with fossil
fuels. A limited number of studies have looked at the costs of
such systems combining capture, transport and storage. The
capturing of 0.19 MtCO2 yr-1 in a 24 MWe biomass IGCC
plant is estimated to be about 80 US$/tCO2 net captured (300

US$/tC), which corresponds to an increase in electricity
production costs of about 0.08 US$/kWh. There are relatively
few studies of CO2 capture for other industrial processes
using fossil fuels and they are typically limited to capture
costs reported only as a cost per tonne of CO2 captured or
avoided. In general, the CO2 produced in different processes
varies widely in pressure and concentration (see Section 2).
As a result, the cost of capture in different processes (cement
and steel plants, refineries), ranges widely from about 25–115
US$/tCO2 net captured. The unit cost of capture is generally
lower for processes where a relatively pure CO2 stream is
produced (e.g. natural gas processing, hydrogen production
and ammonia production), as seen for the hydrogen plants

Technical Summary
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Table TS.4. Summary of CO2 capture costs for new hydrogen plants based on current technology
Performance and cost measures

New hydrogen plant
Range

Low

Emission rate without capture (kgCO2 GJ-1)
Emission rate with capture (kgCO2 GJ )

High

Representative value

78 - 174

137

72 - 96

86

7 - 28

-1

Percent CO2 reduction per GJ (%)

Plant efficiency with capture, LHV basis (%)

Capture energy requirement (% more input GJ )
-1

17

52 - 68

60

4 - 22

8

Cost of hydrogen without capture (US$ GJ-1)

6.5 - 10.0

7.8

Increase in H2 cost with capture (US$ GJ )

0.3 - 3.3

1.3

Cost of hydrogen with capture (US$ GJ-1)

-1

Percent increase in H2 cost with capture (%)
Cost of net CO2 captured (US$/tCO2)
Capture cost confidence level

7.5 - 13.3

9.1

5 - 33
2 - 56

15

moderate to high

15

Notes: Ranges and representative values are based on data from Table 3.11. All costs in this table are for capture only and do not include the costs of CO2
transport and storage. Costs are in constant US$2002. Hydrogen plant feedstocks are natural gas (4.7-5.3 US$ GJ-1) or coal (0.9-1.3 US$ GJ-1); some plants
in dataset produce electricity in addition to hydrogen. Fixed charge factors vary from 13-20%. All costs include CO2 compression but not additional CO2
transport and storage costs (see Section 8 for full CCS costs).

in Table TS.4, where costs vary from 2–56 US$/tCO2 net
captured.
New or improved methods of CO2 capture, combined
with advanced power systems and industrial process designs,
could reduce CO2 capture costs and energy requirements.
While costs for first-of-a-kind commercial plants often
exceed initial cost estimates, the cost of subsequent plants
typically declines as a result of learning-by-doing and other
factors. Although there is considerable uncertainty about
the magnitude and timing of future cost reductions, the
literature suggests that, provided R&D efforts are sustained,
improvements to commercial technologies can reduce current
CO2 capture costs by at least 20–30% over approximately the
next ten years, while new technologies under development
could achieve more substantial cost reductions. Future cost
reductions will depend on the deployment and adoption
of commercial technologies in the marketplace as well as
sustained R&D.
4.

Transport of CO2

Except when plants are located directly above a geological
storage site, captured CO2 must be transported from the point
of capture to a storage site. This section reviews the principal

methods of CO2 transport and assesses the health, safety and
environment aspects, and costs.
Methods of CO2 transport
Pipelines today operate as a mature market technology and are
the most common method for transporting CO2. Gaseous CO2
is typically compressed to a pressure above 8 MPa in order
to avoid two-phase flow regimes and increase the density of
the CO2, thereby making it easier and less costly to transport.
CO2 also can be transported as a liquid in ships, road or rail
tankers that carry CO2 in insulated tanks at a temperature
well below ambient, and at much lower pressures.
The first long-distance CO2 pipeline came into operation
in the early 1970s. In the United States, over 2,500 km of
pipeline transports more than 40 MtCO2 per year from natural
and anthropogenic sources, mainly to sites in Texas, where
the CO2 is used for EOR.These pipelines operate in the ‘dense
phase’ mode (in which there is a continuous progression from
gas to liquid, without a distinct phase change), and at ambient
temperature and high pressure. In most of these pipelines, the
flow is driven by compressors at the upstream end, although
some pipelines have intermediate (booster) compressor
stations.
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In some situations or locations, transport of CO2 by ship
may be economically more attractive, particularly when
the CO2 has to be moved over large distances or overseas.
Liquefied petroleum gases (LPG, principally propane and
butane) are transported on a large commercial scale by
marine tankers. CO2 can be transported by ship in much the
same way (typically at 0.7 MPa pressure), but this currently
takes place on a small scale because of limited demand. The
properties of liquefied CO2 are similar to those of LPG, and
the technology could be scaled up to large CO2 carriers if a
demand for such systems were to materialize.
Road and rail tankers also are technically feasible options.
These systems transport CO2 at a temperature of -20ºC and at
2 MPa pressure. However, they are uneconomical compared
to pipelines and ships, except on a very small scale, and are
unlikely to be relevant to large-scale CCS.
Environment, safety and risk aspects
Just as there are standards for natural gas admitted to
pipelines, so minimum standards for ‘pipeline quality’ CO2
should emerge as the CO2 pipeline infrastructure develops
further. Current standards, developed largely in the context
of EOR applications, are not necessarily identical to what
would be required for CCS. A low-nitrogen content is
important for EOR, but would not be so significant for CCS.
However, a CO2 pipeline through populated areas might need
a lower specified maximum H2S content. Pipeline transport
of CO2 through populated areas also requires detailed route
selection, over-pressure protection, leak detection and other
design factors. However, no major obstacles to pipeline
design for CCS are foreseen.
CO2 could leak to the atmosphere during transport,
although leakage losses from pipelines are very small. Dry
(moisture-free) CO2 is not corrosive to the carbon-manganese
steels customarily used for pipelines, even if the CO2 contains
contaminants such as oxygen, hydrogen sulphide, and sulphur
or nitrogen oxides. Moisture-laden CO2, on the other hand, is
highly corrosive, so a CO2 pipeline in this case would have
to be made from a corrosion-resistant alloy, or be internally
clad with an alloy or a continuous polymer coating. Some
pipelines are made from corrosion-resistant alloys, although
the cost of materials is several times larger than carbonmanganese steels. For ships, the total loss to the atmosphere
is between 3 and 4% per 1000 km, counting both boil-off and
the exhaust from ship engines. Boil-off could be reduced by
capture and liquefaction, and recapture would reduce the loss
to 1 to 2% per 1000 km.
Accidents can also occur. In the case of existing CO2
pipelines, which are mostly in areas of low population
density, there have been fewer than one reported incident per
year (0.0003 per km-year) and no injuries or fatalities. This
is consistent with experience with hydrocarbon pipelines,

and the impact would probably not be more severe than for
natural gas accidents. In marine transportation, hydrocarbon
gas tankers are potentially dangerous, but the recognized
hazard has led to standards for design, construction and
operation, and serious incidents are rare.
Cost of CO2 transport
Costs have been estimated for both pipeline and marine
transportation of CO2. In every case the costs depend strongly
on the distance and the quantity transported. In the case of
pipelines, the costs depend on whether the pipeline is onshore
or offshore, whether the area is heavily congested, and
whether there are mountains, large rivers, or frozen ground
on the route. All these factors could double the cost per unit
length, with even larger increases for pipelines in populated
areas. Any additional costs for recompression (booster pump
stations) that may be needed for longer pipelines would be
counted as part of transport costs. Such costs are relatively
small and not included in the estimates presented here.
Figure TS.5 shows the cost of pipeline transport for a
nominal distance of 250 km. This is typically 1–8 US$/tCO2
(4–30 US$/tC). The figure also shows how pipeline cost
depends on the CO2 mass flow rate. Steel cost accounts for a
significant fraction of the cost of a pipeline, so fluctuations
in such cost (such as the doubling in the years from 2003 to
2005) could affect overall pipeline economics.		
In ship transport, the tanker volume and the characteristics
of the loading and unloading systems are some of the key
factors determining the overall transport cost.
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Figure TS.5. Transport costs for onshore pipelines and offshore
Figuur 4.5
pipelines, in US$ per tCO2 per 250 km as a function of the CO2
mass flow rate. The graph shows high estimates (dotted lines) and
low estimates (solid lines).
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Figure TS.6. Costs, plotted as US$/tCO2 transported against
distance,
for onshore pipelines, offshore pipelines and ship transport.
Figuur 4.6
Pipeline costs are given for a mass flow of 6 MtCO2 yr-1. Ship costs
include intermediate storage facilities, harbour fees, fuel costs, and
loading and unloading activities. Costs include also additional costs
for liquefaction compared to compression.

The costs associated with CO2 compression and liquefaction
are accounted for in the capture costs presented earlier. Figure
TS.6 compares pipeline and marine transportation costs,
and shows the break-even distance. If the marine option is
available, it is typically cheaper than pipelines for distances
greater than approximately 1000 km and for amounts smaller
than a few million tonnes of CO2 per year. In ocean storage
the most suitable transport system depends on the injection
method: from a stationary floating vessel, a moving ship, or
a pipeline from shore.
5.
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Geological storage

This section examines three types of geological formations
that have received extensive consideration for the geological
storage of CO2: oil and gas reservoirs, deep saline formations
and unminable coal beds (Figure TS.7). In each case,
geological storage of CO2 is accomplished by injecting it in
dense form into a rock formation below the earth’s surface.
Porous rock formations that hold or (as in the case of
depleted oil and gas reservoirs) have previously held fluids,
such as natural gas, oil or brines, are potential candidates for
CO2 storage. Suitable storage formations can occur in both
onshore and offshore sedimentary basins (natural large-scale
depressions in the earth’s crust that are filled with sediments).
Coal beds also may be used for storage of CO2 (see Figure
TS.7) where it is unlikely that the coal will later be mined and
provided that permeability is sufficient. The option of storing
CO2 in coal beds and enhancing methane production is still
in the demonstration phase (see Table TS.1).

Geological storage of CO2 is ongoing in three industrialscale projects (projects in the order of 1 MtCO2 yr-1 or more):
the Sleipner project in the North Sea, the Weyburn project
in Canada and the In Salah project in Algeria. About 3–4
MtCO2 that would otherwise be released to the atmosphere
is captured and stored annually in geological formations.
Additional projects are listed in Table TS.5.
In addition to the CCS projects currently in place, 30
MtCO2 is injected annually for EOR, mostly in Texas, USA,
where EOR commenced in the early 1970s. Most of this CO2
is obtained from natural CO2 reservoirs found in western
regions of the US, with some coming from anthropogenic
sources such as natural gas processing. Much of the CO2
injected for EOR is produced with the oil, from which it is
separated and then reinjected. At the end of the oil recovery,
the CO2 can be retained for the purpose of climate change
mitigation, rather than vented to the atmosphere. This is
planned for the Weyburn project.
Storage technology and mechanisms
The injection of CO2 in deep geological formations involves
many of the same technologies that have been developed
in the oil and gas exploration and production industry.
Well-drilling technology, injection technology, computer
simulation of storage reservoir dynamics and monitoring
methods from existing applications are being developed
further for design and operation of geological storage.
Other underground injection practices also provide relevant
operational experience. In particular, natural gas storage,
the deep injection of liquid wastes, and acid gas disposal
(mixtures of CO2 and H2S) have been conducted in Canada
and the U.S. since 1990, also at the megatonne scale.
CO2 storage in hydrocarbon reservoirs or deep saline
formations is generally expected to take place at depths below
800 m, where the ambient pressures and temperatures will
usually result in CO2 being in a liquid or supercritical state.
Under these conditions, the density of CO2 will range from
50 to 80% of the density of water. This is close to the density
of some crude oils, resulting in buoyant forces that tend to
drive CO2 upwards. Consequently, a well-sealed cap rock over
the selected storage reservoir is important to ensure that CO2
remains trapped underground. When injected underground, the
CO2 compresses and fills the pore space by partially displacing
the fluids that are already present (the ‘in situ fluids’). In
oil and gas reservoirs, the displacement of in situ fluids by
injected CO2 can result in most of the pore volume being
available for CO2 storage. In saline formations, estimates of
potential storage volume are lower, ranging from as low as a
few percent to over 30% of the total rock volume.
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Figure TS.7. Methods for storing CO2 in deep underground geological formations. Two methods may be combined with the recovery
of hydrocarbons: EOR (2) and ECBM (4). See text for explanation of these methods (Courtesy CO2CRC).

Once injected into the storage formation, the fraction
retained depends on a combination of physical and
geochemical trapping mechanisms. Physical trapping to
block upward migration of CO2 is provided by a layer
of shale and clay rock above the storage formation. This
impermeable layer is known as the “cap rock”. Additional
physical trapping can be provided by capillary forces that
retain CO2 in the pore spaces of the formation. In many cases,
however, one or more sides of the formation remain open,
allowing for lateral migration of CO2 beneath the cap rock.
In these cases, additional mechanisms are important for the
long-term entrapment of the injected CO2.
The mechanism known as geochemical trapping occurs
as the CO2 reacts with the in situ fluids and host rock. First,
CO2 dissolves in the in situ water. Once this occurs (over time
scales of hundreds of years to thousands of years), the CO2laden water becomes more dense and therefore sinks down
into the formation (rather than rising toward the surface).

Next, chemical reactions between the dissolved CO2 and
rock minerals form ionic species, so that a fraction of the
injected CO2 will be converted to solid carbonate minerals
over millions of years.
Yet another type of trapping occurs when CO2 is
preferentially adsorbed onto coal or organic-rich shales
replacing gases such as methane. In these cases, CO2 will
remain trapped as long as pressures and temperatures
remain stable. These processes would normally take place at
shallower depths than CO2 storage in hydrocarbon reservoirs
and saline formations.
Geographical distribution and capacity of storage sites
As shown earlier in Section 2 (Figure TS.2b), regions with
sedimentary basins that are potentially suitable for CO2
storage exist around the globe, both onshore and offshore.
This report focuses on oil and gas reservoirs, deep saline
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Table TS.5. Sites where CO2 storage has been done, is currently in progress or is planned, varying from small pilots to large-scale
commercial applications.
Project name

Country

Injection start
(year)

Approximate average
daily injection rate
(tCO2 day-1)

Total (planned)
storage
(tCO2)

Weyburn
In Salah
Sleipner
K12B

Canada
Algeria
Norway
Netherlands

2000
2004
1996
2004

20,000,000
17,000,000
20,000,000
8,000,000

U.S.A
Canada
China
Japan
Poland
Australia
Norway

2004
1998
2003
2004
2003
~2009
2006

3,000-5,000
3,000-4,000
3,000
100
(1,000 planned for 2006+)
177
50
30
10
1
10,000
2,000

Frio
Fenn Big Valley
Qinshui Basin
Yubari
Recopol
Gorgon (planned)
Snøhvit (planned)

formations and unminable coal beds. Other possible
geological formations or structures (such as basalts, oil or gas
shales, salt caverns and abandoned mines) represent niche
opportunities, or have been insufficiently studied at this time
to assess their potential.
The estimates of the technical potential for different
geological storage options are summarized in Table TS.6. The
estimates and levels of confidence are based on an assessment
of the literature, both of regional bottom-up, and global
top-down estimates. No probabilistic approach to assessing
capacity estimates exists in the literature, and this would be
required to quantify levels of uncertainty reliably. Overall
estimates, particularly of the upper limit of the potential, vary
widely and involve a high degree of uncertainty, reflecting
conflicting methodologies in the literature and the fact
that our knowledge of saline formations is quite limited in
most parts of the world. For oil and gas reservoirs, better
estimates are available which are based on the replacement of
hydrocarbon volumes with CO2 volumes. It should be noted
that, with the exception of EOR, these reservoirs will not be
available for CO2 storage until the hydrocarbons are depleted,
and that pressure changes and geomechanical effects due to
hydrocarbon production in the reservoir may reduce actual
capacity.
Another way of looking at storage potential, however, is
to ask whether it is likely to be adequate for the amounts of
CO2 that would need to be avoided using CCS under different

1600
200
150
200
10
unknown
unknown

Storage reservoir
type
EOR
Gas field
Saline formation
Enhanced gas
recovery
Saline formation
ECBM
ECBM
ECBM
ECBM
Saline formation
Saline formation

greenhouse gas stabilization scenarios and assumptions about
the deployment of other mitigation options. As discussed
later in Section 8, the estimated range of economic potential
for CCS over the next century is roughly 200 to 2,000 GtCO2.
The lower limits in Table TS.6 suggest that, worldwide, it
is virtually certain that there is 200 GtCO2 of geological
storage capacity, and likely that there is at least about 2,000
GtCO2.
Site selection criteria and methods
Site characterization, selection and performance prediction
are crucial for successful geological storage. Before selecting
a site, the geological setting must be characterized to
determine if the overlying cap rock will provide an effective
seal, if there is a sufficiently voluminous and permeable
storage formation, and whether any abandoned or active
wells will compromise the integrity of the seal.
Techniques developed for the exploration of oil and
gas reservoirs, natural gas storage sites and liquid waste
disposal sites are suitable for characterizing geological
storage sites for CO2. Examples include seismic imaging,
pumping tests for evaluating storage formations and seals,
and cement integrity logs. Computer programmes that
model underground CO2 movement are used to support site
characterization and selection activities. These programmes
were initially developed for applications such as oil and

Technical potential is the amount by which it is possible to reduce greenhouse gas emissions by implementing a technology or practice that already has been
demonstrated.
7
Economic potential is the amount of greenhouse gas emissions reductions from a specific option that could be achieved cost-effectively, given prevailing
circumstances (the price of CO2 reductions and costs of other options).
8
“Virtually certain” is a probability of 99% or more.
9
“Likely” is a probability of 66 to 90%.
6
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Table TS.6. Storage capacity for several geological storage options. The storage capacity includes storage options that are not economical.
Reservoir type

Lower estimate of storage capacity
(GtCO2)

Upper estimate of storage capacity
(GtCO2)

675a

900a

1,000

Uncertain, but possibly 104

Oil and gas fields

Unminable coal seams (ECBM)
Deep saline formations
a

200

These numbers would increase by 25% if ‘undiscovered’ oil and gas fields were included in this assessment.

gas reservoir engineering and groundwater resources
investigations. Although they include many of the physical,
chemical and geomechanical processes needed to predict
both short-term and long-term performance of CO2 storage,
more experience is needed to establish confidence in their
effectiveness in predicting long-term performance when
adapted for CO2 storage. Moreover, the availability of good
site characterization data is critical for the reliability of
models.
Risk assessment and environmental impact
The risks due to leakage from storage of CO2 in geological
reservoirs fall into two broad categories: global risks and
local risks. Global risks involve the release of CO2 that
may contribute significantly to climate change if some
fraction leaks from the storage formation to the atmosphere.
In addition, if CO2 leaks out of a storage formation, local
hazards may exist for humans, ecosystems and groundwater.
These are the local risks.
With regard to global risks, based on observations
and analysis of current CO2 storage sites, natural systems,
engineering systems and models, the fraction retained in
appropriately selected and managed reservoirs is very likely10
to exceed 99% over 100 years, and is likely to exceed 99%
over 1000 years. Similar fractions retained are likely for even
longer periods of time, as the risk of leakage is expected to
decrease over time as other mechanisms provide additional
trapping. The question of whether these fractions retained
would be sufficient to make impermanent storage valuable
for climate change mitigation is discussed in Section 8.
With regard to local risks, there are two types of scenarios
in which leakage may occur. In the first case, injection well
failures or leakage up abandoned wells could create a sudden
and rapid release of CO2. This type of release is likely to
be detected quickly and stopped using techniques that are
available today for containing well blow-outs. Hazards
associated with this type of release primarily affect workers in
the vicinity of the release at the time it occurs, or those called
in to control the blow-out. A concentration of CO2 greater
10

3-15

“Very likely” is a probability of 90 to 99%.

than 7–10% in air would cause immediate dangers to human
life and health. Containing these kinds of releases may take
hours to days and the overall amount of CO2 released is likely
to be very small compared to the total amount injected. These
types of hazards are managed effectively on a regular basis in
the oil and gas industry using engineering and administrative
controls.
In the second scenario, leakage could occur through
undetected faults, fractures or through leaking wells where
the release to the surface is more gradual and diffuse. In this
case, hazards primarily affect drinking-water aquifers and
ecosystems where CO2 accumulates in the zone between the
surface and the top of the water table. Groundwater can be
affected both by CO2 leaking directly into an aquifer and by
brines that enter the aquifer as a result of being displaced
by CO2 during the injection process. There may also be
acidification of soils and displacement of oxygen in soils
in this scenario. Additionally, if leakage to the atmosphere
were to occur in low-lying areas with little wind, or in sumps
and basements overlying these diffuse leaks, humans and
animals would be harmed if a leak were to go undetected.
Humans would be less affected by leakage from offshore
storage locations than from onshore storage locations.
Leakage routes can be identified by several techniques and
by characterization of the reservoir. Figure TS.8 shows some
of the potential leakage paths for a saline formation. When
the potential leakage routes are known, the monitoring and
remediation strategy can be adapted to address the potential
leakage.
Careful storage system design and siting, together with
methods for early detection of leakage (preferably long before
CO2 reaches the land surface), are effective ways of reducing
hazards associated with diffuse leakage. The available
monitoring methods are promising, but more experience is
needed to establish detection levels and resolution. Once
leakages are detected, some remediation techniques are
available to stop or control them. Depending on the type
of leakage, these techniques could involve standard well
repair techniques, or the extraction of CO2 by intercepting its
leak into a shallow groundwater aquifer (see Figure TS.8).
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Figure TS.8. Potential leakage routes and remediation techniques for CO2 injected into saline formations. The remediation technique would
depend on the potential leakage routes identified in a reservoir (Courtesy CO2CRC).

Techniques to remove CO2 from soils and groundwater are
also available, but they are likely to be costly. Experience
will be needed to demonstrate the effectiveness, and ascertain
the costs, of these techniques for use in CO2 storage.
Monitoring and verification
Monitoring is a very important part of the overall risk
management strategy for geological storage projects. Standard
procedures or protocols have not been developed yet but they
are expected to evolve as technology improves, depending on
local risks and regulations. However, it is expected that some
parameters such as injection rate and injection well pressure
will be measured routinely. Repeated seismic surveys have
been shown to be useful for tracking the underground
migration of CO2. Newer techniques such as gravity and
electrical measurements may also be useful. The sampling
of groundwater and the soil between the surface and water
table may be useful for directly detecting CO2 leakage. CO2
sensors with alarms can be located at the injection wells for
ensuring worker safety and to detect leakage. Surface-based
techniques may also be used for detecting and quantifying
surface releases. High-quality baseline data improve the

reliability and resolution of all measurements and will be
essential for detecting small rates of leakage.
Since all of these monitoring techniques have been
adapted from other applications, they need to be tested and
assessed with regard to reliability, resolution and sensitivity
in the context of geological storage. All of the existing
industrial-scale projects and pilot projects have programmes
to develop and test these and other monitoring techniques.
Methods also may be necessary or desirable to monitor the
amount of CO2 stored underground in the context of emission
reporting and monitoring requirements in the UNFCCC (see
Section 9). Given the long-term nature of CO2 storage, site
monitoring may be required for very long periods.
Legal issues
At present, few countries have specifically developed
legal and regulatory frameworks for onshore CO2 storage.
Relevant legislation include petroleum-related legislation,
drinking-water legislation and mining regulations. In
many cases, there are laws applying to some, if not most,
of the issues related to CO2 storage. Specifically, long-term
liability issues, such as global issues associated with the
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leakage of CO2 to the atmosphere, as well as local concerns
about environmental impact, have not yet been addressed.
Monitoring and verification regimes and risks of leakage
may play an important role in determining liability, and viceversa. There are also considerations such as the longevity
of institutions, ongoing monitoring and transferability
of institutional knowledge. The long-term perspective is
essential to a legal framework for CCS as storage times
extend over many generations as does the climate change
problem. In some countries, notably the US, the property
rights of all those affected must be considered in legal terms
as pore space is owned by surface property owners.
According to the general principles of customary
international law, States can exercise their sovereignty in
their territories and could therefore engage in activities
such as the storage of CO2 (both geological and ocean) in
those areas under their jurisdiction. However, if storage has
a transboundary impact, States have the responsibility to
ensure that activities within their jurisdiction or control do
not cause damage to the environment of other States or of
areas beyond the limits of national jurisdiction.
Currently, there are several treaties (notably the UN
Convention on the Law of the Sea, and the London11 and
OSPAR12 Conventions) that could apply to the offshore
injection of CO2 into marine environments (both into the
ocean and the geological sub-seabed). All these treaties have
been drafted without specific consideration of CO2 storage.
An assessment undertaken by the Jurists and Linguists Group
to the OSPAR Convention (relating to the northeast Atlantic
region), for example, found that, depending on the method and
purpose of injection, CO2 injection into the geological subseabed and the ocean could be compatible with the treaty in
some cases, such as when the CO2 is transported via a pipeline
from land. A similar assessment is now being conducted by
Parties to the London Convention. Furthermore, papers by
legal commentators have concluded that CO2 captured from
an oil or natural gas extraction operation and stored offshore
in a geological formation (like the Sleipner operation) would
not be considered ‘dumping’ under, and would not therefore
be prohibited by, the London Convention.
Public perception
Assessing public perception of CCS is challenging because
of the relatively technical and “remote” nature of this issue
at the present time. Results of the very few studies conducted
to date about the public perception of CCS indicate that
the public is generally not well informed about CCS. If

information is given alongside information about other
climate change mitigation options, the handful of studies
carried out so far indicate that CCS is generally regarded as
less favourable than other options, such as improvements in
energy efficiency and the use of non-fossil energy sources.
Acceptance of CCS, where it occurs, is characterized as
“reluctant” rather than “enthusiastic”. In some cases, this
reflects the perception that CCS might be required because
of a failure to reduce CO2 emissions in other ways. There
are indications that geological storage could be viewed
favourably if it is adopted in conjunction with more desirable
measures. Although public perception is likely to change in
the future, the limited research to date indicates that at least
two conditions may have to be met before CO2 capture and
storage is considered by the public as a credible technology,
alongside other better known options: (1) anthropogenic
global climate change has to be regarded as a relatively
serious problem; (2) there must be acceptance of the need
for large reductions in CO2 emissions to reduce the threat of
global climate change.
Cost of geological storage
The technologies and equipment used for geological storage
are widely used in the oil and gas industries so cost estimates
for this option have a relatively high degree of confidence
for storage capacity in the lower range of technical potential.
However, there is a significant range and variability of costs
due to site-specific factors such as onshore versus offshore,
reservoir depth and geological characteristics of the storage
formation (e.g., permeability and formation thickness).
Representative estimates of the cost for storage in saline
formations and depleted oil and gas fields are typically
between 0.5–8 US$/tCO2 injected. Monitoring costs of
0.1–0.3 US$/tCO2 are additional. The lowest storage costs
are for onshore, shallow, high permeability reservoirs, and/or
storage sites where wells and infrastructure from existing oil
and gas fields may be re-used.
When storage is combined with EOR, ECBM or (potentially)
Enhanced Gas Recovery (EGR), the economic value of CO2
can reduce the total cost of CCS. Based on data and oil prices
prior to 2003, enhanced oil production for onshore EOR with
CO2 storage could yield net benefits of 10–16 US$/tCO2 (37–
59 US$/tC) (including the costs of geological storage). For
EGR and ECBM, which are still under development, there is
no reliable cost information based on actual experience. In all
cases, however, the economic benefit of enhanced production

Convention on the Prevention of Marine Pollution by Dumping of Wastes and Other Matter (1972), and its London Protocol (1996), which has not yet entered
into force.
12
Convention for the Protection of the Marine Environment of the North-East Atlantic, which was adopted in Paris (1992). OSPAR is an abbreviation of
Oslo-Paris.
11
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depends strongly on oil and gas prices. In this regard, the
literature basis for this report does not take into account the
rise in world oil and gas prices since 2003 and assumes oil
prices of 15–20 US$ per barrel. Should higher prices be
sustained over the life of a CCS project, the economic value
of CO2 could be higher than that reported here.
6.

Ocean storage

A potential CO2 storage option is to inject captured CO2
directly into the deep ocean (at depths greater than 1,000
m), where most of it would be isolated from the atmosphere
for centuries. This can be achieved by transporting CO2 via
pipelines or ships to an ocean storage site, where it is injected
into the water column of the ocean or at the sea floor. The
dissolved and dispersed CO2 would subsequently become
part of the global carbon cycle. Figure TS.9 shows some of
the main methods that could be employed. Ocean storage has
not yet been deployed or demonstrated at a pilot scale, and is
still in the research phase. However, there have been smallscale field experiments and 25 years of theoretical, laboratory
and modelling studies of intentional ocean storage of CO2.

Storage mechanisms and technology
Oceans cover over 70% of the earth’s surface and their
average depth is 3,800 m. Because carbon dioxide is soluble
in water, there are natural exchanges of CO2 between the
atmosphere and waters at the ocean surface that occur until
equilibrium is reached. If the atmospheric concentration of
CO2 increases, the ocean gradually takes up additional CO2.
In this way, the oceans have taken up about 500 GtCO2 (140
GtC) of the total 1,300 GtCO2 (350 GtC) of anthropogenic
emissions released to the atmosphere over the past 200 years.
As a result of the increased atmospheric CO2 concentrations
from human activities relative to pre-industrial levels, the
oceans are currently taking up CO2 at a rate of about 7 GtCO2
yr-1 (2 GtC yr-1).
Most of this carbon dioxide now resides in the upper
ocean and thus far has resulted in a decrease in pH of about
0.1 at the ocean surface because of the acidic nature of CO2 in
water. To date, however, there has been virtually no change
in pH in the deep ocean. Models predict that over the next
several centuries the oceans will eventually take up most of
the CO2 released to the atmosphere as CO2 is dissolved at
the ocean surface and subsequently mixed with deep ocean
waters.

CO2 /CaCO3
reactor
Flue gas
Dispersal of CO2 by ship

Dispersal of
CO2 /CaCO3
mixture

Captured and
compressed CO2

Refilling ship
Rising CO2 plume
m

Sinking CO2 plume
CO2 lake

Figure TS.9. Methods of ocean storage.
Figuur TS.9
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There is no practical physical limit to the amount of
anthropogenic CO2 that could be stored in the ocean.
However, on a millennial time scale, the amount stored
will depend on oceanic equilibration with the atmosphere.
Stabilizing atmospheric CO2 concentrations between 350
ppmv and 1000 ppmv would imply that between 2,000 and
12,000 GtCO2 would eventually reside in the ocean if there is
no intentional CO2 injection. This range therefore represents
the upper limit for the capacity of the ocean to store CO2
through active injection. The capacity would also be affected
by environmental factors, such as a maximum allowable pH
change.
Analysis of ocean observations and models both indicate
that injected CO2 will be isolated from the atmosphere for
at least several hundreds of years, and that the fraction
retained tends to be higher with deeper injection (see Table
TS.7). Ideas for increasing the fraction retained include
forming solid CO2 hydrates and/or liquid CO2 lakes on the
sea floor, and dissolving alkaline minerals such as limestone
to neutralize the acidic CO2. Dissolving mineral carbonates,
if practical, could extend the storage time scale to roughly
10,000 years, while minimizing changes in ocean pH and
CO2 partial pressure. However, large amounts of limestone
and energy for materials handling would be required for
this approach (roughly the same order of magnitude as the
amounts per tonne of CO2 injected that are needed for mineral
carbonation; see Section 7).
Ecological and environmental impacts and risks
The injection of a few GtCO2 would produce a measurable
change in ocean chemistry in the region of injection, whereas
the injection of hundreds of GtCO2 would produce larger
changes in the region of injection and eventually produce
measurable changes over the entire ocean volume. Model
simulations that assume a release from seven locations
at 3,000 m depth and ocean storage providing 10% of the
mitigation effort for stabilization at 550 ppmv CO2 projected
acidity changes (pH changes) of more than 0.4 over
approximately 1% of the ocean volume. By comparison, in

a 550 ppmv stabilization case without ocean storage, a pH
change of more than 0.25 at the ocean surface was estimated
due to equilibration with the elevated CO2 concentrations in
the atmosphere. In either case, a pH change of 0.2 to 0.4 is
significantly greater than pre-industrial variations in ocean
acidity. Over centuries, ocean mixing will result in the
loss of isolation of injected CO2. As more CO2 reaches the
ocean surface waters, releases into the atmosphere would
occur gradually from large regions of the ocean. There are
no known mechanisms for sudden or catastrophic release of
injected CO2 from the ocean into the atmosphere.
Experiments show that adding CO2 can harm marine
organisms. Effects of elevated CO2 levels have mostly
been studied on time scales up to several months in
individual organisms that live near the ocean surface.
Observed phenomena include reduced rates of calcification,
reproduction, growth, circulatory oxygen supply and mobility,
as well as increased mortality over time. In some organisms
these effects are seen in response to small additions of CO2.
Immediate mortality is expected close to injection points or
CO2 lakes. The chronic effects of direct CO2 injection into
the ocean on ocean organisms or ecosystems over large ocean
areas and long time scales have not yet been studied.
No controlled ecosystem experiments have been
performed in the deep ocean, so only a preliminary
assessment of potential ecosystem effects can be given. It
is expected that ecosystem consequences will increase with
increasing CO2 concentrations and decreasing pH, but the
nature of such consequences is currently not understood,
and no environmental criteria have as yet been identified to
avoid adverse effects. At present, it is also unclear how or
whether species and ecosystems would adapt to the sustained
chemical changes.
Costs of ocean storage
Although there is no experience with ocean storage, some
attempts have been made to estimate the costs of CO2 storage
projects that release CO2 on the sea floor or in the deep ocean.
The costs of CO2 capture and transport to the shoreline (e.g

Table TS.7. Fraction of CO2 retained for ocean storage as simulated by seven ocean models for 100 years of continuous injection at three
different depths starting in the year 2000.

Year

800 m

Injection depth
1500 m

3000 m

2100

0.78 ± 0.06

0.91 ± 0.05

0.99 ± 0.01

2300

0.36 ± 0.06

0.60 ± 0.08

0.87 ± 0.10

2200
2400
2500

0.50 ± 0.06
0.28 ± 0.07
0.23 ± 0.07

0.74 ± 0.07
0.49 ± 0.09
0.42 ± 0.09

0.94 ± 0.06
0.79 ± 0.12
0.71 ± 0.14
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Table TS.8. Costs for ocean storage at depths deeper than 3,000 m.
Ocean storage method
Fixed pipeline

100 km offshore

500 km offshore

12-14

13-16

Moving ship/platform

a

a

Costs (US$/tCO2 net injected)

6

31

The costs for the moving ship option are for injection depths of 2,000-2,500 m.

via pipelines) are not included in the cost of ocean storage.
However, the costs of offshore pipelines or ships, plus any
additional energy costs, are included in the ocean storage
cost. The costs of ocean storage are summarized in Table
TS.8. These numbers indicate that, for short distances, the
fixed pipeline option would be cheaper. For larger distances,
either the moving ship or the transport by ship to a platform
with subsequent injection would be more attractive.
Legal aspects and public perception
The global and regional treaties on the law of the sea and
marine environment, such as the OSPAR and the London
Convention discussed earlier in Section 5 for geological
storage sites, also affect ocean storage, as they concern the
‘maritime area’. Both Conventions distinguish between the
storage method employed and the purpose of storage to
determine the legal status of ocean storage of CO2. As yet,
however, no decision has been made about the legal status of
intentional ocean storage.
The very small number of public perception studies that
have looked at the ocean storage of CO2 indicate that there
is very little public awareness or knowledge of this subject.
In the few studies conducted thus far, however, the public
has expressed greater reservations about ocean storage
than geological storage. These studies also indicate that the
perception of ocean storage changed when more information
was provided; in one study this led to increased acceptance of
ocean storage, while in another study it led to less acceptance.
The literature also notes that ‘significant opposition’
developed around a proposed CO2 release experiment in the
Pacific Ocean.
7.

Mineral carbonation and industrial uses

This section deals with two rather different options for CO2
storage. The first is mineral carbonation, which involves
converting CO2 to solid inorganic carbonates using chemical
reactions. The second option is the industrial use of CO2,
either directly or as feedstock for production of various
carbon-containing chemicals.

Mineral carbonation: technology, impacts and costs
Mineral carbonation refers to the fixation of CO2 using
alkaline and alkaline-earth oxides, such as magnesium
oxide (MgO) and calcium oxide (CaO), which are present
in naturally occurring silicate rocks such as serpentine and
olivine. Chemical reactions between these materials and CO2
produces compounds such as magnesium carbonate (MgCO3)
and calcium carbonate (CaCO3, commonly known as
limestone). The quantity of metal oxides in the silicate rocks
that can be found in the earth’s crust exceeds the amounts
needed to fix all the CO2 that would be produced by the
combustion of all available fossil fuel reserves. These oxides
are also present in small quantities in some industrial wastes,
such as stainless steel slags and ashes. Mineral carbonation
produces silica and carbonates that are stable over long
time scales and can therefore be disposed of in areas such
as silicate mines, or re-used for construction purposes (see
Figure TS.10), although such re-use is likely to be small
relative to the amounts produced. After carbonation, CO2
would not be released to the atmosphere. As a consequence,
there would be little need to monitor the disposal sites and
the associated risks would be very low. The storage potential
is difficult to estimate at this early phase of development.
It would be limited by the fraction of silicate reserves that
can be technically exploited, by environmental issues such
as the volume of product disposal, and by legal and societal
constraints at the storage location.
The process of mineral carbonation occurs naturally, where
it is known as ‘weathering’. In nature, the process occurs very
slowly; it must therefore be accelerated considerably to be a
viable storage method for CO2 captured from anthropogenic
sources. Research in the field of mineral carbonation therefore
focuses on finding process routes that can achieve reaction
rates viable for industrial purposes and make the reaction
more energy-efficient. Mineral carbonation technology using
natural silicates is in the research phase but some processes
using industrial wastes are in the demonstration phase.
A commercial process would require mining, crushing
and milling of the mineral-bearing ores and their transport to
a processing plant receiving a concentrated CO2 stream from
a capture plant (see Figure TS.10). The carbonation process
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Figure TS.10. Material fluxes and process steps associated with the mineral carbonation of silicate rocks or industrial residues
(Courtesy ECN).

energy required would be 30 to 50% of the capture plant
output. Considering the additional energy requirements for
the capture of CO2, a CCS system with mineral carbonation
would require 60 to 180% more energy input per kilowatthour than a reference electricity plant without capture
or mineral carbonation. These energy requirements raise
the cost per tonne of CO2 avoided for the overall system
significantly (see Section 8). The best case studied so far is
the wet carbonation of natural silicate olivine. The estimated
cost of this process is approximately 50–100 US$/tCO2 net
mineralized (in addition to CO2 capture and transport costs,
but taking into account the additional energy requirements).
The mineral carbonation process would require 1.6 to 3.7
tonnes of silicates per tonne of CO2to be mined, and produce
2.6 to 4.7 tonnes of materials to be disposed per tonne of
CO2 stored as carbonates. This would therefore be a large
operation, with an environmental impact similar to that of
current large-scale surface mining operations. Serpentine
also often contains chrysotile, a natural form of asbestos.
Its presence therefore demands monitoring and mitigation
measures of the kind available in the mining industry. On the
other hand, the products of mineral carbonation are chrysotile-

free, since this is the most reactive component of the rock and
therefore the first substance converted to carbonates.
A number of issues still need to be clarified before any
estimates of the storage potential of mineral carbonation can
be given. The issues include assessments of the technical
feasibility and corresponding energy requirements at large
scales, but also the fraction of silicate reserves that can be
technically and economically exploited for CO2 storage. The
environmental impact of mining, waste disposal and product
storage could also limit potential. The extent to which
mineral carbonation may be used cannot be determined at
this time, since it depends on the unknown amount of silicate
reserves that can be technically exploited, and environmental
issuessuch as those noted above.
Industrial uses
Industrial uses of CO2 include chemical and biological
processes where CO2 is a reactant, such as those used in urea
and methanol production, as well as various technological
applications that use CO2 directly, for example in the
horticulture industry, refrigeration, food packaging, welding,
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beverages and fire extinguishers. Currently, CO2 is used at
a rate of approximately 120 MtCO2 per year (30 MtC yr-1)
worldwide, excluding use for EOR (discussed in Section 5).
Most (two thirds of the total) is used to produce urea, which
is used in the manufacture of fertilizers and other products.
Some of the CO2 is extracted from natural wells, and some
originates from industrial sources – mainly high-concentration
sources such as ammonia and hydrogen production plants
– that capture CO2 as part of the production process.
Industrial uses of CO2 can, in principle, contribute
to keeping CO2 out of the atmosphere by storing it in the
“carbon chemical pool” (i.e., the stock of carbon-bearing
manufactured products). However, as a measure for mitigating
climate change, this option is meaningful only if the quantity
and duration of CO2 stored are significant, and if there is a
real net reduction of CO2 emissions. The typical lifetime of
most of the CO2 currently used by industrial processes has
storage times of only days to months. The stored carbon is
then degraded to CO2 and again emitted to the atmosphere.
Such short time scales do not contribute meaningfully to
climate change mitigation. In addition, the total industrial use
figure of 120 MtCO2 yr-1 is small compared to emissions from
major anthropogenic sources (see Table TS.2). While some
industrial processes store a small proportion of CO2 (totalling
roughly 20 MtCO2 yr-1) for up to several decades, the total
amount of long-term (century-scale) storage is presently in
the order of 1 MtCO2 yr-1 or less, with no prospects for major
increases.
Another important question is whether industrial uses of
CO2 can result in an overall net reduction of CO2 emissions
by substitution for other industrial processes or products.
This can be evaluated correctly only by considering proper
system boundaries for the energy and material balances of
the CO2 utilization processes, and by carrying out a detailed
life-cycle analysis of the proposed use of CO2. The literature
in this area is limited but it shows that precise figures are
difficult to estimate and that in many cases industrial uses
could lead to an increase in overall emissions rather than a
net reduction. In view of the low fraction of CO2 retained, the
small volumes used and the possibility that substitution may
lead to increases in CO2 emissions, it can be concluded that
the contribution of industrial uses of captured CO2 to climate
change mitigation is expected to be small.
8.

Costs and economic potential

The stringency of future requirements for the control of
greenhouse gas emissions and the expected costs of CCS
systems will determine, to a large extent, the future deployment
of CCS technologies relative to other greenhouse gas
mitigation options. This section first summarizes the overall
cost of CCS for the main options and process applications
considered in previous sections. As used in this summary
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and the report, “costs” refer only to market prices but do not
include external costs such as environmental damages and
broader societal costs that may be associated with the use
of CCS. To date, little has been done to assess and quantify
such external costs. Finally CCS is examined in the context
of alternative options for global greenhouse gas reductions.
Cost of CCS systems
As noted earlier, there is still relatively little experience with
the combination of CO2 capture, transport and storage in a fully
integrated CCS system. And while some CCS components
are already deployed in mature markets for certain industrial
applications, CCS has still not been used in large-scale power
plants (the application with most potential).
The literature reports a fairly wide range of costs for CCS
components (see Sections 3–7). The range is due primarily to
the variability of site-specific factors, especially the design,
operating and financing characteristics of the power plants or
industrial facilities in which CCS is used; the type and costs
of fuel used; the required distances, terrains and quantities
involved in CO2 transport; and the type and characteristics of
the CO2 storage. In addition, uncertainty still remains about the
performance and cost of current and future CCS technology
components and integrated systems. The literature reflects
a widely-held belief, however, that the cost of building and
operating CO2 capture systems will decline over time as a
result of learning-by-doing (from technology deployment)
and sustained R&D. Historical evidence also suggests that
costs for first-of-a-kind capture plants could exceed current
estimates before costs subsequently decline. In most CCS
systems, the cost of capture (including compression) is the
largest cost component. Costs of electricity and fuel vary
considerably from country to country, and these factors also
influence the economic viability of CCS options.
Table TS.9 summarizes the costs of CO2 capture,
transport and storage reported in Sections 3 to 7. Monitoring
costs are also reflected. In Table TS.10, the component costs
are combined to show the total costs of CCS and electricity
generation for three power systems with pipeline transport
and two geological storage options.
For the plants with geological storage and no EOR
credit, the cost of CCS ranges from 0.02–0.05 US$/kWh
for PC plants and 0.01–0.03 US$/kWh for NGCC plants
(both employing post-combustion capture). For IGCC plants
(using pre-combustion capture), the CCS cost ranges from
0.01–0.03 US$/kWh relative to a similar plant without CCS.
For all electricity systems, the cost of CCS can be reduced
by about 0.01–0.02 US$/kWh when using EOR with CO2
storage because the EOR revenues partly compensate for
the CCS costs. The largest cost reductions are seen for coalbased plants, which capture the largest amounts of CO2. In a
few cases, the low end of the CCS cost range can be negative,
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Table TS.9. 2002 Cost ranges for the components of a CCS system as applied to a given type of power plant or industrial source. The costs
of the separate components cannot simply be summed to calculate the costs of the whole CCS system in US$/CO2 avoided. All numbers are
representative of the costs for large-scale, new installations, with natural gas prices assumed to be 2.8-4.4 US$ GJ-1 and coal prices 1-1.5 US$
GJ-1.
CCS system components

Cost range

Remarks

Capture from hydrogen and
ammonia production or gas
processing

5-55 US$/tCO2 net captured

Applies to high-purity sources requiring simple drying and
compression.

Transportation

1-8 US$/tCO2 transported

Geological storagea

0.5-8 US$/tCO2 net injected

Ocean storage

5-30 US$/tCO2 net injected

Mineral carbonation

50-100 US$/tCO2 net mineralized

Capture from a coal- or gas-fired
power plant

15-75 US$/tCO2 net captured

Capture from other industrial sources 25-115 US$/tCO2 net captured

Geological storage: monitoring and
verification

a

0.1-0.3 US$/tCO2 injected

Range reflects use of a number of different technologies and
fuels.
Per 250 km pipeline or shipping for mass flow rates of 5
(high end) to 40 (low end) MtCO2 yr-1.
Excluding potential revenues from EOR or ECBM.

This covers pre-injection, injection, and post-injection
monitoring, and depends on the regulatory requirements.

Including offshore transportation of 100-500 km, excluding
monitoring and verification.
Range for the best case studied. Includes additional energy
use for carbonation.

Over the long term, there may be additional costs for remediation and liabilities.

indicating that the assumed credit for EOR over the life of the
plant is greater than the lowest reported cost of CO2 capture
for that system. This might also apply in a few instances of
low-cost capture from industrial processes.
In addition to fossil fuel-based energy conversion
processes, CO2 could also be captured in power plants fueled
with biomass, or fossil-fuel plants with biomass co-firing.
At present, biomass plants are small in scale (less than 100
MWe). This means that the resulting costs of production
with and without CCS are relatively high compared to fossil
alternatives. Full CCS costs for biomass could amount to 110
US$/tCO2 avoided. Applying CCS to biomass-fuelled or cofired conversion facilities would lead to lower or negative13
CO2 emissions, which could reduce the costs for this option,
depending on the market value of CO2 emission reductions.
Similarly, CO2 could be captured in biomass-fueled H2
plants. The cost is reported to be 22–25 US$/tCO2 (80–92
US$/tC) avoided in a plant producing 1 million Nm3 day-1 of
H2, and corresponds to an increase in the H2 product costs of
about 2.7 US$ GJ-1. Significantly larger biomass plants could
potentially benefit from economies of scale, bringing down
costs of the CCS systems to levels broadly similar to coal
plants. However, to date, there has been little experience with
large-scale biomass plants, so their feasibility has not been
proven yet, and costs and potential are difficult to estimate.
13

Net costs of captured CO2, compared to the same plant
without capture.

The cost of CCS has not been studied in the same depth
for non-power applications. Because these sources are very
diverse in terms of CO2 concentration and gas stream pressure,
the available cost studies show a very broad range. The lowest
costs were found for processes that already separate CO2 as
part of the production process, such as hydrogen production
(the cost of capture for hydrogen production was reported
earlier in Table TS.4). The full CCS cost, including transport
and storage, raises the cost of hydrogen production by 0.4 to
4.4 US$ GJ-1 in the case of geological storage, and by -2.0
to 2.8 US$ GJ-1 in the case of EOR, based on the same cost
assumptions as for Table TS.10.
Cost of CO2 avoided
Table TS.10 also shows the ranges of costs for ‘CO2 avoided’.
CCS energy requirements push up the amount of fuel input
(and therefore CO2 emissions) per unit of net power output.
As a result, the amount of CO2 produced per unit of product
(a kWh of electricity) is greater for the power plant with
CCS than the reference plant, as shown in Figure TS.11.
To determine the CO2 reductions one can attribute to CCS,
one needs to compare CO2 emissions per kWh of the plant
with capture to that of a reference plant without capture. The
difference is referred to as the ‘avoided emissions’.

If for example the biomass is harvested at an unsustainable rate (that is, faster than the annual re-growth), the net CO2 emissions of the activity might not be
negative.
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Table TS.10. Range of total costs for CO2 capture, transport and geological storage based on current technology for new power plants using
bituminous coal or natural gas
Power plant performance and cost parametersa

Pulverized coal
power plant

Natural gas
combined cycle
power plant

Integrated coal
gasification combined
cycle power plant

0.043-0.052

0.031-0.050

0.041-0.061

Reference plant without CCS
Cost of electricity (US$/kWh)
Power plant with capture

Increased fuel requirement (%)

24-40

CO2 captured (kg/kWh)
CO2 avoided (kg/kWh)

Power plant with capture and geological storage
Cost of CCS (US$/kWh)

% increase in cost of electricity

(US$/tCO2 avoided)
(US$/tC avoided)

81-91

0.063-0.099

0.043-0.077

0.055-0.091

43-91

37-85

21-78

0.019-0.047
30-71

0.012-0.029
38-91

0.010-0.032
14-53

51-200

Cost of electricity (US$/kWh)

0.049-0.081

0.037-0.070

0.040-0.075

% increase in cost of electricity

12-57

19-63

Mitigation cost

c

83-88

0.59-0.73

140-330

Cost of CCS (US$/kWh)

b

81-88

0.30-0.32

110-260

Power plant with capture and enhanced oil
recoveryc

a

0.67-0.94

b

Cost of electricity (US$/kWh)

Mitigation cost

14-25

0.36-0.41

0.62-0.70

% CO2 avoided

11-22

0.82-0.97

(US$/tCO2 avoided)

(US$/tC avoided)

0.005-0.029
9-44

31-160

0.006-0.022

(-0.005)-0.019

19-68

(-7)-31

71-250

(-10)-46

(-25)-120

All changes are relative to a similar (reference) plant without CCS. See Table TS.3 for details of assumptions underlying reported cost ranges.
Capture costs based on ranges from Table TS.3; transport costs range from 0-5 US$/tCO2; geological storage cost ranges from 0.6-8.3 US$/tCO2.
Same capture and transport costs as above; Net storage costs for EOR range from -10 to -16 US$/tCO2 (based on pre-2003 oil prices of 15-20 US$ per
barrel).

Introducing CCS to power plants may influence the
decision about which type of plant to install and which fuel to
use. In some situations therefore, it can be useful to calculate
a cost per tonne of CO2 avoided based on a reference plant
different from the CCS plant. Table TS.10 displays the cost
and emission factors for the three reference plants and the
corresponding CCS plants for the case of geological storage.
Table TS.11 summarizes the range of estimated costs for
different combinations of CCS plants and the lowest-cost
reference plants of potential interest. It shows, for instance,
that where a PC plant is planned initially, using CCS in that
plant may lead to a higher CO2 avoidance cost than if an
NGCC plant with CCS is selected, provided natural gas is
available. Another option with lower avoidance cost could
be to build an IGCC plant with capture instead of equipping
a PC plant with capture.

Economic potential of CCS for climate change mitigation
Assessments of the economic potential of CCS are based
on energy and economic models that study future CCS
deployment and costs in the context of scenarios that achieve
economically efficient, least-cost paths to the stabilization of
atmospheric CO2 concentrations.
While there are significant uncertainties in the quantitative
results from these models (see discussion below), all models
indicate that CCS systems are unlikely to be deployed
on a large scale in the absence of an explicit policy that
substantially limits greenhouse gas emissions to the
atmosphere. With greenhouse gas emission limits imposed,
many integrated assessments foresee the deployment of
CCS systems on a large scale within a few decades from the
start of any significant climate change mitigation regime.
Energy and economic models indicate that CCS systems
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Emitted
Captured

Reference
Plant
CO2 avoided
CO2 captured

Plant
with CCS

CO2 produced (kg/kWh)

Figure TS.11. CO2 capture and storage from power plants. The
increased CO2 production resulting from loss in overall efficiency
ofFiguur
power8.2
plants due to the additional energy required for capture,
transport and storage, and any leakage from transport result in a
larger amount of “CO2 produced per unit of product” (lower bar)
relative to the reference plant (upper bar) without capture.

are unlikely to contribute significantly to the mitigation of
climate change unless deployed in the power sector. For this

to happen, the price of carbon dioxide reductions would have
to exceed 25–30 US$/tCO2, or an equivalent limit on CO2
emissions would have to be mandated. The literature and
current industrial experience indicate that, in the absence of
measures for limiting CO2 emissions, there are only small,
niche opportunities for CCS technologies to deploy. These
early opportunities involve CO2 captured from a high-purity,
low-cost source, the transport of CO2 over distances of less
than 50 km, coupled with CO2 storage in a value-added
application such as EOR. The potential of such niche options
is about 360 MtCO2 per year (see Section 2).
Models also indicate that CCS systems will be
competitive with other large-scale mitigation options such
as nuclear power and renewable energy technologies. These
studies show that including CCS in a mitigation portfolio
could reduce the cost of stabilizing CO2 concentrations by
30% or more. One aspect of the cost competitiveness of CCS
technologies is that they are compatible with most current
energy infrastructures.
In most scenarios, emissions abatement becomes
progressively more constraining over time. Most analyses
indicate that notwithstanding significant penetration of
CCS systems by 2050, the majority of CCS deployment
will occur in the second half of this century. The earliest
CCS deployments are typically foreseen in the industrialized
nations, with deployment eventually spreading worldwide.
While results for different scenarios and models differ (often

Table TS.11. Mitigation cost ranges for different combinations of reference and CCS plants based on current technology for new power
plants. Currently, in many regions, common practice would be either a PC plant or an NGCC plant4. EOR benefits are based on oil prices of
15 - 20 US$ per barrel. Gas prices are assumed to be 2.8 -4.4 US$/GJ-1, coal prices 1-1.5 US$/GJ-1 (based on Table 8.3a).

CCS plant type
Power plant with capture and geological storage
NGCC
PC
IGCC
Power plant with capture and EOR
NGCC
PC
IGCC
14

NGCC reference plant

PC reference plant

40 - 90
(140 - 330)

20 - 60
(80 - 220)

US$/tCO2 avoided
(US$/tC avoided)

US$/tCO2 avoided
(US$/tC avoided)

70 - 270
(260 - 980)

30 - 70
(110 - 260)

20 - 70
(70 - 250)

0 - 30
(0 - 120)

40 - 220
(150 - 790)

50 - 240
(180 - 890)
20 - 190
(80 - 710)

20 - 70
(80 - 260)

10 - 40
(30 - 160)
0 - 40
(0 - 160)

IGCC is not included as a reference power plant that would be built today since this technology is not yet widely deployed in the electricity sector and is usually
slightly more costly than a PC plant.
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significantly) in the specific mix and quantities of different
measures needed to achieve a particular emissions constraint
(see Figure TS.12), the consensus of the literature shows that
CCS could be an important component of the broad portfolio
of energy technologies and emission reduction approaches.
The actual use of CCS is likely to be lower than the
estimates of economic potential indicated by these energy
and economic models. As noted earlier, the results are
typically based on an optimized least-cost analysis that does

Primary energy use (EJ yr-1)

1.400

a

not adequately account for real-world barriers to technology
development and deployment, such as environmental impact,
lack of a clear legal or regulatory framework, the perceived
investment risks of different technologies, and uncertainty
as to how quickly the cost of CCS will be reduced through
R&D and learning-by-doing. Models typically employ
simplified assumptions regarding the costs of CCS for
different applications and the rates at which future costs will
be reduced.
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Figure TS.12. These figures are an illustrative example of the global potential contribution of CCS as part of a mitigation portfolio. They are
based on two alternative integrated assessment models (MESSAGE and MiniCAM) adopting the same assumptions for the main emissions
drivers. The results would vary considerably on regional scales. This example is based on a single scenario and therefore does not convey the
full range of uncertainties. Panels a) and b) show global primary energy use, including the deployment of CCS. Panels c) and d) show the global
CO2 emissions in grey and corresponding contributions of main emissions reduction measures in colour. Panel e) shows the calculated marginal
price of CO2 reductions.
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For CO2 stabilization scenarios between 450 and 750
ppmv, published estimates of the cumulative amount of
CO2 potentially stored globally over the course of this
century (in geological formations and/or the oceans) span a
wide range, from very small contributions to thousands of
gigatonnes of CO2. To a large extent, this wide range is due to
the uncertainty of long-term socio-economic, demographic
and, in particular, technological changes, which are the main
drivers of future CO2 emissions. However, it is important to
note that the majority of results for stabilization scenarios of
450–750 ppmv CO2 tend to cluster in a range of 220–2,200
GtCO2 (60–600 GtC) for the cumulative deployment of CCS.
For CCS to achieve this economic potential, several hundreds
or thousands of CCS systems would be required worldwide
over the next century, each capturing some 1–5 MtCO2 per
year. As indicated in Section 5, it is likely that the technical
potential for geological storage alone is sufficient to cover
the high end of the economic potential range for CCS.
Perspectives on CO2 leakage from storage
The policy implications of slow leakage from storage depend
on assumptions in the analysis. Studies conducted to address
the question of how to deal with impermanent storage are based
on different approaches: the value of delaying emissions, cost
minimization of a specified mitigation scenario, or allowable
future emissions in the context of an assumed stabilization
of atmospheric greenhouse gas concentrations. Some of
these studies allow future releases to be compensated by
additional reductions in emissions; the results depend on
assumptions regarding the future cost of reductions, discount
rates, the amount of CO2 stored, and the assumed level of
stabilization for atmospheric concentrations. In other studies,
compensation is not seen as an option because of political
and institutional uncertainties and the analysis focuses on
limitations set by the assumed stabilization level and the
amount stored.
While specific results of the range of studies vary with
the methods and assumptions made, the outcomes suggest
that a fraction retained on the order of 90–99% for 100 years
or 60–95% for 500 years could still make such impermanent
storage valuable for the mitigation of climate change. All
studies imply that, if CCS is to be acceptable as a mitigation
measure, there must be an upper limit to the amount of
leakage that can take place.

15

9.

Emission inventories and accounting

An important aspect of CO2 capture and storage is the
development and application of methods to estimate and
report the quantities in which emissions of CO2 (and associated
emissions of methane or nitrous oxides) are reduced,
avoided, or removed from the atmosphere. The two elements
involved here are (1) the actual estimation and reporting of
emissions for national greenhouse gas inventories, and (2)
accounting for CCS under international agreements to limit
net emissions.15
Current framework
Under the UNFCCC, national greenhouse gas emission
inventories have traditionally reported emissions for a specific
year, and have been prepared on an annual basis or another
periodic basis. The IPCC Guidelines (IPCC 1996) and Good
Practice Guidance Reports (IPCC 2000; 2003) describe
detailed approaches for preparing national inventories
that are complete, transparent, documented, assessed for
uncertainties, consistent over time, and comparable across
countries. The IPCC documents now in use do not specifically
include CO2 capture and storage options. However, the IPCC
Guidelines are currently undergoing revisions that should
provide some guidance when the revisions are published in
2006. The framework that already has been accepted could
be applied to CCS systems, although some issues might need
revision or expansion.
Issues relevant to accounting and reporting
In the absence of prevailing international agreements, it is not
clear whether the various forms of CO2 capture and storage
will be treated as reductions in emissions or as removals from
the atmosphere. In either case, CCS results in new pools of
CO2 that may be subject to physical leakage at some time in
the future. Currently, there are no methods available within
the UNFCCC framework for monitoring, measuring or
accounting for physical leakage from storage sites. However,
leakage from well-managed geological storage sites is likely
to be small in magnitude and distant in time.
Consideration may be given to the creation of a specific
category for CCS in the emissions reporting framework
but this is not strictly necessary since the quantities of CO2
captured and stored could be reflected in the sector in which
the CO2 was produced. CO2 storage in a given location
could include CO2 from many different source categories,
and even from sources in many different countries. Fugitive

In this context, ‘‘estimation’’ is the process of calculating greenhouse gas emissions and ‘‘reporting’’ is the process of providing the estimates to the UNFCCC.
‘‘Accounting’’ refers to the rules for comparing emissions and removals as reported with commitments (IPCC 2003).
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emissions from the capture, transport and injection of CO2 to
storage can largely be estimated within the existing reporting
methods, and emissions associated with the added energy
required to operate the CCS systems can be measured and
reported within the existing inventory frameworks. Specific
consideration may also be required for CCS applied to
biomass systems as that application would result in reporting
negative emissions, for which there is currently no provision
in the reporting framework.
Issues relevant to international agreements
Quantified commitments to limit greenhouse gas emissions
and the use of emissions trading, Joint Implementation (JI)
or the Clean Development Mechanism (CDM) require clear
rules and methods to account for emissions and removals.
Because CCS has the potential to move CO2 across traditional
accounting boundaries (e.g. CO2 might be captured in one
country and stored in another, or captured in one year and
partly released from storage in a later year), the rules and
methods for accounting may be different than those used in
traditional emissions inventories.
To date, most of the scientific, technical and political
discussions on accounting for stored CO2 have focused on
sequestration in the terrestrial biosphere. The history of these
negotiations may provide some guidance for the development
of accounting methods for CCS. Recognizing the potential
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impermanence of CO2 stored in the terrestrial biosphere,
the UNFCCC accepted the idea that net emissions can be
reduced through biological sinks, but has imposed complex
rules for such accounting. CCS is markedly different in many
ways from CO2 sequestration in the terrestrial biosphere (see
Table TS.12), and the different forms of CCS are markedly
different from one another. However, the main goal of
accounting is to ensure that CCS activities produce real
and quantifiable reductions in net emissions. One tonne of
CO2 permanently stored has the same benefit in terms of
atmospheric CO2 concentrations as one tonne of CO2 not
emitted, but one tonne of CO2 temporarily stored has less
benefit. It is generally accepted that this difference should be
reflected in any system of accounting for reductions in net
greenhouse gas emissions.
The IPCC Guidelines (IPCC 1996) and Good Practice
Guidance Reports (IPCC 2000; 2003) also contain guidelines
for monitoring greenhouse gas emissions. It is not known
whether the revised guidelines of the IPCC for CCS can
be satisfied by using monitoring techniques, particularly
for geological and ocean storage. Several techniques are
available for the monitoring and verification of CO2 emissions
from geological storage, but they vary in applicability,
detection limits and uncertainties. Currently, monitoring for
geological storage can take place quantitatively at injection
and qualitatively in the reservoir and by measuring surface
fluxes of CO2. Ocean storage monitoring can take place by

Table TS.12. Differences in the forms of CCS and biological sinks that might influence the way accounting is conducted.
Property

Terrestrial biosphere

Deep ocean

Geological reservoirs

CO2 sequestered or stored

Stock changes can be monitored
over time.

Injected carbon can be
measured.

Injected carbon can be measured.

Storage will be subject to
continuing decisions about landuse priorities.

Once injected there are no
further human decisions about
maintenance once injection has
taken place.

Changes in stocks can be
monitored.

Changes in stocks will be
modelled.

Once injection has taken place,
human decisions about continued
storage involve minimal
maintenance, unless storage
interferes with resource recovery.

Release of CO2 can be detected by
physical monitoring.

Losses might occur due to
disturbance, climate change, or
land-use decisions.

Losses will assuredly occur
as an eventual consequence of
marine circulation and equilibration with the atmosphere.

Losses are unlikely except in the
case of disruption of the reservoir or
the existence of initially undetected
leakage pathways.

Ownership
Management decisions

Monitoring
Expected retention time
Physical leakage

Liability

Stocks will have a discrete
location and can be associated
with an identifiable owner.

Decades, depending on
management decisions.

A discrete land-owner can be
identified with the stock of
sequestered carbon.

Stocks will be mobile and may
reside in international waters.

Centuries, depending on depth
and location of injection.

Multiple parties may contribute
to the same stock of stored
CO2 and the CO2 may reside in
international waters.

Stocks may reside in reservoirs that
cross national or property boundaries
and differ from surface boundaries.

Essentially permanent, barring
physical disruption of the reservoir.

Multiple parties may contribute to
the same stock of stored CO2 that
may lie under multiple countries.
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detecting the CO2 plume, but not by measuring ocean surface
release to the atmosphere. Experiences from monitoring
existing CCS projects are still too limited to serve as a
basis for conclusions about the physical leakage rates and
associated uncertainties.
The Kyoto Protocol creates different units of accounting
for greenhouse gas emissions, emissions reductions,
and emissions sequestered under different compliance
mechanisms. ‘Assigned amount units’ (AAUs) describe
emissions commitments and apply to emissions trading,
‘certified emission reductions’ (CERs) are used under the
CDM, and ‘emission reduction units’ (ERUs) are employed
under JI. To date, international negotiations have provided
little guidance about methods for calculating and accounting
for project-related CO2 reductions from CCS systems (only
CERs or ERUs), and it is therefore uncertain how such
reductions will be accommodated under the Kyoto Protocol.
Some guidance may be given by the methodologies for
biological-sink rules. Moreover, current agreements do not
deal with cross-border CCS projects. This is particularly
important when dealing with cross-border projects involving
CO2 capture in an ‘Annex B’ country that is party to the
Kyoto Protocol but stored in a country that is not in Annex B
or is not bound by the Protocol.
Although methods currently available for national
emissions inventories can either accommodate CCS systems
or be revised to do so, accounting for stored CO2 raises
questions about the acceptance and transfer of responsibility
for stored emissions. Such issues may be addressed through
national and international political processes.
10. Gaps in knowledge
This summary of the gaps in knowledge covers aspects of
CCS where increasing knowledge, experience and reducing
uncertainty would be important to facilitate decision-making
about the large-scale deployment of CCS.
Technologies for capture and storage
Technologies for the capture of CO2 are relatively well
understood today based on industrial experience in a variety
of applications. Similarly, there are no major technical or
knowledge barriers to the adoption of pipeline transport,
or to the adoption of geological storage of captured CO2.
However, the integration of capture, transport and storage
in full-scale projects is needed to gain the knowledge and
experience required for a more widespread deployment
of CCS technologies. R&D is also needed to improve
knowledge of emerging concepts and enabling technologies
for CO2 capture that have the potential to significantly reduce
the costs of capture for new and existing facilities. More
specifically, there are knowledge gaps relating to large coal-

based and natural gas-based power plants with CO2 capture on
the order of several hundred megawatts (or several MtCO2).
Demonstration of CO2 capture on this scale is needed to
establish the reliability and environmental performance of
different types of power systems with capture, to reduce
the costs of CCS, and to improve confidence in the cost
estimates. In addition, large-scale implementation is needed
to obtain better estimates of the costs and performance of
CCS in industrial processes, such as the cement and steel
industries, that are significant sources of CO2 but have little
or no experience with CO2 capture.
With regard to mineral carbonation technology, a major
question is how to exploit the reaction heat in practical
designs that can reduce costs and net energy requirements.
Experimental facilities at pilot scales are needed to address
these gaps.
With regard to industrial uses of captured CO2, further
study of the net energy and CO2 balance of industrial
processes that use the captured CO2 could help to establish a
more complete picture of the potential of this option.
Geographical relationship between the sources and storage
opportunities of CO2
An improved picture of the proximity of major CO2 sources
to suitable storage sites (of all types), and the establishment
of cost curves for the capture, transport and storage of
CO2, would facilitate decision-making about large-scale
deployment of CCS. In this context, detailed regional
assessments are required to evaluate how well large CO2
emission sources (both current and future) match suitable
storage options that can store the volumes required.
Geological storage capacity and effectiveness
There is a need for improved storage capacity estimates at the
global, regional and local levels, and for a better understanding
of long-term storage, migration and leakage processes.
Addressing the latter issue will require an enhanced ability to
monitor and verify the behaviour of geologically stored CO2.
The implementation of more pilot and demonstration storage
projects in a range of geological, geographical and economic
settings would be important to improve our understanding of
these issues.
Impacts of ocean storage
Major knowledge gaps that should be filled before the risks
and potential for ocean storage can be assessed concern the
ecological impact of CO2 in the deep ocean. Studies are
needed of the response of biological systems in the deep sea
to added CO2, including studies that are longer in duration
and larger in scale than those that have been performed until

Technical Summary
now. Coupled with this is a need to develop techniques and
sensors to detect and monitor CO2 plumes and their biological
and geochemical consequences.
Legal and regulatory issues
Current knowledge about the legal and regulatory
requirements for implementing CCS on a larger scale is still
inadequate. There is no appropriate framework to facilitate the
implementation of geological storage and take into account
the associated long-term liabilities. Clarification is needed
regarding potential legal constraints on storage in the marine
environment (ocean or sub-seabed geological storage). Other
key knowledge gaps are related to the methodologies for
emissions inventories and accounting.
Global contribution of CCS to mitigating climate change
There are several other issues that would help future decisionmaking about CCS by further improving our understanding
of the potential contribution of CCS to the long-term global
mitigation and stabilization of greenhouse gas concentrations.
These include the potential for transfer and diffusion of
CCS technologies, including opportunities for developing
countries to exploit CCS, its application to biomass sources
of CO2, and the potential interaction between investment in
CCS and other mitigation options. Further investigation is
warranted into the question of how long CO2 would need to
be stored. This issue is related to stabilization pathways and
intergenerational aspects.
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Why is this Work Ground-Breaking?
Publicly
available cost
data on CCS

Reliable base
for ZEP
estimations
new, in-house data
provided exclusively
by 15 ZEP member
organisations

Over 100
contributors
and 2 years
of work…

…remains scarce

Complete CCS
value chains;
individual
reports
analyse costs
CO2 Capture
CO2 Transport
CO2 Storage

Focus on newbuild coal- and
gas-fired
power plants
located at a generic
site in Northern
Europe from the
early 2020s

The study
features a
BASE
and an
OPTIMISED
case

Reference
point for costs
of CCS, based
on a “snapshot”
in time
(investment costs
referenced to Q2
2009)
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Key Conclusions
CCS is applicable to both
coal- and gas-fired power plants
CCS can technically be applied to
both coal- and gas-fired power plants
Relative economics mainly depend on power plant cost levels,
and fuel prices
In the 2020s all CCS equipped power plants will operate in base-load
since the variable generation cost of a CCS equipped plant will be
considerably lower than the variable cost for a corresponding
conventional plant.
It is too early to distinguish a technology winner, due to that
uncertainties are still large and differences small
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Key Conclusions
CCS will be cost-competitive with
other low-carbon power technologies
EU CCS demonstration programme will validate and prove
the costs of CCS technologies and form the basis for future cost
reductions (introduction of 2nd- and 3rd-gen. technologies)
Results of the reports indicate post-demonstration CCS
will be cost-competitive with any other low-carbon energy
technology (on-/offshore wind, solar power & nuclear),
but also will form a reliable low-carbon power source
CCS is on track to become one of the key technologies for
combating climate change
ZEP will undertake a complementary study on the costs of CCS
in the context of other low-carbon energy technologies
4

Levelized Cost of Electricity (LCOE) for
Integrated CCS projects (coal and gas)
The Levelised Cost of Electricity (LCOE) of integrated CCS projects (blue bars)
compared to the reference plants without CCS (green bars)
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CO2 Avoidance Costs – Price of EUAs to
Justify Building CCS Projects vs. Plant w/o CCS
CO2 avoidance costs for possible plants commissioned in the mid 2020s – the price of
EUAs required to justify building CCS projects vs.a plant without CCS from a purely
economic point of view (calculated on the same basis as previous graph)

LCOE for Hard Coal Plants w/CO2 Capture
(capture costs only)
The LCOE for hard coal-fired power plants with CO2 capture (using Middle fuel costs)
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Key Conclusions
All three CO2 capture technologies could be
competitive once successfully demonstrated
Currently no clear difference between capture technologies
& all could be competitive once successfully demonstrated
(using agreed assumptions & LCOE as main quantitative value)
Fuel/investment costs are main factors influencing total costs
Reports include the three main capture technologies
(post-combustion, pre-combustion and oxy-fuel)…
…but exclude second-generation technologies
(e.g. chemical looping, advanced gas turbine cycles)
The LCOE and CO2 avoidance costs calculated are higher than
those of previous European capture cost studies, but tend to be
slightly lower than majority of recent international studies
8

Total CO2 Avoidance Costs for Integrated CCS
Projects
Total CO2 avoidance costs for integrated CCS projects – the price of EUAs required to
justify building CCS projects vs. a plant without CCS from a purely economic point of view.

9

LCOE for Natural Gas Plants w/CO2 Capture
(capture costs only)
LCOE and CO2 avoidance costs for natural gas-fired power plants with CO2 capture are
heavily dependent on the fuel cost. The vertical blue lines for €4.5, €8 and €11/GJ represent
the Low, Middle and High cases used for gas fuel cost.
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CO2 Transport from Point-to-Point ...
Onshore spine
Storage
10 km

Source
10 Mtpa

180 km

Offshore spine
Storage
Source
10 Mtpa

10 km

180 km
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... to Complex Networks
Complex networks with onshore pipeline spine of 180 km and 500 km
Storage
Source
2.5 Mtpa

Source
5 Mtpa

10 km

180 km, 500 km

10 km

Storage
10 km

180 km

750 km
Source
10 Mtpa

Liquid CO2 -50C 7 barg

Liquefaction
Source
and buffer
2,5 Mtpa
storage

12

CO2 Transport –
Onshore vs. Offshore Pipelines
Short distance (180 km) pipeline;

SMALL volume transported
(2.5 MT CO2 per year)

9.3 €/

Short distance (180 km) pipeline;

LARGE volume transported
(20 MT CO2 per year)

tonne CO2

5.4 €/
tonne CO2

3.4 €/
1.5 €/

tonne CO2

tonne CO2
onshore

offshore

onshore

offshore
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Total Cost Euro Per Tonne
Point-to-Point 180

km

Point-to-Point 500

km

€/t
25

€/t
15

20
10

15
10

5

5
0

0
2.5

10

20 Mtpa

onshore pipeline
offshore pipeline
ship

2.5

10

20

Mtpa

onshore pipeline
offshore pipeline
ship
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Key Conclusions
Early strategic planning of large-scale CO2
transport infrastructure is vital to reduce costs
Clustering plants to a transport network can achieve significant
economies of scale – in both CO2 transport/storage in larger
reservoirs (on- and offshore)
Large-scale CCS requires the development of a transport
infrastructure equivalent to the current hydrocarbon infrastructure
Greatly reduced long-term costs can be ensured with early strategic
planning – including the development of clusters and over-sized
pipelines – and the removal of cross-border restrictions
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Storage Capacity Estimates
Offshore

Onshore

40 Mt
5 fields to
1 emitter

66 Mt
3 fields to
1 emitter

200 Mt
1 fields to
1 emitter

29200

SA
43123

2700
255 183

323600

1188
1313 1350
980
813
665

24400
3150

1050
788

8000
3750

DOGF

2380

11 303

159 345

<1

1-5

765495

5-10

2100
2000
1383
1000 1050
1050
700

10-25

25-50

50-75

1350

75-100 100-200

1600
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CO2 Storage Cost Ranges
Storage cost per case, with uncertainty ranges; purple dots correspond to base assumptions
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Key Conclusions
A risk-reward mechanism is needed to realise
the significant aquifer potential for CO2 storage
1 €/tonne CO2 - 20 €/tonne CO2 = CO2 storage cost range
Location and type of storage site, reservoir capacity and quality are
the main determinants for the costs of CO2 storage
Onshore is cheaper than offshore
Depleted oil and gas fields are cheaper than deep saline aquifers
Larger reservoirs are cheaper than smaller ones
High injectivity is cheaper than poor injectivity
Risk-reward mechanism required for large variation in storage costs
(up to a factor 10) & risk of investing in saline aquifer exploration
Such a mechanism will aid realisation of saline aquifer potential and
ensure sufficient storage capacity
19

General Conclusions from the Study
CCS requires a secure environment
for long-term investment
Price of Emission Unit Allowances (EUAs) will not, initially,
be a sufficient driver for investment after the first generation of CCS
demonstration projects is built (2015 - 2020)
Enabling policies required in the intermediate period – after the
technology is commercially proven, but before the EUA price has
increased sufficiently to allow full commercial operation

The goal:
to make new build power
generation with CCS more
attractive to investors than without it

+

=

€
20

What’s Next?
ZEP acknowledges costs of CCS will be inherently uncertain until
further projects come on stream
Cost reports don’t provide a forecast of cost development but…
…will be updated every two years in line with technological
developments and the progress of the EU CCS demo programme
Future updates will also refer to co-firing with biomass, combined
heat and power plants, and the role of industrial applications
ZEP aims to undertake further work on costs to put the cost of CCS
in perspective with other low carbon energy technology options
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A complete analysis of CCS costs in the EU post 2020
Costs for different CO 2 capture, transport and
storage options were first determined using data
for the three main capture technologies (postcombustion, pre-combustion and oxy-fuel) applied
to hard coal, lignite and natural gas-fired power
plants; the two main transport options (pipelines and
ships); and the two main storage options (depleted
oil and gas fields, and deep saline aquifers), both
on- and offshore.

The results were then combined in order to identify:
1. Total costs for full-scale, commercial CCS projects
in the EU post 2020
2. Key trends and issues for various deployment
scenarios
3. The impact of fuel prices, economies of scale and
other factors, e.g. economic.

Utilising new, in-house data provided by ZEP member organisations
Publicly available cost data on CCS are scarce. In
order to obtain a reliable base for the estimations,
it was therefore decided to use new, in-house data
provided exclusively by ZEP member organisations
– 15 in total. This included five independent power
companies and manufacturers of power plant
equipment for CO2 capture.

individual numbers. To this end, one person per
area was assigned to collect the information, align
it, create mean values and render it anonymous.
However, all contributors to the study, including
those who provided detailed economic data, are
named in Annex II. (In future updates ZEP intends to
improve the transparency of data provision, without
breaching confidentiality.)

In order to access the data, all basic cost information
was kept confidential, regarding both source and

Power plants with CO2 capture – from demonstration towards maturity
CO2 capture comprises the majority of CCS
costs. It is an emerging technology and historical
experience with comparable processes shows
that significant improvements are achievable –
traditionally referred to as learning curves. While
this study does not provide a forecast of how costs
will develop over time, the following notations have
been applied:

•A
 n optimised (”OPTI”) power plant with CO2
capture represents those units commissioned
after the first full-size CCS plants have been
in operation (~2025), including technology
improvements, refined solutions, improved
integration, but still using the three main capture
technologies. These represent optimised cost
estimations, based on first commercial experience.

• A base (“BASE”) power plant with CO2 capture
represents today’s technology choices and full
economic risk, margins, redundancies and proven
components – as the very first units to be built
following the demonstration phase. This constitutes
a conservative cost level in the early 2020s.

In short, BASE and OPTI represent normal
technology refinement and development following
a successful demonstration (but not a mature
technology, which will only be available in the longer
term).

4
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Taking fuel cost variations into account
The fuel costs used in this study are the best
estimation of a representative fuel cost in 2020. Due
to the considerable uncertainty – especially in the
case of natural gas, where there is a wide difference
of opinion on the impact of shale gas on future
prices – it was decided to use Low, Middle and High
values for both natural gas and hard coal.

The ranges were selected during Q4 2010 and
are consistent with detailed reviews such as the
EC Second Strategic Energy Review of November
20086 for the year 2020 (assuming the Base Case
of Average Oil Scenarios) and the UK Electricity
Generation Cost Update, June 2010.7
For details of all major assumptions, see pages 10-14.

MAJOR RESULTS
a) Integrated CCS projects
As each part of the CCS value chain includes multiple
variants, the results provide a probable (but not
complete) set of combinations. This includes a single
plant to a single “sink” (storage site) and a cluster of
plants to a cluster of sinks, with a sensitivity analysis
provided per combination. In order to calculate CO 2
capture and avoidance costs, reference power plants
without CO2 capture were also established:
• A natural gas-fired single-shaft F-class Combined
Cycle Gas Turbine producing 420 MWel net, at
an efficiency of 58-60% (LHV) for BASE and OPTI

plants respectively at €45-90/MWh depending on
the fuel cost.
• For hard coal, a 736 MWel net pulverised fuel (PF)
ultra supercritical power plant at €40-50/MWh; for
lignite, a PF-fired 989 MWel net ultra supercritical
plant and a lignite-fired 920 MWel net PF ultra
supercritical power plant with pre-drying of the
lignite. All have steam conditions 280 bar 600/620ºC
live steam data.

Figure 1: T
 he Levelised Cost of Electricity (LCOE) of integrated CCS projects (blue bars) compared
to the reference plants without CCS (green bars)
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CO2 Transport
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with CO2 Capture
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Includes three levels of
EUA costs and is based on
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costs for an OPTI plant with
CO2 capture; Middle fuel
costs; 180 km onshore CO2
transport; Medium storage
costs for an onshore deep
saline aquifer.
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http://ec.europa.eu/energy/strategies/2008/2008_11_ser2_en.htm
www.decc.gov.uk/assets/decc/statistics/projections/71-uk-electricity-generation-costs-update-.pdf
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• Following the demonstration phase, the application
of CCS to fossil fuel power plants will result in
higher electricity generating costs (e.g. increasing
from ~€50/MWh up to ~€70/MWh for hard
coal, excluding EUA costs). Corresponding CO2
avoidance costs, compared to the reference plants
with the same fuel, are shown in Figure 2 below.
• The two coal cases are similar in cost (~€70/
MWh excluding EUA costs), while the gas case
shows a higher cost (~€95/MWh excluding EUA
costs). At lower EUA prices, the coal cases with
CCS also come out more favourably than the gas
case when compared to the reference plants.
However, depending on different assumptions, the
competitiveness of the technologies changes,
with gas CCS becoming competitive at gas prices
<€6/GJ. Gas CCS plants also produce less than half
the amount of CO2 to be captured per MWh than
coal, resulting in lower transport and storage costs
per MWh.

• The blue bars show that the combined cost of
the power plant with capture comprises 80-90%
of the total LCOE (~75% of the additional LCOE
for CCS vs. the reference plants). However, CO2
transport and storage to a large extent determine
the location and decision to proceed with a project.
Posing substantial development and scale-up
challenges, costs are dominated by upfront
investments, while any reward depends on volume
streams, suitability of the storage site, utilisation
and the development of an infrastructure (see
below). While capture technology will be chosen
based on a calculable economy, transport and
storage costs therefore depend on the suitability of
the chosen solution.

Figure 2: CO2 avoidance costs for possible plants commissioned in the mid 2020s – the price of EUAs required to justify building
CCS projects vs. a plant without CCS from a purely economic point of view (calculated on the same basis as Figure 1)
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This is in accordance with EU estimates of EUA prices for 2025: http://ec.europa.eu/clima/documentation/roadmap/docs/sec_2011_288_en.pdf
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• Figure 2 shows that the associated EUA break-even
cost corresponds to a price of €37/tonne of CO2
for hard coal; ~€34/tonne of CO2 for lignite; and
~€90/tonne of CO2 for gas. At an EUA price of
€35/tonne of CO2,8 these full-size, coal-fired CCS
power plants are therefore close to becoming
commercially viable, while the gas case is not.
However, unabated gas power plants remain a
commercial option, as shown in Figure 1.

N.B. Costs for OPTI plants assume a completely successful
demonstration of the technology and/or that the first full-size
CCS plants (following the EU CCS demonstration programme)
have already been in operation. All reported costs exclude the
exceptional development and other costs associated with the
demonstration programme itself.

Post 2020, CCS will be cost-competitive with
other low-carbon energy technologies.
For detailed results on integrated CCS projects, see pages 15-26.

b) CO2 Capture
Capture costs were determined for first-generation
capture technologies which will probably be ready
for deployment in the early 2020s: post-combustion,
IGCC with pre-combustion and oxy-fuel. All three
were applied to hard coal and lignite-fired power
plants, while post-combustion was applied to
natural gas.
• On an LCOE basis, there is no significant difference
between the three capture technologies for coal
(within the available accuracy): hard coal-fired
power plants without capture have an LCOE of
~€48/MWh (excluding EUA costs), rising to €65-70/
MWh9 with capture for an OPTI plant. However,
complexity differs considerably between the three
options and none will become fully commercial
until several large-scale plants have been operating
following the demonstration phase. Achieving high
plant availability is therefore key to keeping costs
competitive.
• Natural gas-fired power plants without capture
have an LCOE of ~€70/MWh, rising to ~€90/MWh
with capture.9 However, as they have a different cost
structure to coal-fired CCS plants – with a lower
capital cost and higher fuel costs – the LCOE is
competitive with coal9 if the gas price is low. At an

9

EUA price of ~€35/tonne of CO2, unabated gas (at
€5/GJ) is also competitive with coal with CCS.9
• CO2 avoidance costs against a reference plant
with the same fuel calculated at the fence of the
plants therefore give <€30/tonne of CO 2 avoided
for lignite; just over €30/tonne for hard coal; and
~€80/tonne for natural gas. (All figures exclude
transport and storage costs.)
• On a unit basis, small power plants are more
expensive than large; BASE plants are more
expensive than OPTI plants. As the less expensive
option will always be chosen during the first
10 years of deployment, the lower figures in this
study are the most likely to represent CCS plants
commissioned in the early 2020s. During this
period, the three main capture options will also
develop considerably, in parallel with second- and
third-generation technologies.
All three CO2 capture technologies could be
competitive once successfully demonstrated.
For detailed results on CO2 capture, see pages 27-31 and the
underlying report: www.zeroemissionsplatform.eu/library/
publication/166-zep-cost-report-capture.html

At Middle fuel prices
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c) CO2 Transport
The study presents detailed cost elements and
key cost drivers for the two main methods of CO2
transportation: pipelines and ships. These can be
combined in a variety of ways – from a single source
to a single sink, developing into qualified systems
with several sources, networks and several storage
sites over time. Several likely transport networks
of varying distances are therefore presented, with
total annual costs and a cost per tonne of CO 2
transported. The cost models operate with three
legs of transport: feeders, spines and distribution,
each of which may comprise on-/offshore pipelines
or ships.
• The results show that pipeline costs are roughly
proportional to distance, while shipping costs
are fairly stable over distance, but have “stepin” costs, including (in this study) a stand-alone
liquefaction unit potentially remote from the
power plant. Pipelines also benefit significantly
from scale, whereas the scale effects on ship
transport costs are less significant.
• Typical costs for a short onshore pipeline (180
km) and a small volume of CO2 (2.5 Mtpa) are just
over €5/tonne of CO2. This reduces to ~€1.5/
tonne of CO2 for a large system (20 Mtpa).
Offshore pipelines are more expensive at ~€9.5
and €3.5/tonne of CO 2 respectively, for the same
conditions. If length is increased to 500 km, an
onshore pipeline costs €3.7/tonne of CO 2 and an
offshore pipeline ~€6/tonne of CO 2.

• For ships, the cost is less dependent on distance:
for a large transport volume of CO 2 (20 Mtpa)
costs are ~€11/tonne for 180 km; €12/tonne for
500 km; and ~€16/tonne for very long distances
(1,500 km), including liquefaction. For a smaller
volume of CO2 (2.5 Mtpa), costs for 500 km are
just below €15/tonne, including liquefaction.
• For short to medium distances and large volumes,
pipelines are therefore by far the most costeffective solution, but require strong central
coordination. Since high upfront costs, CAPEX
and risk are barriers to rapid CCS deployment,
combining ship and pipeline transport via the
development of clusters could provide costeffective solutions, especially for volume ramp-up
scenarios. However, this entails the development
of an infrastructure – including start-up costs,
central planning and the removal of any crossborder restrictions. Technology and final costs
therefore appear to be less of an issue than the
development of a rational system for transport.
Early strategic planning of large-scale CO2
transport infrastructure is vital to reduce costs.
For more detailed results on CO2 transport, see pages 32-34 and
the underlying report: www.zeroemissionsplatform.eu/library/
publication/167-zep-cost-report-transport.html

d) CO2 Storage
Publicly available data on CO2 storage costs barely
exists. A “bottom-up” approach was therefore taken,
using cost components provided by ZEP members
with an in-depth knowledge of closely linked
activities and consolidated into a robust, consistent
model. In order to cover the range of potential
storage configurations and still provide reliable cost
estimates, storage was divided into six main “typical”
cases, according to major differentiating elements:
depleted oil and gas fields (DOGF) vs. deep saline
10

8

aquifers (SA); offshore vs. onshore; and whether
existing (“legacy”) wells were re-usable.
• The cost range is large – from €1 to €20/tonne of
CO2. On the assumption that the cheaper available
storage sites will be developed first, and the more
expensive when capacity is required, it could be
argued that storage costs for the early commercial
phase will be at the low/medium levels of the
defined ranges for onshore SA at €2-12/tonne;

In the commercial phase
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onshore DOGF at €1-7/tonne; offshore SA (with the
largest capacities) at €6-20/tonne; and offshore
DOGF at €2-14/tonne. In other words:
– onshore is cheaper than offshore
– DOGF are cheaper than SA (particularly if they
have re-usable legacy wells)
– offshore SA show the highest costs and the
widest cost range
– sensitivity is dominated by field capacity,
injection rate and depth.
• The availability and capacity of suitable storage
sites developed into a key consideration. In
terms of numbers, the majority of suitable sites
are below the estimated capacity of 25-50 Mt,
which corresponds to the need for more than five
reservoirs to store 5 Mtpa10 of CO2 for 40 years;
the majority of estimated capacity is found in very
large DOGF and SA (>200 Mt capacity).

• In conclusion, CO2 storage capacity is available
in Europe. However, the best known storage sites
are also the smallest and not sufficient for a larger
system. Offshore – followed by onshore – SA have
the largest potential, but also the highest costs.
If the best options can be used, costs could be
as low as a few €/tonne, rising to tens of €/tonne
if the larger and more remote SA have to be
used. Developers of these more efficient, but less
known, storage sites must therefore be rewarded
for taking on the risk and upfront costs required
for their exploration and development.
Given the large variation in storage costs and
the risk of investing in the exploration of deep
saline aquifers that are ultimately found to be
unsuitable, a risk-reward mechanism is needed
to realise their significant potential.
For more detailed results on CO2 storage, see pages 35-37 and
the underlying report: www.zeroemissionsplatform.eu/library/
publication/168-zep-cost-report-storage.html.

Sensitivities
A sensitivity analysis of the cost results was
calculated for a supercritical OPTI hard coal-fired
power plant, with post-combustion capture and
storage in an onshore SA. This shows that fewer
running hours result in a much higher cost (€19/
MWh higher LCOE when plant load factor reduces
from 7,500 to 5,000 hours per year). CAPEX and
WACC also give relatively large variations, which is
to be expected given that capital costs dominate
for a coal-fired power plant: +/– 25% CAPEX leads
to LCOE changes of +/– €8/MWh; +/–2% points
from the 8% WACC leads to LCOE changes of
+€6/–€5/MWh).

a small contribution to overall costs. Due to the
relatively cheap fuel, the efficiency of the capture
(absorption–desorption) process is also less
important, while fuel costs as such have a larger
impact. (Changing the Middle fuel cost from €2.4/
GJ to a Low €2/GJ and a High €2.9/GJ leads to
LCOE changes of –€4/+€5/MWh.)
Due to the cost structure for a natural gas-fired
CCS power plant – with substantially lower
investment costs, somewhat lower O&M costs
and almost three times higher fuel costs – the
total sensitivity is the reverse, i.e. much more
influenced by fuel cost and less by capital.

Plant life, however, shows a low sensitivity since
the cost calculation is based on the net present
value of the investment. Storage costs also make

Executive summary
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A complete analysis of CCS costs in the EU post 2020
The ZEP cost study presents best current estimates
for full-scale commercial CCS in the power sector
in Europe post 2020, based on new, in-house
data provided by member organisations. The
final results assume that all elements of the value
chain have been successfully demonstrated in the
EU CCS demonstration programme and other
demonstration initiatives worldwide.

Three Working Groups within ZEP’s Taskforce
Technology first analysed the costs related to
CO2 capture, CO2 transport and CO2 storage
respectively. The results of these three individual
reports11 were then combined to give total costs
for integrated CCS projects

a) Utilising new, in-house data from ZEP member organisations
It is theoretically possible to obtain basic data on
CCS technologies from several sources. However,
most public reports have either used budget offers
from manufacturers, quoted other studies, or
calculated equipment costs from academic models.
Several ZEP members have had difficulties obtaining
relevant information for their specific situation
and therefore undertaken a considerable amount
of work themselves. Costs also differ significantly
between different regions, such as the USA, Asia
and Europe; and vary in time, as several public cost
indices illustrate.
As reliable external cost data proved scarce, it
was therefore decided to utilise the technical and
economical knowledge of ZEP members who either
manufacture, or have substantial research and
experimental experience in CCS – 15 organisations
in total. (This included five independent power
companies and manufacturers of power plant
equipment for CO2 capture.) Indeed, many are
already undertaking detailed engineering studies
for CCS demonstration projects, encompassing
the entire value chain. Power companies regularly
cooperate with several manufacturers and are even
now building plants of the kind described here
(currently without CCS). The oil and gas industry
also has decades of experience with natural gas
11

analogues for the majority of the transport and
storage chain.
Thanks to the diverse representation within
ZEP, data covering all aspects of the costs and
technology performance were therefore assembled,
with important CAPEX figures (and appropriate
contingencies) for the coal-fired CO2 capture cases
provided by the power companies and equipment
suppliers from engineering studies completed to
date.
In order to access the data, all basic cost information
was kept confidential, regarding both source and
individual numbers. To this end, one person per
area (the co-author of the underlying report) was
assigned to collect the information; compare and
adjust it if large discrepancies were apparent;
create mean values; and render it anonymous.
However, all contributors to the study, including
those who provided detailed economic data, are
named in Annex II. In future updates, ZEP intends to
improve the transparency of data provision, without
breaching confidentiality.
N.B. Data for this report were collected in spring 2010, but in
order to align them, all sources were recalculated by indices to
the second quarter of 2009.

www.zeroemissionsplatform.eu/library/publication/166-zep-cost-report-capture.html;
www.zeroemissionsplatform.eu/library/publication/167-zep-cost-report-transport.html;
www.zeroemissionsplatform.eu/library/publication/168-zep-cost-report-storage.html
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b) Power plants with CO2 capture – from demonstration towards maturity
Contributors of basic data were also asked if
they could illustrate the development of both
costs and technical solutions over time. Since the
answers were not totally consistent – and included
other considerations besides pure technology
development – the results are not presented in the
context of traditional learning curves. However, the
following notations were applied:

in operation (~2025), including technology
improvements, but not a completely new
technology, e.g. improved steam data of the
plant; improved energy utilisation in conventional
equipment; higher level of plant integration;
lower risk margins etc. In short, normal product
development based on first commercial
experience.

• A base (“BASE”) power plant with CO2 capture
represents today’s technology choices – including
full economic risk, margins, redundancies and
proven components – as the very first units to
be built following the demonstration phase. This
constitutes a conservative cost level in the early
2020s.

In short, BASE and OPTI represent normal
technology refinement and development following
a successful demonstration (but not a mature
technology, which will only be available in the longer
term).
See page 17 for a more detailed description of BASE and OPTI
methodologies.

• An optimised (”OPTI”) power plant with CO2
capture represents those units commissioned
after the first full-size CCS plants have been

c) The application of CCS to carbon-intensive industrial sectors
This study focuses on CCS for power generation, but
it could also potentially reduce CO2 emissions from
the steel, cement, refineries/petrochemical and other
industries. Some of the applied processes in these
industries have higher concentrations of CO2 in some
of their off-gases (natural gas processing, cement,
steel, hydrogen manufacturing for refineries, ammonia
production etc.) which could lead to comparable or
lower capture costs than those for coal.

However, the variety, uniqueness and scale of
industrial production processes will lead to a wide
range of capture costs and less generic solutions
which are not easy to compare. ZEP will therefore
seek cooperation with relevant industries in order
to reference the costs of industrial CCS applications
– including biomass-based applications – in future
updates of the ZEP cost report.

d) Major assumptions
For consistency, a number of common assumptions
were established and applied across all three
Working Groups. These are presented below in
order to allow full transparency and comparisons
with specific projects. The sensitivity of changes to
these basic assumptions were also analysed and the
results are given below.
Economic assumptions
Volatility in plant and equipment costs, short- and
long-term costs and currency developments have

Methodology

been addressed by indexing all estimates to one
specific period – the second quarter of 2009. Any
user of the cost data in this report is therefore
advised to estimate and adjust for developments
after this period. The cost basis is European and all
reported costs are in euros; currency exchange rates
representative of the actual date of original studies
have been used.
A real (without inflation) cost of capital for
investments, here designated as WACC (Weighted
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Average Cost of Capital), is assumed to be 8% (with
sensitivity evaluated for 6% and 10%). The chosen
real WACC reflects required return on equity and
interest rates on loans and it is assumed that the
inflation rate is equal for all costs and incomes
during the project life. The required CAPEX has
been annualised and discounted back to the
present using the WACC.
The fuel costs used in this study are the best
estimation of a representative fuel cost in 2020.
Owing to the considerable uncertainty – especially
Fuel Costs

Low

Mi Middle ddle

High

2.0

2.4

2.9

Lignite - €/GJ

1.4

1.4

1.4

Natural gas - €/GJ

4.5

8.0

11.0

Technical assumptions
Due to the inherently high investments for thermal
power plants with CO2 capture, it is assumed that all
power plants will operate in base load, operating for
7,500 hours equivalent full load each year. This is also
consistent with the fact that a CCS plant, if realised,
will have a lower variable operations cost than a
corresponding plant without CCS (when including
the EUA price) and thus always be dispatched before
any other fossil fuel power plant, including gas. The
only reason why a CCS plant would not work in base
load mode is either because there is more prioritised
power (e.g. Wind) available than is needed, or if the
technical availability is lower.
Power plant concepts with CO2 capture
The technologies studied are first-generation capture
technologies: post-combustion CO2 capture; IGCC
with pre-combustion capture; and oxy-fuel, adapted

13

The following fuel costs were selected for the study:

Hard coal - €/GJ

For electricity consumptions for CO2 transport and
storage operations (beyond the power plants), an
electricity purchase price of €0.11/kWh was found
to be representative. The agreed CCS project
lifetime is 40 years for commercial hard coal-based
and lignite-based projects; 25 years for natural gas
turbine-based projects.

12

in the case of natural gas, where there is a wide
difference of opinion on the impact of shale gas on
future prices – it was decided to use Low, Middle
and High values for both natural gas and hard coal.
The ranges were selected during Q4 2010 and
are consistent with detailed reviews such as the
EC Second Strategic Energy Review of November
200812 for the year 2020 (assuming the Base Case
of Average Oil Scenarios), and the current UK
Electricity Generation Cost Update.13

to hard coal, lignite and natural gas, as applicable.
For each technology, a range of costs was developed
for BASE and OPTI power plants (see above).
For hard coal-fired and lignite-fired power plants, the
following power plant concepts were used:
• PF ultra supercritical (280 bar 600/620ºC steam
cycle) power plant with post-combustion capture
based on advanced amines.
•	Oxygen-blown IGCC with full quench design, sour
shift and CO2 capture with F-class Gas Turbine
(diffusion burners with syngas saturation and
dilution).
•	Oxy-fired PF power plant with ultra supercritical
steam conditions (280 bar 600/620ºC steam cycle).
For the integrated CCS projects, average expected
values have been used for OPTI plants with capture,
since the costs for the plant concepts are similar.
For hard coal-fired power plants, average sizes and
quantities of captured CO2 for one power plant block
are:
• Net electric capacity: ~700 MWel
• Captured CO2: 0.85 t/MWhel net, ~4.5 Mt/year.

http://ec.europa.eu/energy/strategies/2008/2008_11_ser2_en.htm
www.decc.gov.uk/assets/decc/statistics/projections/71-uk-electricity-generation-costs-update-.pdf
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For lignite-fired power plants, average sizes and
quantities of captured CO2 for one power plant block
are:
• Net electric capacity: ~800 MWel
• Captured CO2: 0.95 t/MWhel net, ~5.5 Mt /year.
For natural gas-fired Combined Cycle Gas Turbines
(CCGT) power plants for the integrated CCS projects
with OPTI post-combustion CO2 capture (based
on an advanced amine), the sizes and quantities of
captured CO2 for one power block (consisting of one
single-shaft F-class CCGT) are:
• Net electric capacity: ~350 MWel
• Captured CO2: 0.33 t/MWhel net, ~1 Mt/year.
Reference power plants concepts without CO2
capture
The corresponding reference power plants without
CO2 capture used in this study are:
• Natural gas-fired single-shaft F-class Combined
Cycle Gas Turbine producing 420 MWel net at an
efficiency of 58% (LHV and BASE) or 60% (LHV and
OPTI).
• Hard coal 736 MWel net pulverised fuel (PF) ultra
supercritical (280 bar 600/620ºC steam cycle) power
plant.
• Lignite-fired 989 MWel net PF ultra supercritical
(280 bar 600/620ºC steam cycle) power plant and a
lignite-fired 920 MWel net PF ultra supercritical
(280 bar 600/620ºC steam cycle) power plant with
pre-drying of the lignite.
A key assumption for the design of the entire CCS
chain concerns production volumes and profiles.
Based on the power plant concepts with CO2
capture, three different annual CO2 volumes have
been considered:
• 2.5 million tonnes per annum (Mtpa) representing
a commercial natural gas-fired plant with CCS
(a plant with two power blocks), or a coal-based
demonstration project.
•	10 Mtpa representing a full-scale commercial coalfired power plant with CCS (a plant with two power
blocks).

Methodology

• 20 Mtpa representing a typical full-scale, mature
CCS cluster.
The production profile is assumed to be linear, with
equal hourly production rates of 333, 1,330 and 2,660
tonnes CO2 /hour respectively during the 7,500 hours
per year. In reality, a wide variety of volumes will
be present, but the three categories illustrate the
possible modus operandi for the systems.
Boundary conditions
Boundaries between the three elements of capture,
transport and storage have been defined as follows:
• Compression/liquefying/processing of the
captured CO2 to meet the requirements of the
initial transport process are included in the design
and cost of the power plants with CO2 capture.
The assumed delivery conditions for CO2 from the
capture plant are:
– 110 bar and ambient temperature (max. 30ºC)
for pipeline as initial transport, with CO2 quality
requirements that should permit the use of costeffective carbon steel materials in CO2 pipelines
and meet health and safety requirements.
– 7 bar and -55ºC for ship as initial transport, with
CO2 quality as above for pipelines, but with a
water content low enough to allow carbon steel
for the logistic system.
• The transport process is assumed to deliver the
CO2 to the storage process at the well-head in the
following condition:
– Temperature offshore: ambient seawater
temperature, from 4°C to 15°C
– Temperature onshore: ambient ground
temperature ~10°C
– Pressure: minimum 60 bar
– Cost estimates for onshore pipelines assume that
the pipeline terminates in a valve and a metering
station, which constitute the interface to the
storage process onshore.
– Both offshore pipeline and ship transport cost
estimates include the cost of a sub-sea wellhead template, whereas manifold costs are
assumed to be included in storage costs with
the drilling of injection wells. The boundary
towards storage is therefore at the sea bottom
surface, below this template. For ship transport,
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Figure 6: C
 osts per tonne of CO2 captured for integrated CCS projects (hard coal and natural gas) calculated with Low,
Middle and High Fuel costs. Transport and Storage costs are also added (Single Source – Single Sink)
Costs per tonne Captured, Transported and Stored CO2, EUR/t CO2
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Figure 7: Additional LCOE for integrated CCS projects (hard coal and natural gas) vs. reference plants without CCS (Single
Plant – Single Sink). Calculations are made for Low, Middle and High fuel costs (excluding any saved costs for EUAs)
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Figure 8: Calculated costs per tonne of CO2 captured for transport and storage for integrated projects. For the Clusters,
the use of SA and DOGF are highlighted
Costs per tonne Captured, Transported and Stored CO2, EUR/t CO2
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Figure 9: Calculated costs as LCOE for transport and storage for integrated projects. For the Clusters,
the use of SA and DOGF are highlighted.
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Figure 15: CO2 avoidance costs for hard coal-fired power plants with CO2 capture
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Studies have also been undertaken for lignite-fired
power plants with CO2 capture that imply that a CO2
avoidance cost in the range of €30/t CO2 is possible
for an OPTI advanced power plant with CO2 capture
and pre-drying of the lignite.
As anticipated, an analysis of natural gas CCGT
power plants with post-combustion capture shows
a heavy dependence of fuel costs on the final result,
as can be observed in Figure 16 for an OPTI power
plant.
At the lower end of the cost range of natural gas,
CO2 avoidance costs are still more than double
those of a hard coal-fired power plant, but due in
part to the lower quantities of CO2 to be captured,
the LCOE is competitive with other fuel sources,
being ~€65/MWh for a natural gas price slightly
under €5/GJ (see Figure 16).
Availability may slightly differ for the different
capture technologies and the development
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BASE

OPTI
Oxy-fuel

of renewable power may also limit the plant’s
operational time in the future. However, the
achievement of high plant availability must be a key
objective of the EU CCS demonstration programme
so that costs remain competitive. This is especially
important for pre-combustion capture, as the
IGCC power plant design contains a considerably
larger number of components and is not a common
technology within the power industry.
Nevertheless, a CCS plant will always be dispatched
before any other fossil-fuelled power plant, due to
the lower variable operating costs (when EUA prices
are taken into account). An unabated plant, on the
other hand, will suffer from the cost of EUAs.
In order to illustrate the impact of availability for
hard coal-fired power plants with CO2 capture, a
calculation of the generation costs has been made as
a function of equivalent operating hours (Figure 17,
pages 29-30).
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Figure 16: LCOE and CO2 avoidance costs for natural gas-fired power plants with CO2 capture are heavily dependent on the fuel
cost. The vertical blue lines for €4.5, €8 and €11/GJ represent the Low, Middle and High cases used for gas fuel cost.
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Figure 17: D
 ependence on Plant Load Factor for all three coal technologies, based on OPTI plants. Reference power plant
load is kept at 7,500 hours per year for the calculation of CO2 avoidance costs. Achieving high plant availability
is key to keeping costs competitive.
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CO2 Transport
This study describes the two major methods of
transportation – pipelines (on- and offshore) and
ships (including utilities) – and for each of these
presents detailed cost elements and key cost
drivers. These may be combined in a variety of ways
– from a single source to a single sink, developing
into qualified systems with several sources, networks
and several storage sites over time.

Several likely transport networks of varying
distances are therefore presented, including
total annual costs and a cost per tonne of CO2
transported. The cost models operate with three
legs of transport: feeders, spines and distribution,
each of which may comprise on- or offshore
pipelines or ships. For some pipeline cases, CAPEX
per tonne per km is also presented, providing a tool
for comparison.

Table 1: C
 ost estimates (in €/t CO2) for commercial natural gas-fired power plants with CCS or coal-based CCS
demonstration projects with a transported volume of 2.5 Mtpa

Distance km

180

500

750

1500

5.4

n. a.

n. a.

n. a.

9.3

20.4

28.7

51.7

8.2

9.5

10.6

14.5

5.3

5.3

5.3

5.3

Onshore pipeline

Offshore pipeline

Ship

Liquefaction (for ship transport)

For commercial natural gas-fired power plants with
CCS, or coal-based CCS demonstration projects,
a typical capacity of 2.5 Mtpa and “point-to-point”
connections are assumed. Table 1 shows the unit
transportation cost (€/tonne) for such projects,
depending on transport method and distance:
•P
 ipeline costs are roughly proportional to
distance, while shipping costs are only marginally
influenced by distance. Pipeline costs consist
mainly (normally over 90%) of CAPEX, while for
shipping, CAPEX is normally under 50% of total
annual costs.
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• If the technical and commercial risks are also
considered, the construction of a “point-to-point”
offshore pipeline for a single demonstration
project is obviously less attractive than ship
transportation for distances also below 500 km.
(Pipeline costs here exclude any compression
costs at the capture site, while the liquefaction
cost required for ship transportation is specified.)
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Table 2: C
 ost estimates for large-scale networks of 20 Mtpa (€/tonne CO2). In addition to the spine distance, networks also
include 10 km-long feeders (2*10 Mtpa) and distribution pipelines (2*10 Mtpa)

Spine Distance km

180

500

750

1500

1.5

3.7

5.3

n. a.

3.4

6.0

8.2

16.3

11.1

12.2

13.2

16.1

Onshore pipeline

Offshore pipeline

Ship (including liquefaction)

Once CCS is a commercially driven reality, it is
assumed that typical volumes are in the range of 10
Mtpa serving one full-scale coal-fired power plant,
or 20 Mtpa serving a cluster of CO2 sources. The
unit transportation cost for such a network with
double feeders and double distribution pipelines is
estimated in Table 2.
• Pipelines benefit significantly from scale when
comparing costs with the 2.5 Mtpa point-to-point
solutions in Table 1, whereas the scale effects on
ship transport costs are less significant. (Shipping
costs here include the costs for a stand-alone
liquefaction unit, i.e. remote from the power plant.)

custom design and new investment, i.e. no re-use
of existing pipelines or existing semi-refrigerated
LPG tonnage.
These figures assume full capacity utilisation from
day one, which will probably be unrealistic for
a cluster scenario. If, for example, volumes are
assumed to be linearly ramped up over the first
10 years, this increases the unit cost of pipeline
networks by 35-50% depending on maximum flows.
For ships, ramp-up is achieved by adding ships and
utilities when required, resulting in only marginal
unit cost increases. To illustrate this, a calculation
of the sensitivity of four key factors on pipeline
transport was performed (Figure 18).

• Ship investments are further assumed to have a
residual value for hydrocarbon transportation, as
well as being able to serve other CO2 projects,
which will be considered in any evaluation of
project risks. All cost estimates are based on

The results
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Annexes
Annex 1: Basic data for integrated CCS projects

Table 4: T
 otal LCOE for integrated CCS projects vs. reference plants without CCS (including various assumed costs
for EUAs) using Low and High Fuel costs

Single Plant - Single Sink
Hard Coal

Single Plant - Single Sink
Natural Gas

Ref

Ref

With CCS

With CCS

Power Plant and CO2 Capture
• Power production (MWhel net)
• LCOE (€/MWhel net)
(Averages for OPTI plants)
for Low - High fuel prices
• LCOE Average All Plants
(€/MWhel net)
for Low - High fuel prices

2 x 736

2 x 700

2 x 420

2 x 360

43 - 51

65 - 75

46 - 90

64 - 115

43 - 51

65 - 75

46 - 90

64 - 115

-

10
180 + Feeder
1.8

-

2.5
180
1.8

CO2 Transport
• CO2 volumes (Mtpa)
• Distance (km)
• LCOE (€/MWhel net)

CO2 Storage
• Type of storage
• Cost scenario
• CO2 stored over 40 years
(Number of reservoirs)x(Mt per reservoir)

• LCOE (€/MWhel net)

TOTAL LCOE (€/MWhel net)
(Excluding Emission Unit
Allowances) for Low - High
fuel prices

SAs Onshore

SAs Onshore

-

Low

Mid

High

-

Mid

High

-

2x200
1.7

6x66
4.6

10x40
9.9

-

1.5x66
1.8

2.5x40
3.9

43-51

69-79

72-82

77-87

46-90

68-119

70-121

Emission Unit Allowances
within EU ETS Contribution to
LCOE (€/MWhel net)
• For ETS 20 €/tonne CO2
• For ETS 40 €/tonne CO2
• For ETS 80 €/tonne CO2

40

15
30
61

2
4
7

7
13
27

1
2
4
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Cluster
Ref

Cluster

With CCS

Ref

With CCS

Hard Coal

Nat Gas

Hard Coal

Nat Gas

Hard Coal

Nat Gas

Hard Coal

Nat Gas

3 x 736

2 x 420

3 x 700

2 x 360

3 x 736

2 x 420

3 x 700

2 x 360

43 - 51

46 - 90

65 - 75

64 - 115

43 - 51

46 - 90

65 - 75

64 - 115

44 - 69

-

64 - 94

20
500 + Feeders + Distribution Pipelines

5.8

44 - 69

-

20
500 + Feeders + Distribution Pipelines

5.8

DOGFs Offshore
Low

-

4x200 12x66
3.8
1.5

44-69

11
23
45

Annexes

Mid

SAs Offshore

High

-

20x40
5.7

-

71-101 74-104 75-105

2
3
6

64 - 94

Low

4x200 12x66
8.7
3.5

44-69

11
23
45

Mid

High
20x40
12.4

73-103 78-108 82-112

2
3
6
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Table 5: CAPEX for integrated CCS projects vs. reference plants without CCS

Single Plant - Single Sink
Hard Coal

Single Plant - Single Sink
Natural Gas

Ref

Ref

With CCS

With CCS

Power Plant and CO2 Capture
• Power production (MWhel net)
• CAPEX (€/KWel net)
(Averages for OPTI plants)
• CAPEX (M€)
• CAPEX All Plants (M€)

2 x 736

2 x 700

2 x 420

2 x 360

1600
2355
2355

2660
3916
3916

786
660
660

1511
1100
1100

-

10
180 + Feeder
240

-

2.5
180
150

CO2 Transport
• CO2 volumes (Mtpa)
• Distance (km)
• CAPEX (M€)

CO2 Storage
• Type of storage
• Cost scenario
• CO2 stored over 40 years
(Number of reservoirs)x(Mt per reservoir)

• CAPEX (M€ per reservoir)
• CAPEX (M€)

TOTAL CAPEX (M€)

SAs Onshore

SAs Onshore

-

Low

Mid

High

-

Mid

High

-

2x200
69.5
139

6x66
69.5
417

10x40
89.1
891

-

1.5x66
69.5
104

2.5x40
89.1
223

2355

4295

4573

5047

660

1354

1473

•	Table 5 shows that the capital intensity of fossil power plants will increase significantly with the addition of
CCS. The overall CAPEX for gas power with CCS remains lower than for coal.
•	As long as electricity market prices match the LCOEs (shown in Figure 5 for the Middle fuel costs), annual
incomes will be sufficient to cover the annual costs for fuels, EUAs, O&M costs, as well as return the CAPEX (at
the required interest rate) during the project lifetime. (For detailed data on annual costs for fuels, O&M and
CAPEX, see the individual cost reports for CO2 capture, transport and storage.)
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The Costs of CO2 Capture, Transport and Storage

Cluster
Ref

Cluster

With CCS

Ref

With CCS

Hard Coal

Nat Gas

Hard Coal

Nat Gas

Hard Coal

Nat Gas

Hard Coal

Nat Gas

3 x 736

2 x 420

3 x 700

2 x 360

3 x 736

2 x 420

3 x 700

2 x 360

1600
3533

786
660
4193

2660
5873

1511
1100
6973

1600
3533

786
660
4193

2660
5873

1511
1100
6973

-

20
500 + Feeders + Distribution Pipelines

1710

-

20
500 + Feeders + Distribution Pipelines

1710

DOGFs Offshore
-

4193

Annexes

Mid

SAs Offshore

High

-

4x200 12x66
47.8
55.5
222
574

20x40
44.1
882

-

8905

9565

Low

9257

Low

Mid

4x200 12x66
237.6 198.6
950
2383

4193

9634

High
20x40
169.3
3386

11066 12069
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Table 6: O
 verview of data for Integrated CCS cases – costs for power plants and CO2 capture
calculated for Middle fuel costs

Power Plants with Capture and CO2 Compression/Conditioning
Reference plant

Capacity

Additional

Power Cost
without Capture

One Block with
Capture

Power Cost for
Capture

(EUR/MWhel net)

(MWhel net)

(EUR/MWhel)

Transportation

Captured CO2

Avoided CO2
Cost

(t/MWhel)

(Mt CO2 pa)

(EUR/t)

Blocks

Network

Storage
Volume

Source/s/

(EUR/t)

Store/s/

Feeder/s/

Cost
(t/MWhel)

Transport

Nr of

(Mtpa)

(#*Mtpa)

(km)

Spine
Type

(km)

Cost

Accumulated

(km)

Type

Mt CO2

Distribution
Type

Location

Type

(#)

(EUR/t)

EUR/MWhel

(40 years)

Single Plant - Single Sink cases

Demonstration and commercial CCS projects

Commercial hard coal
Hard coal-fired
plant

Short transport distance onshore
46

~ 700

23

0.85

~ 4.5

27

0.67

34

2

1a

10

1*10

2.5

1*2.5

10

Onshore

180

Onshore

180

Onshore

0

–

1

2.1

1.8

400

Onshore

Aquifer

1

5.4

1.8

100

Onshore

Aquifer

Offshore

DOGF

Offshore

Aquifer

Similar costs for the capture technologies.
Average values for OPTI plants with capture according to ZEP CO2 capture cost report.

Commercial natural gas. In terms of CO2 quantity, also demonstration hard coal/lignite with
the same transport and storage costs per tonne CO2.
Natural gas
combined cycle

69

~ 350

22

0.33

Short transport distance onshore

~1

67

0.28

79

~2

1 gas turbine as in ZEP capture cost report. However, many other studies assume 2 gas turbines.
Post-combustion capture, OPTI, according to ZEP CO2 capture cost report.

Clusters to benefit from large-scale infrastructure

Could be developed if/when many commercial CCS projects are realised
Offshore

Natural gas
combined cycle

69

~ 350

22

0.33

~1

67

0.28

79

~2

Natural gas
combined cycle

69

~ 350

22

0.33

~1

67

0.28

79

~2
8b

Hard coal-fired
plant

46

~ 700

23

0.85

~ 4.5

27

0.67

34

2

Hard coal-fired
plant

46

~ 700

23

0.85

~ 4.5

27

0.67

34

2*2

Weighted
average:

57

23

0.61

37

0.49

46
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20

{

2.5

10

Onshore

2.5

750

Ship

5

–

–

10

180

Offshore

}
45

500

Offshore

2*10

Offshore

Annexes

2

9.5

5.8

800
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Table 6: O
 verview of data for Integrated CCS cases – costs for power plants and CO2 capture
calculated for Middle fuel costs

Storage
Cost

Accumulated

Location

INTEGRATED CCS CASE COSTS
Type

Data quality

Legacy

Low Cost Scenario

Mt CO2
(EUR/t)

EUR/MWhel

(40 years)

Wells

Medium Cost Scenario

Field
capacity

Fields

Cost

Mt CO2

Nr of

€/t CO2

200

2.0

2.0

High Cost Scenario

Field
capacity

Fields

Cost

€/MWhel

Mt CO2

Nr of

€/t CO2

1.7

66

6.1

66

Low Storage Cost Scenario

Field
capacity

Fields

Cost

€/MWhel

Mt CO2

Nr of

€/t CO2

€/MWhel

5.4

4.6

40

10

11.7

9.9

1.5

5.4

1.8

40

2.5

11.7

3.9

Medium Storage Cost
Scenario

For CCS
€/t CO2

€/MWhel

High Storage Cost
Scenario

For CCS
€/t CO2

€/MWhel

For CCS
€/t CO2

€/MWhel

Single Plant - Single Sink
2.1

Hard coal-fired
1.8
plant

400

Onshore

Aquifer

Data-Poor

No

5.4

Natural gas
1.8
combined cycle

100

Onshore

Aquifer

Data-Poor

No

Offshore

DOGF

Data-Rich

Yes

200

4.0

2.4

1.5

66

12.1

6.2

3.8

40

20

9.4

5.7

~ 49

Offshore

Aquifer

Data-Rich

No

200

4.0

5.8

3.5

66

12.1

14.3

8.7

40

20

20.3

12.4

~ 52

Clusters
Natural gas
combined cycle
Natural gas
combined cycle
9.5

5.8

Hard coal-fired
plant
Hard coal-fired
plant

}

~ 31.2

~ 27

~ 34.6

~ 29

~ 40.9

~ 35

~ 77

~ 26

~ 84

~ 28

~ 30

~ 53

~ 32

~ 56

~ 34

~ 32

~ 61

~ 37

~ 67

~ 41

800

Weighted
average:
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Background

•
•

Toronto Conference 1988, a Call for Action

•

In EU: strong pressure on utilities and companies
to reduce CO2 emissions

•

In 2005: emission allowances to about 10 000
companies within the EU covering about 46 % of
the overall EU CO2 emissions

Oxy-Fuel Cycles

Kyoto Protocol demands the reduction of
greenhouse gases, mainly CO2

•

As emission allowances become scarce: CO2
generates costs (European Emission Allowances
in March 2006: 27 €/ton CO2)

•

CO2 and N2 from ASU can be utilized for
Enhanced Oil Recovery (EOR)
Return: 20 – 40 $/ton CO2

•

Oxy-fuel cycles with internal combustion with pure
oxygen are a very promising technology
(Global Gas Turbine News 10/2005)

+

CO2 can be easily separated by condensation from
working fluid consisting of CO2 and H2O, no need
for very penalizing scrubbing

+
+

Very low NOx generation (fuel bound N2)

+

New equipment required

History of the Graz Cycle
•

•

•

•
•

Combustor
40 bar

Fuel
(methane)

77 % H2O
23 % CO2
1bar
573°C

steam
water injection
for cooling

Feed Pump

HPT
180 bar

C1/C2

2000: thermodynamically optimized cycle for syngas from coal
gasification (VDI Essen)

2004/2005: presentation of S-Graz Cycle with 69% thermal
efficiency and 57 % net efficiency for syngas firing (ASME
Vienna, ASME Reno)

Cycle Fluid

HTT
1400°C

600°C

cycle fluid is a mixture of H2O and CO2
thermal cycle efficiency: 64 %

2002/2003: conceptual layout of prototype Graz Cycle power
plant: detailed design of components (ASME Amsterdam, VDI
Leverkusen, ASME Atlanta)

These new cycles show higher efficiencies than
current air-based combined cycles (Graz Cycle,
Matiant cycle, Water cycle,...)

O2

1995: Graz cycle adopted for the combustion of fossil fuels like
methane (CH4) (CIMAC Interlaken & ASME Cogen Vienna)

•
•

•

H2/O2 internally fired steam cycle, as integration of top Brayton
steam cycle and bottom Rankine cycle
efficiency 6 % - points higher than state-of-the art CC plants

Additional high costs of oxygen production

Graz Cycle Basic Configuration (ASME 04/05)

1985: presentation of a power cycle without any emission
(CIMAC Oslo)

•

Flexibility regarding fuel: natural gas, syngas from
coal, biomass or refinery residue gasification

565°C

Deaerator

HRSG
0.04 bar

HTT

High Temperature Turbine

HRSG

Heat Recovery Steam Gen.

LPT

Low Pressure Turbine

C3/C4

CO2 Compressors

C1/C2

Cycle Fluid Compressors

HPT

High Pressure Turbine

LPT

CO2

CO2
C3/C4
Condenser
water

Cond. P.
H2O

1

Condensation/Re-Vaporization at around 1 bar

Power Balance ASME 2005

Cycle Fluid

•

Electrical cycle efficiency for methane firing:
O2

Efficiency: 64.6 % (same for syngas firing)

•

40 bar

Oxygen production (0.15 - 0.3): 0.25 kWh/kg
Oxygen compression (2.38 to 40 bar, intercooled): 325 kJ/kg

HTT

Combustor

Fuel
(methane)

H2O

1bar
573°C

steam

Deaerator

water injection
for cooling

580°C

Condenser

LPST

HPT

Efficiency: 54.8 %

79 % H2O
21 % CO2

1400°C

180 bar

HRSG

550°C

C1/C2

175 °C

0.021 bar
0.75 bar

•

Compression of separated CO2 for liquefaction
(1 to 100 bar, inter-cooled): 270 kJ/kg (3.7 MW)

180°C

CO2
C3

Efficiency: 52.7 %

Heat Transfer in Condenser/Evaporator
•

Constant re-evaporation pressure of 0.75 bar for the
bottoming steam cycle

•

LPST inlet temperature of 175 °C; expansion line crosses
Wilson line at last blade inlet, thus low humidity losses

Temperature [°C]

Condenser/
Evaporator 2

Condenser/
Evaporator 1

Basic Layout

Preheater
1+2

150
Separation of 63%
of water content

1.95 bar

1.27 bar

water

S-Graz Cycle Power Balance for 400 MW net power

200

1.27 bar

C4

Compressors C3 and C4 raise
partial steam pressure for
condensation and deliver CO2

1.95 bar

100

50

New Layout

HTT power [MW]

635

638

Total turbine power [MW]

753

739

Total compression power [MW]

249

235

Net shaft power [MW]

504

505

Total heat input [MW]

759

759

Thermal cycle efficiency [%]

66.5

66.5

Electrical cycle efficiency [%]

64.6

64.6

water/steam
working fluid

0
0

20000

40000

60000

80000

Heat [kW]

490 MW Turbo Shaft Configuration

Additional Losses and Expenses

•

Main gas turbine components on two shafts

•

Power shaft of 3000/3600 rpm: power turbine HTTP as second part of
HTT drives the generator
Four-flow LPST at the opposite side of the generator

•

Shafts on same spring foundation
Intercooler between C1 and C2 on fixed foundation connected to HRSG

Oxygen production: 0.25 kWh/kg = 900 kJ/kg
Oxygen compression (2.38 to 42 bar, intercooled): 325 kJ/kg

Efficiency: 54.8 %

•

•
•

Compression shaft of 8500 rpm: cycle compressors C1 and C2, driven
by first part of HTT, the compressor turbine HTTC

Vertical section

Side
view

Intercooler

Compression of separated CO2 for liquefaction

Spring supported foundation plate

To HRSG

4-flow 3-stage LPST

(1.9 to 100 bar): 13 MW (1 to 100 bar: 15.6 MW)
Generator

Efficiency: 53.1 % (compared to 52.7 %)
C1

C2

HTT

From HRSG

High Speed Shaft

Low Speed Shaft

From Condenser/Evaporator
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Economic Analysis S-GC - I

Comparison of Component Size

Investment costs
Component

Scale
parameter

Investment costs

Electric power

$/kWel

414

Electric power

$/kWel

414

S-Graz Cycle Plant
Investment costs
Air separation unit [14]

•
•
•

Conventional CC
Plant 400 MW

Graz Cycle Plant
400 MW

turbine of "gas turbine"/ HTT

667 MW

618 MW

compressor of "gas turbine"/
C1+C2+C3+C4

400 MW

232 MW

steam turbine/ HPT+LSPT

133 MW

120 MW

HRSG

380 MW

360 MW

Generator

400 MW

490 MW

Specific
costs

Reference Plant [13]

O2 mass flow

$/(kg O2/s)

1 500 000

Other costs (Piping,
CO2-Recirc.) [14]

CO2 mass flow

$/(kg CO2/s)

100 000

CO2-Compression
system [14]

CO2 mass flow

$/(kg CO2/s)

450 000

yearly operating hours: 8500 hrs/yr

•
•
•

capital charge rate: 12%/yr
natural gas is supplied at 1.3 ¢/kWhth

Turbine power of same size
Compressor power smaller
Generator power higher

Economical Analysis S-GC - II
S-GC base
version

414

414

Addit. capital costs [$/kWel]

Cost of
Electricity

288

CO2 emitted [kg/kWhel]

0.342

0.0

Net plant efficiency [%]

58.0

53.1

COE for plant amort. [¢/kWhel]

0.58

0.99

COE due to fuel [¢/kWhel]

2.24

COE due to O&M [¢/kWhel]

0.7

2.45
0.8

Total COE [¢/kWhel]

3.52

4.24

Comparison
Differential COE [¢/kWhel]
Mitigation costs [$/ton CO2 capt.]

Favorable assumption of Göttlicher (VDI): 70 % additional capital
costs for air supply and CO2 compression
But large uncertainty in cost estimation:
e.g.: ASU: cost estimates differ between 230 and 400 $/kW_el
50
Mitigation Costs [$/t CO2]

Reference
plant [23]
Plant capital costs [$/kWel]

COE ...

Influence of Capital Costs S-GC

0.72
(+ 20 %)
21.0

40

20
10
0
100 %

Reference Plant

Range of
ASU costs

30

150 %

200 %

250 %

300 %

Capital Cost Ratio between S-GC and Ref. Plant [%]

Conclusions
•
•

Graz Cylce is an oxy-fuel power cycle of highest efficiency

•
•

Output raised from industrial size of 75 MW to 400 MW net output

•

Economic comparison with reference plant shows the strong
influence of capital costs on CO2 mitigation costs

•

Mitigation costs vary between 20 - 30 $/ton CO2 depending on
additional investment costs (ASU)

•

Presentation of a design solution for an oxy-fuel CO2 retaining
gas turbine system which can by acceptance of international gas
turbine industry be put into operation within a few years

Modified cycle configuration with condensation in the range of 1
bar with re-evaporation of pure steam to feed LPST results in a
high net cycle efficiency above 53 %

A design concept for this size is presented with two shafts, a fast
running compression shaft and the power shaft and LPST
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ABSTRACT
Introduction of closed cycle gas turbines with their
capability of retaining combustion generated CO2 can offer a
valuable contribution to the Kyoto goal and to future power
generation. Therefore research and development work at Graz
University of Technology since the nineties has led to the Graz
Cycle, a zero emission power cycle of highest efficiency. It
burns fossil fuels with pure oxygen which enables the costeffective separation of the combustion CO2 by condensation.
The efforts for the oxygen supply in an air separation plant are
partly compensated by cycle efficiencies far higher than for
modern combined cycle plants.
Upon the basis of the previous work the authors present the
design concept for a large power plant of 400 MW net power
output making use of the latest developments in gas turbine
technology. The Graz Cycle configuration is changed insofar,
as condensation and separation of combustion generated CO2
takes place at the 1 bar range in order to avoid the problems of
condensation of water out of a mixture of steam and
incondensable gases at very low pressure. A final economic
analysis shows promising CO2 mitigation costs in range of 20 –
30 $/ton CO2 avoided. The authors believe that they present
here a partial solution regarding thermal power production for
the most urgent problem of saving our climate.
INTRODUCTION
In the last hundred years the concentration of some
greenhouse gases in the atmosphere has markedly increased.
There is a wide consensus in the scientific community that this
seems to influence the Earth surface temperature and thus the
world climate.
Therefore, in 1997 the Kyoto conference has defined the
goal of global greenhouse gas emission reduction of about 5 %
in the next years compared to the 1990 emission level. CO2 is

the main greenhouse gas due to the very high overall amount
emitted by human activities. And about one third of the overall
human CO2 emissions are produced by the power generation
sector. In the EU there is a strong pressure on utilities and
industry to reduce the CO2 emissions from power generation.
So there is a strong driving force to develop commercial
solutions for the capture of CO2 from power plants.
The authors believe that oxy-fuel cycles with internal
combustion of fossil fuels with pure oxygen are a very
promising technology and that their Graz Cycle can be the most
economic solution for CO2 capture from fossil power
generation once the development of the new turbomachinery
components needed are done. Oxygen is needed in large
quantities for this kind of cycle and can be generated by air
separation plants which are in use worldwide with great outputs
in steel making industry and even in enhanced oil recovery
(EOR) [1].
The basic principle of the so-called Graz Cycle has been
developed by H. Jericha in 1985 [2] for solar generated oxygenhydrogen fuel, in 1995 changed to fossil fuels [3, 4]. This was a
first proposal for gas turbine oxy-fuel CO2 capture.
Improvements and further developments since then were
presented at several conferences [5-9]. Any fossil fuel gas
(preferable with low nitrogen content) is proposed to be
combusted with oxygen so that neglecting small impurities only
the two combustion products CO2 and H2O are generated. The
cycle medium of CO2 and H2O allows an easy and costeffective CO2 separation by condensation. Furthermore, the
oxygen combustion enables a power cycle with a thermal
efficiency among the very best ever proposed, thus largely
compensating the additional efforts for oxygen production.
At the ASME IGTI conference 2004 in Vienna a Graz
Cycle power plant (High Steam Content Graz Cycle, S-Graz
Cycle) was presented with a thermal cycle efficiency of nearly
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70 % (excluding work for oxygen supply and CO2
compression) based on syngas firing and relatively low CO2
retention costs [10].
The very promising data aroused interest in several
institutions in Europe, among them the Norwegian oil and gas
company Statoil ASA. In cooperation with Statoil the S-Graz
Cycle was re-evaluated and optimised with assumptions on
component losses and efficiencies that Statoil and Graz
University of Technology had agreed on. At the ASME IGTI
conference 2005 [11] the results were presented with a net
cycle efficiency of 52.7 % for methane firing, if the efforts of
oxygen supply and compression of captured CO2 for
liquefaction are considered. The CO2 mitigation costs were
evaluated to 20.7 $/ton CO2 avoided.
These investigations also formed the basis of a technoeconomic evaluation study by the two most important and most
successful gas turbine companies in Europe. The feasibility of
the S-Graz Cycle was accepted and the cost structure discussed
in detail. The result was on one side that the cryogenic Air
Separation Unit ASU appeared to have too high investment
costs. On the other side the condensation of water out of a
mixture of steam and incondensable gases, a thermodynamic
technical problem not yet solved in European science, had to be
more clearly investigated.
Therefore the object of this paper is to present author’s
work on the following subjects:
- Modification of S-Graz Cycle configuration to
condensation in the range of 1 bar providing for separation
of combustion generated CO2 to the delivery compressor.
By slight recompression evaporation of pure steam at
reasonably high pressure and efficient expansion in a large
output steam turbine (LPST) is made possible.
- Increase of net plant output to 400 MW providing for the
additional tasks of oxygen production, CO2 capture and
delivery for pipeline use or liquefaction. The power effort
is included in the overall efficiency raising the shaft output
design value to 490 MW
- Two-shaft design of the turbo set with a fast running shaft
comprising the main compressors C1 and C2 and the
compressor turbine and with the power output shaft from
high temperature turbine and steam turbine
- Incorporation of advanced flow and cooling development
throughout the gas turbine components for smaller size and
cost and reduction of high temperature material by rotor
steam cooling on all accessible surfaces
Deliberations on part load and cold start for the situation of
the novel cycle medium are also presented.
In this work the nomination "Graz Cycle" means "S-Graz
Cycle", which is the more efficient variant and will be
prosecuted in the future.

GRAZ CYCLE BASIC CONFIGURATION
The Graz Cycle is suited for all kinds of fossil fuels. Best
results regarding net cycle efficiency and mitigation costs can

be obtained for syngas firing from coal gasification, if the
syngas production effort is not considered in the
thermodynamic balance (but only in the economic balance by
elevated fuel costs). The higher net cycle efficiency is due to
the fact that the lower oxygen demand of syngas per heat input
reduces the effort of oxygen supply considerably. And finally,
the higher carbon content results in more favorable mitigation
costs per ton CO2 avoided. But in this work thermodynamic
data presented are for a cycle fired with methane, because it is
the most likely fuel to be used in a first demonstration plant.
Figure 1 shows the principle flow scheme of the S-Graz
Cycle with the main cycle data as published in [11].

Fig. 1: Principle flow scheme of the basic Graz Cycle power
plant

Basically the Graz Cycle consists of a high temperature
Brayton cycle (compressors C1 and C2, combustion chamber
and High Temperature Turbine HTT) and a low temperature
Rankine cycle (Low Pressure Turbine LPT, condenser, Heat
Recovery Steam Generator HRSG and High Pressure Turbine
HPT). The fuel together with the nearly stoichiometric mass
flow of oxygen is fed to the combustion chamber, which is
operated at a pressure of 40 bar. Steam as well as a CO2/ H2O
mixture is supplied to cool the burners and the liner.
A mixture of about 74 % steam, 25.3 % CO2, 0.5 % O2 and
0.2 % N2 (mass fractions) leaves the combustion chamber at a
mean temperature of 1400°C, a value achieved by G and H
class turbines nowadays. The fluid is expanded to a pressure of
1.053 bar and 579°C in the HTT. Cooling is performed with
steam coming from the HPT at about 330°C (13.7 % of the
HTT inlet mass flow), increasing the steam content to 77 % at
the HTT exit. It is quite clear that a further expansion down to
condenser pressure would not end at a reasonable condensation
point for the water component, so that the hot exhaust gas is
cooled in the following HRSG to vaporize and superheat steam
for the HPT; the pinch point of the HRSG is 25°C at the
superheater exit. But after the HRSG only 45 % of the cycle
mass flow are further expanded in the LPT. For a cooling water
temperature of 8°C the LPT exit and thus condenser pressure
would be 0.041 bar.
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Gaseous and liquid phase are separated in the condenser.
From there on the gaseous mass flow, which contains the
combustion CO2 and half of the combustion water, is
compressed to atmosphere by C3 and C4 with intercooling and
further extraction of condensed combustion water, and supplied
for further use or storage. At atmosphere the CO2 purity is 96
%; further water extraction is done during further compression
for liquefaction.
After segregating the remaining combustion H2O, the
water from the condenser is preheated, vaporized and
superheated in the HRSG. The steam is then delivered to the
HPT at 180 bar and 549 °C. After the expansion it is used to
cool the burners and the HTT stages.
The major part of the cycle medium –the return flow after
the HRSG- is compressed using the main cycle compressors C1
and C2 with intercooler and is fed to the combustion chamber
with a maximum temperature of 600°C.
The cycle arrangement of the Graz Cycle offers several
advantages: On one hand, it allows heat input at very high
temperature, whereas on the other hand expansion takes place
to vacuum conditions, so that a high thermal efficiency
according to Carnot can be achieved. But only less than half of
the steam in the cycle releases its heat of vaporization by
condensation. The major part is compressed in the gaseous
phase and so takes its high heat content back to the combustion
chamber.

pressure level. The process is now split into the hightemperature cycle and a separate low temperature condensation
process as shown in the simplified scheme of Fig. 2. The high
temperature part consists of HTT, HRSG, C1/C2 compressors
and HPT. Again condensation of the working fluid in the 1 bar
range is proposed in order to avoid the problems of a working
fluid condenser at vacuum conditions as described above. The
heat content in the flow segregated after the HRSG for
condensation is still quite high so re-evaporation and expansion
in a bottoming cycle is mandatory. The detailed flow sheet used
for the thermodynamic simulation is included in the appendix
(Fig. 10) and gives mass flow, pressure, temperature and
enthalpy of all streams.
Cycle Fluid

HTT

Combustor

O2
40 bar

79 % H2O
21 % CO2

1400°C

H2O

1bar
573°C

steam

Deaerator
580°C

HPT
C1/C2

550°C

HRSG

175 °C

0.021 bar
0.75 bar

180°C

CO2
C3

C4

1.27 bar

LARGE POWER GRAZ CYCLE WITH WORKING FLUID
CONDENSATION/ EVAPORATION IN 1 BAR RANGE
In the basic S-Graz Cycle configuration the authors have
proposed to expand the portion of the working fluid which has
to be segregated from the circulating flow to be expanded down
to condenser pressure. This flow contains the captured CO2 and
steam from the combustion as well as the cooling steam flow.
Recent research [12] shows that difficulties in condensation
arise in the formation of water films on the cooling tubes and in
concentration of CO2 forming a heat transfer hindering layer so
that only a low heat transfer coefficient in condensation will be
achieved. This results in excessively large condenser heat
transfer surface and related high costs.
Therefore it was suggested in the Austrian patent of the
Graz Cycle [13] to condense this mass flow at atmosphere,
separate the combustion CO2 and re-vaporize the water at a
reduced pressure level using the condensation heat. The pure
steam is then fed to a Low Pressure Steam Turbine LPST,
where it can be expanded to a condenser pressure lower than
that for the working fluid mixture.
Thermodynamic investigations presented at the ASME
2005 conference [11] showed that best results can be obtained
for a dual pressure evaporation at 0.55 and 0.3 bar. But for
these low evaporation pressures, large volume flows arise and
the losses of live steam pipes and valves counteract the gains of
this process.
Therefore a novel configuration is proposed in this work
which allows single-pressure evaporation at a reasonable
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Fig. 2: Principle flow scheme of modified Graz Cycle power
plant with condensation/evaporation in 1 bar range

This bottoming cycle operates by pure steam with
extensively cleaned feed water and thus allows together with
the very low cooling water temperatures of northern Europe to
attain condenser pressures down to 0.02 bar.
For proper re-evaporation two sections of working fluid
condensations are provided, each following a compressor stage
with reasonable increase of flow pressure resulting in a higher
partial condensation pressure of the water content. The two
compressor stages can be regarded as pre-runners of the CO2
delivery compressor and will be helpful in cleaning the
turbomachinery, piping and HRSG interior from air in
preparation of a cold start. The heat exchangers are well
developed modern boiler elements providing steam just below
1 bar for the condensing steam turbine.
At the first pressure level of 1.27 bar about 63 % of the
water content can be segregated, so that the power demand of
the second compression stage is considerably reduced. It
compresses up to 1.95 bar, which allows the segregation of
further 25 % of the contained water. Further cooling of the
working fluid, also for water preheating, leads to the separation
of additional 11 %, so that the water content of the CO2 stream
supplied at 1.9 bar for further compression is below 1 %. After
segregation of the water stemming from the combustion
process, the water flow is degassed in the deaerator with steam
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extracted after the HPT and fed to the HRSG for vaporization
and superheating.
This two-step pre-compressed condensation counteracts the
effect of sinking H2O partial pressure due to condensed water
extraction from working fluid and thus allows a reasonably
high constant re-evaporation pressure of 0.75 bar for the
bottoming steam cycle. Fig. 3 shows the heat – temperature
diagram for this condensation/ evaporation process. After the
start of water condensation, the working fluid temperature
decreases only slightly, leading to relatively small mean
temperature differences of 8 K in the first evaporator and 12 K
in the second evaporator. After having condensed and separated
most of the water content, the temperature of the working fluid
decreases strongly in the water preheaters of the bottoming
cycle (see Fig. 10).

Temperature [°C]

200
Condenser/
Evaporator 2

Condenser/
Evaporator 1

more favorable condensation/evaporation condition as
described above. The modified Graz Cycle works with a
smaller mass flow of the working fluid, so that both turbine and
compressor total power decrease, whereas the net power output
remains nearly the same. This leads to a similar thermal
efficiency of about 66.5 % or an electrical net efficiency of
about 64.65 %.
If considering the efforts for oxygen production and
compression as well as the efforts of CO2 compression to 100
bar for liquefaction, the net efficiency further reduces to 52.72
% for the basic cycle and 53.12 % for the modified cycle. This
higher efficiency stems from a reduced CO2 compression effort
due to the higher supply pressure of 1.9 bar in the modified
cycle. Thus the specific energy consumption reduces from 350
kJ/kg to 300 kJ/kg CO2. The net efficiency of 53.12 % is higher
than that of most other CO2 capture technologies if evaluated
under the same conditions, so that this new concept is worth a
further feasibility investigation.
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Table 1: Graz Cycle Power Balance

100

50
Working Fluid
Water/Steam of Bottoming Cycle

0
0

20000

40000

60000

80000

Heat [kW]

Fig. 3: Heat - temperature diagram of the condensation/
evaporation process

About three quarters of the condensation cycle mass flow
is evaporated and superheated in the first condenser. It is mixed
with the steam of the second condenser/evaporator unit
providing steam of 0.75 bar and 175°C at the LPST inlet.
Expanding the steam to a condensation pressure of 0.021 bar
for a cooling water temperature of 8°C provides about 72 MW
power output. A four-flow design is necessary to handle the
high volume flow for a 400 MW Graz Cycle.
Steam is extracted at a pressure of 0.12 bar from the LPST
and fed to the deaerator. The expansion line is to the major part
in the dry steam region and crosses the Wilson line only before
the last stage, so that only very fine droplets in the outer last
stage sections are formed. A very high expansion efficiency
hardly hindered by formation of humidity is to be expected.
Table 1 gives the power balance of the modified Graz
Cycle plant of 400 MW net power output in comparison with
the scaled-up basic configuration published in [11]. The heat
input is the same for both cycles allowing a better comparison
of the turbomachinery sizes. The C3 and C4 compressor have
different tasks in both cycles. In the basic cycle they recompress the separated CO2 flow to 1 bar, whereas in the
modified cycle they increase the working fluid pressure for a

HTT power [MW]
HPT power [MW]
LPT/LPST power [MW]
Total turbine power PT [MW]
C1 power [MW]
C2 power [MW]
C3 power [MW]
C4 power [MW]
Pump power [MW]
Total compression power PC [MW]
Net shaft power [MW] without
mechanical losses
Total heat input Qzu [MW]
Thermal cycle efficiency [%]
Electrical power output [MW] incl.
mechanical, electrical & auxiliary loss
Net electrical cycle efficiency [%]
O2 generation & compression PO2 [MW]
Efficiency considering O2 supply [%]
CO2 compression to 100 bar PCO2 [MW]
Net power output [MW]
Net efficiency Knet [%]

Basic
layout
634.7
48.0
70.5
753.2
137.2
90.2
11.5
4.8
5.3
249.0
504.2

New
layout
617.9
49.9
71.6
739.4
131.1
82.6
8.9
6.6
5.5
234.7
504.7

758.6
66.47
490.3

758.6
66.52
490.7

64.63
74.7
54.78
15.6
400.0
52.72

64.68
74.7
54.83
13.0
403.0
53.12

DESIGN CONCEPT FOR A VERY LARGE GRAZ
CYCLE PLANT OF 400 MW NET OUTPUT
In this work the design concept for a Graz Cycle power
plant of 400 MW electrical net output is presented. This power
is derived from a 490 MW turbo shaft configuration. The
difference is caused by the power demand of the ASU and by
the driving power for the oxygen compressor in order to deliver
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oxygen to the combustor at 42 bar and by the CO2 compressor
which has to deliver the captured CO2 at a pipeline pressure of
over 100 bar.
Gas turbines, compressors and combustors require the best
flow development achieved up to now in gas turbine
technology. In the course of this project our institute has found
novel solutions for blade cooling, steam cooled combustor
burner design and optimal rotor construction and rotor
dynamics. The innovative cooling burner design helps to
achieve the mentioned extreme high thermal efficiency (see [6]
for details of the burner design), further improved by the
positive change on the lower temperature end of the power
cycle flow scheme as described above.
In this design proposal intensive use of steam cooling is
made, not only for blades, but for all rotors in the high-speed
high-temperature region. In that manner a solid and simple
rotor design forged from one piece or welded from separate
disks can be used with no internal friction between rotor disks
as might be possible in a rotor assembled from separate disks.
This type of rotor design provides for high blade load carrying
capability with acceptable radial stress. The newly developed
high chromium ferritic steels will be applied making use of
their superior heat conduction and low thermal expansion
properties. The relatively high speed selected provides for long
blades in the last stages with high flow efficiency and low tip
clearance loss.
The one-shaft system as in air-breathing gas turbines is not
applicable since in the Graz Cycle system the amount of
compressor flow volume is smaller and the number of stages
required considerably higher. Therefore a much higher
compressor speed as power turbine speed is an effective
solution.
The main gas turbine components are arranged on two
shafts, the compression shaft and the power shaft (see Fig. 4).
The compression shaft consists of the cycle compressors C1
and C2, which are driven by the first part of the high
temperature turbine HTT, the compressor turbine HTTC. It
runs free on its optimal speed of 8500 rpm. This relatively high
speed is selected for reason of obtaining sufficient blade length
at outlet of C2 and to reduce the number of stages in both
compressors. The second part of the HTT, the power turbine
HTTP, delivers the main output to the generator. A further
elongation of the shaft is done by coupling the four-flow LPST
at the opposite side of the generator. The HPT can be coupled
to the far end of the LPST or can drive a separate generator.
The two shafts are based on the same spring foundation. The
intercooler between C1 and C2 is located on the fixed
foundation.

Fig. 4: Arrangement of the main turbomachinery for a 400 MW
Graz Cycle plant

C1/C2 compressor design with intercooler:
The working fluid compressor C1 is driven by the HTTC at
8500 rpm. The high speed poses a special problem for the first
stage of C1 which has yet been solved by flow research and is
now applied in many aircraft jet engines and also stationary
compressor designs [14, 15]. The high tip Mach number on the

5

Copyright © 2006 by ASME

Fig. 5: C1 design with an uncooled drum rotor and an additional
radial stage from nickel alloy, with radial diffuser and exit scroll
to intercooler

first stage should not exceed the value of 1.4 for reasons of
shock formation. With the help of a slight positive inlet swirl an
inlet Mach number of 1.3 is designed.
Compression at C1 starts at 106°C and reaches 442°C at
the outlet to the intercooler. For reasons of rotor dynamics the
shafts of C1 and C2 are separated with intermediate bearings
and a solid coupling. This makes the transfer of cooling flow
difficult, so that cooling of the drum rotor of C1 will not be
applied. This is possible by a combination of rotor materials.
The first part with seven axial stages is a ferritic steel
drum, which reaches only 390°C. This material can be highly
stressed without creep at temperatures below 400°C. By the
application of a final radial wheel which has to be milled
separately from nickel alloy and which is mounted to the main

drum by elastic centering completes the rotor construction of
C1, as shown in Fig. 5. The radial wheel with a wide vaneless
diffuser and scroll improves the flow transfer to the intercooler.
The inlet temperature to C2 is somewhat lowered by the
intercooler but still reaches 380°C. During course of
compression the working fluid reaches an outlet temperature of
580° C, so that from the second stage onwards cooling has to be
applied on the rotor surface of the bladed annular flow channel.
Seven axial stages with a stepwise decrease of blade length
from 90 to 40 mm are supported on a drum rotor with disk
extensions of constant diameter. Fig. 6 shows the C2 rotor with
the counter flow of cooling steam on the drum surface. It is
guided by means of openings under the bladed disk extensions
and is prevented by sealing strips from flowing into the main
flow. These strips are carried on both sides of the stationary
blades. By proper selection of the feed pressure this flow can be
optimized at a small penalty in dilution of the main flow.
Excellent flow properties of this compressor can be
expected due to its blade mounting on a stiff rotor with very
small radial tip clearances and flow losses together with an
aspect ratio of outer to inner flow radius of 440 to 400 mm.
The intercooler requires some development work. The
fluids on both sides are unconventional insofar as the working
fluid on one side is to be cooled by high pressure steam on the
other side. Heat transfer from compression work to steam
superheat is thus achieved. The authors can point at previous
development work at their institute in a similar problem, i.e. the
design of an 850°C steam plant in double loop configuration as
published by Perz et al. [16], where many boiler heat transfer
problems had been treated.

Fig. 6: Design of C2 drum rotor with cooling steam flow arrangement, combuster and HTTC
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In the case given the intercooler is thermodynamically part
of the HRSG superheater and is thus arranged close to the
HRSG. Its cooling flow is steam of 196 bar pressure. It is
designed as a solid tube which should be supported on solid
ground foundation. The heat transfer surface is realized by 180
tubes of 3.1 m length held in support plates which guide the
working gas flow from C1 outlet to C2 inlet. The outer shell of
the intercooler is internally insulated and is connected by ample
flow areas in flexible scroll and tube arrangements to both
compressors (see Fig. 4).
HTT compressor turbine (HTTC)
The same drum rotor either forged in one piece or welded
up from separated disks carries not only the C2 but also the
compressor turbine HTTC. The flow design of the HTTC will
be a two-stage reaction turbine with 50 % reaction at the mean
section of both blade rows. The high rotor speed of 8500 rpm as
mentioned before provides for long blade lengths, i.e. a first
stage blade of 100 mm and a second stage blade of 164 mm
with an inner radius of 533 mm (see Fig. 7). This results in
excellent flow properties in subsonic condition and together
with the high reaction of the blade on all radii (55 % at mean
section and at least 25 % at hub) a high blade flow efficiency is
expected. Low tip clearances are applied also contributing to
this goal and can be achieved by the excellent rotor dynamics
of the stiff drum rotors and very careful blade cooling.
The high speed and power of this turbine is made possible
by ample steam cooling. Nozzles and blades are cooled in
conventional serpentine passage design with holes as well as
the rotor inlet edge as shown in the cooling arrangement of Fig.
7. Rotor cooling steam is supplied along the whole drum

surface. It is fed into a labyrinth seal in the inner range of the
combustion chamber allowing the steam to flow to both sides.
One flow is directed backwards under the dump diffuser into
the outer surface of the C2 providing cooling steam as
described above. The main amount of cooling steam flows
along the rotor drum at the inner radius of the combustor casing
towards the first disk of the HTTC.
The first nozzles are hollow with proper cooling passages
and are cooled by steam fed from the casing outside in radial
inwards direction. The steam is collected in a chamber of the
diaphragm just opposite the first blade root. Via nozzles,
blowing in direction of rotor speed, the cooling steam is then
fed to the lower part of the blade fir-tree root. From there it
flows along the serpentine passages under pumping action of
the rotor wheel and is delivered to the blade surface via laser
drilled holes to form the conventional cooling films at the
appropriate locations of the blade. The second guide vanes are
supplied with cooling steam which is fed into the outer rim of
the diaphragm. There it flows radially inwards also to supply
the rotor surface in-between stages and the inlet to the second
stage blades which are also built with serpentine passages and
the appropriate cooling holes. In principle this design was
applied for the well-known gas turbine model GT10, originally
designed by F. Zerlauth [17].
In terms of rotor dynamics the drum rotor of C2 and HTTC
will be designed for the high stress considering the effect of
steam cooling on all surfaces. Stiff bearing shaft extensions and
solid double-lobe oil bearings provide for high shaft and high
bearing stiffness in order to have all critical speeds sufficiently
high above running speed.

Fig. 7: Design of two-stage HTTC and 50 Hz HTTP
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Fig. 8: Design of transonic one-stage HTTC and 60 Hz HTTP

HTTC alternative transonic stage design
The authors’ institute has done extensive development
work for the design of transonic turbine stages. Not only
several computer programs have been developed for
investigating three-dimensional transonic flow, but a unique
test installation for transonic stages was built where many
effects of unsteady viscous transonic flow were investigated
(e.g. [18, 19]). The test installation has aided the development
of industrial gas turbines and is now in use for several EU
projects.
A novel innovative cooling system has also been
developed and could be applied here in order to save cooling
medium, high temperature material and cost of manufacture at
the same time providing most effective blade cooling at the
blade leading edge in transonic flow [20, 21]. The design could
follow the development path of General Electric in providing
thermal barrier coating on the rotating blades since these are
free of the multitude of cooling holes and are supplied only by
low number of slots creating cooling steam films covering the
whole surface.
Therefore, alternatively the HTTC expansion could also be
done with one transonic stage as shown in Fig. 8. This can be
achieved by a higher radius and stage loading at a somewhat
reduced degree of reaction. Such a stage would sit on the same
rotor as described before and it would have a mean radius of
750 mm at a blade length of 120 mm. A further advantage of a
transonic stage would be the much smaller radius difference
from compressor turbine outlet to power turbine inlet,
depending also on the speed of the power turbine for which
design proposals for 50 and 60 Hz are presented here.

HTT power turbine (HTTP)
A gas turbine system with two shafts at highly different
speed as it has to be built here, requires an intermediate bearing
to be arranged right between the stages of compressor turbine
outlet and power turbine inlet. The flow of gas transmitted is at
very high velocity, at temperatures of 1075°C and at a pressure
of 14 bar. A conventional design would provide an outlet
diffuser, an outlet casing, a transition duct and an inlet casing in
between this gas turbine parts. Frictional loss, heat loss, even
with internal and external insulation, would be unavoidable. In
previous design solutions for industrial size turbines with
almost the same cycle conditions the authors have proposed a
single overhung disk with a transonic stage for the compressor
turbine and one or two overhung disks for the power turbine
directly opposite to take over the gas flow in a common casing
[10]. This solution requires a high speed power turbine which is
only possible to build relying on gears of high speed and high
power. The power output of 92 MW in that case made it
possible since gas turbines transferring around 100 MW from
gas turbine speeds at 5400 rpm to 3000 rpm are in use in
industry.
The large power output in the case presented here forbids
the use of gears for such high-speed power transfer. Therefore
the possible electrical frequencies of 50 Hz in Europe and 60
Hz in USA and western hemisphere were investigated. The
power turbine is proposed with a strong change of inner radius
on a solid shaft. Five stages are necessary for the 50 Hz design
of Fig. 7 and four stages for the 60 Hz of Fig. 8. So the axial
outlet speed should be kept at medium value in order to reduce
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the exhaust loss, to reduce axial diffuser exit length and to
facilitate the flow transfer to the HRSG inlet.
The design proposed provides last blade lengths of 750 mm
at 50 Hz and of 600 mm at 60 Hz, both at 1300 mm inner
radius. At the inlet the inner radius at 50 Hz is somewhat larger
than the HTTC outlet, but at 60 Hz, together with a transonic
HTTC, it provides a flow path at almost the same radius as
shown in Fig. 8.
The intermediate bearing casing in its hot environment has
to be insulated on its outer surface in a mode of insulation
withstanding the friction of the hot outer flow. The same holds
true for the three supporting ribs, which have to provide ample
inner space for transfer of oil, cooling air and steam leakage
outlet from labyrinths on both shaft sides as well as for
monitoring equipment. At the same time the bearing should be
as short as possible and the ribs should provide only a
minimum of flow resistance. Certainly this is an object that
deserves intensive flow, stress and heat transfer deliberations.
The thrust equalization of both types of power turbines
cannot be made in the conventional manner of steam turbines.
A balance piston requires a diameter of about the mean blade
mean diameter to give proper balance of axial forces. In this
case such a design would require an unacceptable flow turn and
deviation of the hot gas flow. (In a one-shaft gas turbine the
problem does not exist, since compressor thrust and turbine
thrust balance each other.) On the other hand, to carry the axial
thrust of a large power turbine especially in the conical form is
impossible for oil thrust bearings. Size and oil friction power
loss would be too high. Therefore a stepped labyrinth on the
exhaust side of the rotor drum is proposed as shown in Figs. 7
and 8, which is supplied with internal steam pressure to provide
for the necessary thrust equalization. The steam supply feeds
also the cooling flow which is led along the rotor drum surface
under the root sealing plates for the last and the penultimate
stage, whereas cooling flow to the first and second stage is
supplied via the hollow nozzle blades to an inner diaphragm
cavity from which the inflow to the hollow rotor blades is
effected. Power turbine thrust bearing is arranged outboard of
casing in vicinity of steam operated balance piston (see Figs. 7
and 8).
Low Pressure Steam Turbine (LPST)
The LPST is fed with steam of 0.75 bar and 175°C.
Expanding the steam to a condensation pressure of 0.021 bar
leads to a high volume flow. At 50 Hz a four-flow design with
three stages, as shown in Fig. 4, is able to handle the high steam
flow with excellent efficiency. The last stage is transonic with a
blade length of 970 mm. In the shaft arrangement this steam
turbine is coupled to the far side of the main generator.
HPT
The HPT is a standard high-speed back-pressure steam
turbine of 50 MW power output for which many designs are in
the market. A geared type seems to be a superior solution since
better flow efficiency and operability due to nozzle boxes and
low number of stages with long blades and low leakage loss can

be achieved. It can be coupled to the far end of the LPST or can
be used to drive a separate smaller electric generator.
Compressors C3 and C4
The delivery compressors C3 and C4, which increase the
pressure of the working fluid prior to condensation in order to
obtain better evaporation conditions for the bottoming steam
cycle, are also needed to vent the internal volume before start
up. They are driven by two separate speed-controlled motors.
Combustion
The combustion chamber and burner design proposed has
been thoroughly tested in science of combustion. Research
partners have run CH4/oxygen burners in a steam environment
successfully [22, 23]. The authors’ proposal [7] of setting a
separate oxygen and fuel inlet in the center of a strong steam
vortex in a large number of separate burners within the
combustion chamber provides for easy control of amount and
ratio of oxygen and fuel together with ignition and flame
observation. The steam vortex keeps together both reactants.
The independent supply of both reactants together with the high
flame speed caused by pure oxygen lets expect improvements
compared to the otherwise acoustic vibration prone
conventional low-NOx combustion chamber flows.
PART LOAD AND START-UP
In part load the maximum gas turbine temperature can be
lowered by reduction of heat input. With the free running
compressor shaft adjustment of flow and temperature can be
effected precisely in operating IGVs and turbine valves
accordingly.
To keep the working fluid and the CO2 delivery line free of
nitrogen in each cold start careful scavenging of all internal
volumes in turbomachinery, HRSG and piping has to be done.
Since fuel and oxygen input can be governed for each burner
quadruple ignition and safe operation of flames is secured. See
further details of the start-up process in the appendix.

ECONOMIC EVALUATION
Despite the high efficiency and the positive impact on the
environment by a Graz Cycle power plant, a future application
of this technology and an erection of a power plant mainly
depends on the economical balance. The main indicator
characterizing the economical performance of a power plant for
CO2 capture are the mitigation costs. They represent the
increased capital and operational costs incurred by new and
additional equipment and lower cycle efficiencies in relation to
the CO2 mass flow avoided. The CO2 captured has an
economic value of about 10 $/ton, if it can be used for
enhanced oil recovery (EOR) or of about 30 $/ton in the future
CO2 emission trading scenario. These prices show the current
threshold for the economic operation of zero emission power
plants.
In order to estimate the mitigation costs for a Graz Cycle
plant, an economic comparison with a state-of-the-art combined
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cycle power plant of 58% efficiency is performed. The
economic balance is based on following assumptions: 1) the
yearly operating hours is assumed at 8500 hrs/yr; 2) the capital
charge rate is 12%/yr, which corresponds to an interest rate of 8
% over a depreciation period of 15 years; 3) methane fuel costs
are 1.3 ¢/kWhth; 4) the investment costs per kW are the same
for the reference plant of about 400 MW net power output and
the Graz Cycle plant (see below); 5) additional investment costs
are assumed for the air separation unit (ASU), for additional
equipment and CO2 compression to 100 bar (see Table 2 [24]);
6) the costs of CO2 transport and storage are not considered
because they depend largely on the site of a power plant.
Table 2: Estimated investment costs

Component

Scale
parameter

Reference Plant
Investment costs
Electric power
Graz Cycle Plant
Plant investment costs Electric power
Air separation unit [24] O2 mass flow
Other costs (Piping,
CO2-Recirc.) [24]
CO2-Compression
system [24]

Specific
costs
$/kWel

$/kWel
$/(kg
O2/s)
CO2 mass flow $/(kg
CO2/s)
CO2 mass flow $/(kg
CO2/s)

Table 4: Economic data for a 400 MW Graz Cycle plant

414
414
1 500 000
100 000
450 000

The assumption of similar investment costs for a
conventional and a Graz Cycle power plant is based on a
comparison with typical turbomachinery sizes for a 400 MW
combined cycle plant as given in Table 3. It shows that the
turbine power and the HRSG is of similar size, whereas the
compressor power is remarkably smaller. On the other hand the
Graz Cycle needs a larger generator due to the additional power
consumption for ASU and CO2 compression. Development
efforts needed especially for HTT and combustor are not
considered in the investment costs.
Table 3: Comparison of equipment size for a 400 MW plant in
terms of power

Conventional
CC plant

Table 4 shows the result of the economic evaluation.
Compared to the reference plant, the capital costs are about 70
% higher only by considering the additional components for O2
generation and CO2 compression. So they contribute mostly to
the difference in COE. The fuel costs have the major influence
on the COE, especially for syngas firing, but they do not differ
largely between reference and Graz Cycle plant. The O&M
costs are assumed 15 % higher for a Graz Cycle plant due to the
operation of additional equipment.
Based on these assumptions, the COE of a methane fired
Graz Cycle plant of 53.1 % net efficiency is 0.72 ¢/kWhel
higher than for the reference plant. The mitigation costs are
21.0 $/ton of CO2 avoided, if CO2 liquefaction is considered.
This value is clearly below the threshold value of 30 $/ton
showing the economic potential of the Graz Cycle.

Graz Cycle
plant

turbine of "gas turbine"/
HTT

667 MW

618 MW

compressor of "gas
turbine"/ C1+C2+C3+C4

400 MW

232 MW

steam turbine/
HPT+LSPT

133 MW

120 MW

HRSG

380 MW

360 MW

Generator

400 MW

490 MW

Reference
plant

S-GC
base
version

414

414
288
0.0
53.1
0.99
2.45
0.8
4.24

Reference Plant
Plant capital costs [$/kWel]
Addit. capital costs [$/kWel]
CO2 emitted [kg/kWhel]
Net plant efficiency [%]
COE for plant amort. [¢/kWhel]
COE due to fuel [¢/kWhel]
COE due to O&M [¢/kWhel]
Total COE [¢/kWhel]
Comparison
Differential COE [¢/kWhel]
Mitigation costs [$/ton CO2 avoided]

0.342
58.0
0.58
2.24
0.7
3.52

0.72
21.0

The results of the economic study depend mainly on the
assumptions about investment costs, fuel costs and capital
charge rate. A cost sensitivity analysis performed in [11]
showed that a variation of the capital costs has the main
influence on the economics, since they contribute most to the
mitigation costs. Unfortunately, there is a large uncertainty of
these costs. A survey of the ASU costs vary in the range of 230
to 400 $/kWel (the same price as for a complete power plant).
These costs are for a cryogenic ASU as used e.g. in steel
industry for half a century. There is certainly a potential for
effectivity increase. Oxygen from membranes which are under
intensive development now are not yet available for plants of
the output in discussion. The ASU appears to be a decisive cost
factor. Only considering its cost variation, the mitigation costs
vary between 21.0 and 27.9 $/ton CO2 for the methane fired
plant (see Fig. 9).
This high sensitivity to the capital costs shows the dilemma
in performing an exact economic evaluation, since their
estimation for a Graz Cycle power plant is very difficult
because of new turbomachinery components. But the authors
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claim that their design of high-speed transonic stages with
innovative steam cooling allows a cost-effective manufacture.
In these considerations about the height of additional
investment costs, a further advantage of the Graz Cycle, the
almost NOx-free combustion was not evaluated. According to
[25] exhaust flow NOx and CO catalytic reduction to achieve
single-digit emissions (in strict attainment areas) can increase
gas turbine genset plant costs by 40 to 50 percent.

CONCLUSIONS
The Graz Cycle is an oxy-fuel power cycle with the
capability of retaining all the combustion generated CO2 for
further use. In order to avoid the difficulties of condensation of
water out of a mixture of steam and incondensable gases at very
low pressures, a modified cycle configuration was presented
with condensation in the range of 1 bar. It allows a separate
bottoming steam cycle with reasonably high pressures and
efficiencies, so that a high net cycle efficiency above 53 % can
be expected.
The output of the Graz Cycle plant is raised from industrial
size to 400 MW net output. A design concept for this size is
presented with two shafts. A fast running compression shaft is
driven by the compressor turbine HTTC, whereas the power
shaft comprises the power turbine HPT and the LPST.
In an economical analysis the Graz Cycle power plant is
compared with a reference plant. The resulting mitigation costs
are in the range of 20 – 30 $/ton CO2 avoided depending on the
costs of the ASU and thus are below a threshold value of 30
$/ton CO2 (assumed for future CO2 emission trading).
The authors have thus presented a design solution for an
oxy-fuel CO2 retaining gas turbine system which can by
acceptance of international gas turbine industry be put into
operation within a few years. The authors believe, that this
system is equal in thermodynamic performance to any other
proposal in the field of CO2 reduction and is superior in
applying gas turbine experience and research accumulated to
our day.
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Abstract
Within the ENCAP Project – ENhanced CO2 CAPture - the benchmarking of a
number of novel power cycles with CO2 capture was carried out. Some of these cycles
show good efficiencies but the ultimate implementation of any of them in commercial
power plants depends upon the feasibility, technical and economic, of their
components. In this paper, the methodology used to evaluate the components and
some results are described. It had two stages. The first stage was a first evaluation of
all components, based on expert opinion, resulting basically in three classes of
components, involving: 1) current engineering practices, 2) new engineering practices
but not new scientific developments and 3) substantial scientific developments. The
second stage, still in progress, is a more elaborate numerical analysis, leading to basic
design concepts. One example cycle is discussed in this paper.
1. Introduction
The ENCAP Project – Enhanced CO2 Capture is a European Union funded research
project with more than twenty partners from industry and universities. Its objective is
the investigation of technologies for power generation that would meet the target of at
least 90% CO2 capture rate and 50% CO2 capture cost reduction. ENCAP focuses on
pre-combustion and oxy-fuel types of cycles. Benchmarking of a number of novel gas
turbine based power cycles with CO2 capture was carried out in work package WP6.1.
These are shown in Fig.1. The first four cycles on the left are natural gas (NG) oxyfuel cycles, the following ten cycles are natural gas pre-combustion cycles, including
different configurations of novel reforming reactors and/or selective membranes, and
the last three are coal Integrated Gasification Combined Cycles with Chemical
Absorption, with integrated Air Separation Unit and with Oxygen Transport
Membrane respectively. For the meaning of other initials, please see Figs. 3 and 4.
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Fig. 1 – Efficiencies of the cycles studied in WP6.1
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Work package WP6.2 of ENCAP has the objective of identifying the potential
difficulties of practical implementation of these cycles in real world power plants,
from the point of view of the equipment manufacturers. The ultimate practical
implementation in power plants will depend upon attributes such as capital cost,
efficiency, reliability, availability, maintainability and life expectancy. These
attributes of the whole electricity generation system will depend on the corresponding
attributes of its components: compressors, turbines, combustors, heat exchangers and
novel components. The mission is thus to examine the components of those cycles
and to evaluate them with respect to those attributes. If it is assumed that each cycle
has on average five critical components, the task would involve around one hundred
components. As a detailed study of all components would not be practical within a
reasonable timescale, a two-stage approach was adopted.
In the first stage, a so-called ‘component book’ was created, containing some basic
information for each component:
x Inlet conditions: streams, compositions, mass flows, pressures and temperatures
x Power, polytropic and isentropic efficiencies
x Outlet conditions: streams, compositions, mass flows, pressures and temperatures
Expert opinion was then sought about the critical components, covering materials, gas
turbines with or without cooling, compressors, combustors, steam turbines, heat
exchangers and special reactors. The components were classified into three levels,
technically and economically, as shown in Table 1. In the second stage, more detailed
numerical analysis was made of selected components from the most promising cycles
studied in WP6.1 - at this point in the project, turbo-machinery components and
combustors. It would not be appropriate to report the whole set of data and results
produced in the ENCAP project. So, only the summary charts of stage one and one
example including the analyses of stages one and two are presented in sections 2 and
3.
Table 1 - Classification of components according to expert opinion
Class
Green
Yellow
Red

Technical evaluation

Economic evaluation

commercially available or current engineering
practice

usual costs of commercially available
equipment

new engineering practices but not new
significant scientific developments
considerable scientific developments and new
engineering practices

cost of new design or high capital costs due to
size, quantity or special materials
high development costs, high capital cost
and/or high operation and maintenance costs

2. The ‘Component Book’
Initially the example of the Semi-Closed Oxy-Fuel Combustion Combined Cycle
(SCOC-CC) will be discussed. Its flow diagram is shown in Fig. 2 and its individual
evaluation sheet is shown in Fig. 3.
Basically, the main difficulties of this cycle result from the combustion process and
from the working fluid in the compressor and in the gas turbine. The compressor and
the turbine require a new design because of the working fluid, but it is unlikely that
new scientific developments will be necessary. About the combustor, re-circulation of
CO2 is necessary, so that a design exit temperature is achieved and combustor cooling
is made with CO2. Also the starting transient process should be studied in a laboratory
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first and then in large scale. Considering the need for re-circulation and the transient
regime, where combustion starts with air, moving slowly to oxygen with recirculation, a new control system should be developed. However, all these
developments, though outside the current engineering practices, do not include
considerable scientific new developments. Finally, with regard to heat exchangers,
low pressures are considered but they are not as low as the pressures of the Water
Cycle.

partly shown for space reasons - heat exchangers H1 and H6-H16 not shown - ASU = Air Separation Unit

Fig. 2 – The Semi-Closed Oxy-Fuel Combustion Combined Cycle

Fig. 3 – Evaluation sheet of the Semi-Closed Oxy-Fuel Combustion Combined Cycle
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SCOC=Semi-Closed Oxy-fuel Combustion, GT=Gas Turbine, CC=Combined Cycle

Fig. 4.a - Summary of evaluation of components of all cycles studied

NTNU = Norwegian University of Science and Technology, IFP = Institut Francais du Petrole

Fig. 4.b - Summary of evaluation of components of all cycles studied
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UPB = University of Paderborn, IGCC=Integrated Gasification Combined Cycle, CA=Chemical Absorption,
ASU=Air Separation Unit, OTM=Oxygen Transport Membrane

Fig. 4.c – Summary of evaluation of components of all cycles studied

These necessary technical developments are reflected in the costs. The concern about
costs is moderate as new designs are necessary for compressor, turbine and
combustor, but no scientific investigations seem to be required. As a consequence of
these findings, no ‘red’ components are seen in the evaluation sheet of this cycle (Fig.
3).
The summary evaluation sheets shown in Fig. 4, obtained from all detailed individual
sheets made for all cycles, are self-explanatory.
3. The Semi-Closed Oxy-Fuel Combustion Combined Cycle (SCOC-CC)
Considering the good position of the SCOC-CC cycle in the overall comparison made
within WP6.1 and the absence of great challenges in the first-stage evaluation of
components, a more detailed numerical analysis – second stage analysis - was made
of some of these components. Highlights are given here about the compressor and the
combustor.
Compressor
The gas in the SCOC-CC compressor is largely carbon dioxide. Compared to air, the
gas has significantly lower values of both the gas constant and the ratio of specific
heats. It can be shown that to achieve dynamic similarity with an air compressor, the
‘CO2’ compressor should run with approximately a 25% reduction in the blade tip
speed and a 15% increase in the mass flow. In this cycle the rotational speed is 3000
rpm, i.e. the same value as that of existing 50 Hz power generation gas turbine
compressors, while the mass flow is lower than that of typical heavy-duty
compressors. Hence the diameter of the SCOC-CC compressor has to be reduced as
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compared to a compressor running with air in order to reduce the blade speed and the
associated Mach numbers.
Further the pressure ratio of 40.13 is higher than that of current power generation gas
turbines. At this high exit pressure the density of the gas is significantly higher than
air. Hence in order to achieve a reasonable hub/tip ratio of the exit stage (to avoid
large clearance losses) either the flow coefficient (axial velocity/blade speed) or the
mean radius has to be reduced. If it is assumed that flow coefficients should not be
reduced below a certain level, then the mean radius at the exit must be lower than in a
conventional gas turbine compressor. The lower radius means that for a given limiting
level of work coefficient (stage enthalpy rise over blade speed squared) more stages
are required for a compressor using CO2.
As a first step in defining the compressor a parametric study was carried out on the
first stage in isolation. An ALSTOM in-house code was run over a range of inlet
guide vane exit angles, mean radii, flow coefficients and work coefficients. Having
defined the first stage, candidate compressors were investigated. It was found that
around 24 stages were required to achieve a pressure ratio of 40 in order to stay within
conservative limits of work coefficient. A parametric study was then carried out over
a range of mean radii, flow coefficients and work coefficients for the last stage.
Distributions of the above were assumed for each stage through the compressor. The
code was then run to the required pressure ratio adjusting the level of the stage work
coefficients. After several calculations involving considerations of losses associated to
blade tip clearances and of surge margin, a configuration was selected with 24 stages
and the following last stage mean line parameters: radius = 0.64 m, flow coefficient =
0.45 and work coefficient = 0.25. A schematic view of the blade path of the final
conceptual design is shown in Fig. 5 and the relevant parameters are given in table 2.
Annulus of initial compressor concept
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Fig. 5 – Compressor profile
Table 2 - Compressor calculated parameters
Number of stages
Rotor 1 hub/tip ratio
Rotor 24 hub/tip ratio
Rotor 1 tip Mach number

24
.473
.915
1.17

Rotor 1 hub Mach number
Stator 1 hub Mach number
Exit Mach number
Length (m)

.841
.819
.221
6.654

The working fluid of the SCOC-CC compressor necessitates the design of a radically
different compressor from those currently in use in 50Hz power generation gas
turbines and requires more stages at lower exit radius. The longer and slender rotor
may result in rotor dynamics problems. Ways of reducing the overall length should be
investigated. If the parameters are not significantly modified, high efficiencies should
be attainable in line with the values currently assumed in the cycle calculations.
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Combustor
The input and output streams to the combustor (R1) with their compositions are given
in Figure 6. The numerical investigations began from general concepts acquired in
previous experience [1] and some specific design concepts were then defined for the
combustor of the SCOC-CC cycle, briefly explained below. In this cycle, natural gas
(S4) is burnt with an oxygen-rich stream (S5) in the combustion chamber (R1). The
temperature is controlled by a recycled exhaust stream (S3). The combustor exit
stream (S6) is a mixture of CO2 and steam.
S5
95% Oxygen

Natural Gas (S4)

CO2/H2O (S3)

O2 (S5)

CO2/H2O (S6)

Fig. 6 – Input and output streams to
combustor

57 kg/s
4.12 MPa
288 K

R1-mix
70% CO2
20% O2

Primary
zone
exit

341 kg/s
4.12 MPa
610 K

R1
Primary
Combustion
Zone

356 kg/s
4.12 MPa
2000 K

S3
Re-circulation
88% CO2

S4
Fuel
89% CH4

356 kg/s
4.12 MPa
579 K

S3
Dilution
88% CO2

284 kg/s
4.12 MPa
667 K

15 kg/s
6.93 MPa
283 K

S6
Combustor
exit gas
483 kg/s
4.12 MPa
1691 K

127 kg/s
4.12 MPa
667 K

Fig. 7 – Proposed flow split for the combustor

The O2 (S5) and part (approximately 69%) of the re-circulating exhaust gas (S3) (after
it has been used for primary zone cooling) are mixed and used to give the design
combustor primary zone exit temperature of approximately 2000K. The design
combustor exit temperature (1691 K) is achieved by diluting the combustor primary
zone exhaust gases with the remainder (approximately 31%) of the re-circulating
exhaust gas (S3). The proposed flow split for this combustor, given in Figure 7, is
based on one-dimensional combustor calculations.
4. Conclusions
The evaluation of all novel cycles summarized in the sheets reproduced in Fig. 4
suggests that the following cycles incorporating gas turbines would require least effort
to turn them into real power plants:
x Semi-Closed Oxy-Fuel Combustion – Gas Turbine (simple cycle)
x Semi-Closed Oxy-Fuel Combustion – Combined Cycle
x Integrated Gasification Combined Cycle – Chemical Absorption
x Integrated Gasification Combined Cycle – Chemical Absorption with Air
Separation Unit
This does not mean that they are the best solutions for the problem of reducing CO2
emissions. Within other sub-projects of ENCAP other solutions are being studied for
coal and natural gas. In the remainder of the project, some refinement is to be made of
the evaluation and classification of components shown here and deeper analysis will
be made of further components of the cycles that are in the scope of work package
WP6.2.
References
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EU project ENCAP (Enhanced CO2 Capture):
benchmarking of a pre-combustion and oxy-fuel cycles

•

Pre-combustion: Decarbonization of fossil fuel to produce pure
hydrogen for power cycle (e.g. steam reforming of methane, …)

•

•

Oxy-fuel power generation: Internal combustion with pure oxygen
and CO2/H2O as working fluid enabling CO2 separation by
condensation
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•

ENCAP efficiency for S-Graz Cycle is by 3.6 %-points lower than
own results (ASME 2006)
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power generation ?

Background - III
•

EU project ENCAP (Enhanced CO2 Capture):
benchmarking of a pre-combustion and oxy-fuel cycles

•

Among oxy-fuel cycles:
highest efficiencies for S-Graz Cycle and
Semi-Closed Oxy-Fuel Combustion Combined Cycle (SCOC-CC)

•

Objective

•
•

ENCAP efficiency for S-Graz Cycle is by 3.6 %-points lower than
own results (ASME 2006)

•
-

Feasibility study of key components:
SCOC-CC plant was evaluated technically favorable
3 components of S-Graz Cycle were ranked as critical.

Differences in efficiency to ENCAP and
New scheme of the Graz Cycle (ASME 2006) not
considered in the study

Thus comparison between both plants is repeated in this work

•
•

Thermodynamic comparison
Layout and discussion of the main components for a 400
MW power plant.

1

Graz Cycle (ASME 2006)
Condensation and
evaporation at about 1 bar

Cycle Fluid

HTT

Combustor

O2
40 bar
Fuel
(methane)

79 % H2O
21 % CO2

1400°C

580°C

HPT

40 bar

1400°C
1bar 618°C

Fuel
(methane)

Deaerator

HRSG

HTT

Combustor

175 °C

LPT

HPT
120 bar

Condenser

LPST
180 bar

6 % H2O
94 % CO2

O2

water injection
for cooling

550°C

C1/C2

Cycle Fluid

H2O

1bar
573°C

steam
330°C

SCOC-CC Scheme

560°C
387°C

0.021 bar
0.75 bar

HRSG

0.021 bar

30 bar
560°C

4 bar
Condenser

C1

180°C

Compressors C3 and C4 raise
partial steam pressure for
condensation and deliver CO2

Deaerator

CO2

CO2
C3

C4

19°C

Condenser

2-pressure reheat
steam cycle

H2O
1.95 bar

1.27 bar

water

Cooling mass flow for HTT - I

Cooling mass flow for HTT - II

Efficiency strongly depends on cooling mass flow demand!

SCOC-CC:
double number of
cooled stages

Heat transferred to blades from hot working fluid =
heating of cooling mass flow from Tc to Tm-'Td

m c
m

Influence of fluid properties

m c
m

c p, g
c p ,c

T  Tm
1
f n st St
T m  'T d  T c
sin E

Ratio of specific
heats of main flow
and cooling flow

Number of stages

c p, g
c p ,c

T  Tm
1
f nst St
Tm  'Td  Tc
sin E
Stanton number

Graz Cycle:
20 % less mass
due to steam as
cooling medium

Stanton number =
dimensionless heat
transfer coefficient

St

St

D
U c p ,g w

0.5 Re 0.37 Pr 2 3

Small advantages for Graz Cycle
conditions, but similar values for
both cycles used

Differences to ENCAP

Power Balance for 400 MW net power
Graz Cycle

SCOC-CC

Graz Cycle

SCOC-CC

HTT power [MW]

624

557

Net efficiency [%]

53.1

49.8

Cooling mass flow [%]

13.7

30.5

Net efficiency ENCAP [%]

48.9

47.7

Total turbine power [MW]

743

747

Total compression power [MW]

241

235

Net shaft power [MW]

502

508

Total heat input [MW]

753

805

Thermal cycle efficiency [%]

66.5

63.2

Electrical cycle efficiency [%]

64.7

61.5

Net efficiency (- O2/CO2) [%]

53.1

49.8

•

Higher inlet temperature of oxygen and fuel of 150°C

•

Oxygen is provided with 99 % purity at an energy requirement
of 0.25 kWh/kg compared to 95 % purity at 0.30 kWh/kg

•

Probably different assumptions of component efficiencies
and losses

•

ENCAP: difference of 1.2 %-points
this study: difference of 3.3 %-points (1.8 %-points due to
higher cooling flow demand of the SCOC-CC HTT)

2

Graz Cycle Turbo Shaft Configuration

Graz Cycle Compressor C1 Design

•
•

Main gas turbine components on two shafts for 400 MW net output

•

Power shaft of 3000/3600 rpm: power turbine HTTP as second part of
HTT drives the generator
Four-flow LPST at the opposite side of the generator

Compression shaft of 8500 rpm: cycle compressors C1 and C2, driven
by first part of HTT, the compressor turbine HTTC

•
•
•
•
•

High enthalpy increase of working fluid (3/4 steam) -> high speed
Maximum allowable inlet tip Mach number of 1.35 -> 8500 rpm
7 axial and 1 radial stage
Uncooled drum rotor of ferritic steel (high temperature 9 %-chrome steel)
First stage titanium blisk and Nimonic radial last stage
To Intercooler

Vertical section

Side
view

Intercooler

Spring supported foundation plate

To HRSG

Exit scroll
4-flow 3-stage LPST
Titanium blisk
Generator

Vaneless
radial diffuser
Radial stage
from Nickel alloy

C1

C2

HTT

From HRSG

High Speed Shaft

Low Speed Shaft

From Condenser/Evaporator

Graz Cycle Compressor C2 + 2-stage HTTC

SCOC-CC Compressor C1 Design

•
•

Compression 13 -> 40 bar, 380° -> 580°C , 7 stages, 8500 rpm
Cooled drum rotor of ferritic steel with counterflow of cooling steam
to avoid creep

•

Lower sonic velocity of CO2 (-33 %), thus tip Mach number limit of
1.35 leads to speed of 3000 rpm

•

HTTC: high enthalpy drop in 2 cooled stages

•

One-shaft design with HTT driving C1 compressor as well as the
generator (similar to ENCAP)

•
+

19 stages are suggested <-> Graz Cycle: 13 axial and one radial stage

From Intercooler
Combustor

Cooling steam

Inlet scroll

Steam injection
for meridional
flow improvement

Exit temperature is below 400rC (<-> 580rC for C2), thus no rotor
cooling is necessary

+
-

Much smaller centrifugal load: smaller stresses and cheaper material

+
-

Intercooler with its associated pressure losses not necessary

Long and slender rotor may result in rotordynamics problems.
Smaller flow efficiency expected due to endwall boundary layer
growth towards the last stages, whereas Graz Cycle intercooler
enables a compact flow profile at C2 inlet

Cooling steam

Inlet working fluid with steam content at saturation: risk of formation
of water droplets at inlet which can cause blade erosion.

C1

Graz Cycle HTT (50 Hz)
•
•
•
•
•

SCOC-CC HTT Design

2 stage HTTC running at 8500 rpm
5 stages HTTP with strong change of inner radius
2+2 stages to be cooled
Last blade length of 750 mm at 1300 mm inner radius
Necessary thrust equalization and drum surface cooling on the
exhaust side by steam

1st and 2nd
stage cooling
Rotor
cooling
Thrust equalization
and drum cooling

•
•
•
-

Compressor speed -> One-shaft design at 3000 rpm

+
-

Much smaller centrifugal load in hot section: smaller stresses

Total enthalpy drop: 830 kJ/kg (<-> 1560 kJ/kg for Graz Cycle)
8 stages <-> Graz Cycle: 7
Lower speed leads to 5 cooled stages in hot section (<-> 2 !! )
Cooling flow demand: 30.5 % (<-> 13.7%) due to more cooled
stages, lower heat capacity of CO2 and higher cooling medium
temperature

Cooling is done with nearly pure CO2 passing the combustors ->
danger of accumulation of fine particles from combustion and
thus risk of clogging the cooling flow passages and film cooling
holes
In contrast Graz Cycle uses pure steam

3

Economic Analysis - I

Comparison of Component Size
400 MW net power output

Investment costs
Component

Scale
parameter

Convent.
CC plant

Specific
costs

Reference Plant
Investment costs

Electric power

$/kWel

414

Oxyfuel Plant
Investment costs

Electric power

Air separation unit

•
•
•

$/kWel

414

O2 mass flow

$/(kg O2/s)

1 500 000

Other costs (Piping,
CO2-Recirc.)

CO2 mass flow

$/(kg CO2/s)

100 000

CO2-Compression
system

CO2 mass flow

$/(kg CO2/s)

450 000

yearly operating hours: 8500 hrs/yr

Cost of
Electricity

SCOC-CC

turbine of "gas turbine"/
HTT

667 MW

623 MW

557 MW

compressor of "gas
turbine"/C1+C2+C3+C4

400 MW

241 MW

235 MW

steam turbines/ HPT+LSPT

133 MW

120 MW

190 MW

HRSG

380 MW

360 MW

461 MW

Generator

400 MW

487 MW

495 MW

Conventional plant vs. Graz Cycle/SCOC-CC:
- total turbine power of same size
- compressor power smaller
- generator power higher

capital charge rate: 12%/yr
natural gas is supplied at 1.3 ¢/kWhth

Economical Analysis - II

COE ...

Graz Cycle

Conclusions
GC plant

Plant capital costs [$/kWel]

Reference
plant
414

414

SCOC-CC
plant
414

Addit. capital costs [$/kWel]

-

288

300

CO2 emitted [kg/kWhel]

0.342

0.0

0.0

Net plant efficiency [%]

58.0

53.1

49.8

COE f. plant amort. [¢/kWhel]

0.58

0.99

1.01

COE due to fuel [¢/kWhel]

2.24

2.45

2.61

COE due to O&M [¢/kWhel]

0.7

0.8

0.8

Total COE [¢/kWhel]

3.52

4.24

4.42

Differential COE [¢/kWhel]

0.72

0.90

Mitigation costs [$/ton CO2]

21.0

26.2

Comparison

•

ENCAP study of oxy-fuel power cycles:
two very promising variants Graz Cycle and SCOC-CC
Graz Cycle: high efficiency, SCOC-CC: relatively low complexity

•
•

This work: thermodynamic and design study of both cycles

•

Both cycles need new designs for HTT and compressors
SCOC-CC: low sonic velocity of CO2 leads to one shaft of 3000 rpm ->
more stages for compressor and HTT
Lower operating temperature of SCOC-CC compressor

•

All turbomachinery of both cycles is regarded as feasible and of similar
complexity.

•

Mitigation costs vary between 20 - 30 $/ton CO2 depending on additional
investment costs (ASU), 5 $/ton lower for Graz Cycle

•

So Graz Cycle is a very efficient and feasible solution for a future CCS
scheme

SCOC-CC: lower efficiency because of very high HTT cooling demand
due to less favorable properties of CO2.
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Evaluation of Design Performance
of the Semi-Closed Oxy-Fuel
Combustion Combined Cycle
This study aims to present various design aspects and realizable performance of the natural
gas fired semi-closed oxy-fuel combustion combined cycle (SCOC-CC). The design parameters of the cycle are set up on the basis of the component technologies of today’s state-ofthe-art gas turbines with a turbine inlet temperature between 1400  C and 1600  C. The
most important part of the cycle analysis is the turbine cooling, which considerably affects
the cycle performance. A thermodynamic cooling model is introduced in order to predict
the reasonable amount of turbine coolant needed to maintain the turbine blade temperature
of the SCOC-CC at the levels of those of conventional gas turbines. The optimal pressure
ratio ranges of the SCOC-CC for two different turbine inlet temperature levels are
researched. The performance penalty due to the CO2 capture is examined. The influences
of the purity of the oxygen provided by the air separation unit on the cycle performance are
also investigated. A comparison with the conventional combined cycle, adopting a postcombustion CO2 capture, is carried out, taking into account the relationship between the
performance and the CO2 capture rate. [DOI: 10.1115/1.4007322]

Introduction
Diverse research on CO2 capture technology in power plants
has been initiated in recent years and several distinct power plant
configurations have been suggested. Oxy-fuel combustion is one
of the leading technologies competing with pre- and postcombustion capture techniques. The major advantage of the power plant
systems that are adopting oxy-fuel combustion is that CO2 in the
flue gas can be separated by using a simple mechanical scheme
instead of complex chemical processes because its combustion
gas consists mainly of CO2 and H2O. On the contrary, oxy-fuel
combustion systems require an oxygen generation and supply
subsystem. A cryogenic air separation unit (ASU) is usually
adopted for the oxygen supply. Natural gas fired oxy-combustion
systems are usually designed as a closed cycle with a recirculation
fluid as a diluting medium in order to maintain the flame temperature in the combustor at a target value. The recirculation fluid is
none other than one of the combustion gas components: H2O or
CO2. Until now, the representative CO2 recirculating cycle proposed has been the semiclosed oxy-fuel combustion combined
cycle (SCOC-CC) [1]. The liquid phase containing much more
H2O than CO2 is extracted at the condenser. The CO2-rich gas
phase is recirculated and redundant CO2 is extracted for capture
from the recirculating fluid.
A comparison between several recently proposed oxy-fuel combustion cycles such as the GRAZ cycle [2], the CES cycle [3], and
the SCOC-CC is interesting. Recently, comparative evaluations of
the performance expectations between these three cycles were
reported [4,5]. However, a direct performance comparison is difficult to conduct because cycle configurations are very different
between these three cycles and the major components require
quite different design technologies due to a difference in the
working fluids and conditions. A generally accepted relative merit
of the SCOC-CC is as follows. The layout of the power generation
Contributed by the International Gas Turbine Institute (IGTI) of ASME for publication in the JOURNAL OF ENGINEERING FOR GAS TURBINES AND POWER. Manuscript
received June 18, 2012; final manuscript received June 29, 2012; published online
September 28, 2012. Editor: Dilip R. Ballal.

part of the SCOC-CC is the same as the conventional combined
cycle (CC). The major exceptions are that the combustor is an
oxy-fuel burner with a recirculating flow and the working fluid
properties are different. Thus, the component design modifications
from existing CC systems are expected to be much fewer in
comparison to in other oxy-fuel cycles. This is a very promising
advantage of the SCOC-CC. It was reported that the SCOC-CC
is favored, considering the diverse technical and economic
aspects [1].
The studies on CO2-rich gas as a working fluid in gas turbines
and combined cycles have become relatively active during the
past decade. Since specific development plans do not seem to
have been initiated yet, most of the related studies have presented
the fundamental performance analyses and basic component
design features. Research topics include the basic design characteristics of gas turbines and combined cycles using CO2–rich gas
as a working fluid [6,7], comparative analyses focused on performance studies [4,8,9], and considerations on using existing gas
turbines for the CO2-rich working fluid environment [10].
Besides, studies on component modeling and designs such as turbine cooling modeling [11,12] and conceptual designs of the compressor and turbine [13] have been performed.
Even though some performance forecasts and component design
characteristics of the SCOC-CC have been reported, as previously
described, numerous tasks still remain in order to realize a working
system. In particular, the cycle performance analysis, which is the
first step in developing a power plant system, should include as
many realistic factors as possible and provide a systematic view of
the design features. In this study, a parametric performance analysis
of the SCOC-CC has been conducted. The component design parameters of two gas turbines, which are commercially available or
achievable in the near future, were adopted as references. To take
into account the change in working the fluid properties, a reasonable allocation of turbine blade coolant flows was tried. In this paper,
the selection of the optimal design conditions, considering turbine
cooling, is discussed and the influences of secondary design parameters such as the oxygen purity provided by the air separation unit
are examined. Then, the SCOC-CC performance is compared with
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that of the conventional combined cycle adopting a postcombustion
CO2 capture from the perspective of the relationship between the
performance and the capture rate.

Cycle Configuration and Modeling
Configuration. The entire layout of the SCOC-CC modeled in
this study is shown in Fig. 1. The power block consists of a gas
turbine, a heat recovery steam generator (HRSG), and a steam turbine. It is very close to the conventional combined cycle, except
that the major part of the working fluid circulates inside a closed
loop, consisting of a semi-closed cycle. The combustor is an oxyfuel combustor wherein highly pure oxygen is supplied. Part of
the HRSG exhaust gas, which is the net mass added to the combustor from outside (oxygen rich flow from the ASU and fuel), is
extracted from the cycle.
The parameters of two types of high-performance gas turbines
were assumed: the 1400  C and 1600  C classes. The component
models, including turbine cooling, were modeled by referring to
those of practical gas turbines, as will be explained in the next
section. A triple pressure HRSG and steam turbine system with
reheat was adopted. A cryogenic ASU was used to separate oxygen from the ambient air because it is the most suitable separation
scheme, considering technical readiness. The ASU was modeled
after the literature and delivered oxygen at a high pressure
(27 bar), which was sufficiently high to be injected into the combustor if the pressure of the combustor inlet mainstream flow is
lower than this pressure. If the pressure ratio of the gas turbine is
higher than the ASU exit oxygen pressure, the oxygen was further
compressed using an auxiliary compressor. The purity of the oxygen supplied to the combustor affects both the purity of the captured CO2 and the power consumption of the CO2 separation unit.
Most of the oxy-fuel combustion studies have assumed over 90%
purity of the ASU exit oxygen [4,14]. A purity that is too high
(over 95%) is not recommendable because the specific power consumption (power per unit oxygen generation) excessively
increases [14]. Therefore, a 95% oxygen purity was assumed in
this study as a primary case, and then a 90% case was also considered in order to examine the effect of oxygen purity on the

Fig. 1
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performance of the entire system. All of the compositions cited in
this study are mole fractions.
Natural gas is burned with the oxygen-rich stream at the combustor and the CO2-rich combustion gas enters the turbine. The
working fluid properties are the key difference, in comparison to
the conventional combined cycle in which the turbine inlet flow is
nitrogen-rich. At the end of the HRSG, a condenser is installed,
where the working fluid is cooled down to a sufficiently low temperature to achieve condensation of the water vapor. Due to a considerably larger difference in the condensing temperatures
between the CO2 and H2O, the liquid phase at the end of the condenser is H2O-rich and the gas phase is CO2-rich. The condensate
is simply removed, and the gas phase is recirculated, thereby
forming a semi-closed cycle. The condenser exit (i.e., the compressor inlet) temperature was set at 18  C, which is achievable
through cooling by ambient air or water. A relatively small
amount of the recirculating flow is extracted for the CO2 capture.
The recirculating flow mainly consists of CO2 but also contains a
small portion of H2O.
The CO2 capture mechanism of the SCOC-CC is quite different
from those of the other capture schemes, such as the chemical
absorption process of the postcombustion capture. Since the gaseous phase after the condenser is sufficiently CO2-rich, some of it
is simply extracted and is sent to the carbon separation unit
(CSU), which pressurizes the gas and simultaneously purifies the
CO2 further by removing the water content. Actually, the CO2 purity depends on the purity of the ASU exit oxygen. The extraction
pressure is set at the ambient pressure. A three-stage compression
with intercooling was adopted, as shown in Fig. 1.
Modeling. The gas turbine part (from the compressor inlet to
the turbine exit, including the combustor) was simulated using
GateCycle [15]. All of the other components such as the steam turbine cycle, including the HRSG and the condenser, the ASU, and
the carbon separation unit (CSU) were simulated using ASPEN
HYSYS [16], which was more suitable for modeling the calculation
of general processes including material separation processes. Mass
flows and thermodynamic properties at all of the flow streams
between the gas turbine and the remaining parts (separately simulated by GateCycle and ASPEN HYSYS, respectively) were

Schematic diagram of the SCOC-CC system
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deliberately matched to ensure the mass and energy balances of the
entire plant.
We selected two turbine inlet temperatures that correspond to
the current state-of-the-art and advanced technologies (F and J
class gas turbines, respectively): 1418  C and 1600  C. To obtain
a practically feasible performance of the SCOC-CC, we simulated
commercial gas turbines in the two temperature classes and used
the component performance characteristic parameters, such as
compressor and turbine efficiencies and turbine cooling parameters, as reference data for the SCOC-CC analysis. The performance summaries of the conventional combined cycle plants using
the two engines are shown in Table 1. The simulated performance
is also shown, which corresponds very well with the data from the
literature [17,18].
In the SCOC-CC, the compressor pressure ratio was varied to
obtain optimal design conditions for each turbine inlet temperature.
An ASU having an oxygen delivery pressure of 27 bar was modeled
with a reference to the literature [14]. The details of the ASU are
shown in Fig. 1. The ASU consumes a considerable amount of electric power to separate the oxygen, penalizing the SCOC-CC’s performance. Thus, a precise calculation of the ASU is important. Our
calculated specific power consumption (power per unit oxygen generation) agreed very well with the literature data in a practical oxygen purity range: 260.4 kW h/ton-O2 (simulated) versus 260.2 kW
h/ton-O2 (see Ref. [14]) for 95% O2 purity, and 242.2 kW h/ton-O2
(simulated) versus 239.2 kW h/ton-O2 (see Ref. [14]) for 90% O2
purity, respectively. The ASU power consumption was calculated
by using the following equation
W_ ASU ¼ ðW_ AAC þ W_ C;air þ W_ P;O2 þ W_ C;O2 Þ=gmo

(1)

When the gas turbine pressure ratio is sufficiently high, the auxiliary oxygen compressor is used to supply the oxygen-rich stream
out of the ASU to the combustor. The fuel in the SCOC-CC is
also natural gas, as in conventional combined cycles. The natural
gas consists of 90% CH4, 6% C2H6, 2.5% C3H8 by volume, and
other miscellaneous higher hydrocarbons and its lower heating
value (LHV) is 49,244 kJ/kg. It was assumed that the pressure of
the natural gas supplied to the plant is 30 bar. A fuel compressor
was used to pressurize the fuel up to a pressure which is 30%
higher than the combustor pressure. In the oxy-combustor,
natural gas reacts with the oxygen-rich stream from the ASU and
the CO2-rich recirculating flow supplied by the gas turbine

Table 1 Performance of combined cycle plants using two reference gas turbines
1400  C class
Item
Compressor inlet
mass flow(kg/s)
Pressure ratio
Total coolant fraction (%)
Number of turbine stages
Turbine inlet temperature
( C)
Turbine exhaust temperature
( C)
Comp. polytropic efficiency
(%)
Combustor pressure drop
(%)
Turbine stage efficiency
(%)
GT power (MW)
ST power (MW)
CC power output (MW)
CC efficiency (%)

1600  C class

Ref. [17] Simulation Ref. [18] Simulation
507.2

598.7

17.4

23

—

20.2

—

4
1418
578

16.7
4
1600

582

compressor plays the role of the diluting medium. Given a compressor inlet air flow and pressure ratio, the fuel flow and oxygen
flow rates were determined to achieve the specified turbine inlet
temperature.
From the simulation of the two reference commercial gas turbines, we obtained the component parameters, as listed in Table 1.
The compressor and turbine efficiencies were feasible as design
values for advanced gas turbines. We used them as reference values
for the SCOC-CC simulation. Turbine cooling considerably affects
the gas turbine performance. The estimated total coolant fractions
(total cooling air flow divided by compressor inlet air flow) are also
shown in Table 1. It did not seem very reasonable to assign the
same coolant fractions to any other design conditions. Especially,
in the SCOC-CC, the pressure ratio and the properties of the working fluids deviate a great amount from those of the two conventional gas turbines. Therefore, a reasonable assumption is required
to assign feasible coolant flows. First, we assumed that similar
materials and cooling technologies, as in the two gas turbines,
would be adopted in the two turbine inlet temperature (TIT) classes,
respectively. The temperatures of all of the cooled blades of the
two reference gas turbines were assumed to be 870  C, considering
the current technology status. We assumed that the temperature of
the first stage nozzle blade of the SCOC-CC gas turbine would be
the same as in the conventional gas turbines. Then, a thermodynamic cooling model [19] was used to calculate the coolant flows.
The cooling effectiveness and the relation between the effectiveness and the heat capacity ratio (between the coolant and hot gas)
were represented by the following equations. The second equation
forms a cooling effectiveness curve

632

631.5

—

89.3

—

91.5

—

4.0

—

4.0

—

89.2

—

91

196.4
112.6
309.0
57.0

198.6
105.5
304.1
56.8

320
140
460.0
61.0

326.8
143.1
469.9
60.6
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/¼

Tg  Tb
;
Tg  Tc

m_ c cpc
/
¼C
1/
m_ g cpg

(2)

In the reference calculation of the two engines in Table 1, the
cooling parameter C, which represents the cooling technology
level, was determined for each cooled blade. Then, in the calculation of the SCOC-CC, the parameter C was retained and the coolant flow rate was determined to achieve the same nozzle blade
temperature for a new design condition which greatly deviated
from the reference design condition in terms of the properties and
temperatures of both the hot gas and the coolant.
The coolant flows of all of the other cooled blades (both the
nozzle and rotor blades) were determined using the following proportional equation instead of the detailed calculation adopted in
the first stage. The feasibility of this method will be discussed in
the section titled “Results and Discussion”
ðCp  m_ c Þothers
ðCp  m_ c Þ1N
¼
ðCp  m_ c Þothers;ref ðCp  m_ c Þ1N;ref

(3)

Since a wide range of pressure ratios were investigated in this
work, corrections for the compressor and turbine efficiencies
were taken into account. In the compressor, since the polytropic
efficiency naturally accounts for a correction of the isentropic efficiency depending on pressure ratio, the reference polytropic
efficiencies in Table 1 were used. A recent study on detailed aerodynamic designs [13] confirmed that a pressure ratio which
exceeds conventional design values considerably can still be
designed with four turbines stages. Hence, the number of turbine
stages (four) of the reference engines in Table 1 was maintained.
However, the stage efficiency needed to be corrected because, in
general, it tends to decrease as the blade loading increases. Since
a full aerodynamic design was not used in this study, a simple efficiency correction using a database was used. The database of the
Smith chart [20], showing the relation between stage efficiency
and loading coefficient, was appropriate for this purpose. We
selected a reference design condition (flow coefficient and loading
coefficient) on the chart and generated the following efficiency
NOVEMBER 2012, Vol. 134 / 111702-3
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Table 2
losses

Parameters of the bottoming cycle and the auxiliary

HPT pressure (kPa)
IPT pressure (kPa)
LPT pressure (kPa)
Maximum HP/IP steam temperature ( C)
ST polytropic efficiency (HP/IP/LP) (%)
Condensing pressure (kPa)
Pinch temperature difference (HP/IP/LP) ( C)
Pump isentropic efficiency (%)
Pressure losses (%)
Motor efficiency (%)
Generator efficiency (%)

12,400
2350
240
565
86.4/89.0/90.5
4.62
35/40/5
80
0.55.0
95
98.5

correction function, in terms of loading change, as a linear
equation


gst
w
(4)
¼f
wref
gst;ref
We applied this correction factor to every stage in our calculation. The aforementioned models for the blade cooling and the
stage efficiency correction were additionally embedded in the
GateCycle using macro functions. The gas turbine power output
was calculated as follows
W_ GT ¼ ðW_ T  W_ C =gmech Þ  ggen

(5)

The design parameters of the steam bottoming cycle and auxiliary losses are shown in Table 2. The high pressure/intermediate
pressure (HP/IP) steam temperature shown in the table is an
allowable limit. If the gas turbine exhaust temperature is not sufficiently high to achieve this steam temperature, it was set at 10  C
lower than the gas temperature. The HRSG exit gas is CO2-rich
(over 80% for the ASU O2 purity over 90%). At the condenser
exit, the condensate is dumped out and a portion of the gaseous
phase is extracted and fed to the CSU, which compresses the CO2
and simultaneously purifies it by removing the water. Since the
removed water at the CSU contains only a very small amount of
dissolved CO2, nearly all of the net CO2 generation in the cycle
can be captured; that is, the CO2 capture rate, defined by the following equation, is very high (over 99%), which must be an
advantage of the SCOC-CC
capture rate ¼

CO2;captured
CO2;generated

(6)

The CSU requires power consumption for gas compression and
cooling water pumping and it was calculated as follows. The
delivery state of the captured CO2 is 150 bar and 40  C (liquid)
and the two intermediate pressures are 5.47 and 29.7 bar [21]
W_ CSU ¼ ðW_ C;CO2 þ W_ P;H2 O Þ=gmo

(7)

The net SCOC-CC power output and efficiency were defined as
follows
W_ SCOCCC;net ¼ W_ GT þ W_ ST  W_ ASU  W_ CSU
gSCOCCC;net ¼

W_ SCOCCC;net
ðm_  LHVÞNG

(8)
(9)

Results and Disccusion
Overview. First, the design performance expectations with the
pressure ratio as a primary design parameter for the two turbine
inlet temperatures will be presented. Then, the influence of the
111702-4 / Vol. 134, NOVEMBER 2012

Fig. 2 Efficiency versus the specific power chart for the
SCOC-CC using the 1400  C class gas turbine

ASU oxygen purity will be explained. Finally, the SCOC-CC performance will be compared with the performance of the conventional CC coupled with a postcombustion CO2 capture.
Performance Characteristics. The predicted SCOC-CC performance for a wide pressure ratio (PR) range with a TIT of
1418  C was summarized in the specific power versus efficiency
chart of Fig. 2. The ASU exit oxygen purity for all of the simulations in this section is 95% (by mole). Also shown is the performance of a conventional combined cycle adopting the same TIT.
Pay attention only to the markers with solid lines. The dotted lines
will be explained later. First, we confirmed that the pressure ratio
of the commercial engine in Table 1 (17.4) is the optimal design
point in terms of the CC efficiency. This is a reasonable result
considering that the combined cycle is targeted to achieve maximum fuel economy (efficiency), which can also be confirmed
from the manufacturer’s design criteria. In this respect, the current
simulation result seems to be quite feasible. The optimal pressure
ratio of the SCOC-CC is considerably higher in comparison to the
conventional CC. In addition, the gross performance of the
SCOC-CC is much higher than that of the conventional CC. The
SCOC-CC yields a much larger power output per compressor inlet
air flow (i.e., the specific power is greater), mainly due to the
increased turbine mass flow (remember that the oxygen for the
combustor is supplied from outside of the cycle). The thermodynamic properties of the CO2-rich working fluid are different from
those of the ambient air and its combustion gas in the conventional CC. In particular, the difference in specific heat is one of
the major causes for the performance difference. The CO2-rich
gas has a lower specific heat at relatively low temperatures (e.g.,
the compressor part) and a higher specific heat at higher temperatures (e.g, the turbine part) in comparison to the working fluids of
the conventional CC. As a result, the optimal efficiency of the
SCOC-CC appears at a much higher pressure ratio than in the conventional CC. The gross efficiency reaches almost 60% with a
pressure ratio around 60. The net SCOC-CC efficiency reduces by
more than 10 percentage points. The best net efficiency is about
48.5% and is also achieved by a pressure ratio around 60.
The turbine blade cooling needed to be checked. Figure 3
shows the variations in the compressor discharge temperature
(CDT) and the turbine exit temperature (TET). Let’s compare the
results of the conventional CC and the SCOC-CC at a same pressure ratio. The CDT of the SCOC-CC is more than 100  C lower
than that of the conventional CC. In the turbine, temperature drop
of the SCOC-CC is lower than in the conventional CC, resulting
in a higher TET at the same pressure ratio. The lower CDT is positive in the viewpoint of the first stage nozzle cooling because the
cooling effectiveness becomes lower as the coolant temperature
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Fig. 3 Variations in the compressor discharge temperature
and turbine exhaust temperature with the pressure ratio
(1400  C class)

(CDT) becomes lower (see the first equation of Eq. (2)). Figure 4
shows the cooling effectiveness curve, which is a graphical representation of the second equation of Eq. (2), with several design
points of both the SCOC-CC and the conventional CC. The
increased specific heat of hot gas is a negative factor. However,
since the positive effect prevails, the coolant fraction of the
SCOC-CC is less than in the conventional CC at the same pressure ratio. Figure 5 shows the total coolant fractions for the two
cases. The dotted line will be explained in the next paragraph.
Since the coolant flow after the first stage was assigned by the
rather simple scaling of Eq. (3), we checked the temperatures of
the 2nd and 3rd stage nozzles. Figure 6 shows the results. The first
stage temperature was kept constant, as explained. In the lower
pressure ratio range, the temperatures of the 2nd and 3rd stage
nozzles exceed the design value because the stage inlet gas temperature (Tg in Eq. (2)) is higher than the reference temperatures
of the conventional CC (i.e., the temperature drop at a given pressure ratio is smaller in the SCOC-CC, as previously explained;
see Fig. 3). At around the optimal efficiency point (a PR of 60),
they become similar to the reference design value of 870  C.
Above this pressure ratio, they become lower. At the optimal pressure ratio, the temperatures of all of the blades would be very
close to the reference design value but require more total coolant
flows (see the difference between the PR 60 of the SCOC-CC and
the PR 18 of the conventional CC in Fig. 5).

Fig. 4 Cooling effectiveness of the 1st stage nozzle blade
(1400  C class)
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Fig. 5 Variations in the total coolant fraction (total coolant
divided by compressor inlet air) with the pressure ratio (1400  C
class)

In any case, we may want to select a relatively low pressure ratio because the optimal pressure ratio is much higher than those of
currently available commercial gas turbines. Furthermore, a large
reduction in the pressure ratio from the optimal point provides a
greater enhancement of the specific power while the efficiency
loss is only marginal. For example, with a pressure ratio of 30, the
efficiency decreases by 0.5% point from the optimal value, but the
specific power increases by 15%. However, with the selection of a
much lower pressure ratio than the optimal pressure ratio, we
would have much higher blade temperatures, as shown in Fig. 6
(30  C to 50  C increases for a PR of 30, compared with a PR of
60). This means that we should have higher-quality blade materials, which increases the development cost. The other option, to
select the lower pressure ratio as a design point while maintaining
the blade temperatures of the 2nd and 3rd stage without enhancing
the material capability and cooling technologies, is to use more
coolant to those locations. A calculation wherein the temperatures
of all the blades were kept at the reference temperature (870  C)
by increasing coolant flows of the 2nd and 3rd stages was performed and the results are indicated in Fig. 2 by markers with dotted lines. The required total coolant flow is also indicated in Fig. 5
as a dotted line. It is confirmed that an increase of coolant flows
causes a remarkable power and efficiency reduction. The result
means that a simple increase in coolant flows to achieve blade
temperatures as in conventional gas turbines cannot be a good solution. Therefore, material reinforcement should be a better

Fig. 6 Variations in the nozzle blade temperatures with the
pressure ratio (1400  C class)
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Fig. 7 Efficiency versus the specific power chart for the
SCOC-CC using the 1600  C class gas turbine

option. Or, using a better cooling technology which requires the
same coolant flows but decreases blade temperatures can be
another option. However, both of these two options cause an
increase of the development cost. In summary, pressure ratios
around the optimal point in terms of net cycle efficiency are also
feasible as a design point in the viewpoint of the thermal design of
turbine blades. Consequently, the result of the present study suggested that a pressure ratio of around 60 would be appropriate as a
design point of the SCOC-CC using a TIT around 1400  C, considering both the net cycle efficiency and the design feasibility of
the turbine.
Figure 7 presents the specific power-efficiency chart for the case
using the 1600  C class gas turbine. The trend is quite similar to
Fig. 2, except that efficiency and specific power are higher than in
Fig. 2 and the optimal pressure ratio is higher. The optimal pressure
ratio, in terms of the net cycle efficiency, is around 90 where both
the gross and net efficiencies are about 4 percentage points higher
than the corresponding optimal efficiencies in Fig. 2. It is noticeable
that the net efficiency of over 50% is possible. The trends in the
variations in the blade temperatures were similar to those in Fig. 6:
the temperatures of the 2nd and 3rd stage blades are close to the
design values at the optimal pressure ratio (90) and become higher
as the pressure ratio decreases. Thus, the same conclusion regarding
the design point selection as in the cycle with 1400  C TIT is possible: the best efficiency point should be the most feasible design

point, while a selection of relatively lower pressure ratios requires
material reinforcement of the turbine blades or upgrades of the turbine cooling technology.
Table 3 summarized the performance data for the optimal design
points. Results for both the conventional cycle and the SCOC-CC
are compared in the two TIT classes, respectively. We now focus
our interest on the case with a 95% ASU oxygen purity. The case
with 90% purity will be discussed in the next section. In both TIT
classes, the auxiliary power consumption penalizes the cycle efficiency by about 18% (about 11 percentage points). In comparison
with the reference efficiency of the conventional CC, the net cycle
efficiency is about 8 percentage points lower. The ASU power consumption is much larger than the CSU power consumption, which
means that the technology advancement in the ASU would enhance
the SCOC-CC efficiency. For example, a 20% reduction in the
ASU power would yield a 1.7 percentage points improvement in
the net cycle efficiency in the 1400  C class: the net efficiency
would be over 50%. The CO2 capture rate is very high because
only a very small amount of CO2 dissolved in the water is extracted
out from the CSU. The purity of the captured CO2 is close to 90%
with a 95% ASU oxygen purity.
Since the pressure ratios of the optimal design conditions of the
SCOC-CC are much higher than for the conventional CC, special
attention should be given to the compressor design. A recent conceptual aerodynamic design of the same cycle [13] demonstrated
that a pressure ratio of 39 could be designed with 18 compressor
stages. According to their study, the average stage pressure ratio
is around 1.2-1.23, which is very similar to that of the state-ofthe-art conventional gas turbines (14-15 stages for a pressure ratio
of 17-18). Thus, we can expect that 20-21 stages and 22-23 stages
would be appropriate for the pressure ratios of 60 and 90. Even
though the pressure ratios are high, the compressor discharge temperature is acceptable. As Table 3 shows, it remains between
463  C and 525  C in the SCOC-CC. It is somewhat higher than
that of the conventional CC (437  C to 479  C). However, it is
quite achievable without critical material reinforcement because
temperatures much higher than 500  C are already available in
industrial gas turbines which have a pressure ratio of over 30 [22].
Of course, such a high temperature is quite the norm in aeroderivative gas turbines, which have higher pressure ratios than industrial gas turbines.
Effect of Oxygen Purity. The purity of the oxygen supplied by
the ASU affects the compositions of the working fluid. Tables 4
and 5 show the compositions and properties of the working fluid at
several locations. As the oxygen purity decreases, the nitrogen

Table 3 Performance of the SCOC-CC and comparison with the conventional CC
CC


Turbine inlet temperature ( C)
Pressure ratio
ASU O2 purity (%)
Compressor inlet temperature ( C)
Inlet mass flow (kg/s)
Compressor discharge temperature ( C)
Fuel supply (kg/s)
Fuel compression power (MW)
Turbine exit temperature ( C)
GT power output (MW)
ST power output (MW)
Gross power output (MW)
Gross cycle efficiency
ASU power (MW)
CSU power (MW)
CO2 capture rate (%)
CO2 purity (%)
Net cycle power output (MW)
Net cycle efficiency (%)
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18
—
15
437.3
10.74
—
576.4
197.6
102.7
300.3
56.8
—
—
—
—
300.3
56.8

SCOC-CC
1418
60
95
18
507.2
463.1
12.25
1.9
587.7
244.6
114.2
358.8
59.5
52.0
15.8
99.5
89.5
291.1
48.2

CC

60
90
18

24
—
15

478.5
12.00
1.9
572.2
242.4
108.9
351.3
59.4
50.0
17.1
99.5
81.5
284.2
48.1

478.9
15.60
—
623.5
325.8
140.3
466.1
60.6
—
—
—
—
466.1
60.6

SCOC-CC
1600
90
95
18
598.7
508.6
18.61
4.4
635.0
420.9
160.4
581.3
63.4
82.8
24.7
99.5
89.5
473.8
52.2

90
90
18
525.9
18.31
4.4
617.3
419.4
153.3
572.7
63.5
80.1
27.1
99.5
81.5
465.5
51.6
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Table 4

Compositions and properties at several locations (1400  C class, PR 60, 95% oxygen purity)
Composition (mole fraction)

Item

Mass flow (kg/s)

T ( C)

P (kPa)

CO2

H2O

N2

Ar

O2

Density (kg/m3)

cp (kJ/kg  C)

507.2
387.3
450.4
570.3
570.3
544.5
37.2
50.9

18.0
463.1
1418.0
587.7
117.0
18.0
40.0
25.0

101.3
6049
5807
103.5
101.8
101.3
15000
2700

0.885
0.885
0.774
0.796
0.796
0.885
0.895
0.001

0.020
0.020
0.144
0.119
0.119
0.020
0.0094
—

0.03
0.03
0.026
0.027
0.027
0.030
0.030
0.013

0.065
0.065
0.056
0.058
0.058
0.065
0.0656
0.035

—
—
—
—
—
—
—
0.95

1.799
41.98
16.20
0.582
1.266
1.799
647.8
35.95

0.861
1.128
1.410
1.192
0.966
0.861
3.195
0.944

(1) Compressor inlet
(2) Compressor outlet
(3) Combustor outlet
(4) Turbine outlet
(5) HRSG outlet
(6) Condenser outlet
(7) CSU outlet
(8) ASU outlet

Table 5

Compositions and properties at several locations (1400  C class, PR 60, 90% oxygen purity)
Composition (mole fraction)

Item
(1) Compressor inlet
(2) Compressor outlet
(3) Combustor outlet
(4) Turbine outlet
(5) HRSG outlet
(6) Condenser outlet
(7) CSU outlet
(8) ASU outlet

Mass flow (kg/s)

T ( C)

P (kPa)

CO2

H2O

N2

Ar

O2

Density (kg/m3)

cp (kJ/kg  C)

507.2
383.6
447.9
571.4
571.4
544.5
38.9
52.2

18.0
478.5
1418.0
572.2
117.7
18.0
40.0
25.0

101.3
6049
5807
103.5
101.8
101.3
15000
2700

0.806
0.806
0.709
0.729
0.729
0.806
0.815
0.001

0.020
0.020
0.139
0.114
0.114
0.0201
0.0093
—

0.110
0.110
0.097
0.099
0.099
0.110
0.111
0.065

0.065
0.065
0.056
0.058
0.058
0.064
0.065
0.034

—
—
—
—
—
—
—
0.90

1.753
39.80
15.80
0.578
1.231
1.753
518.6
35.69

0.870
1.130
1.402
1.183
0.972
0.870
3.092
0.950

content increases and the CO2 content decreases inside the cycle.
Therefore, the purity of the CO2 extracted from the cycle for capture also decreases. The final CO2 purity at the end of the capture
process with a 90% oxygen purity is barely over 80%, which is
much lower than the almost 90% in the case of a 95% oxygen purity. The change in oxygen purity also affects the cycle performance: see Table 3 for a performance comparison between the 90%
and 95% oxygen purity cases. A decrease in oxygen purity slightly
reduces the gas turbine power and further reduces the steam turbine
power contributed by the lower gas turbine exit temperature. Since
the fuel supply also decreases a bit due to the increased compressor
discharge temperature, the net efficiency does not effectively
change.
All of our simulations were based on the stoichiometric reaction
at the combustor, i.e., no excess oxygen supply. However, some
excess oxygen may exist in a real plant. Additionally, a sensitivity
analysis was performed to determine the influence of the presence
of excess oxygen on the cycle performance. It was found out that
1% excess oxygen would decrease the system efficiency by 0.5
and 0.2 percentage points in the 1418  C and 1600  C cases,
respectively.
Comparison With Postcombustion Capture. Postcombustion
CO2 capture is the conceptually simplest idea wherein the power
cycle modification is minimized. However, a complicated absorption capture process is required. We intended to compare the thermodynamic performance of the SCOC-CC with the conventional
CC coupled with a postcombustion capture. A special focus was
given to the capture rate of the absorption process and its effect on
net system performance.
Figure 8 shows the entire power system adopting a postcombustion capture. An amine-based (monoethanol amine (MEA))
absorption capture process was modeled after the literature [23].
After being captured at the absorption process, the CO2 is purified
and compressed up to the same state as in the SCOC-CC using the
CSU. The details of the absorption process need not be explained
here because they are relatively well known. The absorption process requires a great amount of energy consumption at the
Journal of Engineering for Gas Turbines and Power

reboiler. The heat for the reboiler is supplied using the steam from
the bottoming cycle. In this study, the IP steam was used and
returned to the feedwater stream, as shown in the figure. Based on
the published technology status, the CO2 capture rate of the
absorption process (CO2 at the exit (point 6) divided by CO2 from
the HRSG (point 5)) was set at over 85%: the usual capture rate
that appears in the literature is 85% to 90% [24,25]. A reference
calculation was performed for an 85% capture rate and the thermal energy for the reboiler was estimated to be 3.63 GJ/ton-CO2.
This is very well matched with the reference data (3.4 to 3.65 GJ/
ton-CO2 for the 82% to 85% capture rate) [23], which validated
the absorption process modeling of this study.
The overall capture rate, the definition of which is the same as
in Eq. (6), does not change much from the capture rate of the
absorption process because the CSU process is the same as before
and only purifies the CO2. Therefore, the overall capture rate of
this reference case (85%) is much lower compared with those of
the SCOC-CC (over 99%). Since a direct performance comparison
between the present case with only an 85% capture rate with the
SCOC-CC case with over a 99% capture rate does not seem reasonable, the capture rate was varied and its effect on the net cycle
performance was evaluated. Figure 9 shows the impact of the
absorption CO2 capture. An increase in the absorption CO2 capture rate requires more thermal energy of the reboiler because it
requires an increase in the MEA flow rate. The heat demand
abruptly increases as the absorption CO2 capture rate exceeds
90%, resulting in a large penalty in the steam turbine power and
cycle efficiency. The performance summaries for the combined
cycle plants with the postcombustion capture using 1400  C and
1600  C class gas turbines are shown in Table 6 (the reference CC
performance is shown in Table 3).
For example, with an absorption capture rate of 85% in the case
of the gas turbine of the 1400  C class, the steam turbine power
loss due to the heat transport to the reboiler is about 21 MW
(81.0 MW in Table 6 versus 102.7 MW in Table 3). Since the
power consumption of the absorption process is relatively very
small, most of the auxiliary power consumption is due to the
CSU. The net cycle efficiency was predicted to be 50.4%, which
is 6.4 percentage points lower than the gross CC efficiency
NOVEMBER 2012, Vol. 134 / 111702-7
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Fig. 8

Schematic diagram of the conventional CC with a postcombustion CO2 capture

Fig. 9 Variations in reboiler heat demand, steam turbine
power, and net cycle efficiency with the absorption capture rate
(1400  C class; PR 18)

without capture (see Table 3), but 1.9 percentage points higher
than that of the SCOC-CC (the 95% oxygen purity case). Of
course, the net cycle power output is smaller than for the SCOCCC. However, the major disadvantage of the postcombustion

capture relative to the SCOC-CC is the low overall CO2 capture
rate, as explained in the last paragraph of this section. The overall
capture rate is only 84.9%, which is considerably lower than for
the SCOC-CC. The compositions and properties at several major
locations are exemplified in Table 7, which can be compared with
those in Table 4 for the SCOC-CC.
If the overall CO2 capture rate is increased to 89.9%, which is
still much lower than for the SCOC-CC, the net cycle efficiency
becomes similar to that of the SCOC-CC. With a 92.8% overall
capture rate, the thermal energy requirement of the reboiler
becomes too much, resulting in a net efficiency of only 44.1%,
which is considerably lower than that of the SCOC-CC. Increasing
the overall capture rate beyond this value does not seem both technically and economically feasible. A similar pattern was observed
for the case with the 1600  C gas turbine. The high purity of the
captured CO2 is a relative merit of the postcombustion capture
over the SCOC-CC.
In summary, the SCOC-CC might appear to be less efficient
than the conventional CC with a postcombustion capture technology. However, the CO2 capture rate of the SCOC-CC is much
higher than for the postcombustion capture. Therefore, a more reasonable comparison should be made, taking into account a comparable capture rate. If a very high capture rate (well over 90%) is
required, the SCOC-CC is definitely superior to the postcombustion capture in terms of the net system efficiency. An economic

Table 6 Performance of the conventional CC with the postcombustion capture
Item
Absorption CO2 capture rate (%)
GT power output (MW)
ST power output (MW)
Gross power output (MW)
Gross cycle efficiency
CSU power (MW)
Overall CO2 capture rate (%)
CO2 purity for storage (%)
Net cycle power output (MW)
Net cycle efficiency (%)

111702-8 / Vol. 134, NOVEMBER 2012

1418  C NGCC, PR18
85
197.6
81.0
278.6
52.7
12.0
84.9
99.0
266.6
50.4

90
197.6
74.5
272.1
51.4
12.9
89.9
99.0
259.3
49.0

93
197.6
52.5
250.1
47.3
16.8
92.8
98.9
233.4
44.1

1600  C NGCC, PR24
85
325.8
109.0
434.8
56.6
17.4
84.9
99.0
417.4
54.3

90
325.8
101.1
426.9
55.5
18.4
89.9
99.0
408.5
53.1

93
325.8
75.7
401.5
52.2
22.8
92.8
98.9
378.7
49.3
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Table 7
PR 18)

Compositions and properties at several locations in the conventional CC with the postcombustion capture (1400  C class,

Composition (mole fraction)
Item
(1) Compressor inlet
(2) Compressor outlet
(3) Combustor outlet
(4) Turbine outlet
(5) HRSG outlet
(6) Condenser outlet
(7) CSU outlet

Mass flow (kg/s)

T ( C)

P (kPa)

CO2

H2O

N2

Ar

O2

Density (kg/m3)

cp (kJ/kg  C)

507.2
403.8
414.5
518.0
518.0
32.6
25.6

15.0
437.3
1418.0
576.4
118.8
93.9
40.0

101.3
1814
174
103.5
101.8
200
15,000

0.0003
0.0003
0.047
0.038
0.038
0.596
0.990

0.010
0.010
0.097
0.080
0.080
0.403
0.0096

0.773
0.773
0.739
0.746
0.746
0.0003
0.0003

0.0092
0.0092
0.0088
0.0089
0.0089
0.0003
0.0003

0.207
0.207
0.109
0.128
0.128
0.0004
0.0001

1.221
8.816
3.501
0.417
0.889
2.216
766.2

1.009
1.099
1.332
1.175
1.071
1.127
2.925

evaluation, especially the initial investment cost analysis, is
beyond the scope of this work. However, it seems quite feasible to
imagine that the relative economic merit of the SCOC-CC over
the postcombustion capture would be dominant as the CO2 capture requirement becomes tighter.

Conclusion
The design performance of the SCOC-CC was evaluated for
two turbine inlet temperatures, taking into account practical component parameters including turbine cooling. The performance
characteristics were investigated and compared with those of the
conventional combined cycle coupled with a postcombustion capture. The results are summarized as follows:
(1) The optimal pressure ratio (the best efficiency condition) of
the SCOC-CC is much higher than for the conventional
combined cycle. The optimal pressure ratio, in terms of the
net cycle efficiency, is around 60 and 90 for turbine inlet
temperatures of 1418  C and 1600  C, respectively. With a
relatively lower pressure ratio, the turbine blade temperatures would be higher than for conventional gas turbines or
better cooling schemes should be adopted. Otherwise, the
performance penalty due to cooling would be considerable.
(2) With optimal design conditions, the net cycle efficiency is
lower than the efficiency of the conventional CC by about 8
percentage points for both of the two turbine inlet temperatures. The oxygen purity of the ASU exit stream affects the
net power output, but its effect on the net cycle efficiency is
only marginal. The CO2 capture rate is extremely high (over
99%) and is not affected by the oxygen purity. However, the
oxygen purity considerably affects the purity of the captured
CO2. The CO2 purity is almost 90% with a 95% oxygen purity, but is reduced to 81.5% with a 90% oxygen purity.
(3) The very high CO2 capture rate of the SCOC-CC cannot be
achieved by the postcombustion capture. The postcombustion capture could provide a similar, or slightly higher, net
efficiency than the SCOC-CC only when the CO2 capture
rate remains under 90%. Otherwise, the energy consumption of the postcombustion capture is too high for its net efficiency to be comparable to the SCOC-CC.
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Nomenclature
ASU ¼
cp ¼
C¼
CC ¼

air separation unit
specific heat (kJ/kg K)
cooling parameter
combined cycle
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CDT ¼
CSU ¼
GT ¼
HP ¼
HRSG ¼
IP ¼
LHV ¼
LP ¼
m_ ¼
PR ¼
SCOC-CC ¼
ST ¼
T¼
TET ¼
TIT ¼
W_ ¼
g¼
/¼
w¼

compressor discharge temperature
carbon separation unit
gas turbine
high pressure
heat recovery steam generator
intermediate pressure
lower heating value (kJ/kg)
low pressure
mass flow rate (kg/s)
pressure ratio
semi-closed oxy-fuel combustion combined cycle
steam turbine
temperature ( C)
turbine exhaust temperature ( C)
turbine inlet temperature ( C)
power (MW)
efficiency
cooling effectiveness
loading coefficient

Subscripts
AAC ¼
b¼
c¼
C¼
g¼
gen ¼
mech ¼
mo ¼
net ¼
NG ¼
P¼
ref ¼
st ¼
T¼
1N ¼

auxiliary air compressor
blade
coolant
compressor
main stream gas
generator
mechanical
motor
net performance
natural gas
pump
reference
stage
turbine
1st stage nozzle
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A novel hybrid power system with zero CO2 emission (ZE-SOLRGT) has been proposed and analyzed in
this paper. It consists of a high temperature Brayton-like topping cycle and a high pressure-ratio
Rankine-like bottoming cycle, integrated with methane-steam reforming, solar heat-assisted steam
generation and CO2 capture and compression. Water is selected to be the working ﬂuid. Solar heat input
enhances the steam generation and power output, and reduces fossil fuel consumption. Besides CO2
capture with oxy-fuel combustion and cascade recuperation of turbine exhaust heat, the system is
featured with indirect upgrading of low-mid temperature solar heat and cascade release of fossil fuel
chemical exergy, which is described by the energy level concept. With nearly 100% CO2 capture, the
system attains a net energy efﬁciency of 50.7% (including consideration of the energy needed for oxygen
separation). The cost of generated electricity and the payback period of ZE-SOLRGT are found to be
$0.056/kWh and 11.3 years, respectively. The system integration accomplishes the complementary
utilization of fossil fuel and solar heat, and attains their high efﬁciency conversion into electricity.
Ó 2012 Elsevier Ltd. All rights reserved.
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1. Introduction
Solar power can play an important role in meeting energy
demand and reducing greenhouse gas emissions. In the past few
decades, to improve the thermodynamic and economic performances of the conventional solar-only thermal power systems,
some hybrid systems were proposed that use multiple heat sources
at different temperature levels in a way that low/mid-temperature
solar thermal energy sources are used when they are relatively
inexpensive, and higher temperature fossil fuel energy sources are
integrated to raise the energy efﬁciency. The solar thermal energy
helps to increase the mass ﬂow of the working ﬂuid and thus the
power output, or save fossil fuel, or both.
An earlier such hybrid system was proposed by Lior and coworkers [1e3], named SSPRE (Solar Steam Powered Rankine
Engine), which integrated steam Rankine cycle with a solar
collector loop (solar ﬂat plates) for the evaporation process, at
a temperature of only w100  C. The solar heat contributes nearly
80% of the input energy. Fossil fuel is burned to provide the
remaining 20% heat demand to superheat the steam and boost its
temperature up to 600  C. The cycle efﬁciency achieves about 18%,
doubling the efﬁciency of the organic ﬂuid or steam Rankine cycles
operating at similar (w100  C) solar collector temperatures.

* Corresponding author. Tel.: þ86 10 82543030; fax: þ86 10 82543019.
E-mail addresses: zhangna@iet.cn, zhangna@mail.etp.ac.cn (N. Zhang).
0360-5442/$ e see front matter Ó 2012 Elsevier Ltd. All rights reserved.
doi:10.1016/j.energy.2012.04.058

Later solar energy was introduced into combined cycles (CC) for
the signiﬁcant advantages it brings about. The integrated solar
combined cycle systems (ISCCS) were built in Egypt, Iran, Germany
and many other countries. Depending on its temperature level, solar
thermal energy can principally be integrated into either the gas
turbine topping cycle (for air preheating prior to the combustor) or
into the steam turbine bottoming cycle (for steam generation)
[4e7]. For a 310 MW ISCCS in California it was estimated that the
electricity cost of the ISCCS with a trough solar ﬁeld could attain
9 Vcent/kWh without thermal storage, or 7.5 Vcent/kWh with; but
the achievable annual solar share is small, 4% without thermal
storage and 9% with [6].
Thermal integration integrates solar heat into some heat
absorption process in power plants, such as for evaporation and
recuperation processes, and converts solar heat into working ﬂuid
sensible heat, noting also that the energy quality of collected solar
heat drops because of the necessary heat transfer temperature
difference. Thermo-chemical integration, on the other hand, integrates with some endothermic reactions like reforming and
decomposition, which convert the absorbed solar heat into chemical energy of the reaction product, thus achieving an upgrading of
the solar heat. Hong, Jin and co-workers proposed a methanol
combined cycle (Solar CC) that integrates power generation with
solar heat-driven methanol decomposition at relatively low
temperature (w220  C) [8,9]. Low-mid temperature solar thermal
energy is ﬁrst upgraded to the chemical energy of the reaction
produced syngas, and then efﬁciently converted to electricity in an
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Nomenclature
A
C
COE
DNI
E
H
I
i
m
NG
PBP
Qf
Qsol
Qrad
R
RSN
S
SM
SRf
T/t
TIT
TPC

Energy level
Cost [M$]
Cost of electricity [$/kWh]
Direct solar radiation [W/m2]
Exergy [MW]
Annual operating hours [h]
Annual solar radiation [kWh/(m2$y)]
Interest rate
Mass ﬂow [kg/s]
Natural gas
Payback period [y]
Fuel low-heating-value input [MW]
Absorbed solar heat by power block [MW]
Solar energy irradiated to the solar ﬁeld [MW]
Annual revenue of the plant [M$]
Steam to NG mole ratio in reforming reaction
Area of solar ﬁeld [km2]
solar multiple
Fossil fuel saving ratio
Temperature [K]/[ C]
Turbine inlet temperature [K]
Total plant cost [M$]

advanced combined cycle power system. The system simulation
showed that the solar heat share and system exergy efﬁciency of
the Solar CC were 18% and 60.7%, respectively [8]. The methanesteam reforming reaction is highly endothermic and requires
a high temperature (above 800  C with Ni-based catalyst) to obtain
a reasonably high methane conversion. Methane conversion does
not occur for temperatures <330  C [10]. Research of solar thermochemical technology with methane conversion is therefore mainly
focused on high temperature solar heat application (900e1000  C)
[11e14].
To integrate low/mid-temperature solar heat (below 400  C)
into methane-steam reforming and achieve its chemical conversion, Zhang and Lior proposed the concept of indirect upgrading of
low/mid level solar heat [15,16]. Rather than driving the endothermic reforming reaction directly, the solar thermal energy
collected at w220  C is used for water evaporation and thus ﬁrst
transformed into the latent heat of vapor supplied to a reformer
and then via the reforming reactions to the produced syngas
chemical exergy. It is a two-step conversion, a combination of
thermal integration and thermo-chemical conversion. A hybrid
solar assisted chemically recuperated gas turbine (SOLRGT) system
was proposed to embody this concept, in which the produced
syngas is burned to provide high temperature working ﬂuid to a gas
turbine. The solar-driven steam production helps improve both the
chemical and thermal recuperation of the system. That study shows
that compared to an intercooling chemically recuperated gas
turbine cycle (IC-CRGT) without solar assistance, the overall exergy
efﬁciency could be about 5.6%-points higher. Because of the
replacement of partial fossil fuel with solar heat input, the SOLRGT
attains a reduced speciﬁc CO2 emission of 343 g/kWh compared
with a reference system with the same conﬁguration but without
solar assistance [16].
In the SOLRGT system, the low concentration of CO2
(2.9% mol) in the ﬂue gas and the low methane conversion rate
(37.8%) in the reformer make neither the post- nor the precombustion decarbonization attractive for this application.
Because of the introduction of large amount of steam, the mixing

U
VF
W
w
Xsol
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Heat-transfer coefﬁcient
Vapor fraction
Power output [MW]
Speciﬁc work output [kJ/kg]
Solar thermal share in total energy input

Greek symbols
b
Annual average investment coefﬁcient
hcol
Solar collector efﬁciency
ε
Exergy efﬁciency
h
Thermal efﬁciency
hsol
Net solar-to-electricity efﬁciency
Subscripts and superscripts
a
Ambient state
col
Solar collector
f
Fuel
in
Input
net
Net value
om
Operation and maintenance
rad
Radiation
ref
Reference system
sol
Solar heat
tr
Heat transfer

exergy loss between steam and air in the combustor is large. In
addition, the turbine working ﬂuid is vapor-rich (w25% mol), and
it is exhausted at a relatively high temperature. A large amount
of steam latent heat is dumped to the environment, leading to
a high ﬂue gas exergy loss. This suggests that the exergy loss may
be reduced by recycling part of the ﬂue gas so as to bring its
latent heat back to the combustor as done in some oxy-fuel
combustion power systems [17e22]. In [23], an exergy analysis
was conducted to identify the exergy loss in each main component of the system and the potential for improvement, and the
major exergy losses were conﬁrmed to be in the combustion, the
turbine and compressors, and in the ﬂue gas exhaust. Guided by
the exergy analysis results, an improved system conﬁguration
with oxy-fuel combustion and CO2 capture (named ZE-SOLRGT)
was thus proposed in [23] with steam as its main working
ﬂuid, but without a detailed analysis. It is a solar assisted oxyfuel combustion cycle, and the power section is conﬁgured on
a Graz-like cycle to take advantage of the combination of a hightemperature Brayton topping cycle with a high-pressure ratio
Rankine like bottoming cycle.
Integrated with solar heat driven steam generation and
methane reforming process, the ZE-SOLRGT (zero CO2 emission
SOLRGT) system is featured with indirect upgrading of low-mid
temperature solar heat and indirect combustion of fossil fuel with
cascade release of chemical exergy, conjoining each other at the
reforming process. Attention has been paid to the integration of
turbine exhaust heat recovery in both reforming and steamgeneration processes. In this paper, the system is simulated with
ASPEN PLUS software [24], thermodynamic performances are
analyzed and discussed, and a preliminary economic estimation is
also preformed. With nearly 100% CO2 capture, the system attains
a net energy efﬁciency of 50.7% (with accounting for the energy
needed for oxygen separation). The cost of electricity (COE) and the
payback period of ZE-SOLRGT are found to be $0.056/kWh and 11.3
years (including 2 years of construction), respectively. The results
demonstrate the advantages of system integration with multiform
energy inputs.
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2. System conﬁguration description

1400

As depicted in Fig. 1, the layout of the ZE-SOLRGT system can be
divided into the following ﬁve sections: fuel reforming process,
combustion, power generation, steam generation (stream 19e23),
and CO2 compression (stream 26e28). Fig. 2 is the tes diagram of
ZE-SOLRGT, which shows the combination of the Brayton-like
topping cycle with the Rankine-like bottoming cycle, and the
integration of solar heat driven steam generation.
The power generation section is conﬁgured based on the Graz
cycle [19e22]. With steam as the main working ﬂuid, the solar heat
collection can be easily integrated for steam generation. The main
merit of this conﬁguration is the combination of a hightemperature Brayton topping cycle with a high-pressure ratio
Rankine-like bottoming cycle, thus the cycle has both a high heat
absorption temperature and a low heat release temperature. In
addition, the steam bottoming cycle has the advantage of highpressure ratio and low backpower ratio. All these features
contribute to the system efﬁciency improvement and depletable
fossil fuel saving.
As shown in Fig. 1, the system has two gas turbines (highpressure gas turbine HPT and low-pressure gas turbine LPT) and
one high-pressure steam turbine (HPST). The high-temperature
combustion gas ﬁrst ﬂows through HPT. The HPT ﬂue gas is
composed of 90.3% H2O and 8.5% CO2 (mole fraction), and a small
fraction of O2, N2 and Ar. After transferring heat to the reforming
reaction and steam superheating in turn, it is split into two streams
(streams 9 and 13). Stream 9 is recycled back to the combustor after
being cooled by water preheating and compressed thus constitutes
the “Brayton-like cycle”. Stream 13 is expanded further for power
generation in LPT to a vacuum (0.082 bar), and its vapor component
condensed. The combustion-generated CO2 is separated and
compressed to 110 bar (stream 27) in a separate seven-stage
compressor with intercooling for further disposition. The excess
water from combustion is drained, and the rest is recycled as the
Rankine-like cycle working ﬂuid (stream 17). It is pumped to the
highest pressure of the cycle (w150 bar) and heated by retrieving
heat from the Brayton-like cycle exhaust heat. Solar heat is
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Syngas combustion
Solar heating
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introduced upstream of the steam superheater. The collected solar
heat is used for water evaporation and produces saturated steam at
a temperature of 343  C.
Despite the overall high system pressure ratio (the HPST inlet
pressure is 150 bar), the pressure ratios of the gas turbines HPT and
LPT are only w13.9 and w12.6, respectively, similar to those in the
standard air-based ones. While using steam as the working ﬂuid, the
HPST works more like a gas turbine, with the working ﬂuid being
always in the gaseous phase and with a pressure ratio of only w10.
Open-loop steam cooling is adopted for the HPT blade cooling,
and the coolant steam (25) is extracted from the HPST turbine
outlet. Because of the higher speciﬁc heat capacity of steam than
that of air, steam cooling is superior to air cooling in its reduction of
coolant demand. Different from the steam injection to combustion
in the Graz cycle, the remainder of the HPST outlet ﬂuid is fed to the
reforming reaction (stream 24), attaining a possibly highest
H2O/CH4 ratio of 4.9 in the reformer. The reformer operates at
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Fig. 2. The tes diagram of the ZE-SOLRGT system.
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Fig. 1. Process ﬂowsheet of the ZE-SOLRGT system.
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A ¼ DE=DH ¼ 1  Ta $DS=DH

(1)

The energy level of heat is A ¼ 1  Ta =T, where Ta is the environmental temperature and T is the temperature of the heat source.
Similarly, the energy level of solar thermal energy may be
expressed as Asol ¼ 1  Ta =Tsol , where Tsol is the temperature of the
collected solar heat.
Fig. 3 shows the upgrading of the low/mid temperature solar
heat and cascade release of the fossil fuel chemical exergy. On the
solar heat side, it ﬁrst transforms into the steam latent heat in the
process of steam generation, experiencing the energy level drop
from Asol to As; and then in the steam reforming process, the
generated steam takes part in the chemical reaction in which the
energy level of steam is elevated to that of the syngas chemical
exergy Asyn. At the same time, the reforming reaction absorbs heat
from turbine exhaust and converts it into the syngas chemical
exergy as well. On the fossil fuel side, the fossil fuel is ﬁrst converted into syngas in the reforming process, experiencing an
energy level drop from Af to Asyn. Then in the process of combustion, the syngas chemical exergy converts into thermal exergy, and
the energy level drops to that of the combustion produced thermal
heat AT. Thus both solar heat and fossil fuel chemical exergy
experience a two-step conversion, and they conjoin each other in
the process of reforming which functions like a lever, the upgrading
of the steam energy level is at the cost of the degrading of fuel
energy level from methane to syngas. The cascade release of fuel
chemical exergy on one side reduces the energy level drop in the
combustion process from (Af  AT) of methane combustion to
(Asyn  AT) of syngas combustion, the exergy destruction in the
conversion from chemical into thermal energy is therefore lower in

o

A T ( C)
1.0

Hydrocarbon fuel Af 2''
Syngas Asyn 3

3

o

Energy level A, Temperature T ( C)

a pressure of 19.2 bar, for which the conventional counterﬂow
design with the reformer tubes ﬁlled with suitable catalyst could be
adopted. Fuel gases ﬂow through a packed bed, the high-pressure
gas turbine (HPT) exhaust (stream 6e7) ﬂows through the shell
side to provide the heat necessary for reforming. The minimal heat
transfer temperature difference inside the reformer is set to be 20  C.
The reformed syngas serves as the fuel to the combustor. 2%
excess O2 beyond the stoichiometric rate is assumed for the syngas
combustion. The oxygen is assumed to be produced in a conventional cryogenic vapor compression air separation plant with the
speciﬁc energy consumption of 812 kJ/kgO2 [18].
Restricted by the HPT exhaust temperature, the conversion ratio
of CH4 achieves 52%. Similar to that in a chemically recuperated gas
turbine (CRGT) cycle, here reforming aims at improving fuel heating value by the turbine exhaust heat recuperation via the endothermic reaction of methane conversion to H2 and CO. The
reformed syngas together with the unreacted methane feeds as fuel
to the combustor. This is different from that in the low-emission
systems with pre-combustion decarbonization, in which the
priority is on pursuing high methane conversion ratio.
The fuel methane is ﬁrst converted to syngas via reforming and
then to combustion products via combustion, which is therefore
called “indirect combustion” where the fuel chemical exergy is
released in a cascading manner. As will be explained in detail
below, the indirect combustion reduces the combustion exergy loss
as compared with the direct combustion of methane, by making
more efﬁcient use of the source fuel chemical exergy. Furthermore,
it also allows the use of lower temperature energy sources, such as
solar heat, to be integrated and upgraded thermo-chemically in
a way that contributes to the overall energy input and thus reduces
the use of fossil fuel and the associated undesirable emissions.
The concept of “Energy Level”, A, proposed by Ishida and coworkers [25,26] is used to evaluate the quality of released or
accepted energy in an energy transformation process. It is deﬁned
as the ratio of exergy change DE to enthalpy change DH, i.e.
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Fig. 3. Upgrading of low-mid temperature solar heat and cascade utilization of fossil
fuel chemical exergy.

syngas combustion than that in the unreformed methane fuel
combustion; it on the other side boost the upgrading of solar heat
into syngas chemical exergy, enabling the low/mid solar heat
collected at a relatively low expense to achieve a high-efﬁciency
conversion into electricity in the advanced power system.
Besides the CO2 capture with oxy-fuel combustion, major
features of this ZE-SOLRGT system are summarized below:
1. Nearly 60% of the HPT ﬂue gas is recycled back via a compressor
to the combustor, bringing its internal heat back to the
combustor. Only the rest of the working ﬂuid is condensed and
the condensation is at a temperature below 40  C, so the
associated exergy loss to the environment is relatively small.
2. Heat exchangers are arranged in a cascade manner according to
their temperature levels, for reduction of irreversibility in the
heat transfer process.
3. Due to input of solar heat, the temperature match in the turbine
exhaust heat recuperation process has been improved since it
releases heat only to a sensible heat sink with varying
temperature, thus reducing the heat transfer exergy loss.
4. Indirect upgrading of low-mid temperature solar heat and its
high efﬁciency conversion into electricity.
5. Indirect combustion with cascade fossil fuel chemical exergy
release.
The indirect upgrading of solar heat has been explained in detail
in [15,16]; the cascade utilization of fossil fuel chemical exergy is
further explored in the following section.
3. Cascade release of fossil fuel chemical exergy
Fig. 4 illustrates two different ways of chemical energy release
via methane combustion. The conventional direct combustion
process is shown in Fig. 4a, while Fig. 4b depicts the indirect
combustion process in the ZE-SOLRGT system, including water
evaporation, methane-steam reforming, and combustion of syngas
with enriched oxygen.
3.1. Exergy destruction in the direct combustion
For comparison, it is assumed that the direct and indirect
combustions of methane proceed at the same temperature T, with
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Fig. 4. Chemical energy release of methane: a) direct combustion way, b) indirect combustion way.

the same water input. The direct combustion process thus involves
water heating and steam injection. Fig. 4a, however, shows only the
inlet and outlet states of the combustion. For the direct combustion
process (Fig. 4a), the energy balance and exergy balance are:

DHw þ DHf ¼ DHT

(2a)

DEw þ DEf ¼ DET þ DEXL0

(2b)

where the subscripts w, f, T represent the water, fuel methane and
combustion product, respectively. DEXL0 is the exergy loss in the
direct combustion process. DHf and DEf denote the released
enthalpy and exergy of the methane combustion, DHw and DEw are
the physical enthalpy and exergy brought in by water, and DHT and
DET are the thermal enthalpy and exergy contained in the
combustion products. The reference state for this calculation is
25 C/1.013 bar.
For the deﬁnition of energy level A (1), we have,

represent the steam and solar heat, respectively. The energy
balance and exergy balance for the steam generation process are,

DHw þ Qsol ¼ DHs

(5a)

DEw þ DEsol ¼ DEs þ DEXL1

(5b)

Qsol and DEsol are the solar thermal energy and exergy absorbed by
the system; DHs and DEs are the physical enthalpy and exergy of the
produced steam; DEXL1 is the exergy loss. From energy level deﬁnition, we get,

DEsol ¼ Qsol Asol

(6a)

DEs ¼ DHs As

(6b)

Substituting (5a), (6a),(6b) and (3a) into (5b), we obtain:

DEw ¼ DHw $Aw

(3a)

DEXL1 ¼ Qsol ðAsol  As Þ þ DHw ðAw  As Þ

DEf ¼ DHf $Af

(3b)

DET ¼ DHT $AT

(3c)

DEXL1 represents the exergy destruction caused by the energy level
difference between the provided solar heat Asol and the steam
generation, caused by the temperature difference between the heat
donation and acceptance.
In the methane-steam reforming process, the reforming reaction receives heat Qrec from the turbine exhaust. The energy
conservation and the exergy balances are,

Substituting (2a) and (3aec) into (2b) gives,



DEXL0 ¼ DHw $ðAw  AT Þ þ DHf $ Af  AT



(4)

(7)

DEXL0 represents the exergy destruction in the direct combustion

DHf þ DHs þ Qrec ¼ DHsyn

(8a)

caused by the energy level differences between the chemical
energy provided by methane Af, combustion products heat AT, and
the input water Aw.

DEf þ DEs þ DErec ¼ DEsyn þ DEXL

(8b)

3.2. Exergy destruction in the indirect combustion
The total chemical exergy loss in the indirect combustion of
methane (Fig. 4b) includes three parts, DEXL1 in steam generation,
DEXL2 in methane-steam reforming, and DEXL3 in syngas
combustion.
In the steam generation process, the water absorbs solar heat
and converts it into the steam internal heat. The subscripts s and sol

where Qrec and DErec are the turbine exhaust heat and exergy
absorbed by the reforming reaction; DHsyn and DEsyn denote the
released enthalpy and exergy of the syngas combustion; DEXL2 is
the exergy loss. From the energy level deﬁnition, we obtain,

DErec ¼ Qrec Arec

(9a)

DEsyn ¼ DHsyn Asyn

(9b)

C. Luo, N. Zhang / Energy 45 (2012) 312e323

Substituting Eqs. (8a) and (9a), (9b), (3b), (6b) into (8b),



DEXL2 ¼ DHf Af Asyn







þ DHs As Asyn Qrec Arec Asyn

(10)

DEXL2 represents the exergy destruction caused by the energy level
difference between heat donation and acceptance in the reforming
reaction.
In the syngas combustion, the chemical exergy degrades into the
thermal exergy, thus the exergy loss in the syngas combustion
DEXL3 can be expressed as,


DEXL3 ¼ DHsyn Asyn  AT



(11)

The total exergy destruction in the indirect combustion is
3
P
i¼1

DEXLi .

We can derive the reduction of the chemical exergy loss in the
indirect combustion of methane is:

DEXL0 

3
X

DEXLi ¼ Qsol $ðAT  Asol Þ þ Qrec $ðAT  Arec Þ

(12)

i¼1

Since the temperature of combustion products is much higher
than that of solar thermal energy and the reforming temperature,
the energy level AT is larger than Asol and Arec. Hence, the value
expressed by (12) is always positive, which means that the chemical exergy loss of indirect combustion is lower than that of direct
combustion. This reduction in exergy destruction increases the
maximal available work of the combustion products.
It is interesting to notice that the reduction of the exergy loss
includes two parts, the ﬁrst part Qsol $ðAT  Asol Þ comes from indirect
upgrading of solar heat; and the second part Qrec $ðAT  Arec Þ comes
from the upgrading of reforming absorbed heat. Both convert into
the combustion-produced high temperature heat, and achieve the
high efﬁciency conversion into electricity in the power system.
4. The computation model and its validation
4.1. Main assumptions for the simulation
The proposed system was simulated with the ASPEN PLUS
software [24]. The component models are based on energy balance,
mass balance and species balance, with the default relative
convergence error tolerance of 0.01%, which is the speciﬁed tolerance for all tear convergence variables. The RK-SOAVE and STEAMTA physical properties (available in ASPEN PLUS) were selected for
dealing with the processes where the working media are gas and
water respectively [15,16,27].
In the solar block of ZE-SOLRGT, the solar ﬁeld is assumed to be
installed with the SEGS (Solar Energy Generating Systems) LS-2
parabolic trough solar collectors, and the heat transfer ﬂuid (HTF)
is taken as the Therminol VP-1 synthetic oil (Vapor Phase/Liquid
Phase heat transfer ﬂuid by Solutia) [28e32]. At the design point
(basic cycle), the solar collector efﬁciency hcol is chosen to be the
peak efﬁciency and mainly decided by the DNI (direct solar radiation) and temperature of the solar concentrators [33,34]; the DNI
(944.5 W/m2) refers to the measured value at noon in the summer
solstice day, Barstow, California [35].
For longer operating time of the system, solar thermal storage
section was introduced, in which a molten salt is chosen to be the
heat accumulation medium [28e34]. The solar multiple (SM) is
deﬁned as the ratio between the thermal power produced by the
solar ﬁeld (Qth,solar ﬁeld) at the design point and the insolation of the
solar power block at nominal conditions (Qrad) [29e31],

SMdesign point ¼





Qth;solar field =Qrad 

design point

(13)
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This parameter represents the thermal storage capacity of the
solar ﬁeld. In this paper, SM is chosen to be 1.4 to achieve nominal
conditions in the power block during a time interval longer than
the one obtained if SM was equal to 1.0 [32].
Some properties of feed streams are reported in Table 1, the
main assumptions for simulations are summarized in Table 2, and
the same system assumptions and conditions were also used in
[15,16,23].
4.2. Model validation
The reforming reaction is the key process of energy conversion
in the ZE-SOLRGT system; it associates the indirect upgrading of
solar heat with the cascade release of fossil fuel chemical exergy.
Besides the combustor, it is the only component which involves
complicated chemical reactions. We believe that the precision of
the reformer simulation is the key to the whole system simulation.
In this paper, the reformers are simulated with the Gibbs Reactor
module available in the ASPEN PLUS model library, which determines the equilibrium conditions by minimizing the Gibbs free
energy [15,16,27]. To validate the simulation, we have simulated the
reforming reactions under different temperatures and pressures,
and compared the results with that from the literature. Table 3
reports the reforming product compositions and their heating
values, and the results show good agreement with the data from
literature.
5. System performance analysis and comparison
5.1. Performance criteria
The absorbed solar heat by steam generation at the design point
is denoted as Qsol,

Qsol ¼ Qrad $hcol $htr ¼ DNI$S0 $hcol $htr

(14)

where Qrad is the entire insolation energy to the solar ﬁeld at the
design state; DNI is the direct solar radiation, S0 is the area of the
solar ﬁeld without considering heat storage, hcol is the solar
collector efﬁciency, htr is the heat transfer efﬁciency from the
heated ﬂuid in the solar block to the power cycle working ﬂuid.
The contribution of the low/mid-temperature solar heat can be
measured by its share in the system total energy input,





Xsol ¼ Qsol = Qf þ Qsol ¼ Qsol = mf $LHV þ Qsol

(15)

where Qf ¼ mf  LHV is the fuel low-heating-value input.
To give an overall assessment of ZE-SOLRGT, the thermal efﬁciency is deﬁned as,







h ¼ Wnet = Qf þ Qsol ¼ Wnet = mf $LHV þ Qsol



(16)

Table 1
Composition and some properties of feed streams.
Items

CH4 (mol%)
N2 (mol%)
O2 (mol%)
Ar (mol%)
Temperature ( C)
Pressure (bar)
Lower heating value (kJ/kg)
Power consumption for
O2 production (kJ/kg)

Natural gas

Oxygen

Zhang et al.,
2008 [27]

Zhang et al.,
2008 [27]

100
e
e
e
25
4.93
50,030
e

e
2
95
3
25
2.38
e
812
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Table 2
Main assumptions for the simulation and calculation.
Conﬁgurations

Parameters

Value

Source

Gas turbine

HPT inlet temperature/pressure
HPT isentropic efﬁciency
LPT inlet temperature/pressure
LPT isentropic efﬁciency
HPST inlet temperature/pressure
HPST isentropic efﬁciency
Pressure
Pressure
Pressure drop (cold side)
Pressure drop (heat side)
Minimal heat transfer temperature difference gas/gas
Pressure drop (of inlet pressure)
Minimum heat transfer temperature difference gas/liquid
Solar collector temperature
Solar collector efﬁciency
DNI
Solar multiple
Minimal heat transfer temperature difference in evaporator
Heat transfer efﬁciency
Isentropic efﬁciency
Isentropic efﬁciency
Pressure drop (of inlet pressure)
Excess O2 (of inlet O2 mass ﬂow)
Stage number
Stage isentropic efﬁciency
Intercooler temperature
Efﬁciency
Temperature
Pressure

1308  C/14.5 bar
89%
382  C/1.03 bar
90%
542  C/150 bar
90%
0.08 bar
19.2 bar
10%
2%
20  C
3%
15  C
343  C
68.1%
944.5 W/m2
1.4
20  C
0.95
88%
85%
3%
2%
7
80%
35  C
85%
25  C
1.013 bar

Zhang
Zhang
Zhang
Zhang
Zhang
Zhang
Zhang
Zhang
Zhang

Steam turbine
Condenser
Reformer

Steam generation process
Parabolic trough solar collector (peak point)
and evaporator

Compressor
O2 compressor
Combustor
Multi-stage compressor for CO2 compression

Pump
Ambient state

where Wnet is the net electricity power output of the hybrid system.
The exergy efﬁciency ε is,


h
i

ε ¼ Wnet = Ef þ Esol ¼ Wnet = mf $ef þ Qsol $ð1  Ta =Tsol Þ

(17)

where the methane fuel exergy is approximately 1.05 fold of the
fuel low heating value, i.e. Ef ¼ 1.05Qf; the exergy of the solar heat at
a temperature of Tsol is calculated as the maximal work availability
between Tsol and the ambient temperature Ta [15,16].
To assess the performance of solar heat conversion in the hybrid
system, the following net solar-to-electricity efﬁciency is deﬁned
as,



hsol ¼ Wnet  Wref

.
.

Qrad ¼ Wnet  Qf $href
Qrad

(18)

in which Wref is the power output generated by the reference
system with same fossil fuel input (Wref ¼ Qf  href). The reference
system in this study is chosen to be the conventional dual-pressure
reheat combined cycle with post-combustion amine-absorption
decarbonisation (CC-PC) [18].
In addition, because of the replacement of part of the fossil fuel
with solar heat input, the fossil fuel saving ratio SRf is deﬁned as,

SRf ¼



Qref

.


Qref ¼ 1  Qf = Wnet =href
 Qf

¼ 1  Wref =Wnet

(19)

where the numerator (Qref  Qf) is the fossil fuel saving in
comparison with the reference system, for generating the same
amount of electricity (Qref ¼ Wnet/href).
5.2. System performance and discussions
Using the computational assumptions and models given in
Section 4.1, the ZE-SOLRGT and CC-PC systems were simulated and
compared with the same NG input (1 kmol/s). For CC-PC, the CO2
removal section consists essentially of an absorber and stripper. The

and
and
and
and
and
and
and
and
and

Lior,
Lior,
Lior,
Lior,
Lior,
Lior,
Lior,
Lior,
Lior,

2012
2012
2012
2012
2012
2012
2012
2012
2012

[16]
[16]
[16]
[16]
[16]
[16]
[16]
[16]
[16]

Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Pitz-Paal et al., 2005 [31]
Odeh et al., 1998 [32]
TRNSYS, 2010 [34]
Pitz-Paal et al., 2005 [31]
Zhang and Lior, 2012 [16]
Pitz-Paal et al., 2005 [31]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]
Zhang and Lior, 2012 [16]

solution for CO2 absorption is 40 wt% methyl diethanolamine
(MDEA) and it is assumed 90% of the CO2 is captured. The rich
solution from the absorber is preheated by lean solution and
regenerated in the stripper by extracting heat from the lowpressure (LP) steam upstream of the LP steam turbine. The
minimal temperature differences in the preheater and reboiler are
chosen to be about 10  C [18,38]. The captured CO2 is compressed to
110 bar for transportation and storage.
The stream state parameters for ZE-SOLRGT are reported in
Table 4. The overall performances of the ZE-SOLRGT and CC-PC
systems are summarized in Table 5 and Table 6. In ZE-SOLRGT
and CC-PC systems, the NG energy input (802.6 MW) and HPT
inlet temperature (1308  C) are all the same.
In the ZE-SOLRGT system, solar heat contributes an additional
18% to the total energy input leading to a much higher power
Table 3
Validation of the reformer simulation.
Items
Reformer inlet state
P [bar]a
t [ C]a
m [kg/s]a
H2O mole fractiona
CH4 mole fractiona
N2 mole fractiona
Reformer exit state
P [bar]a
t [ C]a
H2O mole fraction
CH4 mole fraction
N2 mole fraction
CO mole fraction
CO2 mole fraction
H2 mole fraction
Reformer heat duty [kJ/kg]
a

Lozza,
2002 [36]

Simulation
results

Kesser,
1994 [37]

1.15
565
60.6
0.747
0.230
0.011

21.3
207.9
0.165
0.859
0.141
e

1.15
700
0.267
0.006
0.007
0.092
0.072
0.555
e

19.1
575.9
0.68
0.081
e
0.004
0.045
0.19
e

Input data to the simulation.

0.292
0.005
0.008
0.083
0.073
0.540
3023

Simulation
results

0.678
0.077
e
0.004
0.046
0.196
1464
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output by 28.8% as compared with that in the CC-PC system
(496 MW vs. 385 MW), resulting to a thermal efﬁciency of 50.7%
with nearly 100% CO2 capture. For the combined cycle system, the
thermal efﬁciency drops from 55% to 48% taking into account the
energy penalty for w90% CO2 capture rate. The net solar-toelectricity efﬁciency, which is an indicator of solar heat conversion performance in the hybrid system, is found to be 40.6%, much
higher than that in the solar-alone system operating at the same
temperature level. For generating the same electricity as the
referenced CC-PC system, the fossil fuel saving ratio in ZE-SOLRGT
reaches 22.4%.
An exergy analysis was performed in [23]. The exergy efﬁciency
of the ZE-SOLRGT system is found be 53%, 7.3 %-points higher than
that of CC-PC system. The difference between the thermal and
exergy efﬁciencies in the hybrid system is mainly due to the fact
that the exergy input of solar thermal energy is much lower than its
corresponding heat input at a relatively low temperature level
(343  C). The largest exergy loss takes place in the combustion
process, and the turbines and compressor, which are 22% and 7.6%
of the system input exergy, respectively. Because only w40% of the
HPT working ﬂuid is condensed at a relatively low temperature (the
other 60% of the working ﬂuid is recycled via compression, thus
taking their internal heat back to the combustor), the exergy loss to
the environment is 4.2% of the system input exergy.
The teQ diagrams of the steam generation and superheating
processes in the ZE-SOLRGT and CC-PC systems are shown in Fig. 5
and Fig. 6, respectively. In both systems the turbine exhaust heat is
recovered in a high to low temperature cascade. In the ZE-SOLRGT
system, the arrangement of the higher pressure (higher heat
capacity) but lower mass ﬂow rate ﬂuid on the Rankine cycle side in
the heat recovery section, with the lower pressure (lower heat
capacity) but higher mass ﬂow rate ﬂuid on the Brayton cycle side,
is intended for reducing heat transfer irreversibility in the heat
exchangers. In addition, the isothermal evaporation process of
water is heated by solar thermal energy and thus the turbine
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Table 5
Breakdown of power generation and consumption in % of input energy for the ZESOLRGT and CC-PC systems.
Items

ZE-SOLRGT system

Natural gas LHV input
Solar heat input
HPT turbine
LPT turbine
HPST turbine
Compressor
Pump
CO2 compression
O2 production
O2 compression
Generator and mechanical loss
Net power output

MW

%

802.62
176.37
651.46
110.96
79.86
226.77
2.90
35.21
56.07
15.13
10.12
496.07

82.0
18.0
66.5
11.3
8.16
23.2
0.30
3.60
5.73
1.55
1.03
50.7

CC-PC system

100

MW

%

802.62
e
618.12
e
121.59
331.12
1.44
17.39
e
e
7.86
384.90

100
e
77.0
e
15.2
41.3
0.18
1.79
e
e
0.98
48.0

exhaust heat just provides sensible heat for the variable temperature heat-sink in the reformer, superheater and economizer. This
helps achieve a good thermal match between the heating and
heated streams and reduced heat transfer exergy loss of 2.7% of the
system input exergy.
6. Economic analyses
6.1. Evaluation of the total plant cost TPC
For the designed ZE-SOLRGT system with a capacity of 496 MW
and an efﬁciency of 50.7% (shown in Tables 5 and 6), a preliminary
economic analysis was carried out based on following assumptions:
1) Price of methane is 0.144 $/Nm3 for power generation [39].
2) The price of electricity is 0.08 $/kWh [40].
3) The plant life n is 30 years [29e34].

Table 4
Stream states of the ZE-SOLRGT system.
No.

t ( C)

p (bar)

m (kg/s)

VF

1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
17
18
19
20
21
22
23
24
25
26
27
28

25
237.2
542.4
654.6
1308
674.6
562.4
381.9
381.9
100.3
464.3
25
381.9
121.4
45.1
35
35
35
36.1
84
323.8
342.9
542.4
268.8
230.7
35
35
16.6

4.93
21.33
21.12
19.2
14.55
1.05
1.04
1.03
1.03
1.02
15
2.38
1.03
0.08
0.08
0.08
0.08
0.08
157.5
156
154.5
151.5
150
21.33
15
0.08
110
110

16.0
104.2
104.2
104.2
519.6
587.0
587.0
587.0
346.3
346.3
346.3
69.1
240.7
240.7
240.7
168.6
155.6
13.0
155.6
155.6
155.6
155.6
155.6
88.1
67.4
72.1
49.1
49.1

1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
0
0
0
0
0
0
1
1
1
1
1
1
0

Molar composition
N2

O2

H2O

H2

CH4

CO2

CO

Ar

0
0
0
0
0.004
0.004
0.004
0.004
0.004
0.004
0.004
0.02
0.004
0.004
0.004
0
0
0
0
0
0
0
0
0
0
0.018
0.037
0.037

0
0
0
0
0.004
0.003
0.003
0.003
0.003
0.003
0.003
0.95
0.003
0.003
0.003
0
0
0
0
0
0
0
0
0
0
0.016
0.035
0.035

0
0.83
0.83
0.572
0.888
0.903
0.903
0.903
0.903
0.903
0.903
0
0.903
0.903
0.903
1
1
1
1
1
1
1
1
1
1
0.527
0.002
0.002

0
0
0
0.283
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0

1
0.17
0.17
0.07
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0

0
0
0
0.06
0.098
0.085
0.085
0.085
0.085
0.085
0.085
0
0.085
0.085
0.085
0
0
0
0
0
0
0
0
0
0
0.412
0.87
0.87

0
0
0
0.015
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0
0

0
0
0
0
0.006
0.005
0.005
0.005
0.005
0.005
0.005
0.03
0.005
0.005
0.005
0
0
0
0
0
0
0
0
0
0
0.027
0.056
0.056
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Table 6
Thermal performances of the ZE-SOLRGT and CC-PC systems.

600

ZE-SOLRGT

CC-PC

Mole ﬂow rate of NG input [kmol/s]
Steam to NG mole ratio in reformer, RSN
Carbon conversion rate of NG
Solar thermal share, Xsol [%]
Net solar-to-electricity efﬁciency, hsol [%]
Fossil fuel saving ratio, SRf [%]
Speciﬁc CO2 emission [g/kWh]
Net power output [MW]
Thermal efﬁciency, h [%]
Exergy efﬁciency, ε [%]

1
4.89
51.6%
18.02
40.6%
22.4%
0
496.07
50.7
53.0

1
e
e
e
e
e
41.1
384.90
48.0
45.7

500
Temperature, t (ºC)

Items

Heat recuperation steam generator

400
300
Gas turbine exhaust
H2O

200
100

4) The interest rate is 8% [41,42].
5) The CO2 credit price is assumed as 33 $/ton [41,42].
6) The construction period is 2 years, and 50% of total investment
cost is an interest-bearing loan [41,42].
7) The annual operating time H of the hybrid system depends on
the capacity of the solar heat subsystem.
The total plant cost (TPC) estimation of ZE-SOLRGT is listed in
Table 7. The TPC consists of the equipment costs and the balance of
plant (BOP). The BOP contains the remaining components, and
structures that comprise a complete power plant or energy system
that is not included in the prime mover. For a power generation
system, the BOP is usually assumed to be 15% of the known
component cost [41e44].
The cost of the solar ﬁeld is evaluated as the area multiplied by
the unit price. Considering the solar multiple (SM), the actual
surface area S is larger by SM fold:

S ¼ SM$Qrad =DNI ¼ ðSM$Qsol Þ=ðDNI$hcol $htr Þ

(20)

where the heat transfer efﬁciency htr is 0.95 [34].
The annual running hours H of the hybrid systems are calculated
from,

H ¼ S$I$hcol $htr =Qsol ¼ SM$I$hcol =ðhcol $DNIÞ

(21)

where hcol is the annual average collector efﬁciency. In the base
cycle, hcol of the parabolic trough solar collector is 45.6% [34]. The
annual solar radiation I is taken as 2717 kWh/(m2$y) [30,31]. As
a result, the H is calculated to be 2914 h/y.

Evaporator

Economizer

700

6
4

600
Temperature, t (ºC)

REF

Superheater

Soalr heat
7
3
23

500
400

8

9

300

2

200
100

Gas turbine exhaust
H2O
10
20

Reforming gas

0
0

100

200

300

0

100

200

300

400

500

600

Heat duty, Q (MW)
Fig. 5. The teQ diagrams of the ZE-SOLRGT system.

700

400

500

Heat duty, Q (MW)
Fig. 6. The teQ diagram of the referenced CC-PC system.

The estimation of other component costs is explained in the
footnotes of Table 7. From Table 7 we can ﬁnd that the TPC for ZESOLRGT is about 954.2 $/kW, and the solar ﬁeld and turbines are the
two most expensive parts of the whole system.
6.2. Evaluation of the electricity cost COE and payback period PBP
The cost of electricity COE is calculated by,

COE ¼



b$TPI þ Com þ Cf  CCO2

.
ðH$Wnet Þ

(22)

where the numerator is the average annual electricity cost. TPI is
the total plant investment, with the consideration of interest rate
and the 2 years construction period. b is the average annual
investment coefﬁcient, a function of the interest rate i and plant
life n:

h

b ¼ i= 1  ð1 þ iÞn

i

(23)

Com is the annual O&M cost of the systems. The term O&M represents the cost of operating and maintenance, assumed to be 4% of
the ﬁrst capital cost of the system [41e44]. It covers both ﬁxed and
variable parts. Fixed O&M consists primarily of plant operating
labour. Variable O&M represents periodic inspection, replacement,
repair of system components (i.e., solar collector, turbine, etc.), and
consumables (i.e., water, catalyst, etc.) [46,47].
Cf is the annual fuel cost of the hybrid system; Wnet is the power
output.
CCO2 is the annual CO2 credit, deﬁned as the capture amount
multiplied by the credit price.
The payback period PBP is the time by which the current value
of all the revenue becomes equal to that of the total plant investment [41,42]:

i
h
i.h
R$ ð1 þ iÞPBP 1
ið1 þ iÞPBP ¼ TPI

22

21

0

(24)

where R is the annual net revenue of the plant:

R ¼ Re  Cf  Com þ CCO2

(25)

Re is the annual revenue of the net power product, deﬁned as the
electricity output multiplied by the electricity price.
Table 8 presents the economic analysis results. With a thermal
solar share of 18.0%, the COE (cost of the electricity) is 0.056 $/kWh
and the PBP (payback period) is 11.3 years (including two years of
construction).
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Table 7
Investment cost of the ZE-SOLRGT system.
Items
Power block (BOP included)
Air separation unit (106 $)a
Gas turbines and steam turbine (106 $)b
Heat exchangers (106 $)c
Compressors (106 $)d
Reformer (106 $)e
Solar block (BOP included)
Solar ﬁeld (106 $)f
Thermal storage system (106 $)g
Solar evaporator (106 $)h
Land cost (106 $)i
Total plant cost, TPC (106 $)
Speciﬁc cost ($/kW)

Percentage

109.3
140.0
31.1
13.9
9.5

23.1%
29.6%
6.6%
2.9%
2.0%

134.0
29.3
1.2
5.1
473.4
954.2

28.3%
6.2%
0.3%
1.1%
100%
e

Fig. 7. The electricity cost structure of the ZE-SOLRGT system.

6.3. Parametric sensitivity analyses

3

The electricity cost structure of the ZE-SOLRGT is shown in
Fig. 7. It can be seen that the average annual total plant investment (TPI) occupies the largest part of the COE (46.4%), while the
annual fuel and O&M (operation and maintenance) costs account
for 34.5% and 19.1% respectively. In the subdivision graph of the
TPI part, it is shown that the investments of the power block and
solar block have played the most important economic roles. A
parametric sensitivity analyses is conducted to investigate the
inﬂuences of different parameters on COE and PBP.

Table 8
Economic analysis results of the ZE-SOLRGT system.
Items

ZE-SOLRGT

Annual operating time, H (h)
Annual electricity output (106 kWh/y)
Annual CO2 recovery (103 tons/y)
Annual natural gas consumption (106 Nm3/y)
Annual solar thermal energy input (106 kWh/y)
Total plant cost, TPC (106 $)
Construction interest (106 $)
Total plant investment, TPI (106 $)
Annual income from produced electricity, Re (106 $/y)
Annual CO2 credit, CCO2 (106 $/y)
Annual fuel cost, Cf (106 $/y)
Annual O&M cost, Com (106 $/y)
Payback period, PBP (y)
Cost of electricity, COE ($/kWh)

2914
1446
515
235
514
473.4
39.4
512.7
63.1
17.0
33.8
18.7
11.3
0.056

Fig. 8 shows the inﬂuence of different parameters on COE. The
total plant investment (TPI) is the most inﬂuential one, followed by
NG price and CO2 tax. For PBP, the electricity price has the most
signiﬁcant inﬂuence (Fig. 9), followed by the total plant investment
(TPI).
When either CO2 tax or natural gas price varies by about 20%, the
electricity cost varies by about 8.3% and the payback period remains
within 10e13 years. However, if TPI increases by 20%, the COE rises
from 0.056 $/kWh to 0.065 $/kWh (nearly 16% variation), and the
PBP rises from 11.3 years to 15.4 years. When the electricity price

0.070
Cost of electricity, COE ($/kWh)

The price is taken from [41,42], 1376  10 $/(kg O2/s).
The combustor and generators are included in this part. The unit cost of the gas
turbine is taken from the simple cycle speciﬁcations of the PG9351FA model (GE
company, 50 Hz) [45], and the Hangzhou Steam Turbine Work was consulted for the
steam turbine cost.
c
The heat transfer area of each heat exchanger or condenser is calculated with
the formula A ¼ Q/(U$DT). The heat duty Q and temperature approaches DT (taken as
the mean logarithmic temperature difference) are calculated by ASPEN PLUS. The
heat transfer coefﬁcients U, and unit costs are taken from the research in [41,42].
d
The oxygen compressor, exhaust gas compressor and CO2 compressors are all
considered. According to [41,42], the unit price is 164.5  103 $/(kg/s).
e
The Ni-based catalyst is used. It is not necessary to obtain an elevated conversion rate because the unconverted reactants are all used as fuel. Hence the unit cost
of the reformer is quite lower than that of the high-temperature reforming reactor
in traditional hydrogen-producing process. The cost is calculated with formula
C ¼ C0[S/(S0)]f, where C0 (39.8 M$) is the cost of the reference component (reformer)
of size S0 (1377MWth), and f is the scale factor 0.67 [43,44].
f
The solar ﬁeld cost includes parabolic trough solar collectors and HTF ﬂuid
(Therminol VP-1), 288.4 $/m2 [28e32].
g
The nitrate salt inventory, tanks and oil-to-salt heat exchanger are included; the
heat storage efﬁciency is taken as 0.95 [32]; the storage capacity achieves 3 h when
the solar multiple SM is 1.4 [32]; and the unit cost is 12.06 $/MJ [30].
h
The capacity is the heat duty of the oil-to-water heat exchanger, Qsol The unit
cost is 5.6 $/kWth [31].
i
The total area of the plant is ampliﬁed proportionally from the solar ﬁeld area by
3.89 folds [32], and the unit cost is 2.8 $/m2 [32].
b

Total plant investment, TPI
NG price
CO2 tax

0.065
0.060
0.055
0.050
0.045
-20%

-10%

0

10%

20%

% change in the varied parameter (from the base case)
Fig. 8. The parametric sensitivity analyses of electricity cost COE.

20
Payback period, PBP (year)

a

ZE-SOLRGT

Total plant investment, TPI
NG price
CO2 tax
Electricity price

15

10

5
-20%

-10%

0

10%

20%

% change in the varied parameter (from the base case)
Fig. 9. The parametric sensitivity analyses of payback period PBP.
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decreases to be equal to COE (0.056 $/kWh), the PBP extends to be
32 years, the assumed plant life (30 years) plus the construction
period (2 years). It can be seen the economic beneﬁt of ZE-SOLRGT
system mostly depends on the electricity pricing; obviously, the
higher the electricity price is, the more proﬁtable the solar hybrid
system will be. At present, the CO2 credit has not been implemented yet in China, which demands more practical experience
and establishment of standard practices and regulations.
It is obvious that achieving a lower COE and shorter PBP requires
improvements in the system efﬁciency and lowering of the
equipment costs. It is important to develop relatively inexpensive
parabolic trough solar collectors with higher collector efﬁciency. If
instituted, a proper credit for CO2 emissions abatement would
improve the economic competitiveness of power generation from
the hybrid system.

7. Conclusion
A novel hybrid solar-assisted integrated chemically recuperated
gas turbine with oxy-fuel combustion was proposed as the new
zero CO2 emission hybrid system (ZE-SOLRGT). The power generation section of the system is conﬁgured as a Graz-like cycle, which
combines a high temperature Brayton-like topping cycle and
a high-pressure ratio Rankine-like bottoming cycle with water as
the main working ﬂuid.
The system features CO2 capture with oxy-fuel combustion and
cascade recuperation of turbine exhaust heat, and indirect
upgrading of low-mid temperature solar heat and cascade release
of chemical exergy in the indirect combustion of fossil fuel, which is
explained by the energy level concept in this paper.
By integrating with steam generation, the collected mid-level
solar heat of about 350  C is ﬁrst transformed into the latent heat
of vapor supplied to the reformer and then via the reforming
reactions to the produced syngas chemical exergy. This conversion
on the solar heat side is conjoined with the conversion of fossil fuel
chemical exergy into syngas chemical exergy, the latter is further
transformed into high temperature thermal heat via combustion
and accomplishes high efﬁciency conversion into electricity in the
advanced CC power generation system. Solar heat input raises the
system work output and reduces fossil fuel consumption.
The system was simulated and compared with a conventional
dual-pressure reheat combined cycle with post-combustion
decarbonisation (CC-PC). The low-mid temperature solar heat
helps improve the thermal match in ZE-SOLRGT and raises the
speciﬁc power output. The analysis shows that with a solar thermal
share of 18.0% and nearly 100% CO2 capture, the power output of
ZE-SOLRGT is higher by 28.8% than that in the CC-PC system with
the same fossil fuel input, and the exergy efﬁciency is 7.3 %-points
higher. The net solar-to-electricity conversion efﬁciency attains
40.6%, which is much higher than that in the solar-only system at
the same temperature level.
A preliminary economic analysis predicts the COE and PBP of the
ZE-SOLRGT to be $0.056/kWh and 11.3 years (including two years of
construction), respectively. The ZE-SOLRGT system integration
exhibits a successful complementary utilization of multiple energy
resources and their high efﬁciency conversion into electricity.
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Thermodynamic Analysis of
Zero-Atmospheric Emissions
Power Plant
This paper presents a theoretical thermodynamic analysis of a zero-atmospheric emissions power plant. In this power plant, methane is combusted with oxygen in a gas
generator to produce the working ﬂuid for the turbines. The combustion produces a gas
mixture composed of steam and carbon dioxide. These gases drive multiple turbines to
produce electricity. The turbine discharge gases pass to a condenser where water is
captured. A stream of pure carbon dioxide then results that can be used for enhanced oil
recovery or for sequestration. The analysis considers a complete power plant layout,
including an air separation unit, compressors and intercoolers for oxygen and methane
compression, a gas generator, three steam turbines, a reheater, two preheaters, a condenser, and a pumping system to pump the carbon dioxide to the pressure required for
sequestration. This analysis is based on a 400 MW electric power generating plant that
uses turbines that are currently under development by a U.S. turbine manufacturer. The
high-pressure turbine operates at a temperature of 1089 K (1500°F) with uncooled
blades, the intermediate-pressure turbine operates at 1478 K (2200°F) with cooled blades
and the low-pressure turbine operates at 998 K (1336°F). The power plant has a net
thermal efﬁciency of 46.5%. This efﬁciency is based on the lower heating value of methane, and includes the energy necessary for air separation and for carbon dioxide separation and sequestration. 关DOI: 10.1115/1.1635399兴

Introduction
The main contributor to increasing atmospheric carbon dioxide
(CO2 ) concentration is the combustion of fossil fuels for electricity generation, transportation and industrial and domestic uses.
Fossil fuels 共coal, oil, and natural gas兲 have underpinned the development of the economies in the industrialized countries around
the world. The demand for energy is expected to grow in the
developed countries and in particular in the developing countries
as they strive to obtain a higher standard of living. This increase in
energy demand will increase the carbon dioxide concentration in
the earth’s atmosphere.
Carbon dioxide capture and geologic storage offer a new set of
options for reducing greenhouse gas emissions that can complement the current strategies of improving energy efﬁciency and
increasing the use of nonfossil energy resources.
Production of electric power with zero-atmospheric emissions
is one of the goals of the Vision 21 Program of the U.S. Department of Energy 共DOE兲, 关1兴. A decade ago, such a concept would
not have been considered to be viable. However, recent research,
关2–10兴, has addressed technical and economic issues associated
with the concept, making it a viable option.
The power plant concept uses a Rankine cycle to drive three
turbines connected in series. However, unlike conventional steam
power plants, the plant does not use a boiler to generate steam.
Use of a boiler presents two disadvantages to the efﬁciency of the
Rankine cycle. First, the maximum cycle temperature is limited
by the maximum metal temperature that boiler components can
withstand; and second, 10 to 15% of the available energy in the
fuel is lost by the exhaust gases that are vented to the atmosphere.
In this study, the turbine working ﬂuid is produced in a gas
generator by the stoichiometric combustion of natural gas and
oxygen. Hence, the maximum operating temperature of the RankContributed by the Advanced Energy Systems Division of THE AMERICAN SOCIETY OF MECHANICAL ENGINEERS for publication in the ASME JOURNAL OF
ENGINEERING FOR GAS TURBINES AND POWER. Manuscript received by the AES
Division July 2002; ﬁnal revision received March 2003. Associate Editor: G. M.
Reistad.
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ine cycle is no longer controlled by the maximum operating temperature of a boiler. Rather, the maximum operating temperature
that the turbines can withstand becomes the efﬁciency-limiting
temperature. The hydrocarbon fuel does not need to be natural
gas, but could, for example, be syngas derived from coal, or gas
derived from biomass.
The adiabatic ﬂame temperature of the stoichiometric combustion of methane and oxygen at a pressure of 2.07 MPa 共300.2
lb/in2兲 is 3460 K 共5768°F兲, 关11兴. No turbines are available that can
operate at this temperature. Therefore, in the gas generator, water
is premixed with the natural gas and oxygen before the mixture
enters the combustion chamber. In addition, the gas generator,
关8 –10兴, has several sections in which water is added to the combustion products to bring the gas temperature to a level acceptable
to available turbines.
The turbine discharge gases pass to a condenser where water is
captured as liquid and gaseous carbon dioxide is pumped from the
system. The carbon dioxide can be compressed for enhanced recovery of oil or coal-bed methane, or the compressed carbon dioxide can be injected for sequestration into a subterranean formation. The technology described in this paper is the subject of
several US patents, 关12–21兴.
The next section describes the speciﬁc plant conﬁguration analyzed in this paper. The analysis section discusses the methodology used for analyzing the power plant.

Power Plant Configuration
Figure 1 presents the power plant conﬁguration analyzed in this
paper. The power plant has four major sections: methane compression, air separation and oxygen (O2 ) compression, power generation, and carbon dioxide separation and sequestration. Each of
these sections consists of multiple components as shown in the
ﬁgure. For the analysis, the plant is assumed to operate on methane that is combusted with oxygen. Methane is compressed to the
operating pressure of the gas generator 共12.4 MPa, 1800 lb/in2,
point 22, Fig. 1兲. Part of the methane is compressed to a pressure
of 1.38 MPa 共200 lb/in2兲 for a reheater that is installed between
the high-pressure turbine and the intermediate-pressure turbine

Copyright © 2004 by ASME
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Fig. 1 Schematic of the zero-atmospheric emissions 400 MW power plant

共point 28兲. The compression system for methane consists of four
compressors 共Compressors 1 to 4兲 and three intercoolers 共Intercoolers 1 to 3兲. Oxygen is generated in an air separation plant and
is compressed to feed the gas generator and the reheater. The
oxygen compression system consists of four compressors 共Compressors 5 to 8兲 and three intercoolers 共Intercoolers 4 to 6兲.
The water for this cycle is generated by the cycle itself. The
water leaving the condenser is heated in Preheaters 1 and 2 before
the water is injected into the combustion products in the gas generator. These preheaters increase the efﬁciency of the cycle.
In this study, the preheaters are located in the discharge lines of
both the high-pressure turbine and the low-pressure turbine. The
preheaters heat the water that is routed from the condenser to the
gas generator where the water is evaporated to cool the combustion products in the gas generator. If the water were not preheated,
a smaller amount of water would be required to cool the gases in
the gas generator. However, taking thermal energy out of the discharge of the drive gas from the low-pressure turbine reduces the
energy that is delivered to the condenser. As a result, less heat is
transferred in the condenser to the condenser cooling water. This
reduced condenser cooling water heat loss increases plant efﬁciency. The location of the preheaters, the amount of heat removed from the turbine drive gas and the temperature of the cooling water entering the gas generator, all affect cycle efﬁciency.
How this increase in efﬁciency is obtained is not a priori clear, but
is determined from optimization studies of the entire cycle.
Combustion products from the gas generator are delivered to
the high-pressure turbine 共point 24兲 where the mixture of steam
and carbon dioxide expands, thereby producing power in the turJournal of Engineering for Gas Turbines and Power

bine and electrical generator system. The mixture consists of a
0.88 mass fraction of steam and 0.12 mass fraction of carbon
dioxide. After the steam and carbon dioxide mixture leaves the
high-pressure turbine, the mixture is heated by a reheater 共point
26兲. The reheater increases the temperature of the mixture before
it enters the intermediate-pressure turbine. After the reheater, the
working ﬂuid entering the intermediate-pressure turbine consists
of a 0.79 mass fraction of steam and a 0.21 mass fraction of
carbon dioxide. After leaving the intermediate-pressure turbine,
the mixture enters a low-pressure turbine for its ﬁnal expansion
共point 30兲. The exhaust from the low-pressure turbine ﬂows
through Preheater 1 to preheat the water that was separated from
the turbine working ﬂuid in the condenser.
Most of the water that is generated in the cycle is separated
from the turbine working ﬂuid mixture in the condenser. Liquid
water is extracted from the condenser by Pump 1 and is recycled
to the system. The water temperature is increased in Preheaters 1
and 2, before the water goes to the gas generator 共point 23兲 to
control the temperature of the combustion products.
A mixture consisting primarily of carbon dioxide, but containing a substantial amount of moisture, is extracted from a port
共point 36兲 at the top of the condenser. The carbon dioxide with the
remaining moisture from the condenser is then delivered to several compressors and intercoolers to obtain high-pressure carbon
dioxide with almost no moisture. The compression-sequestration
system consists of seven compressors 共Compressors 10 to 16兲 and
six intercoolers 共Intercoolers 7 to 12兲.
JANUARY 2004, Vol. 126 Õ 3

Table 1 Values of the parameters used in the base case simulation of the zero-atmospheric emissions power plant
System Parameters

Value

Preheater effectiveness
Condenser effectiveness
Intercooler effectiveness
Ambient temperature
Isentropic efﬁciency of the high-pressure
turbine
Isentropic efﬁciency of the intermediatepressure turbine
Isentropic efﬁciency of the low-pressure
turbine
Isentropic efﬁciency of the compressors
Efﬁciency of the water pump
Efﬁciency of the electric generator

0.85
0.90
0.85
288 K
90%

ness equation is used. The heat exchanger effectiveness is deﬁned
as the ratio of the actual rate of heat transfer in a given heat
exchanger to the maximum possible rate of heat exchange. If the
heat capacity rate of the warmer ﬂuid (ṁ h c ph ) is smaller than the
heat capacity rate of the colder ﬂuid (ṁ c c pc ) then the equation for
effectiveness,  is
⫽

91%

Q̇

⫽

Q̇ max

93%

Q̇

⫽

Q̇ max

Analysis
The power plant system consists of a gas generator, three turbines, a reheater, a condenser, an oxygen separation plant, 15
compressors, a pump to recirculate the water from the condenser
to the gas generator and a pump for the condenser cooling water,
12 intercoolers, two preheaters, and an electric generator. Energy
and mass conservation laws are applied to every system component. The equations used to describe the power plant components
are solved simultaneously in a computer code. A computer code
using F-Chart software, 关22兴, was developed to analyze plant efﬁciencies. Individual system components are described next.
Gas Generator and Reheater. Methane and oxygen are
combusted in the gas generator to produce the turbine drive ﬂuid.
The temperature of the combustion products of methane with oxygen is controlled by adding water to the combustion products in
the gas generator. The mass ﬂow rate of water into the gas generator depends on the desired inlet temperature of the working
ﬂuid for the high-pressure turbine.
A reheater is used to increase the temperature of high-pressure
turbine exhaust to the desired temperature for the intermediatepressure turbine. The reheater produces this temperature increase
by burning methane with oxygen and mixing the combustion
products with the high-pressure turbine exhaust.
In the gas generator and the reheater, assuming an adiabatic
process, the rate of change with time of the absolute enthalpy
共including both sensible enthalpy and enthalpy of formation兲 of
the products is equal to the rate of change of the absolute enthalpy
of the reactants. Complete combustion is considered in the gas
generator and in the reheater.
Turbines. Turbines are modeled by the equation of isentropic
efﬁciency, 关23兴, which is deﬁned as the ratio of the power generated for the actual expansion of the gases in the turbine (Ẇ a ) and
the power generated in an isentropic expansion of the gases in the
turbine (Ẇ s ). For the three turbines the following equation is used
for turbine efﬁciency:
Ẇ a
Ẇ s

⫽

Ḣ in ⫺Ḣ out,a
Ḣ in ⫺Ḣ out,s

.

(1)

The turbine efﬁciencies for the high-pressure turbine, the
intermediate-pressure turbine, and the low-pressure turbine were
assumed to be 90%, 91%, and 93%, respectively 共see Table 1兲.
The efﬁciency of the high-pressure turbine takes into account the
use of short blades; the efﬁciency of the intermediate-pressure
turbine takes into account the blade cooling losses. These efﬁciencies compare to values of 93% used by Bannister et al. 关24兴, 85%
used by Bolland et al. 关25兴, and 93% by Aoki et al. 关26兴.
Heat Exchangers. To determine the performance of the heat
exchangers 共intercoolers, preheaters, and condenser兲 an effective4 Õ Vol. 126, JANUARY 2004

Ḣ h,in ⫺Ḣ c,in

.

(2)

If the heat capacity rate of the colder ﬂuid (ṁ c c pc ) is smaller
than the heat capacity rate of the warmer ﬂuid (ṁ h c ph ) then the
effectiveness equation is

85%
85%
98%

⫽

 t⫽

Ḣ h,in ⫺Ḣ h,out

Ḣ c,out⫺Ḣ c,in
Ḣ h,in ⫺Ḣ c,in

.

(3)

This analysis assumes an effectiveness of 85% for intercoolers
and preheaters 共see Table 1兲, 关25兴. The temperature of the environment and cooling water is assumed to be 288 K 共59°F兲 to be
consistent with the environment temperature used in the analysis
of combined cycle plants.
Compressors. Compressors are modeled by the equation of
isentropic efﬁciency 关23兴 deﬁned as the ratio of power needed to
compress gases in an isentropic process and the actual power
needed in the compression of the gases. For all compressors, the
following equation is used for compressor efﬁciency,  comp ,

 comp⫽

Ẇ s
Ẇ a

⫽

Ḣ out,s ⫺Ḣ in
Ḣ out,a ⫺Ḣ in

.

(4)

The compressors were assumed to have an isentropic efﬁciency
85%. Previous researchers, 关24,26兴, have used compressor efﬁciencies in the range of 85– 89%.
Water Recirculation Pump. The isentropic efﬁciency of the
water pump is assumed to be 85%. Previous researchers, 关24,26兴,
have used pump efﬁciencies in the range of 85–99%.
Oxygen Separation Plant. The power to operate the oxygen
separation plant, 0.22 kWh per kg of oxygen, was obtained from
data presented the literature, 关27兴, for a cryogenic air separation
plant. Advances in oxygen separation are expected to reduce this
power, especially when ion transport membrane 共ITM兲 technology
matures.
Computational Assumptions. Complete combustion was assumed in the gas generator. This assumption is justiﬁed because
the gas generator uses platelet injectors that provide extremely
uniform mixing of oxygen, fuel, and water. In addition, benchscale tests recently made at the University of California at Davis
show an absence of hydrocarbons in the exhaust and only minor
concentrations of carbon monoxide. These results are in agreement with predictions based on the use of the chemical kinetics
code Chemkin-II, 关28,29兴.
Pressure drops are considered negligible in all pipelines. Heat
transfer losses to the environment from lines connecting plant
components are also considered to be negligible. Heat losses to
the environment from heat exchangers are neglected. In a conventional power plant, natural gas would be used instead of pure
methane. Natural gas typically may contain about 1% nitrogen.
Similarly, a commercial oxygen separation plant for this type of
application would produce an oxygen stream that contains about 1
to 2% argon. In this analysis, the contributions of the nitrogen and
argon in the turbine working ﬂuid are neglected. Addition of nitrogen and argon to the working ﬂuid mixture of steam and carbon
dioxide makes the convergence of the iterative computations more
complex. Studies show that these non-combustible gases do not
Transactions of the ASME

Fig. 2 Zero-atmospheric emissions power plant data for base-case analysis. Notation: pressure—kPa,
temperature—K, mass ﬂow—kgÕsec. Input PowerÄ860.4 MW, LHV, electric power generatedÄ528.2 MW,
parasitic powerÄ128.2 MW. Net electric powerÄ400.0 MW, net LHV thermal efﬁciencyÄ0.4649.

change signiﬁcantly the efﬁciency calculations, but primarily
change the output power due to the change in molecular weight of
the working ﬂuid.
The system of equations is solved with an iterative equation
solver, 关22兴, by using computer-based tables of properties for all
the substances involved 共water, oxygen, methane, and carbon dioxide兲. The thermodynamic properties of water were obtained
from the 1995 data of the International Association for the Properties of Water and Steam, 关30兴. Carbon dioxide properties were
obtained from a fundamental equation of state by Span and Wagner 关31兴. Properties for methane were obtained from the 1991
equation of state by Setzman and Wagner 关32兴. Properties of oxygen were obtained from Sonntag and Van Wylen 关33兴.
Table 1 shows the values of the system parameters used in the
analysis.

Results
Figure 2 shows the results for the base case power plant analysis. Figure 2 shows pressures, temperatures and mass ﬂow rates
for this power plant at more than ﬁfty locations. In Figure 2,
power is given in kW, pressures in kPa, temperatures in K, and
Journal of Engineering for Gas Turbines and Power

mass ﬂow rates in kg/s. The base case assumes a high-pressure
turbine with an inlet temperature of 1089 K 共1500°F兲 and isentropic efﬁciency of 90%. The intermediate-pressure turbine operates
at 1478 K 共2200°F兲 and isentropic efﬁciency of 91%, and the
low-pressure turbine operates at an inlet temperature of 998 K
共1336°F兲 and isentropic efﬁciency of 93%. Steam turbines operating at these temperatures are being designed by a major U.S.
manufacturer.
This power plant conﬁguration has a net thermal efﬁciency of
46.5% and a net electrical output of 400 MW. The net thermal
efﬁciency is based on the lower heating value of methane, and
includes the energy required to separate oxygen from air and the
energy required to compress the carbon dioxide for underground
sequestration at a pressure of 14.5 MPa 共2100 lb/in2兲. This sequestration pressure is sufﬁcient to inject the carbon dioxide either into
an oil zone for enhanced oil recovery, or into a subterranean aquifer at an approximate depth of 1200 m 共3937 ft兲.
Figure 3 presents the net thermal efﬁciency of the power plant
as a function of two important power plant parameters: turbine
inlet temperature and turbine isentropic efﬁciency. Figure 3 shows
the efﬁciency advantage of being able to operate the power plant
JANUARY 2004, Vol. 126 Õ 5

Fig. 3 Net thermal efﬁciency of the zero-atmospheric emissions power plant as a function of inlet turbine temperature for
three values of turbine isentropic efﬁciency „95%, 90%, and
80%…. Data shown in this ﬁgure are obtained for the same inlet
temperature of both the high-pressure turbine and the
intermediate-pressure turbine.

Fig. 4 Net thermal efﬁciency of the zero-atmospheric emissions power plant as a function of condenser pressure. The
data were obtained for the base-case conditions shown in Fig.
2 and Table 1. The high-pressure turbine inlet temperature is
1089 K „1500°F…, and the intermediate-pressure turbine inlet
temperature is 1478 K „2200°F….

Fig. 5 Irreversibilities in components of the zero-atmospheric emissions power plant. Input power
Ä860.4 MW LHV, electric power generatedÄ528.2 MW, parasitic powerÄ128.2 MW, net electric power
Ä400.0 MW, net LHV thermal efﬁciencyÄ0.4649.
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with advanced-technology high-temperature turbines. The thermal
efﬁciency is close to 50% for 90% turbine efﬁciency and 1644 K
共2500°F兲 turbine inlet temperature. This is an excellent value considering that no regulated, or greenhouse gas emissions are emitted into the atmosphere.
Figure 4 shows the effect of variations in the condenser pressure on net plant thermal efﬁciency. Although lowering condenser
pressure will increase the power required to pump the water and
the carbon dioxide from the condenser, the increase in efﬁciency
of the Rankine cycle more than offsets this pumping power increase, thereby giving a net increase in overall plant efﬁciency.
A second-law analysis, 关34兴, of the power plant was conducted
as a part of this study. Irreversibilities were calculated for all
components of the power plant, operating at the base-case conditions 共Fig. 2兲. Figure 5 shows the calculated irreversibilities in
kW. Figure 5 shows that the main source of irreversibilities is the
combustion process. This is typical of existing power plants. The
exergy lost in the gas generator and the reheater is 274 MW,
which is 32% of the total exergy fed into the power plant. This
irreversibility can be reduced by increasing the operating temperature of the gas turbine. However, this is difﬁcult to accomplish
due to the limits of operating temperature of current turbine materials. The second most important source of irreversibility is the
air separation plant, where 54.4 MW of power is lost. This points
to alternative methodologies to cryogenic air separation as important for improving the efﬁciency of this power plant. A possible
alternative methodology is ion transport membrane 共ITM兲. On the
other hand, little exergy is consumed in carbon dioxide separation
and sequestration. This process only generates 18.6 MW of irreversibility, which corresponds to 2.2% of the exergy input to the
system. This is one of the main advantages of this cycle: carbon
dioxide sequestration can be accomplished with little additional
work.
Finally, it is worth noticing that the capital cost of a typical
power plant accounts for more than half of the electricity cost.
Although plant efﬁciency is a major factor in the cost of electricity generation, the reduced capital cost of the power plant described in this paper will result in reduced electricity cost. The
reader is referred to previous publications, 关8,9,35兴, for electricity
costs per kWh and a comparison of the costs of the current technology with the electricity costs of combined cycle plants with
exhaust gas clean up.

Conclusions
This paper presents a thermodynamic analysis of a zeroatmospheric emissions power plant. The simulation considers the
compression process of methane and oxygen to feed the gas generator and the reheater, a Rankine cycle with three turbines and
the carbon dioxide separation and sequestration processes.
The analysis predicts a 46.5% net thermal efﬁciency in a zeroatmospheric emissions 400 MW power plant that can be constructed with turbine technology that is under current development. The net thermal efﬁciency is based on the lower heating
value of methane, and includes the energy required to separate
oxygen from air and the energy required to compress the carbon
dioxide for underground sequestration. A thermal efﬁciency of
more than 50% is expected in a system that uses future hightemperature turbine technology.
The separation and sequestration process of the carbon dioxide
demands only a small part of the auxiliary power of the system.
Current research and development of the air separation technology
is expected to reduce the energy required to separate oxygen from
air. This would increase the efﬁciency of the power plant.
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Nomenclature
c p ⫽ constant pressure speciﬁc heat, kJ/共kg K兲
Ḣ ⫽ rate of absolute enthalpy 共includes enthalpy of formation兲, kW
LHV ⫽ lower heating value, kJ/kg
ṁ ⫽ mass ﬂow rate, kg/s
P ⫽ pressure, kPa
Q̇ ⫽ heat transfer rate, kW
T ⫽ temperature, K
v ⫽ speciﬁc volume, m3/kg
Ẇ ⫽ power, kW
 ⫽ effectiveness 共Intercoolers, preheaters, and condenser兲
 ⫽ efﬁciency
Subscripts
a
c
comp
h
in
max
out
s
t

⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽

actual
cold side in the heat exchanger
compressor
hot side in the heat exchanger
inlet condition in the power plant component
maximum
outlet condition in the power plant component
isentropic process
turbine
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ABSTRACT
In Aug 2004 the Zero Emission Norwegian Gas (ZENG)
project team completed Phase-1: Concept and Feasibility Study
for a 40 MW Pilot & Demonstration (P&D) Plant, that is
proposed will be located at the Energy Park, Risavika, near
Stavanger in South Norway during 2008.
The power plant cycle is based upon implementation of the
natural gas (NG) and oxygen fueled Gas Generator (GG)
(1500 ºF / 1500 psi) successfully demonstrated by Clean
Energy Systems (CES) Inc. The GG operations was originally
tested in Feb 2003 and has currently (July 2005) undergone
extensive commissioning at the CES 5MW Kimberlina Test
Plant, near Bakersfield, California.
The ZENG P&D Plant is an important next step in an
accelerating path towards demonstrating large-scale
(+200 MW) commercial implementation of zero-emission
power plants before the end of this decade. However, development work also entails having a detailed commercial
understanding of the techno-economic potential for such power
plant cycles: specifically in an environment where the future
penalty for carbon dioxide (CO2) emissions remains uncertain.
Work done in dialogue with suppliers during ZENG
Project Phase-1 has cost-estimated all major plant components
to a level commensurate with engineering pre-screening. The
study has also identified several features of the proposed power
plant that has enabled improvements in thermodynamic
efficiency from ~38% up to ~45% without compromising the
criteria of implementation using “near-term” available
technology. The work has investigated:
(i)
Integration between the cryogenic air separation
unit (ASU) and the power plant.
(ii)
Use of gas turbine technology for the intermediate
pressure (IP) steam turbine.

Fermin ‘Vic’ Viteri

(iii)

Optimal use of turbo-expanders and heatexchangers to mitigate the power consumption
incurred for oxygen production.
(iv)
Improved condenser design for more efficient
CO2 separation and removal.
(v)
Sensitivity of process design criteria to “small”
variations in modeling of the physical properties
for CO2 / steam working fluid near saturation.
(vi)
Use of a second “conventional” pure steam
Rankine bottoming cycle.
In future analysis, not all these improvements may
necessarily be “cost-effective” when taking into account total
overall objectives such as; thermodynamic efficiency, capital
investment, operations and maintenance cost, project life, etc.
However, they do represent important considerations towards
“total” optimization when designing the P&D Plant.
Project Phase-2: Pre-Engineering & Qualification is
currently focusing on further improved thermodynamic
efficiency and optimization of plant size with respect to total
capital investment (CAPEX). We are also collaborating on
turbine development for technology migration from the gas
turbine environment that will permit raising turbine inlet
temperatures (TIT) and attaining “medium-term” thermodynamic efficiency of ~55% (US-DOE, 2005).
INTRODUCTION
The purpose of the ZENG Project Phase-1 was to gather
information and propose a “Base Case” zero-emission plant
that is appropriate for the pilot and demonstration (P&D) phase
of technology development. A main criterion was to use
components compatible with an investment decision being
made in 3Q-2006 and plant commissioning in 2008.
Furthermore emphasis has throughout been placed on
ensuring that such a P&D Plant would provide the necessary
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knowledge and experience to permit construction for
“commercial” power plants of 240-400 MWe (net export) in the
2010-2014 timeframe.
Such a goal for commercialization in the “medium-term”
necessitates attaining power plant thermodynamic efficiency
~55% and ensuring that specific CAPEX is significantly
reduced compared with what we estimate for the initial
proposed nominal 40 MW P&D Plant.
There still remains considerable scope for optimizing and
integrating the CES Gas Generator (GG) within a total balance
of plant concept: the “Base Case” described extensively in the
Phase-1 Report (Hustad et al., 2004) has already been further
developed and improved with respect to thermodynamic
efficiency, as described in this paper.
We are also confident that a focussed effort in Project
Phase-2 will enable a reduction in CAPEX as we continue to
optimize plant integration and work closely alongside the main
equipment suppliers.
Furthermore, there continues to be a need for work
regarding integration with CO2-handling, interim storage,
transportation and commercial sale of CO2 for enhanced oil
recovery (EOR), as described by Sæther and Hustad (2005).
DESIGN BASE FOR 40 MW P&D PLANT
Proposed Plant location is on reclaimed “brown field” land
made available at the Energy Park, Risavika, shown in Fig. 1.
Selection of the P&D Plant nominal design capacity equal to
40 MWe (net export) corresponds to ~100 MWt thermal power
from the GG.

Fig. 1: Aerial view of reclaimed land area at the Energy Park,
Risavika, nr. Stavanger, South Norway. Highlighted rectangle
shows proposed location for the P&D Plant.
This size of plant was initially chosen as being a
reasonable compromise between development risk, economy of
scale, CAPEX and technology status. It also provides a useful

“next-step” on the path to commercialization from the 5 MWe
Kimberlina Test Plant that CES started commissioning near
Bakersfield, Ca. during 4Q-2004.
The GG thermal power output scales with cross-sectional
area: for the proposed P&D Plant the current (20 MWt) GG
diameter increases by a factor of 2.4—whilst length remains
the same. This is considered to be within practical limits for
scaling from the on-going test and operating experience.
Natural Gas (NG) is made available to the Stavanger
region by Lyse Gass AS through a recently laid 10-inch
diameter sub-sea pipeline from Kårstø with shore landing
adjacent to the proposed plant site as indicated in Fig. 1.
Fuel Composition
Methane (CH4)
Ethane
Propane
i-Butane
n-Butane
Nitrogen (N2)
Carbon dioxide (CO2)

Concentration
(%-mol )
88.54
7.71
0.50
0.03
0.04
0.69
2.49

Table 1: Summary of Fuel Composition for Natural Gas (NG).
For the economic analysis we have assumed NG fuel cost to be
85 øre/Nm3 (3.29 $/GJ).
The fuel gas in Table 1 has heat value (LHV) assumed to
be 39.8 MJ/Nm3 (equivalent to 47.7 MJ/kg) and a line pressure
in the range 120-180 bar. With the “Base Case” this will be
reduced to 94 bar for the GG and 30 bar for reheat (RH)
combustion.
PROCESS DESIGN PHILOSOPHY
The process design was based on “current technology” and
required that all major equipment items should be
commercially available. We utilize a conventional cryogenic
air separation unit (ASU), as shown in Fig. 2, to supply pure
oxygen to the GG—this being the most cost-efficient
commercial method available to date.
For the power train we employ a conventional steam
turbine coupled to an electric power generator; if necessary
through a speed reducer.
The high-pressure (HP) turbine inlet steam temperature is
restricted to 565 ºC, with an increase to 705 ºC for the
intermediary-pressure (IP) turbine (as is acceptable from
potential suppliers). The low-pressure (LP) steam turbine
exhaust flows to a vacuum condenser with 0.08 bar pressure.
A condenser pressure of 0.04 bar was investigated but this
would have considerably increased the condenser size; bearing
also in mind that the presence of CO2 gas in the condensing
steam will significantly increase the heat transfer resistance
across the condenser compared to a conventional vacuum
steam condenser. Furthermore it is advisable to keep the steam
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conditions upstream of the condenser above saturation level, to
avoid corrosion (or erosion-corrosion) on turbine internals.

We experienced some variation in the results depending on
the simulation subroutine models utilized. These originated
from differences in the calculated physical properties for the
CO2 / steam mixtures within the lower pressure and
temperature regimes. Subsequent discussions have confirmed
that there would appear to be limited reliable data available in
this region. This means that process data and equipment
parameters in the low-pressure (sub-atmospheric) regime
should be treated as preliminary for the time being.
Intermediate steam data is based on thermodynamic
efficiency specifications obtained from recognized suppliers of
steam turbines or “state-of-the-art” efficiency properties for
such equipment, as indicated in Table 2. Efficiency factors for
gas compressors are based on catalogue values.

Fig. 2: Schematic view of the Air Separation Unit (ASU)
adjacent to the main P&D Plant building.

Component

The mass flow and energy balance data necessary for the
selection and dimensioning of the process equipment, fuel feed,
utilities consumption, etc., are generated by CHEMCAD (see
www.chemstations.net). This includes comprehensive subroutines calculating thermodynamic, physical and transportation
properties for the actual mixtures of the fluids involved in the
main process, as well as in the utility systems.

HP turbine
IP turbine
LP turbine
Electric Power Generator

Efficiency
Factor
0.89
0.90
0.93
0.95

Table 2: Assumed power train efficiency factors.

Fig. 3: Process flow schematic for “Base Case” configuration with 42 MWe net output and cycle efficiency of ~ 38%.
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DESCRIPTION OF BASE CASE PROCESS
The NG fuel is supplied at 94 bar to the GG injection
nozzles through a filtering and pressure reduction control
station (see Fig. 3). The gaseous fuel and pure oxygen are
combusted in combination with injection of water in a complex
manifold and nozzle system; establishing near ideal conditions
for stoichiometric combustion and temperature control within
the combustor section of the GG shown in Fig. 4.

steam saturation temperature, in order to avoid corrosion
problems in the steam turbine and exhaust channels. The LP
turbine shaft duty is 11.9 MW. The total turbine duty is
49.8 MW, whilst the electric generator efficiency is assumed to
be 95%.
The exhaust steam from the LP turbine is condensed in a
seawater-cooled condenser. In addition to CO2 / steam mixture,
the flow to the condenser contains a small amount of oxygen
and a trace of carbon monoxide. The concentrations of
unburned hydrocarbons and NOx are anticipated to be
essentially zero. At an absolute pressure of 0.080 bar, partial
pressures of the main components are 0.0065 bar for the CO2
and 0.0735 bar for the steam (at which pressure the
condensation temperature is estimated to be 39.9 ºC).
The seawater flow requirement for the condenser is
calculated to be ~3,400 m3/h with assumed cooling-water inlet
temperature of 10 ºC which is standard Norwegian West Coast
North Sea.

“Base Case” Cycle Summary Data
Thermal power input
111.0 MW
Gross power output
52.6 MW
*
10.7 MW
Parasitic power
Net power
42.0 MWe
Overall cycle efficiency
~ 38%
Fuel consumption
7 670 kg/h
Oxygen consumption
28 800 kg/h
Cooling water flow (total)
~ 4 300 m3/h
Excess water production
15.5 m3/h
HP Turbine inlet pressure
83 bar
HP Turbine inlet temperature
565 ºC
HP Turbine exhaust temperature
~ 396 ºC
IP Turbine inlet pressure
25.9 bar
IP Turbine inlet temperature
705 ºC
LP Turbine inlet temperature
260 ºC
LP Turbine inlet pressure
1.0 bar
LP Turbine exhaust temperature
40 ºC
Condenser pressure
0.08 bar†

Fig. 4: The 20 MWt CES Gas Generator (GG). Combustor
section is at far end followed by 4 sequential water-cooldown
sections. Closest to observer is the downstream endplate that
provided back-pressure during testing ‘in lieu’ of HP turbine.
The GG exit pressure is controlled at 83 bar by the rate of
fuel and oxygen flow. The process “drive” gas (CO2 / steam)
temperature is maintained at 565 ºC by the water-injection rate
in the cooldown sections. The GG wall temperature is
controlled by the flow of water through internal cooling
passages within the housing.
The process gas stream is routed through the HP turbine
and expanded to the outlet pressure at 26.4 bar and 396 ºC.
The HP turbine shaft duty is 9.0 MW.
Next the process gas temperature is raised to 790 ºC using
a reheat (RH) combustion chamber operating at 26 bar pressure
and fed with NG fuel and oxygen at near stoichiometric ratio
(Chorpening et al., 2003). The process gas stream at the RH
outlet comprises a mixture of 17% CO2 and 83% H2O (steam)
based on %-weights.
Before the IP turbine the process gas passes through a
nitrogen gas heater and is cooled to 705 ºC; close to currently
maximum acceptable IP turbine inlet temperature (TIT). The
IP turbine expands the process gas from 26 to 1 bar and a
temperature of 260 ºC. The IP turbine shaft duty is 28.8 MW.
The nitrogen gas (partially taken from the ASU) is
expanded in a N2-turbine expander from 5.7 bar (705 ºC) to
1.1 bar (357 ºC) producing 2.8 MWe additional power.
Next the process gas is led to the LP turbine where it is
expanded to the condenser pressure of 0.08 bar and a
temperature of 40 ºC. This is maintained sufficiently above

Table 3: Summary Data for “Base Case” Configuration.

*

The “parasitic” power also includes electric energy consumption for the
ASU, oxygen and CO2-compressors, as well as cooling-water supply pumps.
†

The condenser pressure was also increased from 0.08 bar to 0.15 bar due
to recommendation from the CO2-compressor suppliers. A higher pressure
could significantly decrease the dimensions and costs for both the compressors
and intercoolers. This increase in condenser operating pressure would have
reduced the cycle efficiency from 37.8 to 36.3%.
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OPTIMIZED PROCESS DESCRIPTION
To date the practical limit for steam temperature from
conventional boilers has been around 565 ºC; and no strong
market incentive has existed for the development of steam
turbines with higher temperatures. The CES GG presents new
possibilities for cycle improvement with increased steam
temperature and process pressure. However, steam turbines
will not accommodate significant increase of TIT without
introduction of secondary flow and internal blade-cooling,
together with utilization of sophisticated materials.
But current gas turbine (GT) technology is already
operating at significantly higher TIT, albeit at comparatively
lower intermediary pressures: these present an excellent
opportunity for inclusion as IP turbines in an “Optimized”
process scheme as shown in Fig. 5. In such cycles the IP
turbine TIT may potentially be elevated to 1,450 ºC thereby
resulting in a very substantial increase in cycle efficiency.
However for practical purpose this would require some—
but still limited—redesign of a suitable gas turbine.
Commercial availability of such GT’s is still considered being
“a few years” ahead of the initial demonstration goals for the

current P&D Plant (but see also US-DOE, 2005) and requires
commercial drivers for the equipment suppliers.
To provide an indication of the “near-term” potential for
improvement of thermodynamic efficiency we have maintained
a TIT of ~700 ºC whilst including here an optional process
scheme based on cycle integration using a RR-WR21
recuperated gas turbine as proposed by Phillips (2004).
Included in the “Optimized” configuration is also a
“double” Rankine steam cycle, together with further integration
of the air compressor and nitrogen expansion from the ASU.
(N2-expansion is here principally the same as for the “Base
Case”, but now with the total nitrogen flow routed through the
expander, thereby increasing power production and cycle
efficiency.)
The benefit of the double Rankine cycle is that separation
of CO2 occurs at a pressure of 3.0 bar, thus reducing the
number of CO2-compressors and dimensions for the CO2handling equipment.
Furthermore the LP “pure” steam
Rankine cycle can now have a reduced condensation pressure
(0.03 bar) compared with the “Base Case” process (0.08 bar)—
this too contributes significantly to overall cycle efficiency.

Fig. 5: Process flow schematic for “Optimized” configuration with 50.5 MWe net output and cycle efficiency of ~ 45%.
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The GG, HP turbine, reheater (RH), nitrogen heater and turbine
expander, feed-water heaters and oxygen compressors are
principally the same as in the “Base Case”. While the LP cycle
is now a conventional “Cogen” condensing steam turbine.
Furthermore the compressor (C1) delivers compressed air to
the cryogenic ASU (see Fig. 5).
The GG is here operated at 150 bar and therefore a
separate pressure reduction station for initial fuel handling is
not necessary. Total fuel feed to the GG injection nozzle is
1.22 kg/s. The fuel energy supplied is 61 MW and the outlet
energy flux is 80 MW. The process gas at the GG exit contains
approximately 5.3 %-mol CO2 while the combustion generates
3.35 kg/s CO2 and 2.74 kg/s steam.
The process gas at 150 bar and 600 ºC is routed to the HP
turbine where it is expanded to 22 bar and ~ 320 ºC. With
turbine efficiency maintained throughout as specified in Table 2
the HP turbine stage shaft duty is now 12.4 MW.
The process gas is passed through a heat exchanger to raise
GG feed-water temperature to 225 ºC. The process gas stream
also heats feed-water to the LP steam generator up to near
vaporization temperature of 113 ºC.
Next the process gas stream is routed to the RH operating
at 22 bar and where the process gas temperature is raised to
945 ºC by stoichiometric combustion of fuel gas with oxygen.
Fuel consumption is 1.06 kg/s (equivalent to 53 MW fuel
energy). The RH combustion produces 2.91 kg/s CO2 and
2.38 kg/s steam; the gas stream now comprises 6.26 kg/s CO2
and 24.1 kg/s steam, with the CO2 concentration being 9.5 %mol and energy stream flux is 116 MW.
Next the process gas stream flows to the N2-turbine
expander heater where 34 kg/s (all available) nitrogen is heated
to 680 ºC whilst the process gas temperature is reduced to
~ 700 ºC in order to be compatible with TIT for the IP1 gas
turbine.
The N2-turbine expander produces 12 MWe power and has
an exhaust temperature of 323 ºC; this is heat-exchanged
against feed-water in the LP steam cycle, reducing temperature
of the nitrogen exhausting to atmosphere to ~ 160 ºC. (Which
is still comparatively high and we should be able to make better
use of this with further optimization!)
The IP gas turbine is based on a modified design derived
from a recuperated GT (e.g. Rolls-Royce WR-21) where the
recuperator is removed and principally replaced by the gas reheater. The process fluid expands from 22 to 3.0 bar—through
two stages (IP1 and IP2)—with temperature decrease from 705
to ~ 390 ºC. Normal exhaust condition for the WR-21 is
atmospheric pressure, hence the last turbine stage(s) will need
to be modified or removed. The turbine shaft duty is estimated
to be ~17.1 MW.
The IP2 exhaust steam is led to the steam superheater for
the LP steam cycle, where saturated steam from the steam
generator is heated from 113 to 356 ºC. The steam generator is
a conventional unit, as normally utilized for production of clean
steam from “unclean” steam sources.

The superheater for the produced clean steam is also a
conventional free-standing unit, comprising of tube banks in a
countercurrent arrangement. The exhaust steam is routed to the
steam generator, where the steam fraction is condensed by heatexchange against the (boiling) feed-water to the steam
generator—mol-fraction of steam in the process fluid is 0.90.
The superheated steam (at 1.6 bar and 356 ºC) is routed to
the LP turbine where the steam is expanded to condenser
pressure at 0.03 bar and ~ 24 ºC. The LP turbine stage duty is
estimated to be 17.6 MWe.
The exhaust steam from the LP turbine is condensed in a
seawater-cooled condenser. At an absolute pressure of 0.03 bar
the condensation temperature for the steam is 24.1 ºC.
In this preliminary study we have not to date included
recompression of CO2 from 3.0 bar to 7.5 bar followed by
chilling to -45 ºC, thereby making it completely ready for
interim storage and subsequent ship transportation. However
this will only have a small impact on the total cycle efficiency.
“Optimised” Cycle Summary Data
Thermal power input
114 MW
Gross power output
58.6 MWe
Parasitic power
8.1 MWe
Net power
50.5 MWe
Overall cycle efficiency
~ 45 %
Fuel consumption
8 210 kg/h
Oxygen consumption
32 760 kg/h
Cooling water flow (total)
~ 4 300 m3/h
Excess water production
19.0 m3/h
HP Turbine inlet pressure
150 bar
HP Turbine inlet temperature
600 ºC
HP Turbine exhaust temperature
~ 320 ºC
IP Turbine inlet pressure
22.0 bar
IP Turbine inlet temperature
698 ºC
IP Turbine exhaust temperature
~ 390 ºC
CO2 / Steam Condenser pressure
3.0 bar
LP Steam Rankine Cycle
LP Turbine inlet pressure
1.6 bar
LP Turbine inlet temperature
356 ºC
LP Turbine exhaust temperature
24 ºC
Steam Condenser pressure
0.03 bar
Table 4: Summary Data for “Optimized” Configuration.
In recent (unpublished) work we have further increased
cycle efficiency by 2-3%-point. And therefore now consider
our main focus in Project Phase-2 should be to ensure similar
progress in reducing the plant specific CAPEX ($/kW) and
ensuring plant availability of ~ 95%, as is achievable with
typical steam cycles.
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ECONOMIC ANALYSIS
Within the present study we have identified and costestimated all major components for the “Base Case”
configuration and made comparison with a conventional NG
Combined Cycle (NGCC) Power Plant. Included here are also
cost-factors based on accumulated project experience in
Norway—with high labor costs and strong local currency these
can typically lead to estimates that are 20-25% above US Gulf
Coast estimates!
The economic model permits input of all main power plant
parameters; CAPEX, operating costs, internal rate of return,
project duration, efficiency, net power generation, sale of CO2,
etc. Model output is derived using annualized cash flow and
calculates cost of electricity (CoE) by prescribing a zero net
present value. All modeling is pre-tax. We have made the
following generalized basic assumptions:
- 10% discount rate and project economic life of 25-yrs.
- Fuel cost is 85 øre/Nm3 NG (equivalent to 3.29 $/GJ).
- For P&D Plant we assume 60% financed debt at 5%
interest. This reflects some “goodwill” from the
Norwegian government’s interest to help promote
development and demonstration of such “new” power
generation technology1.
- For comparison between the conventional NGCC
Reference Plant and a “commercial” ZENG-CES plant
we revert to assuming 100% equity financing.
- Assume two years for total investment and construction.
- Assume 6 weeks for commissioning during first year.
- Exchange rate is 6.50 NOK/US$.
- CoE is expressed in mills/kWh (1,000 mills/US$) and in
Norwegian currency as øre/kWh (100 øre/NOK).
Using Reference CoE from the NGCC without CO2capture2 we can also calculate a CO2-capture cost (in US$ per
ton of CO2) for comparison with sale of CO2 for EOR to a
CO2-aggregator / transporter / oilfield operator.
For the “Base Case” 42 MWe P&D Plant (inclusive of the
ASU) we have total CAPEX of $97.7 million (equivalent to
635 MNOK). With further focus on cost optimization in
Project Phase-2 and with economies of scale, we believe there
is considerable opportunities for reducing this CAPEX.
The incremental CoE for the “Base Case” is estimated to
be +26.0 mills/kWh compared with the 400 MW Reference
CoE. Alternatively, the plant would need to recover a CO21
In 2004 the Norwegian government specifically set aside a fund of $310
million to promote P&D Power Plants with CO2-capture & storage (CCS).
They have also indicated that as cost-effective technologies emerge, then they
shall be willing to further add to this level of support if necessary.
2
The Reference Plant assumes a new build on the West Coast of Norway
with specific CAPEX of 745 $/kW installed. We obtain CoE at 35.2 mills/kWh
(22.9 øre/kWh) exclusive of CO2-emissions. We assume that the Reference
Plant will need to purchase CO2-credits for an additional cost of $12 /tCO2
starting in 2008 and rising linearly to $24 /tCO2 at end of project economic
lifetime. With these assumptions we derive a Reference CoE equal to
40.7 mills/kWh (26.5 øre/kWh). For further details see Hustad et al. (2004).

capture cost of $28.0 /ton (at perimeter fence) in order to be
competitive with electricity from the Reference Plant3.
For the “Optimized” Configuration we have estimated total
CAPEX to be $109.9 million (equivalent to 714 MNOK). Net
export power is 50.5 MWe resulting in incremental CoE of
+19.0 mills/kWh compared with the Reference CoE.
Alternatively the “Optimized” P&D Plant must sell the CO2 at
a price of $19.3 /ton (at perimeter fence) to cover extra costs.
The CO2-liquefaction plant (with storage facilities) and
transportation to offshore platform are outside Scope of Work
for the P&D Plant (but see Sæther and Hustad, 2005).
However, as described by Hustad and Austell (2004) one may
conservatively account for this incremental cost in CO2handling by assuming an additional ~ $12 /ton whereby
delivered price will be ~ $31 /tCO2.
Recent alternative studies have indicated delivered cost for
CO2 on North Sea platform to be in the range from $35 /tCO2
as proposed by Elsam / Kinder Morgan, CENS Project
(Markussen et al., 2002). Alternatively up to $48 /tCO2 as
presented by Statoil for proposed CO2-flooding at Gullfaks.
In the near- to medium-term (2010-2014) we have
identified cycle optimization opportunities that could ensure
plant efficiency of ~ 51%. Furthermore, we believe costoptimization, economies of scale and early commercial
introduction can contribute to ensure an additional one-third
reduction in specific CAPEX. This would entail that a “100%
equity financed” commercial 240 MW ZENG-CES Power
Plant could have a CO2-capture cost (at perimeter fence) of
$17.9 /tCO2 whilst delivering 0.80 mtCO2/yr for EOR.
In this context the key economic variable is the market
price of crude oil which determines the sales value of CO2 for
EOR. Again we may assume, using larger volumes, that
delivered cost of CO2 at the offshore platform from such a
240 MW ZENG-CES Power Plant could be ~ $28 /tCO2.
Thus, even with the current fiscal regime in the North Sea—
which is not yet optimized to create incentives for CO2-EOR—
the pre-requisite crude oil price needed to sustain project
economics would be in the range $25-$28 /bbl (see Hustad and
Austell, 2004).
In the medium- to longer-term (2012-2015) we foresee
technology improvements4 and economies of scale that should
permit a 400 MW ZENG-CES Power Plant to operate with
~ 55% efficiency and have specific investment cost below
1 400 $/kW. Economic modeling for such a plant suggest it
would have a CO2-capture price of ~ $10 /tCO2 whilst
producing 1.25 mtCO2/yr. The long-term goal is to achieve
60% plant efficiency by 2015 (US-DOE, 2005).

3

Here we assume “Base Case” P&D Plant will capture 100% of its CO2emissions at a pressure of 7.5 bar. This will subsequently need to be dried and
cooled to -45 ºC (near triple point) for liquefied storage and ship transportation.
4
Specifically we here foresee commercial introduction of; (i) oxygen
membrane technology, and (ii) blade-cooling to permit increased TIT for the HP
and—in particular—the IP turbine expansion stages.
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Fig. 6: Schematic sketch of the proposed 40 MW (nominal) Pilot & Demonstration Power Plant at the Energy Park in Risavika.
In this timeframe we may also assume that the cost of CO2
transportation from the power plant perimeter fence out to an
oilfield will be aggregated and handled in a more cost-effective
manner through a dedicate CO2-infrastructure. We therefore
estimate future delivered price for CO2 to be ~ $17 /ton. The
sustaining market price of crude oil would then need to be
~ $22 /bbl.
The long-term market expectation is that crude oil will be
above $35 /bbl; highlighting a substantial commercial upside
on the basis of EOR. Furthermore, CO2-credits are already
trading at ~ $20 /ton on EU and US exchanges. Thus there are
already two strong economic incentives to develop zeroemission fossil power generation.
CONCLUSIONS
Results suggest that a ZENG-CES Power Plant, in
combination with sale of CO2 for EOR could provide 3.2 TWh
of base load (+8 000 hours per year) zero-emission electricity
by 2011. And will, through project economic lifetime in a
“carbon-constrained” market be more cost-effective than a
conventional power plant having to pay for its CO2 emissions.
Zero-emission power in combination with recognized
CO2-EOR potential creates a business opportunity providing
an important contribution to the use of NG in Norway, lifeextension for the mature oil reservoirs on the Norwegian
Continental Shelf, and technology export opportunities.
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- Past Development:
- 1999: First demonstration of CES oxy fuel technology done under CEC grant
- 2000-2003: 20MWt generator tested under DOE grant
- 2002-2006: 2.7 MWe pilot-scale oxy fuel plant commissioned and connected
> Over 400 starts and 2,000 running hours
- 2006-2010: 170 MWt CES combustor tested with 1st generation oxy fuel turbine
- Current: DOE grant awarded to CES in partnership with Siemens
- USD $30M awarded Sep 2010
- Goal: Development of 2nd generation oxy fuel gas turbine technology
- CES to further enhance combustor technology
- Siemens to design, manufacture, and package oxy fuel turbine
- DOE project completion: 2012
- Future: Commercial deployment of oxy fuel solution: 2014-2015
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FOSSIL FUELS WITHOUT ATMOSPHERIC EMISSIONS
1
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ABSTRACT
The Allam Cycle is a new, high-pressure, oxy-fuel,
supercritical CO2 cycle that generates low-cost electricity from
fossil fuels while producing near-zero air emissions; all CO2
generated by the system is produced as a high-pressure,
pipeline-ready by-product for use in enhanced oil recovery,
industrial processes, or sequestration.
The base cycle was developed by 8 Rivers Capital and is
being commercialized by NET Power, LLC in partnership with
Toshiba Corporation, Exelon Corporation, and CB&I. The four
parties are currently developing a natural gas-fired power
plant to demonstrate this system. Target net efficiencies for the
natural gas and coal versions of this cycle, based on current
process modeling, are 59% and 52% (LHV) respectively, both
with full carbon capture and no other air emissions. Detailed
designs indicate that NET Power plants, with full carbon
capture, will produce lower-cost electricity than state-of-the-art
fossil fuel plants without CCS.
8 Rivers Capital continues to develop on top of the Allam
Cycle platform. Building upon the original single turbine
design, 8 Rivers has developed a two-turbine design that
combines the benefits of the original, high-pressure Allam
Cycle with a low-pressure reheat cycle. This new design can
enable Allam Cycle-based plants to greatly increase power
output with only a moderate increases in capital cost,
substantially lowering the overall plant $/kW cost. Such a
configuration would enable Allam Cycle plants to produce even
lower-cost electricity than the single turbine Allam Cycle

design currently being commercialized by NET Power, CB&I,
Toshiba and Exelon.
This paper outlines the design
considerations utilized for the base Allam Cycle development
and then details this new cycle design and its potential benefits.
INTRODUCTION
Despite growing urgency to reduce global power plant
emissions, producing higher-efficiency, truly clean power from
traditional fossil fuel systems – NGCC, IGCC, supercritical
coal, oxy-combustion – is proving difficult. Efficiency gains
are increasingly challenging to realize as systems near
theoretical efficiency limits [1], and costs of pollution control
and carbon capture equipment are not declining as quickly as
anticipated (and will always be cost-additive approaches) [2].
In the case of carbon capture, the process remains uneconomic
in the vast majority of scenarios [2]. Fossil fuels, however,
remain the dominant fuel-source for power around the world
[2]. As a result, new power cycles are needed.
The Allam Cycle is one such cycle. Developed by 8 Rivers
Capital, the Allam Cycle combines the benefits of oxycombustion processes and supercritical CO2 power cycles, yet it
overcomes critical limitations that have impeded the success of
those approaches in the past [3,4]. For instance, the Allam
Cycle’s oxygen demands are substantially reduced due to the
injection of a hot, recuperated CO2 recycle stream into the
combustion chamber, thereby reducing the amount of fuel and
oxygen required during combustion in order to reach optimal
turbine inlet temperature. Furthermore, a portion of the power

*
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consumed by the cryogenic air separation unit (ASU) is
recovered by rejecting the heat of compression into the main
power cycle. Unlike other CO2 power cycles, the Allam Cycle
uses this heat recovery to turn the detrimental energy
consumption of the ASU load into a performance enhancement
of the cycle, thereby improving net cycle efficiencies. Further,
the Allam Cycle uniquely exploits compression and pumping to
avoid the bi-phasic region and operates with an extremely high
recycle rate.
The result is a cycle that generates low-cost electricity
without producing atmospheric emissions. Because the system
operates with a CO2 working fluid at high pressure, carbon
dioxide can be removed from the system at high purities and
above required pipeline pressures. This feature essentially
eliminates the “cost” of adding carbon capture. Target
efficiencies for the natural gas and coal syngas fuelled systems,
based on current process modeling, are 59% and 52% (LHV)
respectively, both with full carbon capture and no other
emissions. The process models have been developed in Aspen
Plus® and are inclusive of all parasitic loads and use vendor
supplied data, including ASU power consumption, turbomachinery efficiencies, pressure losses, and heat exchanger
effectiveness. In all cases, actual stream chemistry has been
taken into consideration as it changes throughout the plant as
water is condensed and removed. Impurities that enter the
system through the introduction of oxygen and fuel, such as Ar,
are also accounted for.
Current plant designs indicate that, on an LCOE basis,
Allam Cycle natural gas power plants with full carbon capture
will produce electricity at a comparable-to-lower cost than
current natural gas combined cycle plants without carbon
capture. Allam Cycle coal plants with full carbon capture are
projected to have a substantially lower LCOE than current coal
plants without carbon capture. In both cases, value has not be
ascribed to the Allam Cycle’s captured CO2; if that highpressure CO2 is sold for enhanced oil recovery or a generator
receives credit for captured CO2, the LCOE for Allam Cycle
natural gas and coal plants falls well below that of existing
fossil systems.
In the natural gas case, the Allam Cycle’s competitive
LCOE is a result of having comparable efficiency and capital
cost to existing systems. The Allam Cycle’s net efficiency –
59% LHV – is higher than the baseline efficiency used by the
National Energy Technology Laboratory for natural gas
combined cycle plants (56% LHV for an F-Class system) and
comparable to state-of-the-art efficiency claims from turbine
OEMs [5, 6]. Allam Cycle natural gas system capital costs,
which have been developed through the pre-FEED level, are
comparable to current natural gas combined cycle plants, in the
range of $800-1200/kW [5]. In the case of coal, the Allam
Cycle’s lower projected LCOE is a result of having a
significantly higher efficiency – 52% LHV based on NETL
Illinois No.6 specifications – and lower capital costs than IGCC
plants, based on an AACE Level 5 cost estimate [5].
Additionally, both coal and natural gas Allam Cycle plants are

expected to have lower O&M costs than comparable plants
based on input from EOR operators related to experience with
CO2 compressors and pumps and the relative simplicity of the
cycle, including the fact that the cycle operates with a single
turbine; actual O&M cost numbers will be verified during the
operation of the first Allam Cycle demonstration plant.
The Allam Cycle is being commercialized by NET Power
LLC, CB&I, Toshiba and Exelon through the development of a
50MWth natural gas demonstration plant. A FEED study for a
US-based demonstration plant has been completed, and a preFEED study for the first large-scale, commercial natural gas
plant has been developed in parallel, with the goal of ensuring
the demonstration plant is rapidly scalable and fully proves the
commercial system. This program is designed to enable the
wide deployment of commercial NET Power natural gas power
plants based on the Allam Cycle.
8 Rivers Capital continues to develop on top of this base
cycle. One such development includes the addition of a lowpressure turbine and reheat loop to the cycle. This combined
system would enable the Allam Cycle to realize a large increase
in power output of nearly 2.5 times while only causing
moderate increases in capital costs, resulting in a 30% reduction
in $/kW capital cost and a minimal decrease in efficiency. By
producing an even lower cost of electricity than the base Allam
Cycle design configuration currently under commercial
development,
8 Rivers Capital believes that this new
configuration is likely the next generation of Allam Cycle-based
power plants to ultimately be developed.
OVERVIEW OF THE ALLAM CYCLE
The basic Allam Cycle design consists of a single, highly
recuperated, high-pressure, Brayton cycle using a carbon
dioxide working fluid. A pressurized gas fuel is combusted in
the presence of oxygen and a carbon dioxide dilution stream to
drive a turbine. The expanded gas is cooled in a recuperative
heat exchanger and then combustion derived water is removed.
The remaining nominally-pure CO2 working fluid is repressurized, reheated in the recuperative heat exchanger against
the hot exhaust gas from the turbine, and then recycled into the
combustor. A simplified flow diagram of the cycle using natural
gas as a fuel is depicted in Figure 1.
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Figure 2, with the thermodynamic state points for this
exemplary case described in Table 1.
Table 1. ALLAM CYCLE KEY POINTS (ISO CONDITIONS)

Figure 1. BASIC ALLAM CYCLE NATURAL GAS FLOW
DIAGRAM.
A key feature of this cycle is its unique combustion
environment. Fuel and oxygen are combusted at high-pressure
with a hot recycle flow of CO2. Carbon dioxide makes up
approximately 95% of the mass flow in the combustor; oxygen
and fuel makeup the other 5%. This CO2 flow serves several
purposes: it dilutes the combustion products, ensuring that the
working fluid that exits the turbine is more than 90% CO2; it
moderates the combustion temperature; and it enables
significant quantities of heat to be retained in the cycle, which
in turn lowers both the fuel and oxygen requirements. By
lowering the oxygen requirements, the air separation unit can be
smaller than otherwise would be needed, reducing both its
capital cost and energy requirements. This helps the Allam
Cycle to overcome a major barrier to the adoption of oxy-fuel
power processes [3,4].
As fuel and oxygen are constantly being added to the
system, products of combustion must be removed in order to
keep the mass in the system constant. The water present in the
turbine exhaust stream begins to condense in the recuperative
heat exchanger. Upon exiting the heat exchanger, the rest of the
water is condensed against cooling water, and then the stream is
sent into a water separator where the liquid water is removed.
The resulting working fluid, which is primarily composed of
CO2, is compressed and pumped to be returned to the
combustor via the recuperative heat exchanger. In order to
maintain the mass balance of the system, a small amount of
excess carbon dioxide must also be removed; this is done postcompression, enabling the delivery of a high-pressure, highpurity carbon dioxide stream directly to a pipeline without
further parasitic losses for post-capture compression. Where
the working fluid is saturated and liquid water is present, prior
to compression, the materials must be resistant to attack from
carbonic acid. This is accomplished through the use of alloys
such as corrosion-resistant stainless steels with the possible
addition of epoxy or polymer-based liners.
The thermodynamic workings of a simplified Allam Cycle
can be seen in the pressure-enthalpy diagram for CO2 shown in

Point

Pressure (Bar)

Temperature (°C)

Turbine Inlet (A)

300

1150

Turbine Outlet (B)

30

775

CO2 Compressor Inlet (D)

30

20

CO2 Compressor Outlet (E)

80

65

CO2 Pump Inlet (F)

80

20

CO2 Pump Outlet (G)

300

55

Combustor Inlet (I)

300

750

The turbine inlet is at Point A, and it expands to the outlet
point at Point B. The turbine exhaust is cooled in the
recuperating heat exchanger from Point B to Point C. From
Point C to D, the exhaust is further cooled, and water is
separated from the system. From Point D to Point E the flow is
compressed in an intercooled compressor, raising the working
fluid pressure to about 80 bar. The fluid is cooled to near
ambient from Point E to Point F. At this point, the working
fluid has a density above 700kg/m3, and therefore, as a dense
phase fluid, it can be pumped from Point F to Point G.

Figure 2. PRESSURE-ENTHALPY DIAGRAM FOR PURE
CARBON DIOXIDE AND THE BASIC ALLAM CYCLE
NATURAL GAS APPLICATION.
The top-end of the cycle, from Point G back to Point A,
illustrates another critical feature of the Allam Cycle. In order
to reach high system efficiency, a close temperature approach is
required at the hot-end of the heat exchanger. As one can see in
Figure 2, the imbalance between the heat liberated by the lowpressure turbine exhaust (Point B to Point C) and the heat
required to raise the temperature of the high-pressure recycle
flow from its lowest temperature point to the combustor inlet
temperature (Point H to Point I) is apparent. This imbalance is
caused by a very large increase in the specific heat of CO2 in the
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high-pressure recycle flow at the low-temperature end of the
recuperative heat exchanger, see Table 2. The heat of
condensation of the water, which is rejected to the recycle
stream in the recuperative heat exchanger, makes up for a small
portion of this imbalance in CO2 properties. However, the
majority of this imbalance can be addressed by utilizing waste
heat at the low-temperature end of the heat exchanger (Points G
to H) to add additional heat to the CO2 recycle flow. One
convenient source of this waste heat can be the heat of
compression generated by the air compressors of the ASU.
Changing the compressors from multi-stage intercooled units to
single-stage adiabatic compressors provides the necessary
amount of heat in the correct temperature range needed to
correct this imbalance. It should be noted that, for convenience,
the logP-h diagram on which the Allam Cycle is plotted in
Figure 2 is for pure CO2; the generation of a logP-h diagram
for the actual cycle would be very difficult due to the
constituent changes before and after water separation.
Other carbon dioxide cycles have been previously
developed, but the Allam Cycle is distinct in several ways. One
such cycle, described in US Patent 3,736,745 and invented by
H. Karig, describes a cycle that remains in the supercritical state
at all times; the minimum pressure experienced in this cycle is
100 bar, with a maximum just above 200 bar [7]. By remaining
above the critical point of CO2, the Karig cycle is able to
exploit the lower power consumption of pumping a dense phase
fluid instead of compression. But, significant differences in
properties exist between the streams transferring heat in the heat
exchanger (see Table 2). This is more pronounced at lower
temperatures, and consequently the efficiency of this cycle
suffers due to the energy imbalance which is manifested in a
large temperature difference at the hot end of the recuperative
heat exchanger.
Table 2. HEAT CAPACITY (kJ/kg-K) OF CO2 AT VARIOUS
PRESSURES [8].
Temp. (K)

30 bar

60 bar

80 bar

100 bar

200 bar

300 bar

300

1.18

2.83

3.93

3.00

2.15

1.95

350

1.05

1.28

1.54

1.96

2.57

2.00

400

1.02

1.13

1.21

1.32

1.86

1.90

450

1.03

1.10

1.15

1.20

1.47

1.63

500

1.06

1.10

1.14

1.17

1.34

1.47

600

1.10

1.13

1.15

1.16

1.24

1.31

750

1.17

1.17

1.18

1.18

1.21

1.23

1000

1.24

1.24

1.25

1.25

1.27

1.28

A variation of the Matient cycle, the E-Matient, proposed
by Mathieu et al.[4], is another well-known CO2 cycle, but it too
is distinct from the Allam Cycle. In contrast to Karig, the EMatient is a subcritical cycle, remaining below the critical
pressure for the entire cycle. Since the critical point is not
spanned, the significant differences in specific heat are not

manifested and the cycle performs in a more conventional
manner. With a specified optimum maximum pressure around
60 bar, the heat rejected by the turbine exhaust would be closely
matched to the heat needed by the recycle stream [4]. The EMatient cycle is most closely akin to modifying an existing
recuperated combustion turbine to oxy-firing with a heavy
recycle.
Both purely supercritical and subcritical cycles are
designed to minimize the effects of the properties of CO2 on the
power cycle. But these cycles have limitations. Transcritical
cycles are designed to maximize the advantages of both while
minimizing the difficulties. The Frutschi cycle, described in US
Patent 6,684,643, describes one such possible cycle. In the
Frutschi cycle, the stream is reheated at high pressure, 250-300
bar, against the turbine exhaust. This stream is expanded down
in a turbine to 80-100 bar without the addition of fuel. The
exhaust stream from this first turbine is then heated via direct
oxy-firing and expanded in a second turbine. After passing
through the recuperator, water rejection, and compression, the
stream is split. A portion of the recycle stream is used in the
high pressure, un-fired turbine and the remainder is used in the
lower pressure fired turbine [9]. Due to the differences in
specific heat of a high pressure stream, 250-300 bar, and a low
pressure stream, ~30 bar, the turbine exhaust stream does not
contain enough heat to effectively reheat the recycle stream to
produce a close temperature approach at the hot end of the
recuperator. The manner of splitting the recycle streams
presented by Frutschi is designed as a solution to this difference
in specific heats and to allow for closer temperature approaches
and effective heat transfer, but this process requires a highly
complex system.
In all of the above cycles, there is considerable impact in
the cycle efficiency due to the generation of oxygen, which is
not taken into account in efficiency calculations. In the EMatient cycle, the authors state that “the ASU consumption is
observed to be very penalizing since the optimal efficiency is
around 60% without and 47% with the ASU” [4].
The Allam Cycle is also a transcritical cycle. However, as
opposed to the above cycles, the Allam Cycle accounts for the
differences in specific heat of the turbine exhaust stream and
recycle stream through incorporation of the ASU in a manner
that mitigates its parasitic impact. By recognizing that the ASU
heat rejection needs are in the same low temperature region
where the differences in specific heats of the two process
streams differ, a portion of the power consumed by the ASU can
be recovered into the system to balance the heat loads within
the heat exchanger, leading to important efficiency gains.
This outlines the most basic form of the Allam Cycle using
a natural gas fuel. A system utilizing coal syngas is also under
development and requires the addition of a coal gasifier and
additional clean-up at the water separator. Other designs under
development include a solar-fossil fuel hybrid system, a plant
integrated with liquefied natural gas regasification, and a system
integrated directly with enhanced oil recovery operations.
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KEY DESIGN CONSIDERATIONS
Increases in gas turbine power cycle efficiencies have
largely been driven by advances in metallurgy [1]. In addition,
increasing steam temperatures and pressures from sub-critical to
the newest A-USC conditions have followed the development of
alloys capable of those extreme duties, such as high-Ni alloys
617 and 740 [10]. These high performance alloys, and the
corresponding service conditions, also set the limits for sCO2
power cycles, including the Allam Cycle.
During the initial design of the Allam Cycle, it was
determined that the turbine should be actively cooled in order to
maintain metal surface temperatures within the abilities of
existing alloys while permitting the use of high temperature
combustion. By using an actively cooled turbine, the
metallurgical limit for the system transitioned from the turbine
to the hot-end of the heat exchanger, specifically the high
pressure, high temperature recycle stream returning to the
combustion turbine. Initial design considerations took into
account average, or bulk, metal temperatures for existing heat
exchanger and pipe technology and their compliance with
ASME standards [11]. Therefore, the cycle design point was
set around the average hot-end temperature of the heat
exchanger. This was deemed acceptable since the highest
temperature seen by the piping and heat exchanger, at the
turbine exhaust point, is actually the lowest pressure in the
system. The higher pressure recycle stream, which is heated
against the turbine exhaust flow in the heat exchanger, will be at
a lower temperature. Thus, the controlling design point was
pinned as the combination of the high-pressure of the recycle
stream and the average hot-end temperature of the heat
exchanger, which is the highest metallurgical stress point in the
system. It was around this point, nominally Point I in Figure 2,
that the Allam cycle could be further explored and optimized.
Supercritical CO2 turbines are not described extensively in
literature, especially operating, technologically mature sCO2
turbines. Therefore, in order to design the cycle, initial
assumptions about the turbine were made. The isentropic
efficiency for the turbine was set at approximately 88% for the
purposes of design calculations. In later discussions with
turbine manufacturers, the efficiency used in calculations was
validated as being reasonable and achievable, even in a first-ofa-kind unit. Since then, through NET Power’s partnership with
Toshiba, turbine design for the Allam Cycle has reached
detailed stages, with some aspects of the first unit already in
production.
OPTIMIZATION OF THE BASE CYCLE
In a conventional combustion turbine, there are two
primary parameters that can be adjusted: the turbine inlet
temperature and compression ratio. The turbine exhaust
pressure is typically fixed at a near-atmospheric value, and the
turbine exhaust temperature is directly related to the inlet
temperature and compression ratio; as earlier discussed, one of
the main drivers responsible for the increase in efficiency of
conventional turbines is an increase in this inlet temperature.

With the Allam Cycle, efficiency improvements do not
necessarily follow the same logic as conventional turbines in a
combined cycle configuration. Since there is a temperature
limit on the turbine exhaust, finding the most efficient cycle is
not as simple as increasing the firing temperature. Optimizing
the Allam cycle is instead driven by shifting the cycle up and
down, or expanding/contracting the cycle vertically, on the
pressure-enthalpy diagram in Figure 2
The Allam cycle is semi-closed, and therefore the turbine
exhaust pressure is a variable that is not fixed and can be
modified, unlike with a traditional combustion turbine. The
turbine effectively exhausts into the compressor suction after
passing through the recuperative heat exchanger; there is
nothing in the cycle that dictates a specific choice of turbine
exhaust pressure. A simple examination of the Mollier chart for
CO2 at an elevated temperature and pressure will show that for
a given set of turbine inlet conditions, an isentropic expansion
through a turbine will yield more power if it exhausted at a
lower pressure. Thus, logic dictates that a larger pressure ratio,
and therefore a lower exhaust pressure, would be beneficial to
the cycle by increasing power output and therefore efficiency.
However, as in a conventional combustion turbine, the
turbine inlet pressure is nominally the same as the compressor
exhaust pressure, ignoring system losses. Also, as in a
conventional gas turbine, this increase in pressure ratio across
the compressor is a parasitic load that decreases net power
produced. In addition, the Allam Cycle specifically avoids
crossing the two-phase envelope of CO2. To work around the
two-phase envelope, the cycle employs a mix of pumping and
compression as opposed to pure compression.
This
combination of compression and pumping allows for the
minimization of the parasitic load associated with bringing the
CO2 working fluid back up to the desired pressure Moreover,
because the turbine exhaust pressure does not need to be
maintained at a fixed value (such as atmospheric as is the case
with an existing gas turbine), the exhaust pressure can be
changed in an effort to optimize the cycle. Thus vertical
shifting, expansion or contraction of the cycle, has the effect of
shifting the cut-off point between compression and pumping
within the cycle. This changes the parasitic load on the system,
and can potentially shift load to pumping, which has a lower
energy cost.
Given this understanding of how Allam Cycle’s design
possibilities, a parametric analysis was conducted that looked
for an optimum cycle efficiency based on the following
constraints:
1. Average heat exchanger hot end temperature in the
range of 700 °C to 750 °C.
2. Turbine inlet pressure between 200 bar and 400 bar.
3. A pressure ratio range of 6 to 12.
During the parametric analysis, closely coupling the heat
exchanger with the turbine was analyzed. It was determined
that very close coupling was not possible and the exhaust
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nozzles would need to be attached to the heat exchanger
through a series of pipes. Consequently, the average hot-end
temperature of the heat exchanger would not be the limiting
design point; instead, the highest absolute temperature point
(the turbine exhaust) and highest pressure would independently
become the design points. Because of the loss of this averaging
of streams, the turbine inlet temperature is lowered in order to
maintain the conditions dictated by the temperature limits of the
heat exchanger and interconnecting piping.
Once the parametric runs were complete, they were
evaluated to determine if they were technologically reasonable.
The variables of temperature and pressure around the piping,
combustor, turbine, and heat exchangers were evaluated against
existing technology. In particular, the turbine inlet temperature
was examined. The inlet temperature was found to be in the
range of 1100 °C to 1150 °C, which is well within the
experience of conventional gas turbine vendors; in fact, it is
“old” technology compared to the more extreme conditions seen
by current state-of-the-art gas turbines [12]. With these
temperatures, combined with an abundance of CO2 available for
turbine cooling, it was determined that the cycle design yielded
satisfactory turbine conditions.
The turbine under development for the Allam Cycle is a
marriage of steam and gas turbine technologies. On one hand,
the system has a very high pressure, approaching that of A-USC
conditions [8]. On the other hand, the system has a high turbine
inlet temperature, although it’s on the lower end of current gas
turbines [10]. But, unlike conventional gas turbines, the cycle
has the ability to provide the cooling flow at a wide range of
temperatures from different locations within the cold section of
the plant. The cooling stream can be provided directly from the
pump discharge and cooled to near ambient conditions, or a
slip-stream can be generated anywhere within the recuperative
heat exchanger at a precise temperature. This allows for a very
accurate and pinpoint approach to the cooling of the blades and
casing of the turbine. Thus, the turbine under development
utilizes a unique combination of existing cooling and pressurerelated technologies, materials, and approaches from both the
gas and steam turbine industries.
The limiting technological point in the system consists of
the section of the plant between the turbine/combustor and the
heat exchanger The turbine exhaust nozzles and pipes contain
the highest temperature stream, but at a lower pressure, and are
not actively cooled as parts of the turbine are. The recycle
streams leaving the heat exchangers are the highest pressure,
but not as hot as the turbine exhaust. The combustor, which
combines the fuel, oxidant, and recycle streams into a single,
uniform flow for the turbine, is actively cooled by the recycle
stream entering from the heat exchanger. Even though the flow
is hot, the sheer volume of flow given by the high recycle rate is
more than capable of cooling the combustor.
The end result is an optimized Allam Cycle that takes into
account the technological limitations existing in the industry
while achieving a net efficiency of 59% LHV in a single-loop
configuration. This performance has been validated through

the development of Aspen Plus® models assuming a methane
feedstock, ISO conditions, and the simulation of practical
pressure drops, turbo-machinery efficiencies, heat transfer
coefficients, and process impurities.
In addition to using methane as a feedstock, the National
Energy Technology Laboratory’s specification for natural gas
and location specific feedstocks originating in the United States
and United Kingdom were also evaluated as part of Pre-FEED
and FEED efforts. Maximum observed mole fractions for major
impurities such as H2O, O2, Ar, and N2 were found to be
approximately 750 ppmv, 2.0%, 1.0%, and 2.0% respectively.
These concentrations corresponded to the conditions at the
discharge of the water separator. As anticipated, the presence of
N2 was the most problematic given the corresponding rise in
compressor power created in order to allow the creation of a
single dense-phase fluid that can be pumped. However, the
minor variations in the major impurities seen from using
different feedstock has had a negligible effect on system
performance given that the methane models previously assumed
the existence of H2O, O2, and Ar in the working fluid.
Furthermore, all models have been evaluated against
commercially available equipment with data obtained from
vendors and manufacturers for each key component. Pressure
losses in piping have been assumed until the final demonstration
plant layout is finalized. The proposed Allam Cycle
configuration has undergone further validation via fully
executed Pre-FEED and FEED levels of project development.
Third party EPC firms have reviewed and confirmed that the
forecasted performance of the cycle is feasible given existing
technology and construction methods in the power generation
industry.
FUTURE IMPROVEMENTS TO THE BASE CYCLE
The Allam Cycle should continue to drop in costs and
improve in performance as the specific components used within
it mature and are designed with the cycle in mind. There are
three key areas that represent the greatest opportunities for
improvement. They include the system’s metallurgy, use of
novel air separation technology, and implementation of
improved compression.
Operation of plants using the Allam Cycle will allow for
the development of more precise and optimized turbine design
that will lead to larger gross power outputs. The current design
concepts used for the Allam Cycle have limited domain
knowledge and actual real world data for the use of hightemperature, high-pressure CO2 as a working fluid.
Subsequently, the turbine design, including the inlet temperature
and blade cooling approaches, has utilized conservative,
reasonable engineering practices. Operation of the NET Power
demonstration facility and early commercial plants will provide
turbine engineers system-specific operational data that will
allow them to further optimize the turbine operational
parameters.
Operation of the cycle will also provide data on corrosion
rates seen throughout the plant’s pipe and heat exchanger
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surfaces. Current knowledge on the conveyance of CO2 is
dominated by the chemistry seen in enhanced oil recovery
pipelines. Little information is available on the behavior of wet
flows at high-pressure as seen in the Allam Cycle. As a result,
plant configurations currently assume the use of high-grade
austenitic steels as a corrosion mitigation strategy. It may be
possible in the near future to use lower-grade austenitic steels or
even carbon steel materials in select areas of the plant.
Improvements in oxygen production technology and
compression systems will likely have the most profound impact
on the cycle performance given the high auxiliary loads seen in
the Allam Cycle. The cryogenic ASU represents the largest
energy consumer in the NET Power plant, accounting for an
approximate 12 point loss. Next generation membrane-based
ASU technology is expected to reduce oxygen costs by 25% to
35% and can reduce this parasitic impact [13]. Advanced oil
and gas compression systems continue to evaluate the use of
multi-phase and isothermal conditions as a means of lowering
energy consumption. Integrated compressor-pump trains are
now being offered by major OEMs [14]. As well, better
equation of state modeling for CO2 applications is permitting
turbo-machinery makers to push the limits of two phase flow
operations [15]. These kinds of systems will allow for linear
gains in cycle performance. Thus, given the current system
performance, Allam Cycle net system efficiencies safely over
60% LHV seem reasonable with the implementation of
optimized equipment.
EVOLVING THE DESIGN: THE LOW PRESSURE REHEAT LOOP
While the current Allam Cycle configuration has been
optimized over the course of several years of work, there are
other opportunities for improvement beyond those at the
component level. 8 Rivers Capital has been developing
variations of and improvements on the base Allam Cycle at a
system-wide level. One of the primary areas of investigation
includes the development of the high-pressure Allam Cycle
combined with a lower-pressure reheat cycle.
Some of the effects of the turbine’s pressure ratio on the
Allam cycle efficiency have been previously discussed; but,
there is another, less obvious effect that is unique to recuperated
cycles. The turbine exhaust flow is recuperated and used to
reheat the recycle stream into the combustor to an elevated
temperature; the hotter the turbine exhaust, the hotter the
recycle stream, and therefore the less oxygen and fuel needed
for combustion. All of this has the effect of decreasing fuel
consumption and ASU parasitic load. The opposite is also true:
for a given turbine inlet temperature, the greater the pressure
ratio means the lower the turbine exhaust temperature, and
therefore more fuel and oxygen will be required, which is
deleterious to system efficiency.
This cascade of increased parasitic load can be
counteracted through the use of a reheat in the system. As
opposed to being supplied directly into the heat exchanger, the
exhaust from the first high-pressure (HP) turbine can be

reheated through the use of more fuel and then expanded further
into a second, low-pressure (LP) turbine. The main flow enters
the combustors and is reheated via direct combustion of fuel
and O2 and then enters the turbine. The LP unit does not have a
recycle flow to be incorporated into the combustion process.
See Figure 3 for a pressure-enthalpy diagram for the Allam
Cycle with a low-pressure reheat loop.

Figure 3. PRESSURE-ENTHALPY DIAGRAM FOR PURE
CARBON DIOXIDE AND THE ALLAM CYCLE WITH A
LOW-PRESSURE REHEAT
If the Allam cycle is configured in this manner, the turbine
exhaust stream used in the recuperative heat exchanger comes
from the LP turbine.
The same limitation on the heat
exchanger materials still exists, and, if anything the duty is
slightly more severe. Because the pressure difference from the
HP to the LP passages has increased, the effect of the turbine
exhaust temperature going into the heat exchanger is more
pronounced. Therefore the turbine inlet temperature of the LP
turbine is limited to one which yields an exhaust temperature in
the same range as before- in the range of 700°C to 750°C. The
LP turbine has a larger pressure ratio than the HP turbine;
therefore, it will have a higher inlet temperature if it is to
maintain the same exhaust temperature. The pressure ratio is
near the limit of existing gas turbine technology. Maintaining
the LP turbine exhaust temperature to the same range as the
original HP turbine allows for no change in the recycle stream
temperature. This translates to no additional fuel requirements
on the HP portion of the cycle. The addition of the second
turbine increases the power output of the cycle, but at an
increase to the parasitic load required for compression of the
stream back to the base cycle’s original low pressure (around 30
bar). But the reheat and LP turbine addition, in combination
with the LP turbine exhaust temperature restrictions, does not
compound the efficiency hit by requiring more fuel in the HP
turbine.
The LP portion of the cycle more closely resembles a
conventional gas turbine, or one of the academic oxy-fuel CO2
loops that have much lower efficiencies, which have typically
been in the range of 40-45% [16]. In the case of the Allam
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Cycle, the LP oxy-fuel CO2 loop concept is achievable via
offsets created through integration with the HP portion of the
cycle. The increased mass flow generated by the combustion of
fuel and oxygen at the inlet of the LP turbine is sufficiently
large in relation to the high pressure recycle stream being
heated that heat integration with the ASU is no longer needed to
overcome the difference in exhaust and recycle stream CP
values. This in turn allows for modifications to the ASU in the
form of increased intercooling on the main and booster air
compressors, which will lower the ASU parasitic impact. Excess
heat from the increased mass flow can also be utilized in the
preheating of fuels into both the HP and LP turbines. The
addition of sensible heat to the fuel inputs drives down the total
fuel consumption while maintaining a constant gross power
output. These effects push up the net performance of the HP
portion of the plant, allowing for an averaged plant-wide
efficiency approaching the targeted performance of the original
single turbine Allam Cycle concept.
In order to practically apply the LP concept to the Allam
Cycle, the plant configuration must be adjusted in three key
areas. The first pertains to the recuperative heat exchanger. It
must be configured for use with a larger pressure differential
between the exhaust and recycle streams. As well, it must
account for an increase in total surface area due to the use of a
lower-pressure exhaust stream. The second change that must be
enacted is the addition of a low pressure carbon dioxide
compressor. The low -pressure exhaust CO2 must be pressurized
to meet the low-pressure value of the HP loop. The third change
is that the ASU oxygen production must be split between highpressure and low-pressure streams. Each of these design
changes are certainly achievable and require moderate
developmental work beyond that of the single loop Allam Cycle
configuration.
PERFORMANCE ANALYSIS
The Allam Cycle with a low-pressure reheat loop offers
highly compelling performance advantages.
The current
modeled net system efficiency for the two turbine cycle is
57.5%, using the modeling guidelines and approach previously
outlined for the base Allam Cycle. While this is actually a
decrease in net efficiency from the current single-loop system,
the real benefits are realized in power output. With the low
pressure reheat, a plant’s overall net power output increases by
about 2.5 times. Thus, when looking at the base design case for
a commercial natural gas Allam Cycle plant, overall output
increases from about 295MWe to nearly 745MWe.
Most importantly, the only additions to the cycle required
to achieve this large increase in system output are:
1. Increased ASU capacity and additional fuel
compressors.
2. A low-pressure turbine that is much more similar
to current aero-derivative units than the HP Allam
Cycle turbine under development.
3. The addition of an additional compressor to bring
the stream from the now LP exhaust pressure and

raise the pressure to the main cycle pressure,
which was the HP exhaust pressure.
4. The heat exchangers have to be modified to take
into account the higher pressure differences
between the LP and HP sides, at the same elevated
temperatures.
The remainder of the equipment for the high pressure
system will remain near constant. This means the overall
capital costs for an Allam Cycle plant with an LP reheat cycle
increase minimally while the power output increases
dramatically. Detailed cost analyses for this system will need to
be carried out. The benefits of scale will allow for economies
of scale that result in a significant decrease in the cost per kW
of these plants by an estimated 30% over the basic Allam Cycle
design. Due to these large benefits, 8 Rivers Capital believes
this configuration of the Allam Cycle will be the preferred
design, especially for facilities that call for large power output.
CONCLUSION
The Allam Cycle offers compelling advantages in power
generation, both in its current form and in the ample
opportunities to continue advancing its design. The base cycle
that NET Power, CB&I, Exelon, and Toshiba are developing is
projected to compete directly with existing fossil fuel power
systems that do not have carbon capture, and yet it will produce
nearly zero atmospheric emissions. The first systems to be
developed will pave the way for further optimization of the base
cycle and for more fundamental design changes.
The Allam Cycle with a low-pressure reheat loop is one
such design change that 8 Rivers Capital has already begun
developing. This cycle variation suggests enormous gains can
be had over the base cycle from a cost perspective while only
requiring modest new developments. 8 Rivers Capital will
continue with more detailed investigation and design of this
variation. Both versions of the Allam Cycle provide an
important opportunity to enable power generators around the
world to produce low-cost power from fossil fuels while
eliminating atmospheric emissions.
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The AZEP ‘‘advanced zero emissions power plant’’ project addresses the development of
a novel ‘‘zero emissions,’’ gas turbine-based, power generation process to reduce local
and global CO2 emissions in the most cost-effective way. Process calculations indicate
that the AZEP concept will result only in a loss of about 4% points in efﬁciency including
the pressurization of CO2 to 100 bar, as compared to approximately 10% loss using
conventional tail-end CO2 capture methods. Additionally, the concept allows the use of
air-based gas turbine equipment and, thus, eliminates the need for expensive development
of new turbomachinery. The key to achieving these targets is the development of an
integrated MCM-reactor in which (a) O2 is separated from air by use of a mixedconductive membrane (MCM), (b) combustion of natural gas occurs in an N2 -free environment, and (c) the heat of combustion is transferred to the oxygen-depleted air by a
high temperature heat exchanger. This MCM-reactor replaces the combustion chamber in
a standard gas turbine power plant. The cost of removing CO2 from the combustion
exhaust gas is signiﬁcantly reduced, since this contains only CO2 and water vapor. The
initial project phase is focused on the research and development of the major components
of the MCM-reactor (air separation membrane, combustor, and high temperature heat
exchanger), the combination of these components into an integrated reactor, and subsequent scale-up for future integration in a gas turbine. Within the AZEP process combustion is carried out in a nearly stoichiometric natural gas/O2 mixture heavily diluted in
CO2 and water vapor. The inﬂuence of this high exhaust gas dilution on the stability of
natural gas combustion has been investigated, using lean-premix combustion technologies. Experiments have been performed both at atmospheric and high pressures (up to 15
bar), simulating the conditions found in the AZEP process. Preliminary tests have been
performed on MCM modules under simulated gas turbine conditions. Additionally, preliminary reactor designs, incorporating MCM, heat exchanger, and combustor, have been
made, based on the results of initial component testing. Techno-economic process calculations have been performed indicating the advantages of the AZEP process as compared
to other proposed CO2 -free gas turbine processes. 关DOI: 10.1115/1.1806837兴

The AZEP Concept
The AZEP concept 共see Ref. 关1兴兲 is shown in Fig. 1. The combustor in an ordinary gas turbine is here replaced by the MCMreactor, which includes a combustor, an air preheater, a membrane
section 共mixed conducting membrane, MCM兲, and a high temperature heat exchanger section 共see 关2兴兲. As shown in the ﬁgure,
air is compressed in a conventional gas turbine compressor. Typically air can be extracted from the compressor at 20 bar and
450 °C. A major part, about 90%, of the extracted compressed air
is preheated to about 900–1100 °C in the lower section of the
MCM-reactor. The reason for this high preheating temperature is
to reduce the membrane area.
The transport of oxygen through the membrane is increasing
with increasing temperature. However, in order to avoid signiﬁcant degradation of the membrane there is also an upper temperature limit, which is material dependent. In the membrane section
40%–50% of the oxygen in the air stream is transported through
the dense MCM.
The membrane is made from materials with both ionic and
electronic conductivity 共see Fig. 2兲. An oxygen partial pressure
difference causes oxygen ions to be transported through the membrane by means of a diffusive process. Simultaneously the electrons ﬂow from the permeate side back to the retentate side of the
membrane.
Contributed by the International Gas Turbine Institute 共IGTI兲 of THE AMERICAN
SOCIETY OF MECHANICAL ENGINEERS for publication in the ASME JOURNAL OF
ENGINEERING FOR GAS TURBINES AND POWER. Paper presented at the International Gas Turbine and Aeroengine Congress and Exhibition, Atlanta, GA, June
16 –19, 2003, Paper No. 2003-GT-38426. Manuscript received by IGTI, October
2002, ﬁnal revision, March 2003. Associate Editor: H. R. Simmons.

Oxygen is picked up by means of a circulating sweep gas containing mainly CO2 and H2 O 共see 关3兴兲. The concentration of oxygen in the combustor inlet is about 10%. The natural gas is typically provided at pressures of 25 to 35 bar and the temperature in
the combustor may be over 1200 °C. About 90% of the hot combusted gas then enters the high temperature heat exchanger section in the MCM-reactor in countercurrent ﬂow to the air stream.
The air stream then can be heated to above 1200 °C. About 10%
of the combusted gas is bled off and heat is recovered by heating
a minor part 共10%兲 of the compressed air.
Hot compressed air then enters the turbine to generate electrical
power. Waste heat in both the oxygen-depleted air stream and the
CO2 containing bleed gas stream is recovered by generating steam
at different pressure levels. The steam is utilized in steam turbines
for power generation. The CO2 containing bleed gas is further
cooled to condense water. CO2 is recovered at about 20 bar and is
then compressed to ﬁnal pressure. Main features of the AZEP
process are
•
•
•
•

efﬁciency reduction of about 4% points after CO2 removal,
100% capture of CO2 ,
no NOx emissions, and
predicted 30%–50% CO2 removal cost reduction compared
with conventional tail-end CO2 capture methods 共see 关4兴兲.

The AZEP Project
A joint feasibility study on the AZEP concept was ﬁrst performed by Norsk Hydro, Norway, the original inventor of the
concept, and the gas turbine manufacturer ABB ALSTOM Power
Sweden AB 共today Demag Delaval Industrial Turbomachinery
AB兲. As this study showed a high potential of the technology, not
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Fig. 1 AZEP process ﬂow sheet
Fig. 3 AZEP project work packages

only on performance like gas turbine efﬁciency and CO2 capture,
but also indicated a much lower CO2 avoidance cost compared to
alternative technologies 共see 关5兴兲, it was decided to develop this
technology in a consortium by inviting other partners with
complementing skills.
The project is characterized by a vertically integrated industrial
involvement supplemented by well-established academic partners
essential for this novel and important development. Ten partners
from six European countries 共see website www.azep.org兲 represent a combination of expertise covering all necessary skills 共development of materials, ceramic manufacturing methods, high
temperature heat exchanger, combustion technology for AZEP gas
mixtures, gas turbine and power plant technology, and technoeconomic and environmental analysis兲.
A modular approach has been adopted for the work such that
know-how is developed within individual work packages, which
deliver components, designs, and process data to the project 共see
Fig. 3兲. The on-going ﬁrst three-year phase 共started December
2001兲 primarily focuses on research and development of the
MCM-reactor upon its constituent units, the combination of these
components into an integrated reactor, and its subsequent scale-up
for future integration in a gas turbine. After the components have
been identiﬁed and manufactured, they will be integrated into a
complete MCM-reactor design, and subsequently tested at simulated gas turbine conditions to verify overall functionality.
In order to develop the optimum AZEP with an integrated
MCM-reactor, process simulation and economic evaluation is being continuously performed. The resulting data will be used to
deﬁne benchmarks 共e.g., cost of electricity, net present value兲.
Market potential for AZEP plants will be identiﬁed considering
the growing CO2 market for oil and gas recovery as well as
emerging ﬁnancial measures to curb CO2 emissions, including
CO2 trading.

Fig. 2 Schematic drawing of MCM membrane, with oxygen
swept from the permeate side of the membrane by recirculated
exhaust gas
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Technical Challenges
The technical challenges within the project are associated with
the following areas:
• combustion of natural gas in highly diluted exhaust gas
streams at low temperature 共⬍1300 °C兲 and with little excess
oxygen present,
• the air separation membrane and its stable operation within
the gas turbine system 共target ⬎30,000 h兲,
• a heat exchanger stable at high temperatures 共⬎1200 °C兲 and
in the presence of steam and carbon dioxide,
• high temperature 共⬎1100 °C兲 sealing between ceramic elements,
• achieving highest surface to volume ratios within ceramic
components for the required oxygen and heat transport rates,
• integration of the MCM-reactor in the gas turbine system,
and
• start-up philosophy and gas turbine trips.
The project is focusing its main efforts on addressing these
challenges, and the present paper will discuss progress in some of
these areas.

The MCM Reactor
The MCM-reactor is comprised of three main integrated process units: oxygen transporting membrane 共MCM兲, low and high
temperature heat exchangers, and a combustion section 共see Figs.
3 and 4兲. Compressed low temperature air 共at 20 bar, 450°C兲 from
the gas turbine compressor enters the reactor through a transition
duct leading to the inlet openings of the low temperature heat
exchanger. This heat exchanger increases the temperature level
above 800 °C, so that air may enter into the MCM section and
‘‘give off’’ oxygen to the recirculated exhaust gas stream. From
the MCM section the air enters the high temperature heat exchanger where its temperature is raised to a value close to the hot

Fig. 4 MCM reactor showing the ceramic monolithic structure
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exhaust gas temperature from the combustor 共⬎1200 °C兲. From
the high temperature section the now hot and oxygen-depleted air
is led out of the reactor to the power-generating turbine.
Both the MCM and the heat exchangers are based on ceramic
monolith structures 共honeycombs兲 with high surface-to-volume
ratio and low pressure drop. Exhaust gas from the combustion
chamber ﬂows counter-currently to the airﬂow, heating up air and
picking up and transporting oxygen to the combustion section.
The oxygen is transported through the ceramic walls of the MCM
monolith structure. Materials are identiﬁed for the MCM and heat
exchanger and have been demonstrated at laboratory scale and
AZEP conditions.
Modeling has been performed to determine the optimal conﬁguration of these process units, and to determine their boundary
conditions. The pressures and mass ﬂows of air and oxygen to the
combustion cycle are set by the overall turbine process. By utilizing ceramic monolith structures for both heat transport and oxygen transport these operations can be performed in an integrated
monolith stack.
A monolith structure with given channel width and wall thickness has a ﬁxed speciﬁc surface to volume ratio 共m2/m3兲 available
for heat and mass 共oxygen兲 transfer. The required total volume of
the monolith structures can then be calculated. In principle the
ratio between length and width can be chosen freely. However, in
order to maintain laminar ﬂow and avoid excessive pressure
losses, the free ﬂow area must be above a certain value.
In current design the total height of the monolithic stack is ca.
2 m, and the design is based on standard sized monoliths 共with
side length of ca. 15⫻15 cm兲. Internal channels sizes are in the
range of 1–2 mm, giving surface to volume ratios in the range
500–1000 m2/m3. This unit or standard sized system has a thermal
load between 50 and 100 kW 共corresponding to an energy density
of 1–2 MW/m3兲. Based on such a modular system any size of
capacity can be performed by simply increasing the number of
standard ceramic monolith stacks. Thus the heat and oxygen transfer capacity is adjusted to ﬁt the gas turbine system capacity by
simply adjusting the number of standard sized monolithic stacks.
This acts to increase the length of reactor 共see 关6兴兲.
For comparison also plate and pipe solutions that have a similarity with SOFC design solutions have been evaluated together
with honeycomb structures. Our membrane/heat exchanger structures differ from SOFC solutions in that electric circuit connectors
are not necessary. The reason is that the membrane material transfers both oxygen ions and electrons internally and therefore is
electrically neutral. This makes it possible to use ceramic monolithic structures. As honeycomb structures have both low pressure
drop and high surface-to-volume ratios, the chosen design is based
on monolithic structures both for the MCM membrane and the
heat exchangers.

Fig. 5 Backward-facing step combustion stabilization

The situation is exacerbated by the fact that the overall temperature of the combustion products must be relatively low 共e.g.,
1200 °C兲. The low temperatures are dictated by the fact that the
membrane materials are limited in their thermal stability. This
signiﬁes that current combustion methods may have to be considerably modiﬁed/developed.
Currently available burning methods are swirl-stabilized, diffusion burners, lean premixed burners, and catalytic burners. However, these on their own are not optimized for the AZEP processes.
Traditional, vortex stabilized combustion methods, utilizing turbulent recirculation zones for ﬂame stability may not be relevant to
this process due to the low pressure drops and low velocities
present.
In the present paper initial results on the combustion of AZEP
mixtures at high-pressure conditions in a lab-scale combustion
chamber will be discussed. 共Previous results on AZEP combustion
at atmospheric pressure may be found in 关7兴兲. In this experiment
the combustion was stabilized by vortex regions formed after a
sudden expansion of the inlet gases as shown in Fig. 5. The
backward-facing step expansion, in a cylindrical conﬁguration,
was from 25 to 75 mm diameter.
Experiments were performed at a given inlet temperature and
velocity. The gas was ignited and the fuel concentration was
gradually reduced until the ﬂame became unstable and the CO
emissions rapidly increased. When the ﬂame started to pulsate and
unburned hydrocarbons started to be emitted the ‘‘lean blow out’’
共LBO兲 limit was recorded. The results of the testing are given in
Fig. 6 in terms of the lean blow out limit as a function of the
combustion pressure. Experiments were performed for both air
and an AZEP mixture (O2 ⫹exhaust gas兲.

Combustion Methodology
The working ﬂuid in the AZEP process consists of extremely
diluted fuel/oxidant mixtures 共e.g., 5% CH4 , 10% O2 , 28% CO2 ,
57% H2 O, by volume兲. Since the exhaust gas is formed by stoichiometric methane combustion the molar ratio of H2 O and CO2
is always 2:1. The reactivity of such mixtures in existing lean,
premix burners and catalytic combustors is lower than those of
standard CH4 /air mixtures at similar temperatures in the following
ways:
• Ignition delay times are nearly an order of magnitude higher
共based on CHEMKIN calculations兲.
• Residence times for complete burn out of CO and UHCs are
higher.
• Flame speeds are lower.
On the positive side, there is very limited nitrogen within the gas
共associated with the natural gas兲, and thus NOx formation is not
an issue.
Journal of Engineering for Gas Turbines and Power

Fig. 6 Lean blowout limit of combustion for methane in both
an air and AZEP „O2 ¿exhaust gas environment. „The inlet temperature and velocity of each data point are indicated.…
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Fig. 7 CO emissions as a function of the excess oxidant ratio
of combustion. The data were taken at ﬂame temperatures between 1700 and 1800 K.
Fig. 8 Gas turbine GTX100 in the middle modiﬁed for AZEP
with one MCM reactor on each side

As expected, the high levels of CO2 and H2 O inhibit combustion, leading to an increase in the LBO of more than 150 K, as
compared to the results obtained with air. Although the LBO decreases with increasing pressure, it is still at 1550 K 共1277 °C兲 at
a pressure of 14 bar, above the goal temperature of 1200 °C.
A further challenge associated with AZEP combustion is related
to the complete burnout of the combustion intermediate CO. Figure 7 shows the CO emissions as a function of the lambda value
共excess oxidant ratio of combustion兲. As seen, even at high ﬂame
temperatures, where ﬂame stability is not an issue, an excess
amount of oxygen is necessary to ensure that the CO will be fully
converted to carbon dioxide. This is undesired since it would add
to the cost and size of the required membranes.
Another option for ﬂame stabilization is catalytic combustion,
proposed to have advantages to homogeneous gas phase combustion for standard gas turbine systems with air as the oxidant. With
catalytic combustion it is possible to obtain complete and stable
combustion at much lower temperatures, allowing extremely lean
fuel combustion outside the ﬂammability limits of homogeneous
reactions. More detailed description of the basics of catalytic combustion can be found in 关8 –12兴. In the next phase of the project
various catalytic combustion concepts will be evaluated regarding
their application in the current AZEP process.

Integration in the Gas Turbine System
The AZEP gas turbine set and its auxiliary systems consist
mainly of standard equipment with one exception: as mentioned
the conventional combustion chamber in a standard gas turbine
will be replaced by the MCM-reactor. Necessary turbine modiﬁcations are therefore essentially concentrated to the integration of
the MCM-reactor to the gas turbine system, which substantially
reduces technical and commercial risks.
Gas Turbine Selection. Several criteria have been put up for
the selection of the gas turbine in AZEP:
• It must be a high performance, modern gas turbine with high
turbine inlet temperature and potential for higher pressure
ratio that can also form the basis for larger machine developments in the future.
• Its design should have a potential for retroﬁtting existing gas
turbine systems with AZEP gas turbine systems in the future.
• Space must be available for a transition duct to the MCMreactor.
• The start-up procedure for an AZEP gas turbine system must
not be too complicated.
After evaluation of three alternative gas turbines the 43 MW
共simple cycle兲 one-shaft gas turbine GTX100 has been selected as
84 Õ Vol. 127, JANUARY 2005

the best alternative for a future AZEP gas turbine system. It meets
the above-mentioned criteria and it also has the following properties:
• The GTX100 is less complicated and safer to redesign than
the other evaluated alternatives.
• A single shaft turbine facilitates the start-up of the AZEP gas
turbine system.
• The gas turbine combustor has a double wall for convection
cooling, which is the method that will be used in the AZEPturbine, and this makes it easier to integrate the MCM-reactor
to the gas turbine.
Transition Ducts Between Gas Turbine and MCM-Reactor.
Due to the size of the MCM membrane and the heat transfer areas
preliminary design has been made for two transition ducts between the gas turbine and two parallel MCM-reactors 共see Fig. 8兲.
The chosen principle for the transition duct is to use coaxial ducts
with hot gas 共depleted air兲 from the reactor in the inner duct
cooled by the air from the compressor in the annulus between the
ducts.
A non-insulated inner duct for the hot air 共ca 1250 °C兲 air is
proposed, which will allow a fairly simple design of the transition
duct. In combination with thermal coating on the inside of the hot
duct the maximum temperature of the wall material will be around
800 °C. With chosen design and a short length of the transition
duct the temperature loss on the hot side can be kept around 16 °C
and the heat expansion can be kept low.
Start-Up Philosophy. At start-up the ceramic core structure
is heated up from ambient condition with an external heat source
in such a way that temperature gradients are within acceptable
limits. The gas turbine is speeded up from stand still with a starting motor. This must be done so that the outlet temperature of the
gas turbine compressor matches the cool side of the sweep gas.
The pressure difference between compressor outlet and sweep gas
side must be controlled but is not critical since the membrane
walls can withstand considerable pressure differences. When the
temperature in the membrane core is sufﬁcient to start the oxygen
transport, fuel is fed to the combustion zone. Heat from the combustion is then transferred to the oxygen depleted air and the
turbine inlet temperature increases. The starting motor power can
then be reduced. Temperature and oxygen transport to the reactor
core is thereafter increased until normal running conditions are
achieved.
To facilitate start-up a by-pass duct will connect the cold air
side with the turbine inlet. With a valve on the by-pass duct and a
valve on the cold air transition duct to the reactor it is possible to
gradually control the gas turbine almost as fast as burners at the
ordinary gas turbine are controlled 共see 关13兴兲. With this strategy
Transactions of the ASME

the outlet of the MCM-reactor will be kept at constant high temperature after the initial heating of the core irrespective of the
load. The inlet temperature of the core will follow the outlet temperature of the compressor.
Transient calculations have been made to simulate the reactor
temperature propagation at start-up. These calculations indicate a
start-up time comparable with an ordinary GTCC start-up time.
The challenge is here to avoid overheating and inhomogeneous
temperature distributions in the ceramic structures in the MCMreactor.
Gas Turbine Trips. The proposed valve arrangement will
also make it possible to bypass the reactor at gas turbine trips.
However, the pressure cannot be allowed to change too rapidly for
reasons related to the mechanical integrity of the MCM-reactor.
During shorter stops the temperature proﬁle of the core can be
maintained with the help of a small airﬂow through the core and a
corresponding small amount of external ﬁring. Controlling the
mixing of heated and unheated air will then control the temperature at the turbine inlet.

Summary
The paper describes AZEP, a membrane based concept, to sequestrate CO2 from gas turbine-based power generation processes.
Results of the on-going EU funded development project are presented. The MCM-reactor, which replaces the combustion chamber in an ordinary gas turbine, is described together with its integrated components: the oxygen selective MCM membrane and the
heat exchangers 共all built on a monolithic ceramic structure兲 and
the combustor. Alternative combustion methods for the extremely
diluted fuel/oxidant mixtures in AZEP 共e.g., 5% CH4 , 10% O2 ,
28% CO2 , 57% H2 O) are investigated and results of lean blow
out 共LBO兲 limit and CO emissions are shown. Integration of the
MCM-reactor 共via transition ducts兲 to the selected gas turbine
GTX100 for AZEP is described and start-up philosophy is given
for the AZEP gas turbine system.
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Proposal and Analysis of a Novel
Zero CO2 Emission Cycle With
Liquid Natural Gas Cryogenic
Exergy Utilization
A novel liqueﬁed natural gas (LNG) fueled power plant is proposed, which has virtually
zero CO2 and other emissions and a high efﬁciency. Natural gas is ﬁred in highly enriched oxygen and recycled CO2 ﬂue gas. The plant operates in a quasi-combined cycle
mode with a supercritical CO2 Rankine type cycle and a CO2 Brayton cycle, interconnected by the heat transfer process in the recuperation system. By coupling with the LNG
evaporation system as the cycle cold sink, the cycle condensation process can be
achieved at a temperature much lower than ambient, and high-pressure liquid CO2 ready
for disposal can be withdrawn from the cycle without consuming additional power. Good
use of the coldness exergy and internal exergy recovery produced a net energy and exergy
efﬁciencies of a base-case cycle over 65% and 50%, respectively, which can be increased
up to 68% and 54% when reheat is used. Cycle variants incorporating reheat, intercooling, and reheat+intercooling, as well as no use of LNG coldness, are also deﬁned and
analyzed for comparison. The approximate heat transfer area needed for the different
cycle variants is also computed. Besides electricity and condensed CO2, the byproducts
of the plant are H2O, liquid N2 and Ar. 关DOI: 10.1115/1.2031228兴

Introduction
Liqueﬁed natural gas 共LNG兲 is regarded as a relatively clean
energy resource. During the process of its preparation, approximately 500 kWh energy per ton LNG is consumed for compression and refrigeration and a considerable portion of this invested
exergy is preserved in the LNG 关1兴, which has a ﬁnal temperature
of about 110 K, much lower than that of the ambient or of seawater. The liquefaction reduces its volume 600 fold, and thus
makes long distance transportation convenient.
LNG is loaded into insulated tankers and transported to receiving terminals, where it is off loaded and ﬁrst pumped to certain
pressure, and then revaporized and heated, by contact with seawater or with ambient air, to approximately ambient temperature for
pipeline transmission to the consumers. It is thus possible to withdraw cryogenic exergy from the LNG evaporation process which
otherwise will be wasted by seawater heating. This can be
achieved with a properly designed thermal power cycle using the
LNG evaporator as the cold sink 关1–13兴.
Use of the cryogenic exergy of LNG for power generation includes methods which use the LNG as the working ﬂuid in natural
gas direct expansion cycles, or its coldness as the heat sink in
closed-loop Rankine cycles 关1–5兴, Brayton cycles 关6–9兴, and combinations thereof 关10,11兴. Other methods use the LNG coldness to
improve the performance of conventional thermal power cycles.
For example, LNG vaporization can be integrated with gas turbine
inlet air cooling 关5,12兴 or steam turbine condenser system 共by
cooling the recycled water 关11兴兲, etc. Some pilot plants have been
established in Japan from the 1970s, combining closed-loop
Rankine cycles 共with pure or mixture organic working ﬂuids兲 and
direct expansion cycles 关1兴.
Increasing concern about greenhouse effects on climatic change
prompted a signiﬁcant growth in research and practice of CO2
Contributed by the International Gas Turbine Institute of ASME for publication in
the JOURNAL OF ENGINEERING FOR GAS TURBINES AND POWER. Manuscript received
November 13, 2003; ﬁnal revision received May 20, 2004. Associate Editor: R. F.
Boehm.

emission mitigation in recent years. The technologies available for
CO2 capture in power plants are mainly physical and chemical
absorption, cryogenic fractionation, and membrane separation.
The amount of energy needed for CO2 capture could lead to the
reduction of power generation efﬁciency by up to 10 percentage
points 关14,15兴.
Besides the efforts for reduction of CO2 emissions from existing power plants, concepts of power plants with zero CO2 emission were proposed and studied. Particular attention has been paid
to the research of trans-critical CO2 cycle with fuel burning in
highly enriched oxygen 共99.5% + 兲 and recycled CO2 from the
ﬂue gas 关16–25兴. The common features of these cycles are the use
of CO2 as the working ﬂuid and O2 as the fuel oxidizer, produced
by an air separation unit. With CO2 condensation at a pressure of
60–70 bar 共temperature 20–30 °C兲, efﬁciencies of 0.35–0.49 were
reported for plants based on such cycles, despite the additional
power use for O2 production and CO2 condensation. Staicovici
关26兴 proposed an improvement to these cycles by coupling with a
thermal absorption technology to lower the CO2 condensation below ambient temperature 共30 bar, 5.5 °C兲, and estimated a net
power efﬁciency of 54%.
In a proposal by Velautham et al. 关13兴, an LNG evaporation
system is included in a gas-steam combined power plant just for
captured CO2 liquefaction and for air separation to provide oxygen for gas combustion. Deng et al. 关9兴 proposed a gas turbine
cycle with nitrogen as its main working ﬂuid. The stoichiometric
amount of air needed for the combustion is introduced at the compressor inlet, and mixed with the nitrogen. The turbine exhaust
contains mainly nitrogen, combustion generated CO2, and H2O.
With the cycle exothermic process being integrated with the LNG
evaporation process, CO2 and H2O are separated from the mainstream by change of their phase, from gas to solid and liquid
states, respectively, and the extra nitrogen is discharged. The main
merit of this cycle is the absence of the air separation unit, but the
combustion product may contain NOx as well, and the collection
and removal of solidiﬁed CO2 may be difﬁcult.
In this paper, a novel zero emission CO2 capture system is
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Fig. 1 CO2 cycle ﬂow sheet

proposed and thermodynamically modeled. The plant is operated
by a CO2 quasi-combined two-stage turbine cycle with methane
burning in an oxygen and recycled-CO2 mixture. Compared to the
previous works, two new features are developed in this study: The
ﬁrst is the integration with LNG evaporation process. As a result,
the CO2 condensation and cycle heat sink are at temperatures
much lower than ambient. The second one is the thermal crossintegration of the CO2 Rankine-type cycle and Brayton cycle inside the recuperation system, so the heat transfer related irreversibility could be reduced to improve the global plant efﬁciency.
Our cycle has both high power generation efﬁciency and extremely low environmental impact. Further, variations of the cycle
which incorporate intercooling, reheat, and both, as well as comparison to a similar cycle which does not use LNG coldness, are
also described and analyzed.

liqueﬁed CO2 and water as the combustion products and liquid
nitrogen and argon as the air separation products.
The topping Brayton cycle can be identiﬁed as
12→13→14→15→16→6→7→8→9→10→12. The bottoming
Rankine cycle is 18→1→2→3→4→5→…→14→17→18. The
LNG evaporation process is 20→21→22→23→24 and 25. The
air separation process is 27→28 and 30. The process material
products are liquid CO2 共19兲, water 共11兲, nitrogen and argon 共30兲,
and gaseous methane 共24兲.
The Brayton cycle uses its exhaust gas heat to preheat its working ﬂuid 共CO2兲 before entrance to the combustor 共B兲, by 共HE兲2,

The Cycle Conﬁguration
The base-case cycle layout and the corresponding t-s diagram
are shown in Figs. 1 and 2, respectively. Variations on this cycle
are described and analyzed further below. It follows the wellestablished general principle of a topping Brayton cycle 共working
ﬂuid here is CO2 / H2O ; TIT= 1300 ° C兲, with heat recovery in a
bottoming supercritical CO2 Rankine cycle 共TIT= 624 ° C; a similar idea was ﬁrst proposed by Angelino 关2兴 in an organic Rankine
cycle with CF4 as its working ﬂuid兲, but here with some sharing
of the working ﬂuids, to take best advantage of the properties of
available hardware for these cycles and of good exergy management in the cycles and heat exchangers. The fuel is a small fraction of the evaporated LNG, and the combustion oxidizer is pure
oxygen produced in a conventional cryogenic vapor compression
air separation plant. The system produces power, evaporates the
LNG for further use while preventing more than 50% of the LNG
exergy from going to waste during its evaporation, and produces
82 / Vol. 128, JANUARY 2006

Fig. 2 t-s diagram for CO2 cycle
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Table 1 Main assumptions for the calculation

Cycle parameter

Turbine
Compressor
Combustor
Recuperation system
ASU
LNG vaporization
system
a

High pressure Pha 关bar兴
Intermediate pressure Pm 关bar兴
Low pressure Pl 关bar兴
CO2 condensation pressure 关bar兴
CO2 condensation temperature 关°C兴
Lowest temperature t13 关°C兴
Mass ﬂow rate ratio of Brayton cycle Rg 关%兴
Methane LHV Hu关kJ/ kg兴
LT Inlet temperature t6 关°C兴
Isentropic efﬁciency 关%兴
Pressure ratio
Isentropic efﬁciency 关%兴
Efﬁciency 关%兴
Pressure loss 关%兴
Water separator working temperature 关°C兴
Heat exchangers Pressure loss 关%兴
Speciﬁc work for O2 production at 30.6 bar and 15°C 关kJ/ kg O2兴
LNG pump efﬁciency 关%兴
Pressure loss 关%兴
Evaporation pressure 关bar兴
Delivery temperature 关°C兴

150
30
1
6.5
−48.8
−70
30
50,010
1,300
88
30.6
88
100
3
10
2
900
77
3
30.6
15

The highest pressure of the cycle is P1 = 156 bar, 6 bar is for pressure losses in the heat exchangers.

and then to evaporate the working ﬂuid 共CO2兲 for the Rankine
cycle by HE1, the three-pass HE2, and HE3. The exhaust gas is
then cooled further, by heating the LNG in HE4, before compression by compressors LC and HC 共this cooling reduces the compression work兲. The ﬁrst compressor, LC, is used then to compress the working ﬂuid to a pressure that would allow its
condensation 共in HE5, the triple point of CO2 is 5.18 bar and
−56.6 ° C兲, and some of the working ﬂuid is withdrawn and ﬁrst
used to preheat combustion methane and oxygen in HE7, and then
condensed in HE5. The remainder of the working ﬂuid is compressed further in HC to the top pressure of the Brayton cycle, and
then passed through the preheater HE2 and combustor 共B兲 before
passing into the Brayton cycle turbine 共LT兲. Assuming stoichiometric combustion, the exhaust gas of the Brayton cycle contains
the combustion products CO2 and H2O through the path
6→7→8→9→10 only, with the H2O separated from the CO2 by
condensation and withdrawal in S. A minute amount of CO2 may
be released along with water; but it is assumed here that the water
and carbon dioxide are fully separated to simplify the calculation.
In the Rankine cycle, the Brayton cycle recuperators HE1 and
HE2 serve as the 2-stage boiler of the working ﬂuid 共CO2兲 , HE7 is
a pre-condenser cooler and HE5 is the condenser using the LNG
as coolant, and PC is the pump to raise the liquid CO2 pressure to
the top value of the Rankine cycle, and for the withdrawal of the
excess liquid CO2 for sequestration 共at 19兲. The Rankine cycle
turbine 共HT兲 exhaust is preheated by the Brayton cycle exhaust
recuperator HE3 before being brought as additional working ﬂuid
into the combustor 共B兲.
The air separator unit 共ASU兲 is assumed here to produce oxygen for the combustor 共B兲 at the combustor pressure. Liquid O2 is
pumped within the ASU to the combustor pressure by a cryogenic
pump, and its cryogenic exergy is regenerated within the ASU 共as
in 关26兴兲. The O2 共28兲 and fuel 共25兲 are preheated in HE7 before
entering the combustor B. Further analysis is under way to explore
the integration of the air separation process into the cycle, thus
taking advantage of the coldness of its products.
LNG off loaded from its storage 共20兲 is ﬁrst pumped by pump
PL to its evaporation pressure 共21兲, and then heated in the evaporation system 共HE4 共22兲 and HE5 共23兲兲 to near-ambient temperature. If the natural gas temperature at point 23 remains below that
desired for distribution, the remaining coldness can be used for air
conditioning or some other purposes in HE6. A small portion
共typically ⬃4%兲 of the natural gas 共25兲 is preheated in HE7 ﬁrst
and then sent to the combustor as fuel, and the remainder is sent
Journal of Engineering for Gas Turbines and Power

out to customers via pipeline. It is assumed in this paper that LNG
is pure methane. It is noteworthy that both the thermal energy
required for evaporation and the power that can be produced with
the cryogenic cycle depend strongly on the LNG evaporation
pressure. Different delivery pressures are typically made available
at the receiving terminals: Supercritical 共typically 70 bar兲 for long
distance pipeline network supply, and subcritical 共typically 30
bar兲 for local distribution and power stations based on heavy-duty
combined cycles 关10兴. In this paper, only the subcritical natural
gas evaporation process 共30 bar兲 is considered, and the inﬂuence
of different evaporation parameters will be investigated in forthcoming studies.
The placement of the heat exchangers in the cycle, and the
choice of temperatures were made to reduce heat transfer irreversibilities. Furthermore, a combination of the higher-pressure
共higher heat capacity兲 but lower mass ﬂow rate ﬂuid on the Rankine cycle side of the recuperators, with the lower-pressure 共lower
heat capacity兲 but higher mass ﬂow rate ﬂuid on the Brayton cycle
side is also intended for reduction of irreversibilities.

The Cycle Performance
The simulations were carried out using the commercial Aspen
Plus 关27兴 code. To simplify computation, it was assumed that the
system operates at steady state, the natural gas is pure methane,
the combustion is stoichiometric with CO2 and H2O the only
combustion products, no turbine blade cooling, and the stoichiometric amount of the water evacuated from the cycle does not
contain dissolved CO2. Besides, the outlet temperatures of the
cold streams from HE2 and HE3 are set to be the same, i.e., t3
= t16 = t5, since the calculation results suggest a worse efﬁciency
for t3 ⬍ t16 = t5. The most relevant assumptions for the calculations
in this paper are summarized in Table 1.
The cycle minimal temperature is chosen as −70 ° C to avoid
gas condensation, since the saturated temperature of CO2 under
ambient pressure 共1 bar兲 is −78.4 ° C.
The energy efﬁciency is calculated as the ratio between overall
power output and heat input in the topping cycle 关11兴:

1 = Wnet/共m f · Hu兲

共1兲

where Wnet is the overall power output from the turbines, reduced
by the power input to the compressors 共LC and HC兲 and pumps
共PC , PL兲 , m f is the fuel mass ﬂow rate input. This cycle employs
both fuel and LNG coldness 共via its evaporation兲 as its input resources, but we have used only the fuel energy in the deﬁnition of
JANUARY 2006, Vol. 128 / 83
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Table 2 The stream parameters of CO2 cycle
No.

1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
17
18
19
20
21
22
23
24
25
26
27
28
29
30
31
32

t

P

G

h

s

a

Mole Composition

关°C兴

关bar兴

关kg/ s兴

关kJ/ kg兴

关kJ/ kg K兴

关kJ/ kg兴

CO2

−44.8
201.6
623.5
442.7
623.5
1300
761.9
656.2
264.4
10
10
10
−70
61.1
201.6
623.5
53.8
−48.8
−44.8
−162
−160.5
−126.7
−5
15
15
51.1
25
15
51.1
/
25
20

156
153
150
30.6
30
29.1
1.07
1.05
1.03
1.01
1.01
1.01
1
6.63
30.6
30
6.565
6.5
156
1
31.5
31.2
30.9
30.6
30.6
30
1
30.6
30
/
1.01
1

70
70
70
70
70
110.96
110.96
110.96
110.96
110.96
4.93
106.03
106.03
106.03
30
30
76.03
76.03
6.03
54.69
54.69
54.69
54.69
52.49
2.2
2.2
⬃37.76
8.76
8.76
⬃29.0
130
130

−9388.7
−8832.3
−8307.9
−8522.2
−8309.0
−7578.1
−8307.4
−8441.8
−8902.4
−9253.1
−15,936.0
−8955.0
−9018.3
−8915.4
−8788.7
−8309.0
−8922.0
−9406.9
−9388.7
−5557.9
−5548.5
−5425.8
−4751.8
−4702.4
−4702.4
−4613.3
/
−17.5
17.8
/
−15,865.6
−15,886.4

−2.289
−0.555
0.242
0.284
0.553
1.266
1.366
1.233
0.598
−0.349
−9.298
0.021
−0.239
−0.202
−0.169
0.553
−0.220
−2.309
−2.289
−11.721
−11.702
−10.75
−7.143
−6.961
−6.961
−6.659
/
−0.942
−0.821
/
−9.056
−9.126

255.9
295.1
582.0
355.3
488.2
1194.8
435.8
341.0
69.9
1.368
1.677
0.886
15.18
106.8
223.8
488.2
105.6
243.5
255.9
1086.2
1089.9
928.8
527.4
522.4
522.4
521.7
/
264.3
263.7
/
0
0.098

1
1
1
1
1
0.9
0.9
0.9
0.9
0.9

H 2O

CH4

O2

0.1
0.1
0.1
0.1
0.1
1

1
1
1
1
1
1
1
1
1
1
1
1
1
1
1
air
1
1
1
1

N2, Ar,…

Note: Combustor inlet CO2 mass ﬂow rate of 100 kg/ s assumed as references.

1, the energy efﬁciency, because the LNG coldness is free, and it
is actually of beneﬁt to the user. Both input resources are, however, used in deﬁning 2, the exergy efﬁciency, which is the more
appropriate criterion for performance evaluation than the fuel energy alone. It is deﬁned here as the ratio between the net obtained
and total consumed exergy
2 = Wnet/共m f · Hu + mL · aL兲

共2兲

assuming that the fuel exergy is approximately equal to its lower
heating value Hu , mL is the treated LNG mass ﬂow rate, and aL the
exergy difference between the initial and the ﬁnal states of the
LNG evaporation process:
aL = 共h20 − h23兲 − T0共s20 − s23兲

共3兲

and in the subcritical evaporation case 共30.6 bar兲, it is about
560 kJ/ kgLNG, depending on the ﬁnal temperature T23.
For a given mass ﬂow rate of the cycle working medium, the
mass ﬂow rates of needed fuel, of water and carbon dioxide recovered, and of LNG regasiﬁed can all be determined.
With 100 kg/ s mass ﬂow rate of CO2 at the combustor inlet
taken as reference, Table 2 summarizes the parameters, including
temperature, pressure, ﬂow rate and composition, and thermodynamic properties including exergy, of each stream for the subcritical pressure 共30.6 bar兲 and temperature of 15 °C natural gas delivery. The mass ﬂow rate of LNG regasiﬁed is found to be
54.69 kg/ s, of which about 4% 共2.2 kg/ s兲 are sent to the combustor as fuel for the cycle; and the amount of water and CO2 recovered are found to be 4.93 kg/ s and 6.03 kg/ s, respectively.
The computed performance of the cycle is summarized in Table
3 共ﬁrst column兲. The total power produced is found to be 79.3
84 / Vol. 128, JANUARY 2006

MW. Reduced by the power consumed for O2 separation, which is
roughly 7.9 MW 共⬃10% 兲, the net power output is 71.4 MW,
resulting in an energy efﬁciency 共1兲 of 65% and exergy efﬁciency 共2兲 of 51%. The difference between the efﬁciencies is due
to their deﬁnition 共Eqs. 共1兲 and 共2兲兲, where 1 does not take into
account the LNG coldness exergy, while 2 does. Consequently,
such a plant would produce about 124 MWe if installed with the
ﬁrst Chinese LNG receiving terminal that has an import capacity
of 3,000,000 t per year 共95 kg/ s兲.
Figures 3 and 4 are the t-Q diagrams for the recuperation system and the LNG evaporation system, respectively, where Q is the
heat duty of a heat exchanger. Heat load distribution is not even
among the different heat exchangers. The minimal temperature
differences are present in HE1 and HE5. The pinch point in HE1
appears at the point where the H2O vapor contained in the hot LT
exhaust stream begins to condense. The minimal temperature difference, ⌬T p1, is 10 K in this case and one way to raise it is to
increase the ﬂue gas temperature out of HE1共t10兲, which will lead
to more ﬂue gas exhaust heat for LNG evaporation. The pinch
point in HE5 appears at the point where CO2 begins to condense,
and ⌬T p5 is 5 K in this calculation. Reducing the pinch point
temperatures will increase the thermal performance, but larger
heat transfer surface area and more equipment investment will be
required.
The NG temperature at the HE5 outlet is −5 ° C, still cold
enough to be used for local applications such as refrigeration and
air conditioning. The total heat duty of HE6 is 2.7 MW, and if
practical cooling can be accomplished up to t24 = 5 ° C 共rather than
Transactions of the ASME
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Table 3 Performance summary of different cycle conﬁgurations

LT turbine work 关MW兴
MT turbine work 关MW兴
HT turbine work 关MW兴
LC compressor work 关MW兴
MC compressor work 关MW兴
HC compressor work 关MW兴
LNG pump work 关MW兴
CO2 pump work 关MW兴
Fuel/ O2 expander 关MW兴
O2 separation work 关MW兴
Net power output 关MW兴
LNG mass ﬂow rate 关kg/ s兴
Fuel ratio 关%兴
Fuel energy input m f · Hu 关MW兴
LNG exergy input mL · aL 关MW兴
Energy efﬁciency 关%兴
Exergy efﬁciency 关%兴

Base-case

No-LNG

Reheat

Intercooling

Reheat+
intercooling

80.9
0
15.0
10.9
0
3.8
0.5
1.4
0
7.9
71.4
54.7
4.02
109.9
30.5
65.0
50.9

80.5
0
15.1
14.0
13.7
4.6
0
1.3
0
7.7
54.1
0
/
107.2
0
50.5
50.5

44.6
43.0
16.3
11.0
0
3.9
0.5
1.4
0.6
8.4
79.4
54.9
4.28
117.6
30.7
67.5
53.6

81.3
0
14.6
10.9
0
2.6
0.5
1.4
0
8.1
72.4
54.7
4.14
113.3
30.9
63.9
50.2

44.9
43.2
16.3
11.0
0
2.6
0.5
1.4
0.6
8.7
80.8
55.0
4.42
121.5
31.0
66.5
53.0

all the way to 15 °C兲, a modest contribution of about 1.3 MW of
cooling can be obtained and added to the overall useful output of
the system.
Table 4 shows the heat duties of the heat exchangers, and the
estimated required heat exchanger surface areas. There are seven

Fig. 3

Fig. 4

t-Q diagram in CO2 recuperation system

t-Q diagram in LNG evaporation system
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heat exchangers in the system: Recuperators 共HE1 , HE2, and
HE3兲, LNG evaporators 共HE4 , HE5, and HE6兲, and a fuel/ O2 preheater, HE7. The recuperators are conventional heat exchangers
with gas streams ﬂow through both sides 共ignoring the small
amount water condensation in HE1兲. HE4 is a CO2 gas-to-CH4
liquid heat exchanger. As shown in Fig. 4, HE5 consists of two
parts, in the ﬁrst part heat is exchanged between CO2 gas and
natural gas, in the second part CO2 is condensed due to cooling by
liquid, boiling, and gaseous CH4 with an overall heat transfer
coefﬁcient estimated as 600 W / m2 K 关28兴1. In the calculation in
Table 4, the hot stream in HE6 is assumed to be water with the
inlet and outlet temperatures of 25 and 20 °C, respectively. The
total heat transfer area for the cycle is estimated to be 27,856 m2,
nearly 80% of which are the recuperators, and 20% the LNG
evaporators, the latter accommodating about 30% of the total heat
duty.
The exergy inputs, outputs, and losses are shown in Fig. 5 and
Table 5. Some important conclusions are: 共1兲 The amount of coldness exergy of the LNG adds about 28% to the fuel exergy used in
the cycle, and is 22% of the overall cycle exergy input 共m f · Hu
+ mL · aL兲, 共2兲 the base-case cycle uses 54% of the coldness exergy
of the LNG for power generation, 共3兲 the largest exergy loss, 21%,
is in the combustor, consistent with general values found in the
literature 关29兴; this loss can be straightforwardly decreased only
by increasing the inlet temperature of the LT turbine beyond the
assumed 1300 °C, which would be possible if more advanced turbines are used, 共4兲 obviously, the addition of any component for
improving cycle efﬁciency introduces exergy losses associated
with the component, here the most signiﬁcant ones are in the heat
exchangers HE5 共8.2%兲, HE4 共5.2%兲, and HE1 共3.4%兲; these
losses can be decreased by decreasing the temperature differences
between the heat exchanging streams 共Figs. 3 and 4兲, but this
would obviously require larger or/and more complex heat exchangers. The LMTDs of different heat exchangers are shown in
Table 4. HE3 and HE4 have the biggest LMTDs among the heat
exchangers, while exergy loss in HE3 is relatively smaller because
of the high heat transfer temperature. To reduce the system exergy
loss further calls for synthetic optimization of both cycle conﬁgu1
Precise determination of heat exchanger aresas requires their detailed design
speciﬁcation. The estimates here are very rough, based on the assumption that the
heat exchangers are of the shell-and-tube type, and using average typical overall heat
transfer coefﬁcient values for these heat exchanger processes and ﬂuids as found in
the process heat transfer literature 关28兴. Use of better heat exchangers, such as plate
type, may reduce the required heat transfer area by as much as an order of magnitude.
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Table 4 Heat exchanger surface area estimation

Recuperators
LNG evaporators

Fuel/ O2 preheater

Heat
exchanger

Q
关MW兴

UA
关kW/ K兴

LMTD
关K兴

U 关28兴 关W / m2K兴

A
关m2兴

A
关%兴

⌺A
关m2兴

HE1
HE2
HE3

38.95
51.10
14.93

1005.76
1011.75
86.47

38.7
50.5
172.7

99
93
93

10,159.2
10,879.0
929.8

36.5
39.0
3.3

21,968

HE4
HE5
HE6

6.71
36.86
2.699

59.63
1124.2
164.97

112.5
32.8
16.4

99
93/ 600
429

602.3
4645.6
384.6

2.2
16.7
1.4

5,632

HE7

0.50

23.73

21.1

93

255.1

0.9

255

ration and stream parameters. 共5兲 Figure 5 shows clearly that the
proposed conﬁguration of the cycle allows a large fraction of the
exergy to be usefully reused internally.

Key Parameters and Discussion
The key parameters that have inﬂuence on the cycle performance include the Brayton cycle mass ﬂow rate ratio Rg, the
low-pressure turbine inlet temperature t6, the cycle high and intermediary pressure level Ph and Pm.
The Brayton cycle mass ﬂow rate ratio Rg is deﬁned as the ratio
of the mass ﬂow rate of stream 16 共Fig. 1兲 over that of the total
CO2 recycled in the system.
Rg = m16/共m5 + m16兲

共4兲

If Rg equals 1, the plant becomes a pure Brayton cycle, and less
ﬂue gas exhaust heat will be recovered in the recuperation system
due to the sizeable increase of the ﬂue gas temperature at the inlet
of the LNG evaporation system. This temperature equals to the
sum of t15 and a temperature difference needed for heat transfer in
HE2. At the other extreme, if Rg = 0, it is still a kind of quasicombined cycle of a Brayton and a supercritical Rankine-type
one, similar to the “MATIANT” cycle 关25兴, and the higher heat
capacity of the compressed liquid CO2 will lead to a larger temperature difference between LT outlet ﬂue gas and CO2 entering
the combustor, t7 − t5. Variation of Rg will thus not only change the
ﬂue gas heat distribution between the recuperation system and the
LNG evaporation system, but also the heat balance inside the
recuperation system itself. Calculation shows that both energy ef-

ﬁciency and exergy efﬁciency increase by about 3 to 4 percentage
points for every 100 °C increase of t6 共LT inlet temperature兲 or
20% increase of Rg. Increasing Rg means that more ﬂue gas waste
heat is recovered in the recuperation system, and the pinch point
temperature difference in HE1共⌬T p1兲 will drop accordingly, Rg
reaches its upper limit when ⌬T p1 drops to the accepted lowest
value. The speciﬁc power output w increases with the increase of
t6 and with the decrease of Rg.
A relatively high level for Ph and Pm was employed in some
past studies of power cycles with CO2 separation, for example,
they are 240 bar and 60 bar, respectively, in the “COOPERATE”
关20,22兴 and “COOLENERG” cycles 关26兴, and 300 bar and 40 bar
in the “MATIANT” cycle 关25兴. To relieve the technical problems
incurred by these high pressure levels, the pressure Ph and Pm is
chosen in our cycle to be 150 and 30 bar for the design point.
Computations show that both Ph and Pm have positive impact
on the efﬁciencies and speciﬁc power output within certain calculation range 共Pm = 15–55 bar and Ph = 100–200 bar兲. When Ph increases from 150 bar to 200 bar for Pm = 25 bar, the efﬁciencies
increase by about 0.6 percentage point; and they increase by 1.7
percentage points when Pm increases from 15 to 25 bar for Ph
= 150 bar. Obviously Pm has a more notable inﬂuence on the cycle
thermal performance than Ph, clearly because the power output of
the LT turbine is several fold bigger than that of the HT turbine.
Increasing Ph and Pm results in the lowering of the HT and LT
turbine ﬂue gas temperature, respectively, leading to the drop of

Fig. 5 The exergy ﬂow diagram for the base-case cycle
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Table 5 Exergy inputs, outputs, and losses decomposition in
the cycle
Exergy inputa 共%兲
Chemical exergy
Physical exergy
共stream in兲

Fuel LHV
20; LNG
28; O2
31; H2O

Sum

78.238
42.300
1.649
0.0
122.187

Exergy outputa 共%兲
Power output
Physical exergy
共stream out兲

Component exergy losses

Sum

Wnet
WASU
11; H2O
19; CO2
24; CH4
32; H2O
B
HE5
HE4
HE1
LT
HE2
HE3
LC
HT
PC
PL
HC
HE6
HE7
S

50.860
5.617
0.0059
1.099
19.525
0.0091
21.058
8.167
5.194
3.461
2.352
1.471
0.866
0.853
0.619
0.312
0.222
0.206
0.186
0.07
0.035
122.188

a
Values are based on 共m f · Hu + mLaL兲 = 78.238% + 共42.3− 20.538兲 % = 100% 共Eqs. 共2兲
and 共3兲兲.

the pinch point temperature difference ⌬T p1, but it is not necessary to have very high values of Ph, since the HT turbine contributes less to the cycle power output.
Compared with the above-mentioned cycles, our cycle has two
new features: ﬁrst, while Rg = 0 共no HC compressor兲 in those
cycles, Rg ⬎ 0 in our cycle, which allows a much better turbine
exhaust heat recovery in the recuperation system; second, integration here with the LNG evaporation process accomplishes CO2
condensation at a much lower pressure. As a result, the computed
energy efﬁciency is as high as 65% with the enabling technologies
共TIT= 1300 ° C , Ph = 150 bar and Pm = 30 bar兲, which is about 10
to 15 percentage points of increment compared with the other
above-mentioned cycles.
The typical cryogenic equipment for air separation consumes
about 0.2–0.28 kWh of electric power per kilogram of O2 separated 关13兴, depending on the product purity, production capacity
and so on. It is found through the calculation that the power consumed for O2 production is nearly 10% of the total power output,
and every 10% reduction in the power needed for air separation
will increase both efﬁciencies and power output by about 1.1%.
Clearly, one way to improve system performance is to optimally
integrate the air separation with the rest of the system.

Fig. 6

t-s diagram for CO2 cycle without LNG

Figures 10 and 11 show the cycle layout for the cycle without
use of LNG coldness 共no-LNG case兲, and the intercooling+reheat
cycle, respectively. The reheat cycle is the combination of the left
part of the schematic shown in Fig. 1 and the right part of that in
Fig. 11. Similarly, the intercooling cycle is the combination of the
right part of Fig. 1 and the left part of Fig. 11.
If LNG is not used for its coldness, as in reference 关30兴,
then a multi-stage compression process with intercooling
13→14→13→15→17→13⬙→14⬘→18 共in Fig. 10兲 is adopted to
bring the CO2 up to a liquid state of 80 bar and 30 °C, instead of
the CO2 condensation process. This brings two advantages: Elimination of noncondensable gases and the associated problems, and
elimination of the need for a condenser. The cycle in Fig. 6 can
hence be regarded as a combination of the “MATIANT” cycle and
a CO2 Brayton cycle with intercooling. Unlike all the other ones,
this cycle works above the ambient temperature. It uses cold water
as the intercooler coolant with the temperature varying from 15 to
20 °C. The speciﬁc power output is about 76% of that of the
base-case cycle, and it has the same energy efﬁciency and exergy
efﬁciency, which can reach 50%.
When reheat is employed, the low-pressure turbine outlet temperature t7 can be raised signiﬁcantly 共to over 1000 °C, Figs. 7
and 9兲, and the turbine exhaust heat is large, able to raise temperature of the cold streams in HE2 to a higher magnitude. However, for practical turbine materials, the high pressure turbine HT
inlet temperature is restricted to 700 °C in the calculations, and

Comparison of Different Cycle Conﬁgurations
With the base-case cycle described in Figs. 1 and 2 as reference, different system conﬁgurations were modeled and analyzed
to further explore the effect of LNG exergy application and to
examine the potential for performance improvement. These conﬁgurations include one where no LNG is used, one in which intercooling is used, one with reheat, and one with reheat and plus
inter cooling. The corresponding t-s diagrams are shown in Figs.
6–9, respectively.
Journal of Engineering for Gas Turbines and Power

Fig. 7 t-s diagram for CO2 cycle with reheat
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Fig. 8

t-s diagram for CO2 cycle with intercooling

the excess amount of LT exhaust heat is used to raise the combustor inlet temperature to a higher lever 共point 5 / 16⬘ in Figs. 7 and
9. The layouts of the cycles in Figs. 10 and 11 are somewhat
different from that in Fig. 1 in terms of the number and the order
of the heat exchangers兲.
The performances are summarized and compared in Table 3 and
Figs. 12–14 as functions of the intermediary pressure Pm. A fuel
compressor 共or expander兲 is needed when the combustion pressure
in B is higher 共or lower兲 than the natural gas delivery pressure.
The efﬁciencies and power output are found to increase monotonically with Pm within the whole calculation range of Pm 共from 20
to 40 bar兲, with a diminishing rate.

Fig. 9

t-s diagram for CO2 cycle with intercooling and reheat

Employing reheat is seen to improve performance: both the
energy efﬁciency and exergy efﬁciency increase by 2 to 3 percentage points, and the speciﬁc power output increases by about 11%.
Employing intercooling increases the speciﬁc power output
slightly, by 1.3% on average, but the energy and exergy efﬁciency
coincidentally drop by more and less than 1 percentage point,
respectively. From Figs. 8 and 9, in the intercooling cycle, the
working ﬂuid temperature after compression is lower, but the hot
stream temperature at the recuperator outlet t10 is ﬁxed. This results in a lower combustor inlet temperature and thus more fuel is
needed to raise the temperature to the desired turbine inlet temperature, which explains the efﬁciency drop. In the intercooling

Fig. 10 CO2 cycle ﬂow sheet without LNG cold exergy utilization
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Fig. 11 CO2 cycle ﬂow sheet with reheat and intercooling

cycle, all of the working ﬂuid needs to be cooled down by LNG
after the ﬁrst stage of compression 共14→17→13⬘ in Fig. 11兲.
Therefore, the amount of heat available in the LNG evaporation
system will bring the evaporated natural gas to the near-ambient
temperature, leaving no extra coldness for air conditioning.
The comparison between the reheat+intercooling cycle with the
reheat cycle is similar to the comparison between the intercooling
cycle with the base-case cycle. As known in general, incorporation of reheat or intercooling alone can increase the cycle power
output, but not necessarily improve the efﬁciency, because of the

higher turbine ﬂue gas temperature in the cycle with reheat, or the
lower compressor outlet temperature in the cycle with intercooling. It is also known that incorporation of recuperation 共internal
heat regeneration兲 may have other consequences. Unlike the situation in this paper, if the recuperator hot stream outlet temperature
drops in the cycle with intercooling, it is possible to increase the
overall efﬁciency as well.
Compared with the base-case cycle, the energy efﬁciency of the
no-LNG case is lower by nearly 15 percentage points, but their
exergy efﬁciencies are about the same. Its exergy efﬁciency is

Fig. 12 The inﬂuence of Pm on thermal efﬁciency

Fig. 13 The inﬂuence of Pm on exergy efﬁciency
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Fig. 14 The inﬂuence of Pm on speciﬁc power output

between that of the base-case cycle and the one with intercooling
共Fig. 13兲. From Table 3, the LNG coldness contributes nearly 22%
to the total base-case cycle exergy input, and it converts to power
at almost the same efﬁciency as the fuel exergy does.
Among the cycle conﬁgurations studied in this paper, the reheat
cycle has the highest efﬁciencies, while the reheat+intercooling
cycle has the highest speciﬁc power output. It should, however, be
noted that the recuperator material needs then to bear a temperature as high as 1000 °C.
The heat exchanger surface areas for different cycle conﬁgurations are also estimated and compared in Table 6. Differences
mainly exist in the recuperation system. Compared with the basecase cycle, it was found that reheat cycle requires 54% additional
heat transfer area, and the no-LNG cycle and intercooling cycle
require 18% and 9% less, respectively.

Conclusions
A novel power cycle producing zero CO2 emission by integration of LNG cryogenic exergy utilization is proposed and thermodynamically modeled. The main merits of the system include:
共1兲 Good thermodynamic performance, with the energy and exergy efﬁciencies reaching 65% and 51%, respectively, using conventional technologies, despite the power consumed
for air separation; this is in part because the amount of
coldness exergy of the LNG adds about 28% to the fuel
exergy used in the cycle, and
共2兲 Negligible release of pollutants to the environment;
共3兲 Removal of high-pressure liquid CO2 ready for sale or disposal;
共4兲 Valuable byproducts: condensed water, liquid N2, and Ar;
and
共5兲 Full exploitation of the LNG evaporation process.
The exergy analysis identiﬁed the largest exergy loss, 21% 共of
the total exergy input兲, to be in the combustor, which can be
straightforwardly decreased only by increasing the inlet temperature of the LT turbine beyond the assumed 1300 °C. The most
signiﬁcant other exergy losses are in the heat exchangers HE5

共8.2%兲, HE4 共5.2%兲, and HE1 共3.4%兲, and these losses can be
decreased by decreasing the temperature differences between the
heat exchanging streams, but this would obviously require larger
or/and more complex heat exchangers. The proposed conﬁguration of the cycle allows a large fraction of the exergy to be usefully reused internally.
The inﬂuences of some key parameters on the cycle performance, including the Brayton cycle mass ﬂow rate ratio, the lowpressure turbine inlet temperature and pressure levels, are discussed. Energy efﬁciency and exergy efﬁciency increase by about
3 to 4 percentage points for every 100 °C increase of t6 共LT inlet
temperature兲 or 20% increase of Rg. The speciﬁc power output w
increases with the increase of t6 and with the decrease of Rg. Both
Ph and Pm have a positive impact on the efﬁciencies and speciﬁc
power output within the calculation range; and Pm has a more
notable inﬂuence on the cycle thermal performance than Ph. It is
also found that every 10% reduction in the power needed for air
separation will increase both efﬁciencies and power output by
about 1.1%.
The total needed heat exchanger area is about 390 m2 / MWe for
the base-case cycle, ⬃75% of which are the recuperators HE1 and
HE2. Employing larger heat transfer temperature differences can
effectively reduce the heat transfer surface area, but will lead to a
reduction of thermal efﬁciency. A formal thermoeconomic optimization is obviously called for. The pinch point temperature difference in the recuperation system is one of the main constraints to
performance improvement, its inﬂuence and parameter optimization call for further study.
Among the different cycle schemes investigated, it was found
that highest efﬁciencies’ improvement over the base-case can be
obtained by employing reheat but only by by 2 to 3 percentage
points, and this would also increase the speciﬁc power output by
more than 10%. The major practical restrictions to employing reheat is the high recuperator inlet temperature for reheat cycle, and
a 54% increase in the overall heat transfer surface. Compared with
the base-case, incorporation of intercooling lowers efﬁciencies
and slightly increases power output. If no LNG coldness is used,
the cycle operates in the same temperature range as conventional
power plants do, the required heat exchange area is reduced by
18% 共only兲, the speciﬁc power output is reduced by one quarter,
and the efﬁciency can reach 50%, about 15 percentage points
lower than that of the base-case cycle.
Based on this analysis, the proposed base-case plant 共which was
not optimized yet兲 would produce 124 MWe if installed with the
ﬁrst LNG terminal in China that has an import capacity of
3,000,000 t / yr, and the capacity can be increased up to 137 MWe
and 140 MWe for reheat cycle and reheat/intercooling cycle, respectively.
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Nomenclature
A ⫽ heat exchanger surface area 共m2兲

Table 6 Heat exchanger surface area comparison of different cycle conﬁgurations

Recuperators 关m2兴
Others 关m2兴
Total area ⌺A关m2兴
⌺A / ⌺Aref 关%兴

No LNG

Reheat

Intercooling

Reheat/intercooling

Base-case

18,664
4,225.6
22,889.6
82.2

36,940
5,967.3
42,907.3
154.0

18,742.5
6,702.1
25,444.6
91.3

28,551.2
6,804.8
35,356.0
126.9

21,968
5,887.6
27,855.6
1
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a
m
Hu
h
P
Rg

⫽
⫽
⫽
⫽
⫽
⫽

⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
1 ⫽
2 ⫽

s
T
t
Q
U
W
w
⌬T P

Subscripts
f
h
m
net
L
l
1…30

⫽
⫽
⫽
⫽
⫽
⫽
⫽

speciﬁc exergy 共kJ/ kg兲
mass ﬂow rate 共kg/ s兲
fuel LHV value 共kJ/ kg兲
speciﬁc enthalpy 共kJ/ kg兲
pressure 共bar兲
mass ﬂow rate ratio of Brayton cycle 共%兲, Eq.
共4兲
speciﬁc entropy 共kJ/ kg· K兲
temperature 共K兲
temperature 共°C兲
heat duty 共MW兲
overall heat transfer coefﬁcient 共W / m2 K兲
power output 共MW兲
speciﬁc power output 共kJ/ kg兲
pinch point temperature difference 共K兲
energy efﬁciency
exergy efﬁciency
fuel
high pressure
intermediary pressure
net output
liqueﬁed natural gas
low pressure
states on the cycle ﬂow sheet
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ABSTRACT

NOMENCLATURE

In this paper an alternative to so-called ‘oxy-fuel’ combustion
has been evaluated. Chemical Looping Combustion (CLC) is
an innovative concept of CO2 capture from combustion of
fossil fuels in power plants. CLC is closely related to oxy-fuel
combustion as the chemically bound oxygen reacts in a
stoichiometric ratio with the fuel. In CLC, the overall
combustion takes place in two steps. In a reduction reactor
fuel is oxidised by the oxygen carrier i.e. the metal oxide MeO
which is reduced to metal oxide with a lower oxidation
number, Me. Me flows to an oxidation reactor where it is
oxidised by oxygen in the air. In this way pure oxygen is
supplied to fuel without using an energy intensive traditional
air separation unit.

a, b, c, d
CP
CF
H
HP
HX
IP
HRSG
LHV
m
n
OX
PR
Q

This paper presents thermodynamic cycle analysis of a CLCpower plant. A steady-state model has been developed for the
solid-gas reactions occurring in the reactor system. The model
is applied to analyse the system under two configurations; a
combined cycle and a conventional steam cycle. A turbinecooling model has also been implemented to evaluate the
turbine cooling penalty in the combined cycle configuration.
Effects of exhaust recirculation for coking prevention and
incomplete fuel conversion have also been investigated.
Performance of the oxygen carrier has been idealised except
for the degrees of reduction and oxidation. Energy needs for
CO2 capture have properly been taken into account.

R
RED
T
TIT
W
w
X
Greek
DEJGH
coefficients in Eq. (8)
I

degree of fuel conversion
K

efficiency
Subscripts and superscripts
comp.
compression
CO2-turbine
CO2-T
el.
electrical
GT
gas turbine
m+g+aux
mechanical+generator+auxiliaries (Km+g+aux)
ox
oxidation
red
reduction
st
steam
ST
steam turbine

The results show that an optimum efficiency of 49.7% can be
achieved under given conditions with a CLC-combined cycle
at zero emissions level. With turbine cooling, efficiency falls
by 1.2% points under the same conditions. The CLC-steam
cycle is capable of achieving 40.1% efficiency with zero
emissions. The results show that CLC has high potential for
power generation with inherent CO2 capture. This work will
be useful in designing CLC systems after the reactor system
has been analysed experimentally for long-term operations.

1

coefficients in Eq. (9)
specific heat capacity
coolant fraction
heat of reaction
high-pressure steam
heat exchanger
intermediate pressure steam
heat recovery steam generator
lower heating value
mass flowrate
molar flowrate
oxidation reactor
compressor pressure ratio
heat flow
universal gas constant
reduction reactor
temperature
turbine inlet temperature
power
specific work
degree of reaction

kJ/molK
kW
kJ/kg
kg/s
mol/s
kW
kJ/molK
K or °C
KW
kJ/kg
-
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INTRODUCTION
Carbon dioxide is the most prevalent of all man-made
greenhouse gases causing global warming effects. Exhaust
gases from power plants combusting oil or coal are a major
source of CO2 release. By use of natural gas in power plants,
CO2 emissions per kWh electricity produced can be reduced
to below half of that compared to coal combustion1. However,
CO2 can be completely eradicated by developing more
efficient combustion technologies; for instance, Chemical
Looping Combustion (CLC) proposed by Richter and
Knoche2 in 1983. CLC is a novel concept of power production
with inherent CO2 capture. In CLC, unlike conventional
combustion processes, combustion is more ordered by
avoiding direct contact between air and fuel. Combustion is
split up into intermediate oxidation and reduction reactions
each approaching near-to-thermodynamic equilibrium2. This
goal is achieved by introducing a certain metal oxide as an
oxygen carrier that circulates between the two reactors, as
depicted in Fig.1.
Oxidation Reactor
Air with less
Oxygen

Air

Me

MeO

CO2+ H2O

Fuel

CYCLE DESCRIPTION

Reduction Reactor

Figure 1: The Chemical Looping Combustion principle
In a reduction reactor, fuel reacts with oxygen in the metal
oxide in a stoichiometric ratio thereby reducing the metal
oxide. Equation (1) gives the reduction reaction.
Cn H2m  2n  m MeOo nCO2  mH2O  2n  m Me

(1)

In eq. (1) MeO is metal oxide and Me is reduced metal. CnH2m
is fuel and n and m are the stoichiometric factors for fuel
molecules. The reduced metal oxide circulates to the oxidation
reactor where oxygen in the air oxidises it to metal oxide. The
oxidation reaction is given by eq. (2).
m·
§
2n  m Me  ¨ n  ¸O2 o 2n  m MeO
2¹
©

(2)

Equation (3) gives the net reaction.
m·
§
C n H 2 m  ¨ n  ¸O2 o nCO2  mH 2 O
2¹
©

and reduction. Metal oxide continuously flows between the
reactors and transfers oxygen and heat to the reduction
reactor. The heat is utilised for the endothermic reduction
reaction. By virtue of the intermediate reactions and heat
recovery in the reduction reactor irreversibility of the process
is lower and therefore the exergy loss is lesser when compared
to conventional combustion3. The exhaust stream out of the
reduction reactor is available at high temperatures and can
also be utilised for power production. Also, the exhaust
contains only CO2 and H2O vapour. CO2 is not diluted with N2
and can easily be separated by simply condensing the stream,
thus giving a very low energy penalty. On the contrary,
separation of CO2 from the exhaust of conventional
combustion processes is energy intensive resulting in a
decrease in efficiency. CLC is also capable of thoroughly
eradicating NOx formation4. By virtue of separate air and fuel
reactors there is no fuel NOx produced. Thermal NOx
increases exponentially with combustion temperatures in
conventional processes where local flame temperatures might
be as high as 2000 K. In CLC, oxidation takes place at much
lower temperatures and high heat capacity of solid particles
results in lower local temperature. Thus NOx is thoroughly
eradicated. The choice of an oxygen carrier, which plays the
central role in the process, is based on its reaction rates,
chemical and mechanical stability and temperature standing
abilities. Various metal oxides in combination with different
stabilisers have been investigated so far and NiO/NiAl2O4 is
believed to be the most promising5.

(3)

The oxidation reaction for a metal is exothermic and the heat
released is summation of heats of reaction of both oxidation

The schematic sketch of CLC-combined cycle with CO2
capture is shown in Fig. 2. Air and fuel are introduced into the
reactors at the same pressure. The oxidation reactor outlet
stream drives the air turbine (or gas turbine) and the exhaust
drives CO2-turbine. Both turbines are assumed to be on the
same shaft. For exergy loss minimisation, recuperation is
done to heat the fuel prior to its entry into the reduction
reactor. This approach also brings the temperature of the
exhaust stream down which facilitates its subsequent cooling
needed for CO2 separation. The air turbine exhaust is passed
through HRSG to generate steam for a dual pressure steam
cycle.
As the losses associated with turbomachinery decrease with
increase in plant size, simulations were carried out for fairly
high power outputs (320-400 MW). The fuel flow-rate was
kept constant at 15 kg/s. The cycle was analysed by varying
airflow rate and maintaining turbine inlet temperature (TIT) at
different compressor pressure ratios (PR). The term TIT is
valid only for the air turbine and is defined as the temperature
of stream coming out of the oxidation reactor. The
computational assumptions used in the present work are very
close to reality and are given in the appendix.
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Figure 2: CLC-Combined Cycle with CO2 Capture (Schematic Sketch)
Model Description
The present work is based on a steady-state model for cycle
analysis with two configurations i.e. combined cycle and
conventional steam cycle. NiO/NiAl2O4 on a 3:2 mass basis is
the chosen oxygen carrier. The model is based on heat and
mass balance for the solid-gas reactions occurring in the two
reactors. Equation (4) gives heat balance over the reduction
reactor for both configurations.
Q 3  Q X

Q 4  Q Y  H red

(4)

Equations (5) and (6) give heat balance over the oxidation
reactor for combined cycle and steam cycle configuration
respectively.

The heat capacities of the constituting components of the
gaseous streams entering and leaving the reactor system were
calculated by eq. (8)6.
Cp i

D i  E iT  J iT 2  G iT 3  H iT 4  R

(8)

The Cp values calculated from eq. (8) were also validated
against those calculated with the help of eq. (9)7.

Cpi

ai  bi  103  T  ci  106  T 2  d i  106  T 2

(9)

The specific heat capacity of the metal oxide was also
calculated by eq. (9).

(6)

The specific heat capacity of the binding material (or
stabiliser) NiAl2O4 was calculated by making use of an
interpolated table8 of specific heat capacity values at different
temperatures.

The subscripts used in eq. (4), (5) and (6) correspond to the
cycle schematic sketches shown in Figs. 2 and 9.

Temperature of various streams going in and coming out of
the reactors was calculated by eq. (10)

The heat flow was calculated by using eq. (7).

Ti

Q1  Q Y
Q  Q
1

Q i

Y

Q 2  Q X  H ox
Q 2  Q X  Q st  H ox

n i  Cp i Ti  Ti  Cp i T0  T0

(5)

Q i  n i  Cp i T0  T0
n i  Cp i Ti

(10)

(7)

Heat of reaction was calculated with the help of standard
enthalpy of formation of reacting components at the
corresponding reference temperature.

The subscripts i and 0 used in eqs. (7), (8), (9) and (10)
correspond to the stream and the reference (ambient)
condition, respectively.
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The function of NiAl2O4 is to give mechanical stability to
oxygen carrier. This material is inert yet it increases the
reaction rate and contributes to heat transportation between
the reactors. Therefore it appears in the mass balance
equations. Mass balance over the reduction and oxidation
reactor is given by eq. (11) and (12), respectively.

m total,red

X red . m ox  1  X red m red  m NiAl2O4

m total,ox

X ox . m ox  1  X ox m red  m NiAl2O4

(11)
(12)

X is degree of reaction and is defined by eq. (13).
X

m  m red
m ox  m red

(13)

In eq. (13) mred is mass of metal oxide when it is fully reduced
and mox is its mass when it is fully oxidised. The term m
stands for mass of metal oxide at a certain time. Hence Xred is
0.0 for full reduction and Xox is 1.0 for full oxidation. Recent
experiments by Brandvoll9 show that the values of Xox=1.0 and
Xred =0.3 are quite realistic and the present work is based on
these values.
All the streams were defined on molar basis (index ‘n’).
Figure 3 shows the overall mass balance for the reactor
system.
n,air,in=n,air,N2
+n,air,O2
+n,air,H2O
+n,air,CO2
+n,air,Ar

OX

ntotal ,red

n,fuel=n,fuel,N2
+n,fuel,CO2
+n,fuel,CH4
+n,fuel,C2H6
+n,fuel,C3H8
+n,fuel,C4H10
+n,fuel,C5H12

n,air,out=n,air,out,N2
+n,air,out,O2
+n,air,out,H2O
+n,air,CO2
+n,air,out,Ar

ntotal ,ox

RED

n,exhaust=n,exhaust,H2O
+n,exhaust,CO2
+n,exhaust,CH4
+n,exhaust,C2H6
+n,exhaust,C3H8
+n,exhaust,C4H10
+n,exhaust,C5H12

In eq. (14), nrx, fuel is the number of moles of fuel actually
reacting with the oxygen carrier and nfuel is the number of
moles of fuel supplied.
The model was implemented in a FORTRAN 90 code and
embedded into the flow-sheeting simulation tool PRO/II,
version 5.6 (SIMSCI Inc.) as ‘user added subroutine’. The
stream data from PRO/II was provided to the simulation tool
GTPRO (Thermoflow Inc.) in order to simulate the heat
recovery steam generator (HRSG) and the steam turbine.
Turbine Cooling
The efficiency and specific work output of a gas turbine
increase by raising turbine inlet temperature (TIT). Surfaces
of the components exposed to hot gas need to be maintained
below a certain safe working temperature at which they show
mechanical stability and corrosion resistance. The higher the
TIT, the higher is the temperature difference between hot gas
and blade surface. In cooled turbines, mixing of coolant with
hot gas results in thermodynamic penalties due to stagnation
temperature and pressure losses, and aerodynamic losses. In
the present work, only the mixing loss is accounted for. For a
given level of cooling technology, raising TIT beyond a
certain limit results in such cooling penalties that cycle
efficiency drops. These penalties can be reduced by
minimising the coolant flow. It is achieved by improving
internal heat transfer between the coolant and the blade; and
reducing the blade external heat transfer coefficient. The latter
effect can be achieved by employing film cooling in which the
spent coolant is caused to form a film on the blade surface
which shields it against the hot gas.
The objective of implementing a cooling model in CLCcombined cycle is to determine the coolant flow at elevated
turbine inlet temperatures and the efficiency drop associated
with the cooling penalty. The nature of the CO2-turbine
working fluid does not allow application of conventional air
cooling techniques. Also the CO2-turbine contributes little to
the net output power (about 10%); therefore its cooling was
not considered. Figure 4 depicts the turbine cooling approach
adopted in the present work.
Air
Splitter

Cooling Air

Mixer

Figure 3: Mass Balance
GT

Compressor

In case of incomplete fuel conversion there can be some fuel
components in the exhaust stream as shown in Fig. 3. In order
to analyse the cycle at such condition a factor ‘degree of fuel
conversion’ was defined which is given by eq. (14).

M

nrx, fuel
n fuel

OX

Figure 4: Turbine cooling principle

(14)
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The air at the compressor discharge is split into two streams;
one going to the oxidation reactor and the other mixing with
the hot air stream coming out of the oxidation reactor. In order
to consider the employment of a state-of-the-art gas turbine,
the technology level was derived from data available for the
gas turbine GE93519FA in GTPRO. The total flow of coolant
and air at the turbine inlet is less than that of air at the
compressor inlet due to oxygen consumption in the oxidation
reactor. Therefore, the coolant fraction (CF) was determined
as a percent of turbine exhaust. Figure 5 presents the CF as a
function of TIT at different compressor pressure ratios. The
coolant flowrate was then calculated by eq. (15).

m coolant

CF  m exhaust

80 bar pressure and further cooled down to 30°C. Finally a
pump delivers liquid CO2 at 100 bar and 36°C.
RESULTS AND DISCUSSION
Results are presented over a range of compressor pressure
ratios (PR) and turbine inlet temperatures (TIT). The
definitions of cycle efficiency and specific work used in the
present work are given by eq. (16) and (17), respectively.
WGT WCO2 T WST Wcomp. Kmgaux WCO2 comp.

Knet

(15)

The present work is based on the cooling model with 10 mbar
back pressure turbine operating on air/methane combustion
products. The model is based on the work done by Bolland
and Stadaas10 which is again based on the work done by
Elmasri11.

(16)

 fuel  LHV
m
WGT WCO2 T WST Wcomp. Kmgaux WCO2 comp.

w

(17)

 air
m

Figure 6 presents the net cycle efficiency as a function of
specific work for different pressure ratios and TIT values.
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CO2 Separation and Compression
A CO2 separation and compression model (included in Fig. 2)
was developed and incorporated into the main model in order
to determine power requirements and eventual energy penalty
associated with CO2 capture. CO2 separation and compression
takes place in three stages. In the first two stages the exhaust
stream at atmospheric pressure is compressed and cooled
followed by H2O separation in flash drums. After the second
stage the stream consists of pure CO2 which is compressed to
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Figure 5: Coolant Fraction (CF) as % of exhaust flowrate
In CLC, the composition of working fluid is different from
that of a conventional gas turbine. Also, in practice the coolant
and gas mixing occurs in the turbine stage and not before the
turbine inlet. Therefore, the results obtained do not have a
very high degree of accuracy. However, they are sufficiently
reasonable for assessing the turbine cooling demand and its
impact on cycle efficiency at the current stage of CLC
development.
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Figure 6: Efficiency vs. Specific Work
The airflow through the system decreases with an increase in
desired TIT value in order to maintain the reactor temperature.
Therefore, the points of specific work move towards the right
with increased TIT values. The maximum specific work is at
TIT=1200°C and PR =10. At a certain TIT, increase in PR
results in lower specific work. This is due to an increased air
flow in order to maintain the reactor temperature when the
compressor exit temperature increases with increased PR.
However, the net efficiency increases with PR increase at a
fixed TIT and the most optimum compressor pressure ratio is
found to be 18 for TIT values higher than 1050°C. At high
pressure ratios and low TIT values, turbine exit temperature
(TET) is insufficiently low (below 420°C). Under such
conditions supplementary firing becomes inevitable for
production of superheated steam at high-pressure. The effect
of supplementary firing is release of CO2 into the atmosphere.
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The present work is intended to analyse a power cycle with
zero emissions, therefore the points of supplementary firing
have been omitted from Fig. 6. However, the TIT values for
different pressure ratios at which supplementary firing is
needed are presented in table 1.
Table 1: Supplementary Firing start points

PR
10
TIT (°C) ----

12
912

14
952

16
980

18
1010

20
1040

The results of the thermodynamic analysis show that the
efficiency improvement in the region of TIT (900-1000°C) is
small at all pressure ratios. Therefore, Fig. 6 takes into
account the TIT values ranging from 1050 to 1200°C. The
results conclude that the most optimum operating condition
for a CLC-combined cycle under the devised configuration is
pressure ratio of 18 at TIT of 1200°C. Under this condition, a
net electrical efficiency of 49.7% is achieved at zero emissions
level. This efficiency is somewhat lower than that of a modern
conventional combined cycle power plant which approaches
60% efficiency but does not take into account the energy
penalty associated with CO2 separation and compression.
Although efficiency is a function of TIT and the modern gas
turbines can stand elevated temperatures (above 1200°C)
thanks to advanced cooling technologies; yet the material
constraints associated with the CLC reactor system still hinder
the adoption of this approach. In general, turbine blades need
to be cooled at TIT values higher than 850°C. Figure 6
presents the efficiency drop due to cooling for different TIT’s
and PR’s. At the optimum condition of TIT=1200 °C and
PR=18, the cooling penalty results in an efficiency drop of
1.20% points and the net efficiency is 48.5%. This efficiency
is slightly higher than that achieved at the condition of PR=10,
TIT=1200°C with no turbine cooling. Therefore, an
optimisation of TIT and PR is necessary to obtain a reasonable
efficiency, but this is not presented here.
Table 2 presents the combined cycle summary for uncooled
and cooled air turbine at the optimum pressure ratio of 18 and
different TIT values. It can be seen that the net efficiency for
the combined cycle with cooled air turbine is lower as
compared to that with uncooled turbine. However, the cooled
air turbine gross output power is somewhat higher than that of
the uncooled turbine. When employing air turbine cooling, the
airflow rate at the compressor inlet increases in the amount
required for turbine cooling thereby increasing the power
required to drive the compressor. As mentioned earlier, the
term TIT refers to the oxidation reactor exit and in case of
cooled air turbine the real turbine inlet temperature is lower
than TIT due to mixing of the hot air and the coolant air
streams. This is more explicable in connection with Fig. 4
depicting the simple approach adopted for turbine cooling.

Table 2: Cycle Summary at the optimum pressure ratio of 18
Uncooled Air Turbine
TIT (°C)
1050 1150 1200
Airflow at comp. exit (kg/s) 950
812
758
Coolant Flow (kg/s)
0
0
0
Power (MW)
Fuel Input
713.9 713.9 713.9
Air Turbine
624 .3 570.1 548.9
CO2-Turbine
52.60 57.2 59.5
Compressor
- 393 -335.7 -313.3
Steam Turbine
98.35 105.8 109.4
-37.3 -38.9 -39.8
CO2-Compression
-3.8
Auxiliaries
-3.8
-3.8
-1.1
Mech. Losses
-1.1
-1.1
-4.8
Gen. Losses
-4.8
-4.8
Net Power
335.4 348.7 354.8
Specific Work (kJ/kg)
352.8 429.3 468.4
Net Efficiency (%)
46.97 48.84 49.7

Cooled Air Turbine
1050 1150 1200
978
862
820
28
50
62
713.9
634.2
52.6
-404.6
95.5
-37.3
-3.8
-1.1
-4.8
330.7
349.7
46.32

713.9
588.1
57.2
-356.6
101.7
-38.9
-3.8
-1.1
-4.8
341.8
396.5
47.9

713.9
571.4
59.5
-339
104.1
-39.8
-3.8
-1.1
-4.8
346.5
422.4
48.5

Despite a lower turbine inlet temperature, the increased
airflow rate results in a higher gross output than that of the
uncooled air turbine. But for the same pressure ratio, lower
turbine inlet temperature results in lower turbine exit
temperature in comparison with the uncooled turbine. The
effect of lower turbine exit temperature is less heat available
for steam generation in HRSG and hence a lower output
power from the steam turbine. This effect together with the
increased compressor work results in a lower net efficiency
compared to that of the cycle with uncooled air turbine.
Turbine cooling has no effect on the reduction reactor and
thus the CO2-turbine power output and the exhaust
temperature remain the same in both cases under the same
conditions. Therefore the power requirements for CO2
compression also remain the same.
The selection of an optimum pressure ratio is in fact a tradeoff between the output power from the gas turbine and the
steam turbine. At low pressure ratios and high TIT’s, the work
extraction from gas turbine is less so that the turbine exit
temperature (TET) is sufficiently high to raise superheated
steam in HRSG. At high pressure ratios gas turbine output
power and efficiency increase due to higher difference in TIT
and TET which results in lower output from the steam cycle at
a certain temperature. A steam cycle which is more efficient
than the one employed in the present work together with the
gas turbine cycle can achieve an optimum efficiency at
comparatively lower pressure ratios than 18. This can be
beneficial in terms of the proposed pressurised fluidised
circulating bed reactors for CLC system. Such reactors can be
very costly if manufactured to stand high pressures. Therefore,
efforts should be made to achieve an optimum efficiency at a
reasonably low reactor pressure (or pressure ratio). This is
done through optimisation or employment of different power
plant configurations; for instance utilising the exhaust stream
to produce additional steam in HRSG instead of expanding it
through a CO2 turbine, and choosing maximum possible
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Table 3: Efficiency at different degrees of fuel conversion

pressure levels in HRSG. Being within the scope of the
present work and analysing the devised combined cycle
configuration (Fig. 2), the optimisation part is not presented
here.

One operational problem in CLC is carbon deposition (or
coking) on the oxygen carrier particles in the reduction
reactor. This affects mass transfer in reduction reactor thereby
reducing the rate of reduction. Also carbon is transported to
the oxidation reactor with the metal oxide particles which has
to be avoided in order to achieve zero emissions. This problem
can be dealt with by steam injection in the reduction reactor.
An optimum steam to fuel ratio is 2:15. Steam can be supplied
by using the steam available in the exhaust stream. Figure 7
shows the principle of exhaust recirculation used in the
present work.
Exhaust
Fuel

Mixer

Splitter

CO2-T

RED

Compressor

Figure 7: Recirculation of exhaust stream
The exhaust stream was split into two parts one being recycled
back to the fuel stream. This is beneficial in the terms that the
exhaust stream also contains CO2 which has the same effect as
that of steam for avoiding coking12.

)
(%)

1
49.7

0.99
49.2

0.98
48.7

0.96
47.7

0.95
47.2

THE OXYGEN CARRIER FLOW IN REACTORS
The performance of oxygen carrier is largely dependent on the
type of reactor system chosen. The concept of circulating
fluidised bed has been proposed13 and is believed to be the
most suitable setup. The design of reactor system depends on
total flowrate through each reactor. For a certain flowrate of
air and fuel, the reactor system can be designed if the flowrate
of particles through each reactor is known. This flowrate is a
function of the difference between Xox and Xred. The total
flowrate of particles through the reactor system depends on
the stoichiometric amount of oxygen needed by the fuel.
Therefore, the total flowrate remains constant for a certain
amount of fuel supplied. The rate of reaction in each reactor
affects the flowrate of particles through the two reactors. The
lower the reduction rate, the higher is the flowrate of particles
to the oxidation reactor and vice-versa. This is due to the
presence of the additional unconverted oxygen carrier in the
stream leaving one reactor and going into the other. Figure 8
presents the oxygen carrier flowrate per MJ heat supplied at
the reactors exit as a function of (Xox - Xred).
1
0.9

The results show that recirculation has a very little effect on
the efficiency which is in connection with employment of the
light duty compressor in order to make up for the pressure loss
through the reactor. The efficiency drop due to recirculation of
exhaust is 0.04% points, which should be considered
negligible.

0.8
0.7
0.6
0.5
0.4
0.3
0.2

OX
RED

0.1
0
0.5

Incomplete Fuel Conversion
The results shown so far are based on the assumption of
complete fuel conversion. In reality solid-gas reactions do not
result in full conversion due to the limitations associated with
mass transfer. Therefore, the cycle was also analysed under
the conditions of incomplete fuel conversion. Table 3 presents
net cycle efficiency at the optimum condition of pressure
ratio=18 and TIT=1200°C for different degrees of fuel
conversion ‘)’. Table 3 shows that there is 0.5% efficiency
drop for each 1% decrease in degree of fuel conversion.

0.97
48.2

This should be considered as a significant efficiency drop and
therefore the reactor system design should be sophisticated
enough to avoid such inefficiencies. Since the focus of this
paper is not reactor system design, this issue is not discussed
here.

Flow
(kg/MJ heat supplied)

Exhaust Recirculation

K

0.6

0.7

0.8

0.9

1

Xox - Xred

Figure 8: The Oxygen Carrier flow (Combined Cycle)
(Constant Xox=1.0, varying Xred)
The results show that the minimum flow of the oxygen carrier
is at the state of complete oxidation and reduction. Table 4
presents the key parameters for the reactor system. In Table 4,
the particles flowrate per MJ of electricity has been calculated
at the optimum condition of TIT=1200°C and PR=18.
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Table 4: Reactors exit key parameters for the combined cycle
Xred
Xox-Xred
kg/s
kg/MJ LHV
kg/MJ el.(Uncooled)
kg/MJ el.(Cooled)
kg/s
kg/MJ LHV
kg/MJ el.(Uncooled)
kg/MJ el.(Cooled)

Xox=1.0

OX (Pure NiO)

RED (Unconverted NiO + Ni)

0.3
0.7
362.4
0.51
1.02
1.05
308
0.43
0.87
0.89

At complete oxidation (Xox=1.0), the particles at the
oxidation reactor outlet consist of pure NiO. Due to
incomplete reduction (Xred=0.3), the particles entering the
oxidation reactor (or leaving the reduction reactor) contain
some unreduced NiO. Hence, the particles flowrate through
the oxidation reactor is higher as compared to that at complete
reduction and oxidation. For the devised combined cycle
power plant, the design point flowrate of NiO particles is
362.4 kg/s and hence the total flowrate of particles
(NiO/NiAl2O4) in the system is 604 kg/s.
CLC-STEAM CYCLE
A CLC power plant operating at atmospheric conditions with
steam generation in the oxidation reactor can be a short-term
alternative to a gas turbine with pressurised reactors. Such an
arrangement is shown in Fig. 9.
Air, out

Air, in

Compressor

OX
2

15 °C
160 bar, 560 °C
HPT

LPT

Pump

1
30 bar, 560 °C
Y

Condenser

NiO

Natural Gas

RED
X

Ni
3

4

CO2 + H2O

Valve

Figure 9: CLC-Steam Cycle schematic sketch
At present, there exist material constraints for the reactors.
Also the oxygen carrier has its limitations at elevated
temperatures. For such reasons, the oxidation temperature
needs to be controlled. This can be done by walls cooling of

the oxidation reactor i.e. steam generation benefited from
good heat transfer conditions in a circulating fluidised bed
reactor. In the devised configuration (Fig. 9), the oxidation
reactor is assumed to have isothermal mixing at a constant
temperature of 850°C. In order to minimise exergy loss, the
process is configured to have a high degree of heat
integration. A light duty compressor is employed for
atmospheric air in order to compensate for the pressure drop
through the heat exchanger. The steam data is obtained from
PRO/II model and supplied to GTPRO to analyse a dual
pressure reheat steam cycle. The definition of efficiency used
in the present work for the steam cycle is given by eq. (18).

Knet

WST Wcomp. W pump Kmgaux WCO2 comp.
 fuel  LHV
m

(18)

The results show that for a power plant of the size bigger than
300 MW, an efficiency of 42.8% can be achieved without CO2
capture. Including energy demands for CO2 compression, the
net electrical efficiency is 40.1%. This efficiency is
comparable to that of a modern steam power plant
approaching 41% efficiency which does not include energy
penalty for CO2 capture.
CONCLUSIONS
CLC system has been evaluated for two configurations;
combined cycle and conventional steam cycle. The results
show that at the condition of TIT=1200°C and PR=18, 49.7%
efficiency can be achieved with combined cycle configuration
at zero emissions level. Under the same conditions, turbine
cooling results in 1.20% points efficiency drop. Exhaust
recirculation for coking prevention in the reduction reactor
has a negligible effect on efficiency. Incomplete fuel
conversion due to mass transfer limitations in the reduction
reactor has a considerable effect on the efficiency and
efficiency drop is 0.5% points for every 1% reduction in fuel
conversion. The optimum pressure ratio can be brought down
to a value lower than 18 by selecting a power plant
configuration which emphasises on the steam cycle thus
producing more work from the steam turbine as well as
maintaining a reasonable power output from the gas turbine
cycle. In case of the conventional steam cycle configuration,
an efficiency of 40.1% can be achieved at oxidation
temperature of 850°C. The results also show that flow through
each of the two reactors can be minimised by achieving high
rates of reduction and oxidation. The results of this study
support the argument that CLC has high potential of power
generation with CO2 capture.
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APPENDIX
Computational assumptions used in the present work are given
below.
Ambient Air:
15°C, 1.013 bar,
60% Relative Humidity
Air Composition (Mole Percent):
N2 (77.3), O2 (20.74), CO2 (0.03), H2O (1.01), Ar (0.92)
Fuel:
Natural Gas: 15°C, 50 bar,
LHV=47594 kJ/kg
Natural Gas Composition (Mole Percent):
N2 (0.9), CO2 (0.7), CH4 (82), C2H6 (9.4), C3H8 (4.7),
C4H10 (1.6), C5H12 (0.7)
CLC- Reactors System:
Adiabatic Reactors, Pressure drop 5%
NiO/NiAl2O4=3:2 (mass basis),
H2O/Fuel=2:1 (Coking prevention)
Gas Turbine Cycle:
Compressor: Adiabatic efficiency 90%
Turbines adiabatic efficiency: 90 %
Air turbine back pressure: 20 mbar
Heat exchangers: 3% pressure drop, 30°C pinch
Efficiency (Mechanical + generator + auxiliaries): 96.6%
HRSG:
2-Pressure levels: 60 bar, 5 bar
Hot side temperature difference: 20°C
IP temperature: 260°C
Pinch (HP, IP): 10 °C
Min. Stack temperature: 80 °C
Steam Cycle:
CLC-Steam cycle: 2-Pressure levels, 160 bar, 30 bar
HP Temperature: 560°C
Steam turbines adiabatic efficiency (HP, IP) (%): 92, 92
Condenser pressure: 0.04 bar
Cooling water (sea water) temperature: 15°C
Maximum allowable cooling water temperature rise: 10°C
CO2 compression:
Polytropic efficiency (stage 1, 2, 3) (%): 85, 80, 75
Heat exchanger pressure drop (stage 1, 2, 3): 0.15, 1.5, 2.4 bar
Cold utility (water) inlet/outlet temperature: 15°C/24°C
Adiabatic efficiency Pump (%): 75
Compressor intercooler exit temperature: 30 °C
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Vattenfall’s 30 MWth Oxyfuel Pilot Plant Project
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Abstract
Vattenfall is to build a pilot plant for a carbon dioxide-free coal-fired power station. The plant will be
built next to the Schwarze Pumpe lignite-fired power station to the south of Berlin. The technology that
will be used, carbon dioxide capture with Oxyfuel technology, entails firing the lignite using pure
oxygen and recycled carbon dioxide. The pilot plant, which will have a thermal output of 30 MW, is
part of a research and development project aimed at developing and commercializing the new
technology allowing designated tests to be performed in the plant. It will take three years to build the
plant, which according to plan will be commissioned in 2008. The paper presents an overview of the
pilot plant design aspects and some of the test activities that will be performed in the pilot plant.
Oxyfuel combustion has recently been shown to be one of the most promising options of the
technologies for CO2 capture from coal-fired power plants. The possibility to use advanced steam
technology and simplified flue gas processing has moved it into an economically competitive position.
The paper will, in addition to describing the planned pilot plant, also show Vattenfall’s view on the
competitiveness of the Oxyfuel technology to other solutions for CO2 reductions.
Keywords: Vattenfall, Oxyfuel, Pilot, CO2, Capture, Storage, Schwarze Pumpe
Introduction
Vattenfall began in 2001 with its major research and development programme in Carbon Capture and
Storage under the name “CO2-free Power Plant”. The worldwide dependency on fossil fuels in the
future and the serious issue of Global Warming demand for committed engagement for technological
concepts and political-economical frameworks to ensure safe and reliable electrical power supply.
Vattenfall’s research program reaches from capture technology engineering over transport scenario
development and storage site investigations to all enclosing environmental impact assessments.
From mainly three technological options for coal-fired power plant concepts with CO2 capture – the
pre-combustion decarbonisation after fuel gasification, the post-combustion decarbonisation with
chemical solvents and the denitrification and combustion in pure-O2/recycled-CO2 atmosphere –
Vattenfall chose to intensify its research on the latter, the Oxyfuel technology, and announced in May
2005 the erection of a self-financed Oxyfuel pilot plant at its lignite-fired German power plant in
Schwarze Pumpe, south-east of Berlin. The pilot plant is intended for development and verification of
the Oxyfuel process for pulverized fuel (PF) combustion, the combustion technology that today
provides the backbone of electricity production. Scheduled to be ready for operation in 2008, the 30
MWth pilot plant is intended to validate and support the technical concept on the gas-side of the process
and serve as main step towards the construction of a 200 MWel demonstration power plant generating
“CO2-free” electricity from 2015 under commercial conditions.
In the joint European Research Cooperation ENCAP (Enhanced Capture of CO2) over 30 research
institutes and industrial companies investigate various technological concepts for CO2 capture under
Vattenfall’s coordination. The Schwarze Pumpe pilot plant was selected as one of the candidates to be
considered for future experimental testing of the Oxyfuel technology within the project.
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Even though Vattenfall has chosen to focus its efforts on Oxyfuel combustion, Vattenfall is still also
involved in development of the other main options for CO2 capture. This is done through different
initiatives such as the participation in the EU project CASTOR with pilot testing of post combustion at
the Esbjerg power station in Denmark and in the DYNAMIS project with preparation of a
demonstration plant with pre-combustion capture and hydrogen production.
Oxyfuel Technology
The Oxyfuel technology refers to a combustion environment of pure oxygen (>95% volume) with
recirculation of exhaust carbon dioxide to control the combustion temperature.

Figure 1 Pilot Plant flow sheet layout

As shown in Figure 1 and further described in literature [1], the oxygen is to be produced by large-scale
air separation units and replaces conventional air as oxygen carrier. From the exhaust gas stream,
dominated by the contents of carbon dioxide and water vapour, the main fraction of about 70% is
redirected into the boiler feed gas. After stages of particle and sulphur removal, the flue gas is cooled
and compressed. Purified from water and non-condensable gases, the former flue gas is converted to the
supercritical-liquid CO2 product stream, ready for transport and underground storage.
Pilot Design Aspects
The Vattenfall Oxyfuel pilot plant is designed of 30 MWth size and 40000 hours operating lifetime over
10 years, starting in 2008. In general, the basic purpose of this pilot plant is to validate the concept for
being able to later scale up the technology to a 600 MWth demonstration power plant. This requires a
fairly complete process with a minimum burner capacity of 30 MWth at one single burner. This 30 MW
burner allows scaling up to 70-90 MWth for each burner in a large wall-fired boiler that has to be
delivered at normal commercial requirements and warranties.
Full load operation in both Oxyfuel and air mode is a crucial test facility specific requirement. This is to
be able to get reference measurements on air combustion. Special arrangements are needed to cope with
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the atmospheric emission regulations. A commercial scale facility will use air only for startup/shutdown.
The main focus is to explore and optimise the combustion of recirculated oxygen enriched flue gas. In
the same facility it is also feasible to include all the main components of the Oxyfuel process from the
air separation unit (ASU), furnace and boiler system including flue gas recycle, flue gas clean up
system including electrostatic precipitator (ESP), wet flue gas desulphurisation (FGD), and flue gas
condensation (FGC). It is also the intention to have a CO2 compression and liquefaction system in place
in order to produce CO2 for truck transport.
While the demo plant would require good heat integration measures in order to operate under
commercially viable conditions, this aim is not applicable for the pilot plant. The main objective of the
pilot plant is on being able to operate the plant in a flexible manner and perform the tests that are
necessary for the development of the Oxyfuel process. The demo plant shall be possible to purchase in
good competition for both lignite and bituminous coals. Therefore it is the intension to use the pilot
plant for development of the Oxyfuel process both for lignite and bituminous coal. That induces a
general flexibility condition but in particular the fuel feeding system and the main recirculation loop
with burner, furnace, boiler and primary de-dusting need to be capable of that variation.
Further process requirements were identified as follows:
– Flue gas sulphur removal is needed in order to test this technology under Oxyfuel conditions
and also handle the sulphur emissions when the flue gas is vented to the atmosphere.
– NOx control is performed by in-furnace primary measures. Additional DeNOx would be
considered if needed at the inert off-gas stream from the liquid CO2 purification.
– Particular measures are to be taken to avoid CO2 cycle dilution by air or other inert gases
– Operation is intended on both air and oxygen at full load (air only for shorter periods in order
to achieve correlations between CO2 and conventional N2 based atmospheres).
Other general design requirements, mainly for combustion, boiler and atmospheric flue gas cleaning
systems, are:
– A modular approach is aimed at, with flexibility as regards possibilities to modify the system
and non-integrated, compact and highly material efficient solutions.
– Plenty of space is required in the buildings and between different components and ducts, in
particular the boiler building.
– Additional space must be left in switchgears and I&C systems.
The base fuel to be tested is pre-dried lignite powder as prepared and made available in a briquette
factory nearby the Schwarze Pumpe power plant. For bituminous coal test operation, the quality
corresponding to today’s trade coal will be taken. This will also be pre-dried and milled before delivery
to the pilot facility fuel silo.
For the moment, the possible use of the CO2 is not clear, leaving the specification of the CO2 an open
issue. In any case, the project specific requirements for this “stand-alone” capture test facility makes it
difficult to produce a CO2 quality representative for the targeted optimised complete CCS chain. To
avoid a waste classification of the CO2 product a high product CO2 quality has to be applied. This
means compression, dehydration purification and liquefaction to a CO2 product of around 98% purity at
20 bar and -35ºC. Two storage tanks included are able of storing the CO2 produced at full capacity
during three to four days, corresponding to any storage injection, transport logistics problems or a long
weekend without unloading.
Furthermore, a pipeline transport scenario at 110 bar pressure or above and at ambient temperatures is
being investigated. Both the latter options are today excluded from the pilot plant design but could be
added on later if a pipeline and storage project is connected to this capture pilot plant.
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Integration with Schwarze Pumpe power plant
Figure 2 shows the designed location and main equipment arrangement of the pilot plant in close
proximity to the existing 2 x 800 MWth lignite-fired power plant in Schwarze Pumpe.

Figure 2 Pilot Plant Location

Several utility systems of the Schwarze Pumpe power plant and adjacent Schwarze Pumpe industrial
park could be used for the pilot that shall be summarized as follows.
The delivery of fine lignite powder takes place by Vattenfall Europe Mining AG, located on the area of
Schwarze Pumpe industrial park. The loading facilities are about 1.6 km distant from the pilot plant
site. The fuel delivery to the Oxyfuel pilot plant takes place with special 25 t silo vehicles from loading
facilities to the fuel storage silo. At a fuel consumption of maximal 6 t/h at 30 MWth approximately
144 t/day pulverized lignite are needed, corresponding to average six transports of fuel per day at full
pilot capacity. The fuel supply service includes also the reception and disposal of dry ash.
The main purpose with the pilot plant is gathering experience in the Oxyfuel combustion process. A
“side effect” of this is the 30 MW of produced heat, which might be used for reduction of operating
costs. The planned way to utilise the steam from the pilot plant would be the integration into the power
plant auxiliary steam line, which constitutes a very large system being able to buffer the variations of
the pilot plant within well-defined limits. That steam would not be injected into the main turbine of the
power plant, but connected to the 18 bar auxiliary steam network used for internal consumption and
steam export for external consumers, and so indirectly raise the power production of the turbine with
about 6-8 MWel at stable full load of the pilot plant.
To avoid the investment of a complete feed water production system, the pilot plant will get about the
same amount of condensate back as delivered as steam. It will then only need a minimum of treatment
of the condensate. The power plant would have to compensate for losses through its own feed water
production and supply condensate water.
For the FGD plant, limestone powder will be delivered to the pilot plant - thus no limestone mill is
4

required - and mixed on site at the FGD to the required water content. The gypsum suspension though
will be fed to the Power Plant Schwarze Pumpe, to avoid the investment of a complete gypsum
treatment plant. The gypsum suspension is diluted with the cooling tower bleed-off and flooding and
can so reach a lower solid content, which lowers the energy consumption for transport significantly.
The gypsum suspension is fed to the limestone slurry preparation plant of the Power Plant Schwarze
Pumpe.
Wastewater is generated altogether at about 12 tonnes per hour. Process wastewater is internally put
back into the process, thus the Oxyfuel pilot plant runs wastewater-free from a process point of view.
The Power supply to the air and CO2 compressors will also be supplied from the power plant Schwarze
Pumpe via a high voltage (10 kV) connection. This implies daily reports in advance on time, duration
and load of operation to the power plant.
Test Objectives
There exist a number of uncertainties even when applying “proven” technology in this Oxyfuel
application. The pilot plant concept is defined in order to validate and finding ways of optimisation of
the technology up to the point where the design and operating experience is good enough for scale up to
commercial size. To enhance further confidence, the plant will be designed for 100% load at both air
and oxygen firing, allowing to use the experience from today’s components in full-scale operation with
air and to compare it with Oxyfuel conditions at the pilot scale.
These uncertainties are represented by a number of measurement objectives, presented for the
combustion section and the gas treatment sections, all for oxygen and air-firing operation:
Combustion and recirculation
– Combustion characteristics (NOx, SOx, CO, O2 level, CO2, SO2, SO3, Hg and HC along flame
and boiler path)
– Behaviour of recirculated products in flame (NOx, SO2, SO3, fly ash etc.)
– Mapping of flame characteristics (shape and stability), temperature and velocity profiles
– Slagging / fouling
– Ash quality (incl. recovery of samples for ash /deposit characteristics in the furnace and convective pass)
– Radiation heat transfer in radiative section
– Convective heat transfer in boiler convective section
– Main loop air in-leakage / extracted gas quality
– Material testing and analysis
ASU, FG Treatment and CO2 purification and compression
– Acid dew point
– SO2 and SO3 concentration at FGD exit
– Effect of cooling water temperature on performance of flue gas condenser
– Intercooling temperature in CO2 compressor train
– Effect of liquefaction operating temperature and pressure
– Effect of different levels of O2, acidic components and water vapour on CO2 compressor train
– Condensate quality in FGC and CO2 compression train
To achieve the recognition of specific characteristics, the following set of stable and “feasible”
operating conditions are intended to be investigated at combustion conditions potentially representative
for a large-scale plant:
– Coal types: lignite, bituminous, various kinds
– Excess oxygen: 1%(v) – 5%(v) excess O2 in flue gas
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–
–
–
–
–

–
–
–

Flue gas recycle rate: O2 concentration of 21-39%(v)
Lignite moisture content: 10.5 up to 20%(w)
Temperature of recycled flue gas: 150°C – 250°C
Staged combustion
Oxygen content in different burner and furnace oxidant (OFA) ports: The different registers
in the burner are able to handle an O2-concentration range from 0 – 40% O2, also possible to
supply 100% O2 in one of the burner registers.
Primary / Secondary recirculation alterations
Air blown reference readings at 100% load (burner and material issues)
Compression of CO2 with different levels of inert content

To be studied is also general operating experience such as load changes and dynamic interaction
between the different units, in particular the recirculation operation and the connected, for utility boiler
plants novel systems, ASU and CO2 compression and purification. These results then serve as basis for
defining further equipment testing and in the end the input for designing the commercial scale plant.
Technology Justification
Oxyfuel combustion for coal has recently established itself as one of the most promising options for
CO2 capture from large-scale coal fired plants. Vattenfall has followed the competitiveness of this
technology through benchmarking activities using both results from own and external investigations on
performance and costs of the main options for CO2 capture. An example of benchmarking results is
presented below, applicable for typical conditions for large-scale power generation under European
conditions as defined within the ENCAP and CASTOR projects. The benchmarking compares the
resulting performance of post-combustion CO2 capture using Flour’s Econamine process, IGCC with
pre-combustion capture of CO2 and Oxyfuel combustion against relevant reference plants without CO2
capture. The main prerequisites for the evaluation are summarized in Table 1.
Table 1 Basic data used for economic evaluation.

Operating time

7500 hrs/year (Base load power plant)

Economic lifetime

25 years

Real interest rate

8% (taking into account the required rate of equity and interest rate on
loans, inflation rate equal for all costs. Corporate tax and emission taxes
disregarded.

Fixed O&M

The IEA GHG data is adjusted to level considered as representative for
European large-scale power plants. IEA GHG capture cases are adjusted so
that the fixed O&M (% of investment) is kept constant between reference
and capture cases

Fuel cost (LHV)

Bituminous coal

1.6 €/GJfuel

Lignite

1.1 €/GJfuel
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Plant electrical efficency
Plant electrical efficency net (LHV) [%]

~800 MWe,gross

~900 MWe,gross

~600 MWe,gross

~1000 MWe,gross

60

Bituminous Coal

Pre-dried lignite

50

40

30

20

10

0

Bit. coal
ENCAP
PF ref.

Bit. coal Bit. coal
IEA IGCC IEA precomb.
ref.
adjusted adjusted

Bit. coal Bit. coal
IEA PF IEA postcomb.
ref.
adjusted adjusted

Lignite Lignite VF Lignite VF
postENCAP Oxyfuel
comb.
ref.

Bit. coal
VF
Oxyfuel

Cost of electricity with and without CO2 capture
~800 MWe,gross

~900 MWe,gross

~1000 MWe,gross

~600 MWe,gross

60

Bituminous Coal

Pre-dried lignite

COE [EUR/MWh]

50

40
Fuel
O&M variable

30

O&M fixed
Capital

20

10

0

Bit. coal Bit. coal
IEA PF IEA postref.
comb.
adjusted adjusted

Bit. coal Bit. coal
IEA
IEA preIGCC
comb.
ref.
adjusted
adjusted

Bit. coal Bit. coal
ENCAP
VF
PF ref. Oxyfuel

Lignite
ENCAP
ref.

Lignite Lignite
VF
VF postOxyfuel comb.

CO2 avoidance cost

CO2 avoidance cost [EUR/ton CO2]

30

Bituminous Coal

Pre-dried lignite

25
Compared to corresponding
technical ref. without capture
(IGCC for pre-combustion
case and PF for the other
cases)

20

15
Avoidance cost for precombustion case compared
to bit. PF reference

10

5

0

Bit. coal
IEA postcomb.
adjusted

Bit. coal
IEA precomb.
adjusted

Bit. coal
VF Oxyfuel

Lignite VF
Oxyfuel

Lignite VF
postcomb.

Figure 3 Electric efficiency, cost of electricity and CO2 avoidance costs for the main options for CO2 capture.
“IEA” – data published by IEA GHG in [2] and [3], “VF” – Vattenfall internal, “g” – gross
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The data presented shows that the three options for CO2 capture come out quite similar with respect to
efficiency and cost of electricity, however with a small advantage for Oxyfuel combustion under the
conditions used in the evaluation. Considering the uncertainties that still remain in the concept
definition and the assessment of the investment costs this is still within the margin of error. Regarding
the CO2 avoidance costs, these costs fall within the range of 20-25 €/ton CO2 avoided for all options.
Again, the Oxyfuel concept comes out quite well in comparison to the other technologies. An
opportunity for the Oxyfuel technology is to be able to further optimize the CO2 capture rate here
calculated being 90%.
Concluding Remarks
The Oxyfuel technology applied to combustion of solid fuels, such as bituminous coal and lignite, has
lately shown its potential competitiveness compared to other options for CO2 capture. Activities to
further develop the Oxyfuel concept are presently ongoing in different projects worldwide. Vattenfall
has taken the initiative to build a 30 MWth Oxyfuel pilot plant to be able to further develop and evaluate
the Oxyfuel technology. The plant is scheduled to be in operation by year 2008 and will give important
information for scale-up of the technology in a next step to a commercial plant in the size range of 600
MWth.
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Vattenfall’s 30 MW Oxyfuel pilot plant
• Vattenfall has constructed a 30 MWth
Oxyfuel PF pilot plant
• New-built plant located next to the
Schwarze Pumpe power station in
Germany
• Investment decision taken by
Vattenfall in May 2005.
• Ground breaking ceremony was held
at the end of May 2006
• First ignition in May 2008, oxyfuel in
July
• Official inauguration in September
2008

© Vattenfall AB
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The Oxyfuel pilot plant
Furnace
ESP
FGD
FGC

ASU

CO2 plant
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Plant overview
Pulverised
Lignite
Cold Recirculation
Burner
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gas
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FGD

FGCondenser
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Hot
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(Ref. Alstom)

SteamHEx

Air
Oxygen

Nitrogen

ASU

Basic data of the plant
Boiler:
Indirect
pulverised fuel
fired

Thermal power
Steam production
Steam parameters

30 MWth
40 t/h
25 bar / 350 °C

Fuel:
pulverized
lignite (Lausitz)

LHV
Moisture
Coal demand

21 MJ/kg
10,5 %
5,2 t/h

Media:

Oxygen (purity > 95%)
CO2 (liquid)

8,5 t/h
9 t/h

Other:

Required area
Investment

14.500 m²
~ € 70 million

© Vattenfall AB
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Air

First experience from implementation of oxyfuel operation
• Extensive safety measures for handling of CO2-rich flue
gases and O2
–
–
–

Personal gas alarms
CO2 detectors are mounted at different locations
Gas ventilation of boiler house

• Implementation of different flue gas paths and requires
bypass systems and as well as a new control system.
–

complex control and instrumentation system to handle
flexibility
Implementation of the control systems for the ASU and the
CO2 plant into the control system of the steam generator
presented a challenge

–

• Fuel transport
–

with air for air operation or dried flue gas for oxyfuel

• Pressure balancing with 5 fans in series,
ASU – 2 x ID fan – 2 fans in CO2 plant
• Corrosion in flue gas ducts due to increased H2O, CO2
and SO2 content and frequent start-ups and shut downs
© Vattenfall AB
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Initial Operating experiences from ASU
• Standard Linde GOX 6000 plant
• Start-up from ambient temperature requires manual
operation and takes about 60-72 hours
• Automatic load change (ALC) and automatic start-up
(AST) (for certain conditions) simplifies manual work
–

AST works only for shorter stand-still of less 3 days

• Longer stand-still >5 days require emptying the liquid
level from the rectification column (risk for accumulation
of CxHy)
• ASU has been designed for continuous operation, i.e.
during furnace stand-stills, the ASU remains in operation
• Load change of ASU approx. 1 %/min in load window 75
– 100 %
• No difficulties in coupling ASU-furnace coupling !
• Pressure control to burner via GOX-buffer in two
pressure stages 2,5 & 1,0 bar

© Vattenfall AB
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Initial Operating experiences from FGD
• SO2-removal efficiency under oxyfuel as
expected, >99,5%
• Amount of limestone needed same for air
and oxyfuel
• No negative impact due to CO2-rich
atmosphere for FGD operation
• Gypsum quality corresponds to requirements
• No deposits on trays in absorber tower

© Vattenfall AB
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Initial experience CO2 compression and purification plant
• Transient load changes ca. 2,5
%/min in load range 60 – 100 %
• Start-up with pre-compressor,
venting to ambient until 50% load is
reached, main compressor is then
started
• External NH3-cooling loop works well
and reduces system response time
to liquify CO2
• Approx. 400 tons CO2 have been
separated in week 6
• QM for CO2 quality monitoring

© Vattenfall AB
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reduce the energy requirement for solvent regeneration, by investigating the effects of CO2
removal percentage, MEA concentration, lean solvent loading, stripper operating pressure
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and lean solvent temperature.
Major energy savings can be realized by optimizing the lean solvent loading, the amine

Absorption

solvent concentration as well as the stripper operating pressure. A minimum thermal

Process optimization

energy requirement was found at a lean MEA loading of 0.3, using a 40 wt.% MEA solution

MEA

and a stripper operating pressure of 210 kPa, resulting in a thermal energy requirement of

ASPEN Plus

3.0 GJ/ton CO2, which is 23% lower than the base case of 3.9 GJ/ton CO2. Although the solvent
process conditions might not be realisable for MEA due to constraints imposed by corrosion
and solvent degradation, the results show that a parametric study will point towards
possibilities for process optimisation.
# 2006 Elsevier Ltd. All rights reserved.

1.

Introduction

Human activity has caused the atmospheric concentration of
greenhouse gases such as carbon dioxide, methane, nitrous
oxide and chloroﬂuorocarbons to gradually increase over the
last century. The Intergovernmental Panel on Climate
Changes (IPCC) has evaluated the size and impact of this
increase, and found that since the industrial revolution their
concentrations in the atmosphere have increased and carbon
dioxide as such is considered to be responsible for about 50% of
this increase (IPCC, 2005).

The main CO2 source is the combustion of fossil fuels such as
coal, oil and gas in power plants, for transportation and in
homes, ofﬁces and industry. Fossil fuels provide more than 80%
of the world’s total energy demands. It is difﬁcult to reduce the
dependency on fossil fuels and switch to other energy sources.
Moreover, the conversion efﬁciency of other energy sources for
power generation is mostly not as high as that of fossil fuels. A
drastic reduction of CO2 emissions resulting from fossil fuels can
only be obtained by increasing the efﬁciency of power plants and
production processes, and decreasing the energy demand,
combined with CO2 capture and long term storage (CCS).

* Corresponding author. Tel.: +31 55 549 3151; fax: +31 55 549 3410.
E-mail address: Paul.Feron@tno.nl (Paul H.M. Feron).
1750-5836/$ – see front matter # 2006 Elsevier Ltd. All rights reserved.
doi:10.1016/S1750-5836(06)00007-7
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CCO2 ;i
CMEA
DCO2 ;am
DMEA,am
E
E1
Ha
J
k2
KG
KL
Kov
K1
m
MEA
T
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area of packing (m2)
MEA concentration (mol/m3)
actual driving force (mol/m3)
carbon dioxide concentration on the interface
(mol/m3)
MEA concentration (mol/m3)
CO2 diffusivity in the MEA solution (m2/s)
MEA diffusivity in the MEA solution (m2/s)
enhancement factor
enhancement factor of an inﬁnitely fast reaction
Hatta modulus
mass transfer ﬂux (mol/m2 s)
forward second order reaction rate constant
(m3/mol s)
mass transfer coefﬁcient in the gas phase (m/s)
mass transfer coefﬁcient in the liquid phase (m/
s)
overall mass transfer coefﬁcient (m/s)
regeneration reaction rate constant (m3/mol s)
solubility of carbon dioxide at equilibrium
monoethanolamine
temperature (K)

Greek symbols
a
g
fCO2

CO2 loading (mol CO2/mol MEA)
stoichiometric ratio in the reaction
CO2 ﬂow (mol/s)

CCS is a promising method considering the ever increasing
worldwide energy demand and the possibility of retroﬁtting
existing plants with capture, transport and storage of CO2. The
captured CO2 can be used for enhanced oil recovery, in the
chemical and food industries, or can be stored underground
instead of being emitted to the atmosphere.
Technologies to separate CO2 from ﬂue gases are based on
absorption, adsorption, membranes or other physical and
biological separation methods. Rao and Rubin (2002) showed
that for many reasons amine based CO2 absorption systems
are the most suitable for combustion based power plants: for
example, they can be used for dilute systems and low CO2
concentrations, the technology is commercially available, it is
easy to use and can be retroﬁtted to existing power plants.
Absorption processes are based on thermally regenerable
solvents, which have a strong afﬁnity for CO2. They are
regenerated at elevated temperature. The process thus
requires thermal energy for the regeneration of the solvent.
Aqueous monoethanolamine (MEA) is an available absorption technology for removing CO2 from ﬂue gas streams. It has
been used in the Fluor Daniel technology’s Econamine FGTM
and Econamine FG PlusTM (Mariz, 1998; Chapel et al., 1999) and
the ABB Lummus Global technology (Barchas, 1992). Many
researchers are aiming to develop new solvent technologies to
improve the efﬁciency of the CO2 removal. Process simulation
and evaluation are essential items to maximize the absorption
process performance.

Several researchers have modelled and studied the MEA
absorption process (Rao and Rubin, 2002; Mariz, 1998; Chapel
et al., 1999; Barchas, 1992; Alie et al., 2005; Singh et al., 2003;
Sander and Mariz, 1992; Suda et al., 1992; Chang and Shih,
2005), most of their conclusions focused on reducing the
thermal energy requirement to reduce the overall process
expenses. The Econamine FGTM requirement was given by
Chapel et al. (1999): a regeneration energy of 4.2 GJ/ton CO2
was used, which was calculated to be responsible for around
36% of the overall operating cost. This high energy requirement makes the capture process energy-intensive and costly.
Therefore, it is important to study the conventional MEA
process trying to reduce this energy requirement.
Alie et al. (2005) proposed a ﬂow sheet decomposition
method, which is a good start to estimate the process tear
streams initial guess. However, it is important to use a
complete and closed ﬂow sheet to keep the water balance in
the system. Alie et al. (2005) found that the lowest energy
requirement of 176 kJ/mol CO2 (4 GJ/ton CO2) can be achieved
at lean solvent loading between 0.25 and 0.30 mol CO2/
mol MEA. Singh et al. (2003) found that the thermal energy
requirement for MEA process is a major part of the process
overall operating cost, and by modelling the MEA process for a
400 MWe coal ﬁred power plant he found a speciﬁc thermal
energy requirement equal to 3.8 GJ/ton CO2.
In this work a parametric study is presented aimed at
developing an optimized absorption/desorption process which
has a lower thermal energy requirement compared to the
available literature data of around 4 GJ/ton CO2. The base case
ﬂow sheet for this parametric study is the conventional ﬂow
sheet which is available in commercial application (Mariz,
1998). However the Fluor improved process Econamine FG
PlusTM (Chapel et al., 1999) was not considered as a base case
because it has no commercial applications yet. This parametric
study uses the ASPEN Plus software package (Aspen Plus, 2005)
to the process modelling based on aqueous MEA solution. In this
work a variation in several parameters has been included,
because the combined effect of several parameters is expected
to give a larger effect on the overall process performance
compared to a variation of single parameter.
After the process simulation a design model for both the
absorber and the stripper was built to investigate the effect of
chemical reaction and mass transfer on the absorption
process. The following parameters were varied: the CO2 lean
solvent loading, the CO2 removal percentage, the MEA weight
percentage, the stripper operating pressure and the lean
solvent temperature. In particularly the effect on the thermal
energy requirement for the solvent regeneration, the amount
of cooling water and the solvent ﬂow rate was amended. These
are key performance parameters for the absorption/desorption process and the focal part in the optimization.

2.

Process description

The process design was based on a standard regenerative
absorption-desorption concept as shown in the simpliﬁed ﬂow
diagram in Fig. 1 (Rao and Rubin, 2002).
The ﬂue gases from the power plant enter a direct contact
cooler (C1) at a temperature depending on the type of the
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Fig. 1 – CO2 removal amine process flow sheet.

power plant, after which they are cooled with circulating
water to around 40 8C. Subsequently, the gas is transported
with a gas blower (P1) to overcome the pressure drop caused by
the MEA absorber.
The gases ﬂow through the packed bed absorber (C2)
counter currently with the absorbent (an aqueous MEA
solution), in which the absorbent reacts chemically with the
carbon dioxide (packed bed columns are preferred over plate
columns because of their higher contact area). The CO2 lean
gas enters a water wash scrubber (C3) in which water and MEA
vapour and droplets are recovered and recycled back into the
absorber to decrease the solvent loss. The treated gas is vented
to the atmosphere.
The rich solvent containing chemically bound CO2 is
pumped to the top of a stripper via a lean/rich cross heat
exchanger (H3) in which the rich solvent is heated to a
temperature close to the stripper operating temperature (110–
120 8C) and the CO2 lean solution is cooled. The chemical
solvent is regenerated in the stripper (C4) at elevated
temperatures (100–140 8C) and a pressure not much higher
than atmospheric. Heat is supplied to the reboiler (H4) using
low-pressure steam to maintain regeneration conditions. This
leads to a thermal energy penalty because the solvent has to be
heated to provide the required desorption heat for the removal
of the chemically bound CO2 and for the production of steam,
which acts as stripping gas. Steam is recovered in the
condenser (C5) and fed back to the stripper, after which the
produced CO2 gas leaves the condenser. Finally, the lean
solvent is pumped back to the absorber via the lean/rich heat
exchanger (H3) and a cooler (H2) to bring its temperature down
to the absorber level.
The absorber was simulated at 110 kPa with a pressure drop
of 4.8 kPa, using three equilibrium stages of the RADFRAC
subroutine. A preliminary study into the determination of the
minimum number of stages required to achieve equilibrium

revealed that three stages were quite adequate in achieving
equilibrium. Increasing the number did not result in a more
detailed and better description of the absorption process. To
simulate the stripper, with an operating pressure of 150 kPa
and a pressure drop of 30 kPa, eight equilibrium stages were
required.

2.1.

Baseline case deﬁnition and simulation

The ﬂue gas ﬂow rate and composition for 600 MWe coal-ﬁred
power plant, which has been used in the study are presented
in Table 1.
Simulations were performed using the ASPEN plus version
13.1 (Aspen Plus, 2005). The thermodynamic and transport
properties were modelled using a so-called ‘‘MEA Property
Insert’’, which describes the MEA–H2O–CO2 system thermodynamically with the electrolyte–NRTL model. The following
base case was deﬁned:
 a 90% CO2 removal;
 a 30 MEA wt.% absorption liquid;

Table 1 – Flue gas flow rate and composition
Mass ﬂow (kg/s)
Pressure (kPa)
Temperature (8C)

Composition
N2 + Ar
CO2
H2O
O2
SO2
NOx

616.0
101.6
48

Wet gas (vol.%)
71.62
13.30
11.25
3.81
0.005
0.0097
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Fig. 2 – Absorber model block diagram.

 using a lean solvent loading of 0.24 mol CO2/mol MEA (i.e. a
50% degree of regeneration).

2.2.

Design model

The reactive absorption of the CO2–MEA–H2O system is
complex because of multiple equilibrium and kinetic reversible reactions. The equilibrium reactions included in this
model are:
MEA þ H3 Oþ @ MEAþ þ H2 O ðamine protonationÞ
CO2 þ 2H2 O @ H3 Oþ þ HCO3 

ðbicarbonate formationÞ

HCO3  þ H2 O @ H3 Oþ þ CO3 2

ðcarbonateformationÞ

2.3.

Parameter study

In this study, some of the main parameters affecting the
capture process will be varied as an initial step towards an
optimization of the process. Starting from the baseline case
the following process parameters will be varied:
 The CO2 lean solvent loading (mol CO2/mol MEA), by varying
the degree of regeneration (20, 30, 40, 50 and 60% degree of
regeneration).
 The amount of CO2 removed (80, 90, 95 and 99% removal).
 The MEA weight percentage in the absorption solvent (20, 30
and 40 wt.%).
 The stripper operating pressure.
 The lean solvent temperature, at the absorber inlet.

MEA þ HCO3  @ MEACOO þ H2 O ðcarbamate formationÞ
2H2 O @ H3 Oþ þ OH

ðwater hydrolysisÞ

The absorber will treat large volumes of ﬂue gases and is
therefore the largest equipment in a capture plant. As such it is
expected to have a major capital cost, associated with it. Given
its importance in investment terms, a design model for the
absorber column based on ﬁrst principles using the equilibrium stage model data, was built. From the overall mass
transfer coefﬁcient and the driving force, the mass transfer
ﬂux was calculated, which then has been used to estimate the
required area of packing. The structure of the absorber model
that has been used can be seen in the absorber model block
diagram in Fig. 2 and the methods used can be found in more
detail in Appendix A. An identical procedure was also followed
for the regenerator columns.

The following performance indicators in the absorption/
desorption process were used to investigate the effect of the
parameters:
 The thermal energy required in the stripper (GJ energy/
ton CO2 removed).
 The amount of cooling water needed in the process
(m3 cooling water/ton CO2 removed).
 The solvent circulation rate needed for the absorption
(m3 solvent/ton CO2 removed).
These indicators were chosen because they present
information on both the operating and the capital costs.
The thermal energy is expected to be a major contributor
to the production cost and a change in the energy required
will give a clear effect on the operating costs. Both the
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amount of cooling water and solvent required affect the
size of the equipment, which in turn inﬂuences the capital
costs.

3.

Results and discussion

3.1.

Baseline case

The capture base case was simulated using a complete closed
ﬂow sheet to keep the overall water balance to zero. This
makes the ﬂow sheet more difﬁcult to converge due to the
recycle structure in the ﬂow sheet. However, this is important
as only then the results will be realistic. The choice and the
initial estimation of the tear streams are important factors in
the ﬂow sheet convergence. The results of the baseline case
simulations are shown in Table 2. The energy requirement
was 3.9 GJ/ton CO2, which agrees well with the numbers
reported in industry today. For example, the Fluor Econamine
FGTM process requires 4.2 GJ/ton CO2 (Chapel et al., 1999), and
the Fluor Econamine FG PlusTM technology required a somewhat lower energy requirement of 3.24 GJ/ton CO2 (IEA, 2004).
However, the latter technology consists of different and more
complex process conﬁgurations (split ﬂow conﬁgurations and
absorber intercooling) and improved solvent characteristics.
The cooling water and solvent requirement for both the base
case processes were in line with the data of Fluor Econamine
FGTM.

Table 2 – Results of the baseline case
Amine lean solvent loading (mol CO2/mol MEA)
Amine rich solvent loading (mol CO2/mol MEA)
Thermal heat required (GJ/ton CO2)
Solvent ﬂow rate required (m3/ton CO2)

0.242
0.484
3.89
20.0

Cooling water required
Feed cooling water (m3/ton CO2)
Condenser (m3/ton CO2)
Lean cooler (m3/ton CO2)
Scrubber (m3/ton CO2)
CO2 product compressor intercooling (m3/ton CO2)

9
41.5
42
0.2
13.16

Total cooling water required (m3/ton CO2)

106

Fig. 3 – Thermal energy requirement at various CO2/amine
lean solvent loadings for different CO2 removal (%).

Fig. 4 – Solvent flow rate requirement at various CO2/amine
lean solvent loadings for different CO2 removal (%).

3.2.
Effect of different lean solvent loading including the
effect of the CO2 removal (%)
The lean solvent loading of the MEA solution representing the
degree of regeneration, was varied to ﬁnd the optimum
solvent loading for a minimal thermal energy requirement.
This can be achieved by changing the reboiler energy input.
For a given degree of regeneration, to achieve the same CO2
removal capacity, the absorption solvent circulation rate was
varied.
At low values of lean solvent loading, the amount of
stripping steam required to achieve this low solvent loading is
dominant in the thermal energy requirement. At high values
of lean solvent loading the heating up of the solvent at these
high solvent circulation ﬂow rates is dominant in the thermal
energy requirement. Therefore a minimum is expected in the
thermal energy requirement. From Fig. 3 it is indeed clear that
the thermal energy requirement decreases with increasing
lean solvent loading until a minimum is attained. The point at
which the energy requirement is lowest will be deﬁned to be
the optimum lean solvent loading. For 90% removal and a
30 wt.% MEA solution the optimum lean solvent loading was
around 0.32–0.33 mol CO2/mol MEA, with a thermal energy
requirement of 3.45 GJ/ton CO2. This is a reduction of 11.5%
compared to the base case. It must be noted, however, that the
solvent circulation rate was increased to 33 m3/ton CO2. Above
lean solvent loading of a 0.32 mol CO2/mol MEA the solvent
circulation rate increases more than linearly with the lean
solvent loading (see Fig. 4).
For the cooling water required (see Fig. 5) the occurrence of
a local minimum was not strictly encountered: the amount of
thermal cooling water decreased with increasing lean solvent
loadings, in line with the reduced energy requirement. The
amount of cooling water needed remained basically constant
for a lean solvent loading between 0.26 and 0.33 mol CO2/
mol MEA. This can be explained by the fact that at high lean
solvent loadings the lean solvent was not cooled to 35 8C as in
the base case. To meet the requirement of a closed water
balance, the temperature of the lean solvent entering the
absorber was allowed to increase. As a consequence the
absorber operates at a higher temperature allowing evaporation of water from the top of the absorber to maintain a closed
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Fig. 5 – Cooling water consumption at various CO2/amine
lean solvent loadings for different CO2 removal (%).

Fig. 7 – Solvent flow rate requirement at various CO2/amine
lean solvent loadings for different MEA (wt.%).

water balance in the complete process (lean solvent temperatures were varied from 35 8C up to 50 8C). If the lean solvent
temperature was kept constant at high solvent ﬂow rates, this
would have led to excessive condensation in the absorber.
This water would have to be removed in the stripper.
Increasing the percentage of CO2 removed from 80 to 99%
resulted in a small increase in the thermal energy, solvent and
cooling water as clearly shown in Figs. 3–5. The differences
between the different removal percentages were most
pronounced at high lean solvent loadings. To obtain the same
removal percentage at high lean solvent loadings, which
means lowering the driving force in the top of the absorber,
more solvent would be needed, which rapidly increases the
energy requirement at high lean solvent loadings.

3.3.

Effect of MEA (wt.%)

The thermal energy requirement was found to decrease
substantially with increasing MEA concentration (see Fig. 6).
It seems attractive to use higher MEA concentrations.
However, increasing the MEA concentration is expected to
have pronounced corrosive effects. It is therefore required to
use better corrosion inhibitors in order to realise the energy
saving potential of higher MEA concentrations. Moreover, at
high MEA concentration it is expected to have a higher MEA

Fig. 8 – Cooling water consumption at various CO2/amine
lean solvent loadings for different MEA (wt.%).

content in the vent gas, but a good washing section can
overcome this problem and keep the MEA content in the vent
gas as low as possible. The wash section used in the process
ﬂow sheets always resulted in an MEA-content much lower
than 1 ppm. Upon an increase of the MEA concentration from
30 to 40 wt.%, the thermal energy requirement decreased with
5–8%. Furthermore, the cooling water and solvent consumption decreased with increasing MEA concentration (see Figs. 7
and 8).
The optimum lean solvent loading was for example around
0.32 and 0.29 mol CO2/mol MEA for 30 and 40 wt.% MEA
solutions, respectively. This lower solvent loading with
increasing MEA concentration is due to the lower rich solvent
loading obtained when using high MEA concentrations.

3.4.

Fig. 6 – Thermal energy requirement at various CO2/amine
lean solvent loadings for different MEA (wt.%).

Effect of the stripper operating conditions

The effect of different conditions (temperature and pressure)
of the stripper has also been investigated. It is expected that at
high temperature (and therefore high pressure) the CO2 mass
transfer rate, throughout the stripper column is positively
affected via the increased driving force. Starting from the base
case (90% CO2 removal, 30 wt.% MEA solution and
0.24 mol CO2/mol MEA lean solvent loading) the effect of the
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Table 3 – Results of the main process parameters at different stripper pressure
Stripper
pressure (kPa)
90
120
150
180
210

Stripper
temperature (K)

Thermal
energy (GJ/ton CO2)

Solvent
(m3/ton CO2)

381
387
393
397
401

4.87
4.24
3.89
3.68
3.56

19.5
19.7
19.8
19.9
20

stripper operating pressure (90–210 kPa) was investigated,
assuming a total pressure drop of 30 kPa over the stripper
packing and wash section.
Table 3 shows the effect of the stripper pressure and
temperature on the process requirement. Clearly, with
increased operating pressure of the stripper the energy
requirement decreased signiﬁcantly; i.e., from 150 kPa (base
case) to 210 kPa led to an 8.5% reduction in the energy
requirement. However, it might be realistic to expect that
higher amine degradation rates and corrosion problems will
occur at these elevated pressures and temperature. Nevertheless, it demonstrates the possibility of lowering the thermal
energy requirement for solvent regeneration by increasing the
stripper temperature. The operating pressure of the stripper is
more than doubled between 381 and 401 K. The impact of the
higher pressure on the design and construction of the stripper
has to be taken into account. The amount of solvent required is
almost constant with a very small increase (maximum 0.5 m3/
ton CO2) at the maximum stripper pressure used in this study.
Because the ﬂue gas speciﬁcations and the removal % of CO2
are the same in all cases, the amount of solvent required does
not depend much on the stripper conditions. The cooling
water requirement is decreased, from ca. 128 m3/ton CO2 at
90 kPa to ca. 98 m3/ton CO2 at 210 kPa (see Table 3). Increasing
the stripper temperature will increase the driving force; this
will result in a smaller column and hence a lower capital
investment.

3.5.

Cooling water
(m3/ton CO2)
128
114
105
101
98

Fig. 9 – Thermal energy requirement for different lean
solvent temperatures.

Effect of the lean solvent temperature

In Section 3.2, it was mentioned that, at high lean solvent
loadings the absorption temperature needs to be increased to
ensure a closed water balance in the process. The lean solvent
temperature was varied between 25 and 50 8C for the base case
(90% removal, 30 wt.% MEA and 50% regeneration) to investigate the effect of the lean solvent temperature on the process
parameters.
Increasing the lean solvent temperature had a negative
effect on the thermal energy requirement because the rich
solvent loading is lower at higher lean solvent temperature.
This will result in a higher regeneration energy (see Fig. 9).
Decreasing the temperature to 25 8C led to a 4% reduction in
the thermal energy requirement compared to the base case.
The solvent circulation rate is nearly constant over the
temperature range, because the lean solvent loading is almost
constant in all cases and the CO2 recovery was kept the same.
However, the effect on the cooling water was the opposite
because less cooling energy is required in the lean cooler,
resulting in a lower total cooling water consumption with an
increased solvent temperature (see Fig. 10). At a higher lean

Fig. 10 – Cooling water consumption with different lean
solvent temperatures.

solvent temperature, the absorber as a whole will be operated
at a higher temperature. This higher operating temperature
will increase the evaporation rate of MEA from the top of the
absorber. To avoid this high evaporation rate of MEA, the
washing section is required to operate at a higher washing
water rate.

4.
Process optimisation with respect to
thermal energy requirement
4.1.

Deﬁnition of the optimum process

The thermal energy requirement in the capture process is the
most important factor, because it is responsible of the major
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Table 4 – Optimum process specifications
30 wt.%
MEA
CO2 removal (%)
MEA (wt.%)
Lean solvent loading (mol CO2/mol MEA)
Stripper operating pressure (kPa)
Absorption solution temperature (8C)

90
30
0.32
210
ca. 25

4.2.
40 wt.%
MEA
90
40
0.30
210
ca. 25

reduction of the power plant overall thermal efﬁciency. The
optimum process will be deﬁned as the process which has the
lowest thermal energy requirement for the ﬁve parameters
investigated, i.e. CO2 removal %, MEA solvent concentration,
lean solvent loading, stripper operating pressure and lean
solvent temperature.
For the optimization 90% CO2 removal was chosen, because
the analysis showed that this parameter was not a critical
factor.
Increasing the MEA wt.% decreased the energy requirement, with a minimum observed for a 40 wt.% solutions. Two
optimum processes were deﬁned: the ﬁrst one with a MEA
concentration of 40 wt.% MEA and the second one, chosen
close to currently used solvent composition, with a concentration of 30 wt.% MEA. The latter concentration is probably
more realistic due to the practical constraints imposed by
solvent corrosion and degradation. The optimum lean solvent
loading equalled 0.30 and 0.32 mol CO2/mol MEA for 40 and
30 wt.% MEA solutions, respectively.
Higher stripper operating pressures always resulted in a
lower thermal energy requirement and an optimum stripper
operating pressure of 210 kPa, which was the maximum
considered in this study. Decreasing the absorption lean solvent
temperature resulted in lower thermal energy requirement.
Therefore, a lean solvent temperature of 25 8C will be used in the
process optimization. However, as discussed earlier, for high
lean solvent loadings the lean solvent temperatures had to be
increased in order to maintain the water balance over the
complete process, therefore it may be difﬁcult to realize
convergence for all of the process simulations at 25 8C.
Therefore, the optimum lean solvent temperature will be
deﬁned as the lowest temperature which can be achieved; for
some cases this could be higher than 25 8C. The speciﬁcations of
the two optimum processes are summarised in Table 4.

The optimum processes

The deﬁned processes in Table 4 were simulated with ASPEN
Plus; the results are presented in Table 5 including the base
case results for a clear comparison.
Clearly, the optimum processes that were deﬁned had a
lower thermal energy requirement than the base case process,
with a reduction of 16 and 23% for 30 and 40 wt.% MEA
solutions, respectively. This decrease in the thermal energy
requirement would cause the operating costs to decrease
signiﬁcantly, thereby strongly improving the process. However, it should be noted that, as a result of the changes in the
process operating conditions, capital costs could increase as
well as the operating costs due to the need of, e.g. corrosion
additives and more stringent stripper design requirements at
high operating pressure.
For the optimum process the cooling water required in the
capture process decreased by 3–10% compared to the base
case. Furthermore, the solvent required in the optimum
processes increased with 10–40% compared to the base case,
and that is because of the higher lean solvent loading used in
the optimization.

5.

Conclusions

The modelling work and parametric study have shown that
that Aspen Plus with RADFRAC subroutine is a useful tool for
the study of CO2 absorption processes.
The lean solvent loading was found to have a major effect
on the process performance parameters such as the thermal
energy requirement. Therefore it is a main subject in the
optimisation of solvent processes.
Signiﬁcant energy savings can be realized by increasing
the MEA concentration in the absorption solution. It is
however still to be investigated if high MEA concentrations
can be used due to possible corrosion and solvent degradation
issues.
Increasing the operating pressure in the stripper would
lead to a higher efﬁciency of the regeneration and would
reduce requirement of the thermal energy. Moreover, a high
operating pressure would reduce the costs and the energy
needed for CO2 compression.

Table 5 – Optimum process results
Base case

30 wt.% MEA

Amine lean solvent loading (mol CO2/mol MEA)
Amine rich solvent loading (mol CO2/mol MEA)
Reboiler heat required (GJ/ton CO2)
Solvent ﬂow rate required (m3/ton CO2)
Lean solvent temperature (8C)

0.242
0.484
3.89
20.0
35

0.32
0.493
3.29
27.8
30

0.30
0.466
3.01
22
25

Cooling water required
Feed cooling water (m3/ton CO2)
Condenser (m3/ton CO2)
Lean cooler (m3/ton CO2)
Scrubber (m3/ton CO2)
CO2 product compressor intercooling (m3/ton CO2)

9
41.5
42
0.2
13

9
24
57
0.03
13

9
19.7
54
0.03
13

Total cooling water required (m3/ton CO2)

106

103

40 wt.% MEA

96
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Decreasing the lean solvent temperature would save
energy in the process, but the amount of cooling water
required would counter balance this effect.
From the optimization of the absorption/desorption cycle
for the CO2 capture process, it can be concluded that a
reduction of around 20% in the thermal energy requirement
seems realistic. For the optimum process using a 30 wt.% MEA
solution the energy requirement was found to be 3.3 GJ/
ton CO2, which looks promising in reducing the costs and
increase of the efﬁciency of the capture process. Moreover,
when the absorption solution consisting of a 40 wt.% MEA
could be used, the energy requirement is 3.0 GJ/ton CO2, which
is a substantial reduction compared to 3.9 GJ/ton CO2 found for
the base case.

Acknowledgements

45

For each equilibrium stage the overall mass transfer
coefﬁcient needs to be estimated. The overall mass transfer
coefﬁcient can be written as
Kov ¼

1
ð1=KG Þ þ ð1=mEKL Þ

The enhancement factor E, is the ratio between the chemical
and the physical absorption ﬂux at the same driving force. It is
given as a function of two parameters, the Hatta number (Ha)
and the enhancement factor of an inﬁnitely fast reaction (E1).
The enhancement factor may be considered a correction to the
liquid side mass transfer coefﬁcient due to the chemical
reaction occurring in the concentration boundary layer.
The Hatta number, indicative of the rate of diffusion
transport vs. chemical reaction, is given by
sﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
DCO2 ;am k2 CMEA
Ha ¼
KL
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The enhancement factor for an inﬁnitely fast reaction
dependent on the choice of the mass transfer model. In case of
the ﬁlm model it may be written as

Appendix A. Column design model



DMEA;am CMEA
E1 ¼ 1 þ
gDCO2 ;am CCO2 ;i

The absorber design was based on the data provided
from the equilibrium stage Aspen Plus simulation using
RADFRAC. This provided the detailed gas and liquid
composition (including solvent loading) and temperature
data for each equilibrium stage. For each equilibrium stage
the logarithmic mean driving force (DP) and CO2 absorption
ﬂux can then be determined, which is used in the absorber
column sizing.
The two most important parameters for the column
sizing are the column diameter and the column volume. The
column diameter is function of the liquid and gas ﬂow rates
and densities. The two main parameters in determining the
column diameter are the ﬂooding limitation and the
pressure drop of packed height. The columns diameter
has been calculated according to Kister (1992). In order to
calculate the height of each stage and then the total column
height ﬁrst the mass transfer ﬂux and the amount of CO2
absorbed was calculated. The mass transfer ﬂux can be
obtained using
J ¼ Kov DC
Then the area of packing could be determined from
AP ¼

fCO2
J

From the required area of packing and in combination
with the speciﬁc area of packing, the volume of packing was
calculated in each stage. The packing volume for each stage
was added up resulting in an overall packing volume. The
height could be calculated using the estimated column
diameter, and then a safety factor (1.25) was applied to
the calculated column height to give the overall column
height.

The concentrations used in this equation are in the mol/m3
units. CMEA is the free MEA in the bulk, which can be calculated
from the MEA concentration and the loading as following:
CMEA = C(1  2a), as 1 mol of CO2 used 2 mol of MEA in the
reaction.
To calculate the value of enhancement factor an iterative
solution for the equation below which is described in
Westerterp et al. (1984) was used
E¼

pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
Ha ðE1  EÞ=ðE1  1Þ
pﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃﬃ
tanh½Ha ðE1  EÞ=ðE1  1Þ

The value of E was determined for each equilibrium stage at
the point where the logarithmic mean driving force equal to
the local driving force, as suggested in Kohl and Nielsen (1997).
The analysis assumes that the reaction between CO2 and MEA
is simple second order, as shown in Versteeg et al. (1996). The
reaction rate is given by


5400
k2 ¼ 4:4  108 exp 
T
Strictly speaking this relation is valid up to 40 8C, but we
assume that this relation is also applicable in the range of
absorber temperatures (<55 8C). The reversible reaction constant in the stripper column was estimated using the
correlation below developed by Jamal et al. (2004), which is
valid to temperatures up to the stripper conditions:


6863:8
K1 ¼ 3:95  1010 exp 
T
Mellapak structure packing Y125 was used for both
absorption and stripping columns. The physical mass transfer
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coefﬁcient was estimated using the Bravo, Fair’s correlation
(Kister, 1992).
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modelling. Depending on the baseline technical and economical results, an economical
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parameter study for a CO2 capture process based on absorption/desorption with MEA
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solutions was performed.

Economics

Major capture cost reductions can be realized by optimizing the lean solvent loading, the
amine solvent concentration, as well as the stripper operating pressure. A minimum CO2
avoided cost of s 33 tonne1 CO2 was found for a lean solvent loading of 0.3 mol CO2/mol
MEA, using a 40 wt.% MEA solution and a stripper operating pressure of 210 kPa. At these
conditions 3.0 GJ/tonne CO2 of thermal energy was used for the solvent regeneration. This
translates to a s 22 MWh1 increase in the cost of electricity, compared to s 31.4 MWh1 for
the power plant without capture.
# 2007 Elsevier Ltd. All rights reserved.

1.

Introduction

The amine based absorption systems are the most suitable for
CO2 post-combustion from power plants (Rao and Rubin,
2002a). The technology is commercially available and it has
been used in the Fluor technology’s Econamine FGTM and
Econamine FG PlusTM (Mariz, 1998; Chapel et al., 1999), and the
ABB Lummus Global technology (Barchas, 1992).

The estimated cost of CO2 capture increases the cost of
electricity production by 35–70% for natural gas combined
cycle (NGCC), and 40–85% for a supercritical pulverized power
plant (PC). Overall, the electricity production cost for fossil fuel
plants with capture (excluding CO2 transport and storage
costs) ranges from US$ 0.04 to 0.09 kWh1, as compared to US$
0.03–0.06 kWh1 for similar plants without capture (IPCC,
2006).

* Corresponding author. Tel.: +31 55 5493151; fax: +31 55 5493410.
E-mail address: Paul.Feron@tno.nl (Paul H.M. Feron).
1750-5836/$ – see front matter # 2007 Elsevier Ltd. All rights reserved.
doi:10.1016/S1750-5836(07)00032-1
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New or improved methods of CO2 capture, combined with
advanced power systems and industrial process designs,
could reduce CO2 capture cost and energy requirements. At
present, many research activities are underway trying to
improve the capture process or applying improved solvents to
reduce the energy requirement and as a result, the CO2 capture
cost.
Several studies have been done in the area of technoeconomic modelling. The majority of these activities were
focused on deﬁning a baseline case for different power plants,
i.e. coal-ﬁred or natural gas combined cycle (Mariz, 1998;
Chapel et al., 1999; IEA, 2004) for a single design point, e.g.
percent CO2-removal. Depending on the deﬁnitions of the
capture baseline cases, other work was focused on the
comparison of these baseline cases with new processes like
O2/CO2 recycle combustion (Singh et al., 2003). None of these
studies considered the impact of variation in process design
parameters, such as the percentage of CO2 removal or
desorption conditions, on the process economics.
The objective of this work was to develop tools for process
design and economic analysis to arrive at an optimised MEA
based capture process depending on several technical and
economical parameters. The parametric study was based on
the conventional technology commercially available on a
small scale (Mariz, 1998), without any novel process changes
and improvement like split-ﬂow and intercooling (Chapel
et al., 1999), because they have not been used yet in
commercial applications. This optimization included investigating the effect of CO2 removal percentage, MEA concentration, lean solvent loading and stripper operating pressure. In
addition to the process design parameters, the impact of
economic parameters such as fuel prices and interest rate was
investigated.

2.

Deﬁnition of economic baseline

2.1.

Methodology and baseline description

The general methodology for the economic evaluation was
based on a step-wise approach consisting of the following:
1. Capture process simulation: the CO2 absorption/desorption
process design was based on MEA as the main component
in the solvent system. ASPEN Plus was shown to be very
useful as the process simulation tool (Abu-Zahra et al.,
2006).
2. Modelling and design of the main equipment: the absorber
and regenerator column were modelled and designed in
detail, using the results from the Aspen Plus simulation.
The rest of the equipment was sized to provide information
on equipment cost and use of utilities and consumables as
required for the economic calculations.
3. Process economics, determination of capital and operating
expenses and overall process evaluation with reference to
technical and economical performance parameters.
To enable a complete investigation of the capture process,
information on both equipment and operating cost was
obtained from a number of sources; including vendor input

Table 1 – Economic evaluation assumptions
Project life (years)
Equipment salvage value
Construction period (years)
Plant operating (h/year)
Maintenance cost (% of ﬁxed capital investment)
Interest rate (%)
MEA price (s/tonne)
Cooling water make up (m3/GJ thermal)
Cooling water price (s/m3)
MEA degradation rate (kg/tonne CO2)
(Rao and Rubin, 2002a,b)
CO2 product temperature (8C)
CO2 product pressure (bar)

25
0
3
7500
4
8
1000
1.0
0.2
1.5
25
110

and public sources (Rao and Rubin, 2002a,b; Mariz, 1998; Perry
et al., 1997; Peters et al., 2003; Matches Engineering Company,
2005). The cash ﬂow analysis method over the project life was
used to evaluate the total annual cost. The cost of electricity
(CoE) was estimated for the reference power plant before and
after adding the capture process. This cost of electricity was
considered the one, which resulted in a zero net present value at
the end of the project life. Cost of electricity in combination with
the CO2 emission values, can then translated into cost of CO2
emission avoided. This cost is important for comparative
evaluations of CO2 capture and storage with other measures for
reductions of CO2-emissions. It can be calculated as follows:
cost of CO2 avoided ðs=tonneÞ
¼

cost of electricitycapture  cost of electricityreference
CO2 emissionreference  CO2 emissioncapture

A 600 MWe gross coal-ﬁred power plant was chosen as the
reference power plant with a constant fuel input before and
after adding the capture system. Capital and operating cost for
this European reference power plant were readily available.
The baseline capture process was designed to remove 90% of
the CO2 present in the ﬂue gas. The solvent used was 30 wt.%
MEA and in the baseline process the lean solvent loading was
equal to 0.242 mol CO2/mol MEA lean solvent loading representing a degree of regeneration equal to 50%. The assumptions used in carrying out the economic evaluation are shown
in Table 1.

2.2.

Base case speciﬁcations and results

Capital and operating cost for the capture process were
determined using the methodology described in Section 2.1.

2.2.1.

Capital cost

The capital cost consists of three main components:
1. Power plant speciﬁc cost:
These were deﬁned and agreed upon in joint effort by
European power plant companies and plant suppliers
supporting the study.
2. Capture plant cost:
The cost of the equipment for the capture process was
estimated using several references (Perry et al., 1997; Peters
et al., 2003; Matches Engineering Company, 2005).
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Table 2 – Overview of equipment cost
Type of equipment

The most expensive equipment is the absorber, which is
responsible for about 55% out of s 20 million for the total
equipment purchased cost. In total, the equipment related to
the gas path contributes 75% of the equipment cost. Outside
the gas path, the second major equipment cost is for the
stripper, which also contributes of about 17% of total
equipment purchased cost. It is clear that an improved and
cheaper packing material or a simpler absorber could reduce
the cost of the overall equipment signiﬁcantly. No auxiliary
units or equipment were included in this work, because the
fuel input kept constant and no extra boiler is needed. The rest
of the direct and indirect cost was estimated as a factor of the
overall equipment cost using Peters et al. (2003) and by using
factors from the IECM model documentation (Rao and Rubin,
2002b). Table 3 shows the composition of the total capital
investment (CAPEX).
The total capital investment (CAPEX) for the amine plant
including CO2 compression is s 147 million, which compares
well to the $ 179 million (s 149 million) ﬁgure identiﬁed in
Singh et al. (2003) after removing the cost of the auxiliary units
which are not needed in this work.
The total speciﬁc capital investment for the power plant
after adding the capture process is almost double, which
is clear from Table 4. The increase in the power plant
capital investment contribution of the overall capital
investment is also due to the reduction in the thermal

Cost (Ms)

Reboiler
Lean/rich HEX
Lean cooler
Reﬂux condenser
DC water cooler
Storage tank
Gas blower
Gas scrubber
Abs. ﬂuid pump
Condenser ﬂuid pump
Strip. ﬂuid pump
Cold water pump
Absorber
DCC (feed direct cooler)
Stripper

0.81
0.42
0.21
0.14
0.12
0.73
3.10
0.26
0.59
0.01
0.60
2.04
10.94
0.54
3.43

Total

19.96
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3. CO2 compression cost:
Compressor cost has been taken from Hendriks et al.
(2003).
Table 2 gives an overview of the equipment cost for solvent
process for the base case power plant with 90% CO2 capture.
This does not include the CO2-compressor.

Table 3 – MEA scrubbing process total capital investment (CAPEX)
Percentage of purchased cost
Direct cost
ISBL
Purchased equipment (Perry et al., 1997; Peters et al.,
2003; Matches Engineering Company, 2005)
Purchased equipment installation (Peters et al., 2003)
Instrumentation and control (Peters et al., 2003)
Piping (Peters et al., 2003)
Electrical (Peters et al., 2003)
OSBL
Building and building services (Peters et al., 2003)
Yard improvements (Peters et al., 2003)
Services facilities (Peters et al., 2003)
Land (Peters et al., 2003)

Used

100

44.67
19.96

25–55
8–50
20–80
15–30

–
20
40
11

10.54
3.99
7.98
2.20

10–80
10–20
30–80
4–8

10
10
20
5

8.98
2.00
2.00
3.99
1.00

100

Total direct cost
Indirect cost
Engineering (Rao and Rubin, 2002b)
Construction expenses (Rao and Rubin, 2002b)
Contractor’s fee (Rao and Rubin, 2002b)
Contingency (Rao and Rubin, 2002b)

53.66

10
10
0.5
17

10
10
0.5
17

Total indirect cost

31.73
105.51

Percentage of FCI

Total capital investment (CAPEX)

5.37
5.37
0.27
9.12
20.12

CO2 compressor investment cost (Hendriks et al., 2003)
Fixed capital investment

Fixed capital investment
Working investment (Peters et al., 2003)
Start-up cost + MEA cost (Peters et al., 2003)

Cost (Ms)

100
12–28
8–10

Used
100
25
10

Cost (Ms)
105.51
26.38
14.66
146.55
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Table 4 – Total capital investment and cost of electricity
with and without capture process

Table 6 – Summary of technical and economical results
for the base case

Item

Item

Without
capture

Total speciﬁc investment (s/kW)
Power plant
CO2 capture process
CO2 compression system
Cost of electricity (s/MWh)
Fuel
Operating costs
Capital costs

With
capture

980
980
–
–
31.4
12.8
4.6
14.0

No
capture

1855
1489
254
112

Capture process performance
Capacity (tonne/h)
Energy requirement (GJ/tonne)
Electricity (kWh/tonne)

57.9
18.7
13.9
25.3

Power plant performance
Fuel input (MW, LHV)
Fuel price (s/GJ)
Net power output (MW)
Thermal efﬁciency, % (LHV)
CO2 emission (kg/MWh)

efﬁciency of the power plant after addition of the capture
process.

2.2.2.

Base case

1279
1.6
575
45
772

Cost
Capture investment (s/(tonne/h))
Total investment (s/kW)
Operating cost (ms/year)
Cost of Electricity (s/MWh)
Cost of CO2 avoided (s/tonne)

Operating cost

The total operating cost (OPEX) includes two main categories:
1. The production cost, which consists of the O&M, cooling
water, chemicals, labours, local taxes, and plant overhead.
2. The general expenses, which includes the R&D, administration, and marketing cost.

–
–
–

–
980
75
31.4
–

With
capture
408
3.9
193

1279
1.6
399
31
112

3.6E+05
1841
96
57.4
39.3

the addition of the capture process. This 14% reduction is
mainly because of the heat needed for solvent regeneration,
which is responsible of 55% of total electricity output
reduction. The rest is 24% for CO2 product compression and
21% for process pumps and the ﬂue gas blower. The large
regeneration heat demand as well as the large process energy
consumption leads to the conclusion that an improved solvent
and process innovation are needed to reduce the absorption
process energy requirement.
Table 6 shows the overall results of the power plant base
case before and after adding the capture process. An increase
in the cost of electricity of around s 26 MWh1 can be seen as a
result of introducing the amine capture process in the power

In Table 5, the total annual cost of amine plant is shown.
The total operating cost found to be s 22 million per year.
Thirty-ﬁve percent of the direct production cost is MEA make
up and almost 32% are maintenance cost. This total operating
cost is in a good agreement with Singh et al. (2003) who arrived
at a value of $ 28 million excluding the cost of the natural gas
needed for the auxiliary boiler, which is not required in our
work. However, adding the capture has a major impact on the
overall power plant efﬁciency. The overall efﬁciency will
decrease from 45% for the reference power plant to 31% due to

Table 5 – MEA scrubbing process total operating cost (OPEX)
Range

Used

Production cost
Fixed charge
Local taxes (Peters et al., 2003)
Insurance (Peters et al., 2003)
Direct production cost
Raw material
Cooling water
MEA makeup (Rao and Rubin, 2002a,b)
Activated carbon (Chapel et al., 1999)
Maintenance (Singh et al., 2003)
Operating labor (OL) (Rao and Rubin, 2002a,b)
Supervision and support labor (Rao and Rubin, 2002a,b)
Operating supplies (Peters et al., 2003)
Laboratory charges (Peters et al., 2003)

Cost (Ms/year)
20.33

1.0–4.0% FCI
0.5–1% FCI

2
1

1.5 kg/tonne CO2

3.17
2.11
1.06
14.06
0.00
2.65
4.78
0.74
4.22
0.68
0.29
0.63
0.07

1.0–10% FCI
Two job per shift
30% of total labor cost
15% of maintenance
10–20% OL

4
s 45 h1
30
15
10

Plant overhead cost

50–70% of (M + OL + S)

60

3.11

General expenses
Administrative cost (Peters et al., 2003)
Distribution and marketing (Peters et al., 2003)
R&D cost (Peters et al., 2003)

15–20% of OL
2–20% of OPEX
2–15% of OPEX

15
0.5
5

1.29
0.10
0.11
1.08

Total manufacturing cost (OPEX)

21.62
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plant. One of the objectives of this work is to reach an
optimum process, which has a lower effect on the overall plant
efﬁciency, by reducing the capture capital and operating cost.
The cost of electricity increases upon addition of the
capture process, and 60% of that increase is due to the
operating cost in relation to the fuel cost. This was increased
due to efﬁciency reduction (see Table 4).
Comparing these overall results for the base case with the
results obtained by the IPCC (IPCC, 2006), we observe that the
values in this study are considered in the lower range of the
values speciﬁed by IPCC. These lower values can be explained
by the difference in the euro to dollar currency exchange rates
between 2002 (IPCC-report) and 2004 (this study), but also the
capacity factor in this study is higher than the one used in the
IPCC study. However, comparing the overall results with a
European study, which was carried out by VGB power tech
(VGB, 2004) we can see that the values from this study are well
in line. The power plant speciﬁc cost found in the VGB report
are s 1020 kW1 before adding the capture process and
increased to s 1860 kW1 after adding the capture process.
Moreover, the cost of electricity was increased from s
37 MWh1 before capture to s 64 MWh1 after adding the
capture process with an increase of s 27 MWh1 which is in
good agreement with this work. The overall avoided cost was
found by VGB to be s 47 tonne1 CO2, which is around 20%
higher than the avoided cost in this study and this discrepancy
can be related to the 20% higher power plant capacity in this
study.

3.
Effect of process design on cost of electricity
and avoided costs
3.1.

Variation in process design parameters

It has become clear from our previous study (Abu-Zahra et al.,
2006) that the process design can be subjected to optimisation.
For instance, by varying the degree of solvent regeneration it is
possible to obtain a minimum in the thermal energy required
for solvent regeneration. In this section, the effect of variation
of the process design parameters on the cost of electricity and
costs per tonne CO2 avoided will be assessed using the
economic tools described in Section 2 and the results of the
process design from our previous publication (Abu-Zahra
et al., 2006).
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Fig. 1 – Cost of electricity as a function of lean solvent
loading for different CO2 removal.

CO2 removal. In Fig. 2, the costs per tonne CO2 avoided are
shown for different values of the CO2 removal as a function of
the lean solvent loading.
The results show a near constant cost per tonne CO2
avoided for lean solvent loading values between 0.25 and
0.33 mol CO2/mol MEA of around s 40 tonne1 CO2. This value
does not vary for a CO2 removal between 80% and 95%. This
means that the marginal cost for CO2 capture is constant in
this range but increase at higher CO2 removal values.
The CoE and cost of CO2 avoided were studied at low CO2
removal as well (see Fig. 3). The results show that the CoE
increased with increasing CO2 removal. From these results, it
can be concluded that partial removal of CO2 from the ﬂue gas,
i.e. CO2 removal below 80%, leads to increased costs per tonne
CO2 avoided. It is therefore not economically attractive to aim
for partial CO2-removal.

3.3.

Effect of MEA wt.%

In Fig. 4, the cost of electricity is shown as a function of the
lean solvent leading for different MEA concentrations. A
removal of CO2 equal to 90% was used in the analysis.
The results in Fig. 4 illustrate that there are clear beneﬁts in
increasing the MEA concentration in the solvent. Upon an
increase of the MEA concentration from 30 to 40 wt.%, the CoE

3.2.
Effect of different lean solvent loading including the
effect of CO2-removal percentage
The cost of electricity (CoE) was determined as a function of
lean solvent loading, which represents the degree of solvent
regeneration the results are shown in Fig. 1 as a function of
different value of CO2-removal.
The results in Fig. 1 show that the CoE has a shallow
minimum for the lean solvent loading values between 0.25 and
0.33 mol CO2/mol MEA. This is the range in which, the thermal
energy requirement is at its minimum, indicating a link
between the thermal energy requirement, and increased
electricity cost. The CoE is obviously inﬂuenced by the level
of CO2 removal, with the lowest cost for the lowest value of

Fig. 2 – Cost per tonne CO2 avoided as a function of lean
solvent loading for different CO2 removal.
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Fig. 3 – Cost per tonne CO2 avoided and cost of electricity as
a function of CO2 removal.

Fig. 6 – Cost per tonne CO2 avoided as a function of stripper
pressure and temperature.

the result of a reduction in the energy requirement for
regeneration and lower investment cost for the capture plant
as the liquid ﬂow rates are reduced. Furthermore, using a 20%
MEA concentration leads to substantially higher cost of CO2
avoided of at least s 56 tonne1 CO2.

3.4.
Effect of the stripper operating pressure and
temperature

Fig. 4 – Cost of electricity as a function of lean solvent
loading for different MEA concentrations.

decreases up to 6%. The minimum CoE occurs for lean solvent
loading in the range of 0.26–0.30 mol CO2/mol MEA, and at
40 wt.% MEA. The costs per tonne CO2 avoided for different
MEA concentrations as a function of the lean solvent loading
are shown in Fig. 5.
In Fig. 5, it is shown that higher MEA concentrations will
result in lower avoided cost. The cost can be reduced to s
35 tonne1 using a 40% MEA concentration. The lower cost is

The effect of a higher operating pressure and temperature of
the stripper was also investigated. It is expected that the CO2
mass transfer rate throughout the stripper column is
positively affected via the driving force. Starting from the
base case, the effect of the stripper operating pressure (90–
210 kPa) was investigated, assuming a total pressure drop of
30 kPa over the stripper packing and wash section.
Increasing the stripper operating pressure has a noticeable
effect on the capture process by reducing the thermal energy
requirement, as was shown in the process study (Abu-Zahra
et al., 2006). The effect of different stripper operating
conditions on the costs per tonne CO2 avoided is shown in
Fig. 6.
Increasing the pressure from the base case 150 to 210 kPa,
will reduce the cost of CO2 avoided with around 10% (see
Fig. 6). This is a signiﬁcant improvement upon the baseline
capture process. There does not appear to be a beneﬁt in
lowering the stripper pressure and temperature.

4.

Fig. 5 – Cost per tonne CO2 avoided as a function of lean
solvent loading for different MEA concentrations.

Sensitivity analysis

Variations in the values of the economic input parameters will
also have a signiﬁcant impact on the cost of electricity and
costs per tonne CO2 avoided. The effect of the fuel price and
interest rate on the CoE and the costs per tonne avoided were
determined and shown in Table 7.
For coal prices in the range s 1.2–3.2 GJ1 the CoE for power
plants with CO2 capture is in the range s 53–76 MWh1 up
from the range s 28 to 44 MWh1 for the power plant without
capture. The increase in CoE is thus s 25–32 MWh1, which on
average represents a 70–90% increase in the cost of electricity.
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Table 7 – Effect of interest rate and fuel price variation on the cost of electricity and the costs per tonne avoided CO2
Fuel price (s/GJ)

Interest rate

COE no capture
(s/MWh)

COE with capture
(s/MWh)

0.08
0.08
0.08
0.04
0.08
0.12

28
31
44
27
31
37

53
57
76
48
57
68

1.2
1.6
3.2
1.6
1.6
1.6

Obviously, the fact that the capture of CO2 requires additional
energy leads to a strong dependence of the CoE on the cost of
fuel.
The costs per tonne avoided show a steady increase with
increase in fuel price, rising from s 37 tonne1 avoided CO2, to
s 48 tonne1 avoided CO2 at an interest rate of 0.08. Typically,
a doubling of the fuel cost will lead to a 23% increase in the cost
per tonne CO2 avoided.
For interest rates in the range 0.04–0.08 the CoE for power
plants with CO2 capture is in the range s 48–68 MWh1 up
from the range s 27–37 MWh1 for the power plant without
capture. Costs per tonne CO2 avoided are in the range s 33–
47 tonne1 CO2 for the interest rate range 0.04–0.08.

5.
Process optimization at minimum thermal
energy requirement
By the variation of the four operating parameters, i.e. CO2
removal %, MEA solvent concentration, lean solvent loading,
and stripper operating pressure an optimum process was
aimed for. It was shown from the comparison between this
work and our previous work (Abu-Zahra et al., 2006) that the
link between minimum thermal energy requirement and
minimal cost of electricity or cost per tonne avoided was close.
Therefore, the optimum process was deﬁned as the process,
which has the lowest thermal energy requirement for all
parameters involved. The minimum was determined using
ASPEN Plus as the process-modelling tool.

Table 8 – Optimum process specifications and results
Item
Capture process performance
Capacity (tonne/h)
Energy requirement (GJ/tonne)
Electricity (kWh/tonne)

30 wt.%
MEA

40 wt.%
MEA

405
3.3
192

406
3.01
182

Power plant performance
Fuel input (MW, LHV)
Fuel price (s/GJ)
Net power output (MW)
Thermal efﬁciency, % (LHV)
CO2 emission (kg/MWh)

1279
1.6
426
33
108

1279
1.6
426
33
103

Cost
Capture investment (s/(tonne/h))
Total Investment (s/kW)
Operating cost (ms/year)
Cost of electricity (s/MWh)
Cost of CO2 avoided (s/tonne)

4.00E+05
1865
97
56
37

3.50E+05
1712
96
53
33

Cost of CO2 avoided
(s/tonne CO2)
37
39
48
33
39
47

An optimum process would have the following characteristics: 90% CO2 removal, 40 wt.% MEA, and 240 kPa stripper
bottom pressure equivalent to a temperature of 128 8C.
Regarding the optimum lean solvent loading, the results show
a shallow minimum at a range of lean solvent loading (0.25–
0.33), the optimum value was chosen to be in this range, which
give also the lowest energy requirement depending on the
results in part one of this study (Abu-Zahra et al., 2006). For the
case of 40 wt.% MEA, lean solvent loading of 0.30 mol CO2/mol
MEA was chosen. For currently used solvent compositions
(30 wt.% MEA) the optimum lean solvent loading would equal
to 0.32 mol CO2/mol MEA.
The process optimization resulted in a major reduction in
the process capital and operating expenses and the cost of
CO2 avoided as shown in Table 8. The optimum process with
40 wt.% MEA has a 23% reduction in the energy requirement
compared to the baseline given in Table 6. Moreover, the cost
of CO2 avoided decreases with 16% comparing to the base
case.

6.

Conclusions

The impact of the degree of regeneration, CO2-removal,
solvent concentration and stripper operating pressure on
the economic performance of CO2 capture from a coal-ﬁred
power station has been elaborated. The following conclusions
can be drawn from this:
 The costs of CO2 avoided and cost of electricity were found to
show a shallow minimum for lean solvent loading between
0.25 and 0.33 mol CO2/mol MEA.
 The costs per tonne avoided are quite similar for CO2
removal in the range between 80% and 95%.
 Increasing the MEA concentration leads to a signiﬁcant
reduction in the costs per tonne CO2 avoided. Hence, it is
advantageous to go the highest concentration, if allowable
from the corrosion point of view.
 A high stripper operating pressure will reduce the overall
capture process costs and expenses in addition to the cost
and the energy required for CO2 compression.
 The impact of the fuel price on the costs per tonne CO2
avoided is such that a doubling of the fuel cost will lead to a
23% increase in the cost per tonne CO2 avoided.
 The overall process economic analysis shows that process
optimization will reduce the overall cost of a CO2 capture
process. The avoided cost is equal to s 33 tonne1 CO2
compared to the base case of s 39 tonne1 CO2. Furthermore,
the cost of electricity would be s 53 MWh1, whereas for the
base case the electricity cost would be s 57 MWh1.
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RSHUDWLRQFDQEHDFKLHYHGDQGWKHVWDQGDUGLQWHUFRROHUFDQVWLOO
JLYHV IDVWHU UHDFWLRQ NLQHWLFV DQG UHGXFHV WKH VSHFLILF HQHUJ\
EH XVHG IRU FRROLQJ WKH ZRUNLQJ IOXLG LQ IURQW RI WKH KLJK
FRQVXPSWLRQRIFRQYHQWLRQDO&2 VHSDUDWLRQV\VWHPVEDVHGRQ
SUHVVXUHFRPSUHVVRU
FKHPLFDO DEVRUSWLRQ $V GLVFXVVHG EHIRUH WKH GHFUHDVHG
'XHWRWKHH[KDXVWJDVUHFLUFXODWLRQZLWKLQWKHF\FOHRQO\
YROXPH IORZ UHVXOWV LQ D FRQWDFWRU ZLWK VPDOOHU FURVVVHFWLRQ
DERXW  RI WKH JDV WXUELQH ZRUNLQJ IOXLG LVH[WUDFWHGIURP
DQG ORZHU KHLJKW ,Q DGGLWLRQ QHZ W\SHV RI &2 VHSDUDWLRQ
WKHLQWHUFRROHGJDVWXUELQHDQGVHQWWRWKH&2FDSWXUHXQLWDV
VKRZQ LQ )LJXUH  7KHUHE\ WKH RYHUDOO YROXPH IORZ WR EH
PHWKRGV FRXOG EH XWLOL]HG ZKLFK IXUWKHU UHGXFHV HQHUJ\ UH
FOHDQHG LVKDOYHGZKLFKUHGXFHVWKHVL]HDQGFRVWRIWKH&2
TXLUHPHQWVIRUWKH&2VHSDUDWLRQ
VHSDUDWLRQ XQLW 7KLV DGYDQWDJH LV DOUHDG\ NQRZQ IURP F\FOH
$VDOOIOXHJDVSDVVHVWKH&2VHSDUDWLRQXQLWKLJKRYHUDOO
&2 FDSWXUH UDWHV FDQ EH DFKLHYHG 7KHUHIRUH FRQVLGHULQJ
FRQFHSWVZLWKDWPRVSKHULFWDLOHQG&2FDSWXUHLQFRPELQDWLRQ
ZLWK H[KDXVW JDV UHFLUFXODWLRQ 7KH SURSRVHG QHZ FRQFHSW
W\SLFDO &2 VHSDUDWLRQ HIILFLHQFLHV XS WR  WR  RI WKH
JHQHUDWHG&2FDQEHFDSWXUHG,IFKHPLFDODEVRUSWLRQLVXVHG
KRZHYHUHYHQOHDGVWRDQDGGLWLRQDO&2VHSDUDWLRQHTXLSPHQW
VL]H DQG FRVW UHGXFWLRQ DV WKH VHSDUDWLRQ WDNHV SODFH DW
IRU &2 VHSDUDWLRQ WKH SURSRVHG FRQILJXUDWLRQ DYRLGV FDUU\
RYHU RI FKHPLFDO WUDFHV IURP WKH &2 VHSDUDWLRQ SURFHVV LQWR
SUHVVXUH,QWKHFDVHRIDEDULQWHUFRROHUSUHVVXUHWKLVOHDGV
WKHKRWJDVSDWKRIWKHWXUELQHDVDOOFOHDQHGIOXHJDVLVEOHGRII
WRDIXUWKHUYROXPHIORZUHGXFWLRQE\DSSUR[LPDWHO\$V
WKURXJKDQDGGLWLRQDOH[SDQGHUXQLW
D FRQVHTXHQFH WKH VL]H RI WKH &2 VHSDUDWLRQ HTXLSPHQW





&RS\ULJKWE\$60(



&20%867,216<67(0)25(;+$867*$6
5(&,5&8/$7,21
7KH WRSLF RI FRPEXVWLRQ ZLWK H[KDXVW JDV UHFLUFXODWLRQ
(*5 LVZHOONQRZQIURPFRQFHSWVRIWKHWLPHRIWKHGDZQRI
'/1WHFKQRORJLHVDURXQGZKHQ(*5ZDVFRQVLGHUHGWKH
DOWHUQDWLYH SDWK WR ORZ 12[ 1HZ LQYHVWLJDWLRQV KDYH EHHQ
PDGHZLWKPRUHUHILQHGDVVXPSWLRQVWRGHWHUPLQHWKHUHDOLVWLF
SRWHQWLDORI(*5IRU&2FDSWXUHDSSOLFDWLRQV7KHVHDVVXPS
WLRQV LQFOXGH SRVVLEOH OHYHOV RI (*5 H[KDXVW R[\JHQ OHYHOV
HPLVVLRQV DQG RSHUDELOLW\ 7KH WHFKQLFDO ULVNV PD\ EH LQ IDFW
VPDOOHU WKDQ SUHGLFWHG WKXV WKH SUHGLFWHG EHQHILWV DUH XQGHU
HVWLPDWHG
%DVHGRQUHFHQWH[SHULPHQWVZHHVWLPDWHWKDWWKHHOHPHQWV
RIDVXFFHVVIXOFRPEXVWRUIRU(*5ZLOOLQFOXGH
 $VLPSOHFRPEXVWRURSWLPL]HGDURXQG(*5RSHUDWLRQ
 $JRRGRSHUDELOLW\DQGWXUQGRZQSHUIRUPDQFH
 /RZOHYHOVRIHPLVVLRQV
 &RPEXVWLRQHIILFLHQFLHVVLPLODUWREDVHOLQHRSHUDWLRQ



)LJXUH([DPSOHRI'/1FRPEXVWRUV\VWHP
)%JDVWXUELQH 

&26(3$5$7,213/$17

%RWK VROYHQWEDVHG DV ZHOO DV PHPEUDQHEDVHG &2 FDS
WXUH XQLWV KDYH EHHQ LQYHVWLJDWHG IRU WKH SUHVHQWHG F\FOH7KH
V\VWHPVKDYHEHHQGHVLJQHGWRVHSDUDWHRIWKH&2LQWKH
H[KDXVW

D  6ROYHQWEDVHGFDSWXUHXQLW

7KH VROYHQWEDVHG SODQW SURYLGHV D QHDU WHUP VROXWLRQ IRU
&2 VHSDUDWLRQ IURP SUHVVXUL]HG H[KDXVW 7KHVH HVWLPDWHV DUH
EDVHGRQWKHIROORZLQJDVVXPSWLRQV
• (QHUJ\FRQVXPSWLRQLVFDOFXODWHGXVLQJDQLQKRXVH
+<6<6®VLPXODWLRQPRGHO
• 7KHVROYHQWLVZW0($
• 0RUHDGYDQFHGVROYHQWVDQGRUSURFHVVRSWLPL]DWLRQ
E\VSHFLDOL]HGYHQGRUVDUHH[SHFWHGWRLPSURYHXSRQ
WKHLQKRXVHSHUIRUPDQFHHVWLPDWH7RDFFRXQWIRUWKLV
WKHFDOFXODWHGWKHUPDOHQHUJ\UHTXLUHPHQWLVUHGXFHG
E\
• 7KHHOHFWULFDOHQHUJ\UHTXLUHPHQWLVXVHGDVFDOFX
ODWHG
• &DSLWDOFRVWLVFDOFXODWHGIRUDVLQJOHWUDLQFRQILJX
UDWLRQ





)RU SUHVVXUL]HG IOXH JDV DW DURXQG  EDU DQG  YRO
&2WKLVDSSURDFKOHDGVWRWKHIROORZLQJUHVXOWV
• 6SHFLILFWKHUPDOHQHUJ\FRQVXPSWLRQ
0-7KHUPDONJ&2
• 6SHFLILFHOHFWULFDOHQHUJ\FRQVXPSWLRQ
0-HONJ&2
• &2LVVXSSOLHGWRWKHFRPSUHVVLRQFKDLQDWEDU

8VLQJWKLVDSSURDFKIRUDQDWPRVSKHULFFDSWXUHXQLWJLYHV
DVSHFLILFWKHUPDOHQHUJ\FRQVXPSWLRQRI0-7KHUPDONJ&2

E  &26HOHFWLYH0HPEUDQHV
$PHGLXPWRORQJWHUPF\FOHLPSURYHPHQWLVSUHVHQWHGE\
XVHRI)L[HG6LWH&DUULHU )6& &2VHSDUDWLRQPHPEUDQHVVHH
)LJXUH7KHVHPHPEUDQHVDUHFXUUHQWO\XQGHUGHYHORSPHQWDW
WKH1RUZHJLDQ8QLYHUVLW\RI6FLHQFHDQG7HFKQRORJ\ 1718 
>@
7KH )6& PHPEUDQH PDWHULDO KDV D GHPRQVWUDWHG KLJK VH
OHFWLYLW\EHWZHHQ&2DQG1DQGDRQHVWDJHVHSDUDWLRQSUR
FHVVLVSRVVLEOH7KHIOX[RI&2WKURXJKWKHPHPEUDQHLVGH
SHQGHQWRQWKHGLIIHUHQFHLQSDUWLDOSUHVVXUHVEHWZHHQWKHWZR
VLGHV6ZHHSVWHDPLVXVHGRQWKHPHPEUDQHSHUPHDWHVLGHLQ
RUGHU WR HQVXUH D SRVLWLYH SDUWLDO SUHVVXUH GLIIHUHQWLDO 6RPH
QLWURJHQDQGR[\JHQZLOODOVRSHUPHDWHWRWKHORZSUHVVXUHVLGH
RIWKHPHPEUDQH7KHSHUPHDWHFRPSRVLWLRQKDVEHHQFDOFXOD
WHGDQGWKHQLWURJHQVOLS DVWKHODUJHVWFRQWULEXWLRQ LVLQFOXGHG
LQWKHVLPXODWLRQVEXWHTXLSPHQWWRUHPRYHWKHVHFRPSRQHQWV
IURPWKHSURGXFHG&2LVQRWLQFOXGHG'HSHQGLQJRQWKHXOWL
PDWH XVH RI WKH FDSWXUHG &2 DGGLWLRQDO SROLVKLQJ VWHSV PD\
QHHGWREHLQFOXGHG
)RU WKH SHUIRUPDQFH HYDOXDWLRQ WKH IROORZLQJ RSHUDWLQJ
FRQGLWLRQVKDYHEHHQVHOHFWHGIRU&2VHSDUDWLRQPHPEUDQHV
• &2VHSDUDWLRQHIILFLHQF\LV
• 7KHSHUPHDWHVLGHRIWKHPHPEUDQHLVRSHUDWHGDWD
SUHVVXUHRIEDUDEVROXWHDQGWKH&2LVVXSSOLHGWR
WKHFRPSUHVVLRQFKDLQDWWKLVSUHVVXUH
• NJVVWHDPDWEDULVH[WUDFWHGIURPWKHVWHDP
F\FOHDQGXVHGDVVZHHSJDVLQWKHPHPEUDQHXQLW
IRUWKHPHGLXPVL]HGF\FOHZLWK0:QHWSRZHU 

&2 5LFK([KDXVW

&2 /HDQ([KDXVW

EDU&2
3FR EDU

EDU3FREDU

&2 DQG6ZHHSJDV

6ZHHS*DV

EDU&2 
3FR EDU

+23FR EDU



)LJXUH ([DPSOH RI &2 VHSDUDWLRQ PHPEUDQH RSHUDWLQJ
FRQGLWLRQV

%DVHGRQWKHUHVXOWVIRUWKHWZRSODQWVLWLVFRQFOXGHGWKDW
D VXFFHVVIXO &2 FDSWXUH VROXWLRQ ZLOOEHEDVHGRQPHPEUDQH
WHFKQRORJ\ RU D VROYHQW WKDW KDV D VLJQLILFDQWO\ LPSURYHG SHU
IRUPDQFHFRPSDUHGWRZW0($



&RS\ULJKWE\$60(

3(5)250$1&(02'(/,1*$668037,216$1'
6,08/$7,215(68/76
7KH SHUIRUPDQFH SRWHQWLDO RI WKH SURSRVHG F\FOH ZDV
HYDOXDWHGXVLQJ*DWH&\FOH70DVDVLPXODWLRQSODWIRUP>@7KH
DQDO\VLV ZDV FDUULHG RXW EDVHG RQ D PHGLXP VFDOH LQWHUFRROHG
DHURGHULYDWLYH JDV WXUELQH )RU WKLV JDV WXUELQH SODWIRUP RII
GHVLJQWXUERPDFKLQHU\SHUIRUPDQFHZDVFRQVLGHUHGWRDFFRXQW
IRUWKHPRGLILHGRSHUDWLQJFRQGLWLRQVRIWKHJDVWXUELQHGXHWR
WKHH[KDXVWJDVUHFLUFXODWLRQ
0DLQ DVVXPSWLRQV XVHG IRU WKH SHUIRUPDQFH DQDO\VLV DUH
JLYHQEHORZ
• &2LVFRPSUHVVHGWREDUVSHFLILFHQHUJ\XVHGIRU
&2FRPSUHVVLRQ0-HONJ&2
• 1DWXUDOJDVLVVXSSOLHGWRWKHF\FOHDWEDU
• 7KHUHFLUFXODWHGH[KDXVWJDVLVFRROHGWR& XVLQJ
&VHDZDWHU 

$Q LPSURYHG VWHDP F\FOH LV DGGHG WR WKH F\FOH ZLWK &2
FDSWXUHFRPSDUHGWRWKHEDVHOLQHF\FOHZLWKRXWFDSWXUHLQRUGHU
WRUHGXFHWKHUHTXLUHPHQWVIRUFRROLQJWKHUHFLUFXODWHGH[KDXVW
JDV 7KH DQDO\VLV ZDV FDUULHG RXW EDVHG RQ D PHGLXP VFDOH
DHURGHULYDWLYHJDVWXUELQH$W&2FDSWXUHWKHSURSRVHG
F\FOHFRQILJXUDWLRQKDVWKHSRWHQWLDOWRUHDFKDQHWHIILFLHQF\RI
 0:  LI RSHUDWLQJ ZLWK FKHPLFDO DEVRUSWLRQ RU
 0:  LI XVLQJ PHPEUDQH WHFKQRORJ\ IRU &2
VHSDUDWLRQ 7KLV LV HTXLYDOHQW WR FRPSDUDEO\ ORZ HIILFLHQF\
SHQDOWLHV RI SWV RU SRLQWV GXH WR WKH &2 FDSWXUH
DQG FRPSUHVVLRQ WR EDU ,W KDV WR EH QRWHG WKDW HYHQ D
KLJKHUF\FOHHIILFLHQF\RIDURXQGFRXOGEHUHDFKHGLIWKH
&2 VHSDUDWLRQ UDWH LV ORZHUHG DQG DGGLWLRQDO PHDVXUHV IRU
LQWHUQDO KHDW UHFRYHU\ ZRXOG EH DSSOLHG7R NHHS WKH F\FOH DV
VLPSOHDVSRVVLEOHKRZHYHUWKHF\FOHFRQILJXUDWLRQVKRZQLQ
)LJXUHLVPDLQWDLQHGIRUWKLVDQDO\VLV
7RHYDOXDWHWKHIXWXUHSRWHQWLDORIDSSO\LQJWKHQHZF\FOH
WRDQHYHQODUJHUJDVWXUELQHDVFDOHGXSYHUVLRQRIWKHSURFHVV
ZDVDQDO\]HG7KHUHIRUHLWZDVDVVXPHGWKDWD0:)%
VL]H JDV WXUELQH FRPELQHG F\FOH ZLWK LQWHUFRROLQJ RU RWKHU
RSWLRQV IRU VXEVWDQWLDO JDV H[WUDFWLRQ DQG UHLQMHFWLRQ WKURXJK
RXWFRPSUHVVLRQ ZRXOGEHDYDLODEOH7KRXJKFXUUHQWO\VXFKD
ODUJHIUDPH JDV WXUELQH ZLWK LQWHUFRROLQJ LV QRW DYDLODEOH WKLV
SHUIRUPDQFH HVWLPDWH JLYHV DQ LQGLFDWLRQ RI WKH DGGLWLRQDO
F\FOH SRWHQWLDO LI EHLQJ DSSOLHG WR DQ HYHQ ODUJHU JDV WXUELQH
F\FOH)RUWKHVFDOHGXSV\VWHPWKHWXUERPDFKLQHU\SHUIRUPDQ
FH HYDOXDWLRQ ZDV EDVHG RQ GDWD IURP WRGD\¶V QRQLQWHUFRROHG
)%VL]HJDVWXUELQHV

7KH GHYHORSPHQW RI D ODUJHIUDPH LQWHUFRROHG JDVWXUELQH
ZRXOGUHTXLUHVLJQLILFDQWZRUN,IWKLVSDWKZRXOGEHIROORZHG
LWZRXOGWDNHDVXEVWDQWLDODPRXQWRIWLPHDQGWKHUHIRUHVKRXOG
EH FRQVLGHUHG D ORQJWHUP RSWLRQ $JDLQVW WKLV EDFNJURXQG
RQO\ PHPEUDQH WHFKQRORJ\ ZDV FRQVLGHUHG DV &2 VHSDUDWLRQ
WHFKQRORJ\ IRU WKH LQWHUFRROHG ODUJHIUDPH FRPELQHG F\FOH
RSWLRQ$VWKLVIXWXUHODUJHIUDPHLQWHUFRROHGJDVWXUELQHGRHV
QRWH[LVWVRIDUWKHLQWHUFRROLQJSUHVVXUHZDVYDULHGWRLGHQWLI\
WKH RSWLPXP FRQILJXUDWLRQ IRU WKLV VSHFLILF DSSOLFDWLRQ ZLWK

&2VHSDUDWLRQ7KHFKRLFHRIWKHLQWHUFRROHUSUHVVXUHLPSDFWV
ERWK WKH SHUIRUPDQFH RI WKH FRPELQHG F\FOH DV ZHOO DV WKH
SHUIRUPDQFH RI WKH &2 VHSDUDWLRQ XQLW LQ SDUWLFXODU WKH VL]H
DQG WKHUHE\ FRVW  RI WKH UHTXLUHG &2 VHSDUDWLRQ PHPEUDQH
7KH DQDO\VLV ZLWK YDU\LQJ SUHVVXUHV LQGLFDWHV WKDW LQWHUFRROHU
SUHVVXUHVEHWZHHQWREDUZRXOGEHEHVWIRUWKHSURSRVHG
FRPELQHGF\FOHZLWKLQWHJUDWHG&2VHSDUDWLRQ+RZHYHUDQ\
SUHVVXUHV EHWZHHQ  DQG  EDUV DUH SRVVLEOH 2Q WKH ORZHU
SUHVVXUHVLGHKRZHYHUWKHDSSOLFDWLRQRI&2VHSDUDWLRQPHP
EUDQHV EHFRPHV PRUH DQG PRUH FKDOOHQJLQJ DQG LQFUHDVLQJ
PHPEUDQHDUHDVDQGDPRXQWVRIVZHHSVWHDPDUHQHFHVVDU\WR
UHDFKWKHWDUJHWHG&2FDSWXUHUDWHV)RUDVLPXODWLRQFDVHZLWK
EDULQWHUFRROHUSUHVVXUHWKHHVWLPDWHGSHUIRUPDQFHUHVXOWV
IRUDIXWXUHODUJHIUDPHJDVWXUELQHDUHSUHVHQWHGLQWKLVSDSHU
'HSHQGLQJRQWKHGHJUHHRILQWHUFRROLQJSRWHQWLDOQHWHIILFLHQ
FLHVDUHHYDOXDWHGWROLHEHWZHHQ 0: DQG
0: LQFOXGLQJ&2FRPSUHVVLRQWREDU

7DEOH  VXPPDUL]HV WKH SHUIRUPDQFH UHVXOWV IRU WKH WKUHH
PDLQFRQILJXUDWLRQVRIWKHQHZF\FOH
• 0HGLXPVFDOHSODQWZLWKFKHPLFDODEVRUSWLRQ&2
FDSWXUH
• 0HGLXPVFDOHSODQWZLWK&2VHSDUDWLRQPHPEUDQH
• 0RGLILHGODUJHVFDOHJDVWXUELQHZLWK&2VHSDUDWLRQ
 PHPEUDQH







7DEOH&\FOHSHUIRUPDQFHUHVXOWVLQFOXGLQJ&2FRPSUHVVLRQ

0HGLXPVFDOH
1*&&ZLWK
FKHPLFDO
DEVRUSWLRQ
0HGLXPVFDOH
1*&&ZLWK
PHPEUDQHV
)XWXUH0:
1*&&ZLWK
PHPEUDQHV 



1HW
(IILFLHQF\
/+9 

&2
&DSWXUH
5DWH

1HW
3RZHU
2XWSXW





0:





0:


 



0:
0: 

GHSHQGLQJRQWKHGHJUHHRILQWHUFRROLQJ
UHVXOWVLQSDUHQWKHVLVZLWKRXWLQWHUFRROLQJ 


&267(67,0$7,210(7+2'2/2*<$1'
&267$1$/<6,65(68/76
$ FRVW DQDO\VLV ZDV FDUULHG RXW WR HYDOXDWH WKH HFRQRPLF
SRWHQWLDO RI WKH SURSRVHG F\FOH 7KH NH\ HOHPHQW RI WKLV DQD
O\VLV LV WR HVWLPDWH FRVWV RI DGGLWLRQDOO\ LQVWDOOHG HTXLSPHQW
ZKLFK LV QHHGHG IRU &2 FDSWXUH DQG FRPSUHVVLRQ EXW LV QRW
SDUW RI D WUDGLWLRQDO QDWXUDO JDV ILUHGFRPELQHGF\FOH$OOFRVW
QXPEHUVDUHFDOFXODWHGDVVXPLQJWKHF\FOHVDQGFRPSRQHQWVWR
EHPDWXUHWHFKQRORJLHV

&RS\ULJKWE\$60(

7KHHFRQRPLFHYDOXDWLRQLVEDVHGRQWKHFRQFHSWRIFRVWRI
&2DYRLGHGZKLFKLVGHILQHGDV

&2( FDSWXUH &2( UHI >N:K@

&RVWRI &2 DYRLGHG>W @=


&2

VSHF&2  HPLVVUHI VSHF&2  HPLVVFDSWXUH >W &2 N:K@

,QWKLVHTXDWLRQWKHWHUP&2(VWDQGVIRUFRVWRIHOHFWULFLW\
DQG W\SLFDOO\ LV VXEGLYLGHG LQ FDSLWDO IXHO DQG RSHUDWLRQ DQG
PDLQWHQDQFHFRVWV7KHFDOFXODWLRQRIFRVWRI&2DYRLGHGUH
TXLUHVWKHGHILQLWLRQRIDUHIHUHQFHFRPELQHGF\FOHSODQWZLWK
RXW &2 FDSWXUH LQGH[ UHI  LQ FRPSDULVRQ WR WKH F\FOH ZLWK
FDSWXUH LQGH[FDSWXUH 7KHUHIHUHQFHSODQWLVDVVXPHGWREHD
SODQW RI WKH VDPH W\SH DV WKH SODQW ZLWK &2 FDSWXUH 'HSHQ
GLQJRQWKHJDVWXUELQHSODWIRUPFKRVHQIRUWKHV\VWHPHYDOXD
WLRQ D  0: VFDOH /06 FRPELQHG F\FOH ZLWKRXW &2
FDSWXUHRUD0:VFDOH)%FRPELQHGF\FOHZLWKRXW&2
FDSWXUH DUH FKRVHQ DV UHIHUHQFH FDVHV )RU WKH  0:
PHGLXPVFDOHF\FOHFRQILJXUDWLRQVFRVWVRI&2DYRLGHGZHUH
FDOFXODWHGXVLQJERWKDQ/06DQGD)%FRPELQHGF\FOHDV
UHIHUHQFH FDVHV WKRXJK WKHUH LV D VXEVWDQWLDO GLIIHUHQFH LQ
SRZHU RXWSXWV EHWZHHQ WKH )% DQG WKH PHGLXP VFDOH FRP
ELQHGF\FOH1RQHWKHOHVVFRVWUHVXOWVEDVHGRQD0:FODVV
UHIHUHQFHFDVHVXFKDVWKH)%ZHUHDGGHGDVWKLVLVW\SLFDOO\
WKHIRFXVRIWRGD\¶VQDWXUDOJDVEDVHG&2FRVWVWXGLHV,QWKH
FRVWFDOFXODWLRQSRWHQWLDODGGLWLRQDOFRVWIRU&2WUDQVSRUWDQG
VHTXHVWUDWLRQ ZHUH QRW LQFOXGHG &2 FRPSUHVVLRQ WR EDU
DQG &2 GHK\GUDWLRQ KRZHYHU KDYH EHHQ FRQVLGHUHG (TXLS
PHQWFRVWHVWLPDWHVZHUHEDVHGERWKRQLQWHUQDO*(DQG6WDWRLO
VRXUFHVDVZHOODVRQSUHOLPLQDU\TXRWHVIURPVXSSOLHUV:KHQ
HYDOXDWLQJ WKH FRVW UHVXOWV LW KDV WR EH NHSW LQ PLQG WKDW WKH\
DUH FDOFXODWHG IRU DQ LQVWDOODWLRQ LQ 1RUZD\ 7KH UHVXOWV FDQ
FKDQJHZKHQFRQVLGHULQJRWKHUORFDWLRQV

7KH FDOFXODWHG FRVW IRU DOO WKUHH FDVHV PHGLXP VFDOH ZLWK
FKHPLFDODEVRUSWLRQPHGLXPVFDOHZLWKPHPEUDQHVVFDOHGXS
F\FOHZLWKPHPEUDQHV DUHOLVWHGWRJHWKHUZLWKWKHSHUIRUPDQFH
UHVXOWV LQ 7DEOH  EHORZ )RU D FRQILJXUDWLRQ EDVHG RQ D
PHGLXP VFDOH FRPELQHG F\FOH FRVW RI &2 DYRLGHG LQFOXGLQJ
7DEOH

',6&866,212)5(68/76
7KHSURSRVHGQRYHOSRZHUSODQWF\FOHZLWKLQWHJUDWHG&2
FDSWXUHLVDEOHWRWUHDWDOOH[KDXVWJDVDWSUHVVXUH7KHUHE\KLJK
&2 FDSWXUH UDWHV FDQ EH UHDFKHG DQG DUH RQO\ OLPLWHG E\ WKH
&2 VHSDUDWLRQ HIILFLHQF\ RI WKH &2 VHSDUDWLRQ XQLW $V D
UHVXOW WKH F\FOH LV DEOH WR FDSWXUH  RI WKH JHQHUDWHG
&2 DQGPHHWWKH&2 FDSWXUHGHVLJQFULWHULDRIDWOHDVW
FDSWXUH
%DVHGRQDPHGLXPVFDOHFRPELQHGF\FOHQHWHIILFLHQFLHV
LQFOXGLQJ&2FRPSUHVVLRQUDQJHEHWZHHQIRUFKHPLFDO
DEVRUSWLRQ &2 VHSDUDWLRQ DQG  IRU PHPEUDQHEDVHG
FDSWXUH7KRXJK WKHVH QXPEHUV DUH EHORZ WKH GHVLJQ WDUJHW RI
HIILFLHQF\WKH\DUHUHPDUNDEOHJLYHQWKHIDFWWKDWWKH\DUH
QRWEDVHGRQDODUJHVFDOHFRPELQHGF\FOHZKLFKW\SLFDOO\KDV
D PXFK KLJKHU EDVHOLQH QHW HIILFLHQF\ W\SLFDOO\   ,Q
VWHDG WKH DQDO\VLV VKRZV FRPSDUDEO\ ORZ HIILFLHQF\ SHQDOWLHV
GXHWRWKH&2 FDSWXUHDQGFRPSUHVVLRQ(YHQIRUWKHPHGLXP
VFDOH F\FOH DERYH  HIILFLHQF\ FRXOG EH UHDFKHG E\ UH
GXFLQJ WKH &2 VHSDUDWLRQ UDWH RU E\ DGGLWLRQDO KHDW LQWHJUD
WLRQ$SSOLHG WR D IXWXUH LQWHUFRROHG ODUJHIUDPH PDFKLQH WKH
F\FOHLVDEOHWRVXEVWDQWLDOO\H[FHHGWKHHIILFLHQF\WDUJHW
UHDFKLQJ QHW HIILFLHQFLHV EHWZHHQ   0:  DQG
 0: GHSHQGLQJRQWKHGHJUHHRILQWHUFRROLQJ

)URPDQHFRQRPLFYLHZSRLQWWKHSRZHUF\FOHKDVWKHSR
WHQWLDO WR PHHW WKH FRVW WDUJHW RI  W&2 LQ WKH ORQJ UXQ LI
EDVHGRQDODUJHVFDOHFRPELQHGF\FOHWHFKQRORJ\LQFRQMXQFW
WLRQZLWK&2 VHSDUDWLRQPHPEUDQHV,ILWLVDSSOLHGWRWKHDO
UHDG\H[LVWLQJPHGLXPVFDOHWHFKQRORJ\W&2FRVWRI&2

&\FOHFRVWDQGSHUIRUPDQFHDQDO\VLVUHVXOWVLQFOXGLQJ&2FRPSUHVVLRQ


7DUJHW
0HGLXPVFDOH1*&&
ZLWKFKHPLFDO
DEVRUSWLRQ
0HGLXPVFDOH1*&&
ZLWKPHPEUDQHV
)XWXUH0:1*&&
ZLWKPHPEUDQHV



FRPSUHVVLRQ KDYH EHHQ HYDOXDWHG WR EH W&2 LI XVLQJ
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a b s t r a c t
Over the coming decade, gas-ﬁred power plants are projected to account for a substantial share of global
output. CO2 capture would be required to mitigate the associated emissions. Thus, high ﬁdelity models of
a 440 MW natural gas combined cycle power plant, a CO2 capture plant and a CO2 compression train were
built and integrated for 90% capture level. Power output is observed to fall by 15%, while cooling water
demand increases by 33%. A 40% exhaust gas recirculation (EGR) causes a 10 MW power recovery, but
increases cooling water demand further. It is shown that higher exhaust gas CO2 concentration enhances
mass transfer in the capture plant, which reduces its steam requirement. Supplementary ﬁring (SF) of
the exhaust gas is observed to generally improve the plant output. Economic analysis, performed via a
bottom-up approach, reveals integrated plant overnight cost to be 58% higher than the power plant cost,
discouraging deployment of CO2 capture. The impact of EGR is marginal, while SF implementation almost
doubles the overnight cost. Cost of electricity increases by 30% for the integrated plant, but only by 26%
with EGR, and 24% with SF. However, the price of gas remains the largest contributor to cost of electricity.
Crown Copyright © 2013 Published by Elsevier B.V. All rights reserved.

1. Introduction
1.1. Background
The advent of cheap gas in the US engendered by shale gas production, accompanied by the global tilt towards harnessing shale
reserves, gives natural gas added signiﬁcance in the future energy
mix. A lot of this gas is used to generate power, which brings
about a substantial fall in greenhouse gas emissions as observed
in the US over the past year (EIA, 2012), and prompted recent UK
energy policy to encourage “a dash for gas”. This is because natural
gas combined cycle (NGCC) power plants produce around half the
emissions that state-of-the-art coal-ﬁred power plants generate,
but even if all coal consumption is replaced with natural gas, the
reductions would not be enough to meet the global emission reduction targets proposed by the Intergovernmental Panel on Climate
Change (IPCC, 2007).

Abbreviations: APEA, Aspen Process Economic Analyzer; EGR, exhaust gas recirculation; FC, free carbon; HP, high pressure; IP, intermediate pressure; HRSG, heat
recovery steam generator; LCOE, levelised cost of electricity; LP, low pressure;
NGCC, natural gas combined cycle; O&M, operational and maintenance; PCC, postcombustion carbon capture; SF, supplementary ﬁring.
∗ Corresponding author. Tel.: +44 1234750111x5169.
E-mail address: c.s.biliyok@cranﬁeld.ac.uk (C. Biliyok).

Carbon capture and sequestration (CCS) has been identiﬁed by
the International Energy Agency (IEA) as a crucial technology that
can be used to meet emission reduction targets (IEA, 2010), as the
world transitions to sustainable energy sources. Currently, there
are only eight large scale CCS facilities operating worldwide (Global
CCS Institute, 2012). These facilities are expensive investments, and
require government regulation or subsidy to be competitive, leading to recent cancellations of some high proﬁle CCS projects (Project
Pioneer, 2012). This makes modelling and simulation an invaluable
tool for investigating integration challenges.

1.2. Motivation
The most pressing challenges of CCS is that it is estimated to
reduce the plant efﬁciency by 15% and increase the cost of electricity by 60% when integrated with an NGCC power plant (Ciferno
et al., 2010). Recent literature highlights efforts targeted at these
issues, however doubts remain about the accuracy of many of these
studies, where the models used have not been validated (Peeters
et al., 2007; Berstad et al., 2011; Li et al., 2011a). Where models have
been validated, some questions remain. For instance, in the analysis performed by Sipöcz and Tobiesen (2012), it is reported that a
440 MW NGCC Plant would only require a single 9.13 m diameter
absorber with 26.9 m Mellapak 250 packing for its post-combustion
carbon capture (PCC) plant. This result is arrived at after a PCC plant
model, which was validated at pilot plant scale, was scaled up.

1750-5836/$ – see front matter. Crown Copyright © 2013 Published by Elsevier B.V. All rights reserved.
http://dx.doi.org/10.1016/j.ijggc.2013.10.003
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However, this is a very optimistic estimate, and is at odds with
the design of a PCC plant for a similar capacity NGCC plant, which
Hetland et al. (2009) reported to require four 9.6 m diameter
absorbers with 30 m Mellapak 250 packing.
Various authors have also analysed the impact of exhaust
gas recirculation (EGR) on the performance of the integrated
process(Berstad et al., 2011; Li et al., 2011a,b; Sipöcz and Tobiesen,
2012; Botero et al., 2009; Jonshagen et al., 2011). It has been found
that EGR is mostly beneﬁcial to an integrated plant due to a concomitant fall in exhaust gas ﬂow rate, an increase in exhaust gas CO2
concentration, and a reduced solvent pumping requirement. However, the impact of EGR on the thermodynamic performance on the
PCC plant has not been explored in detail, especially in regards to its
role in solvent regeneration. This is important, as it may uncover
potential avenues that can be explored to enhance the impact of
EGR.
As a result, high ﬁdelity models of a NGCC power plant and a
PCC plant, which have been validated, are required for rigorous
analysis of the integration of the two plants. Chemical engineering principles need to be applied in scaling up the PCC plant
model that has been validated at pilot scale. An appropriately
sized compression train is also desirable to determine the additional energy required to deliver the CO2 to a nearby storage site
via a pipeline. In this manner, the integrated plant performance
can be fully explored, along with estimated water requirements
in the whole process. Furthermore, as a performance improvement scheme, the impact of EGR on the PCC plant can also be
thermodynamically investigated. In addition, the supplementary
ﬁring of turbine exhaust gas can be analysed in the integrated
plant.
The implication here is that economic analysis performed with
such models would inspire conﬁdence. Previous reported efforts
are mainly based on cost factors and employ several technical
and economic assumptions that dramatically inﬂuence results
(Sipöcz and Tobiesen, 2012; Rubin et al., 2007). In addition, the
plant location, which is an inﬂuential economic factor, is another
parameter that is routinely neglected. Therefore, rigour in this
analysis is ensured by eliminating assumptions and providing
a suitable location for the facility. The location would provide
a basis for generating construction costs for the plant through
a bottom-up approach, using material and labour costs in the
region.
1.3. Novelty
There are four novelties presented in this work: (a) evaluation
of an integrated NGCC, PCC and CO2 Compression plant using validated and well-sized models; (b) thermodynamic analysis of the
impact of EGR on the PCC plant performance, and hence on the
integrated plant performance as a whole; (c) the feasibility and
beneﬁts of supplementary ﬁring of gas turbine exhaust on the
Rankine cycle design and PCC plant; and (d) economic analysis
of the integrated plant located in Northern England, generating
cost estimates via a bottom-up approach, as opposed to using cost
factors.
1.4. Outline

Table 1
NGCC plant input and design data.
Description

Values

Fuel gas ﬂow rate (kg/s)
Fuel lower heat value (kJ/mol)
Air to gas combustion ratio (wt)
Turbine inlet temperature (◦ C)
Gas turbine inlet pressure (bar)
HP turbine inlet pressure (bar)
IP turbine inlet pressure (bar)
LP turbine inlet pressure (bar)
Condensate pressure (bar)
Superheated steam temperature (◦ C)
Reheated steam temperature (◦ C)
HRSG minimum approach (◦ C)
Ambient temperature (◦ C)
Cooling water exit temperature (◦ C)

15.69
974.5
43.76
1425
20.68
124.00
28.65
4.45
0.04
565
558
11
15
25

2. Model development
2.1. NGCC power plant
A 440 MW NGCC power plant is modelled in GE’s GateCycleTM
turbine library software, an application that uses the turbine data to
determine the corresponding “as-built” performance. GateCycleTM
models are used detailed engineering, design, retroﬁtting, repowering and acceptance testing (GE Energy, 2013). The plant consists
of an Ansaldo V94.3A gas turbine and a three pressure level steam
cycle with reheat. Important model input and design data is given
in Table 1. The model is replicated in Aspen HYSYS V8.0 by incorporating the gas turbine performance and design parameters from
GateCycleTM . The thermodynamic properties of the Brayton cycle
described by Peng Robinson equation of state, while that Rankine
cycle is represented by steam tables. There are sixteen heat transfer
stages in the heat recovery steam generator (HRSG), and each one
is modelled individually as a heat exchanger.
In benchmarking the model from GateCycleTM to Aspen HYSYS
V8.0, the effects of turbine blade cooling on the gas turbine performance introduced some challenges. These have been handled
using techniques described by Jonsson et al. (2005), which enables
the Brayton cycle in Aspen HYSYS to be tuned to be the exact representation of the one in GateCycleTM . On the other hand, Rankine
cycle calculations of both models are identical.
2.2. PCC plant
The rate-based column in Aspen HYSYS is used to develop
a PCC plant model with MEA solution as solvent. This model is
underpinned by the two-ﬁlm theory, which describes diffusion of
components across the vapour and liquid ﬁlms of minuscule thickness, with a phase equilibrium existing in the interface between
the ﬁlms. Chemical reaction is also accounted for and is assumed to
occur in the liquid ﬁlm. The following kinetic expressions describe
these chemical reactions:
CO2 + OH− → HCO3 −
−

HCO3 → CO2 + OH

(1)

−

(2)
−

+

(3)

MEACOO + H3 O → MEA + CO2 + H2 O

(4)

MEA + CO2 + H2 O → MEACOO + H3 O
−

Model development is covered in Section 2. Section 3 focuses on
the plant integration, EGR and its impact on performance. Insights
are drawn from the thermodynamic analysis of EGR on the PCC
plant. Section 4 presents the supplementary ﬁring of gas turbine
exhaust and its inﬂuence on performance. Finally an economic analysis is presented in Section 5, with conclusions provided in Section
6.

397

+

Electrolytic interactions such as water dissociation, bicarbonate
dissociation and MEA hydrolysis also accounted for in the liquid
ﬁlm:
2H2 O ↔ H3 O+ + OH−
−

+

HCO3 + H2 O ↔ H3 O + CO3

(5)
2−

(6)
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Table 2
PCC plant design and operations.
Preliminary design
Absorber column number
Absorber diameter (m)
Absorber packing height (m)
Regenerator column number
Regenerator diameter (m)
Regenerator packing height (m)

MEAH+ + H2 O ↔ MEA + H3 O+

Operations
4
10
15
1
9
15

Capture level (wt%)
Lean loading (mol CO2 /mol MEA)
Rich loading (mol CO2 /mol MEA)
Flue gas inlet temp (◦ C)
Absorber pressure (bar)
Regenerator Pressure (bar)

(7)

Globally, electrolyte NRTL activity coefﬁcient is used to describe
the system. Kinetic parameters of reaction (1) are taken from
Pinsent et al. (1956) and those for reaction (2) are derived using
equilibrium constants from Hikita et al. (1977) while considering
the reversibility of (1) and (2). These are then adapted to the power
law by AspenTech (2008), who also provide the kinetic parameters
of reactions (3) and (4), along with the equilibrium constants of Eqs.
(5)–(7).
Such a model is the highest level of modelling packed columns
(Kenig et al., 2001), as both the physical and the chemical behaviour
of all components in the system are individually represented, without using enhancement factors. The “True Species” simulation
approach is utilised, where all components – CO2 , MEA, H2 O, H3 O− ,
OH− , HCO3 − , CO3 2− , MEAH+ and MEACOO− – are accounted for, as
opposed to the “Apparent Species” approach, where the ionic components are reduced to their corresponding stable states of CO2 ,
MEA and H2 O.
This model has been validated previously with pilot plant data
(AspenTech, 2008). The model is scaled up to handle the exhaust
gas from the NGCC power plant. Scale-up techniques described by
Lawal et al. (2012) were utilised, with Mellapak 250X packing. The
lean solvent recycle to the absorber was closed, ensuring that the
model remains a good representation of the PCC plant (Lawal et al.,
2010; Biliyok et al., 2012). Preliminary design and operations data
is provided in Table 2.

2.3. Compression train
A CO2 compression train is sized and modelled to appropriately
account for its energy demands required to compress the captured
CO2 . A ﬁnal compression stage discharge pressure of 110 bar is
speciﬁed according to KEPCO/MHI application (IPCC, 2005), where
CO2 is at its supercritical or dense phase, for efﬁcient pipeline transport. Pure CO2 becomes supercritical at a pressure of 96 bar, and
remains so at all temperatures (IPCC, 2005), however the higher
pressure of 110 bar provides allowance for impurities present. A
molecular sieve is added to the model to remove water and ensure
a 99.5% ﬁnal CO2 concentration. A pump is provided that is capable
of increasing CO2 pressure to 175 bar, to account for an increasing
reservoir pressure, as more and more CO2 is stored underground.
The model is described by REFPROP database.
The compression train comprises of centrifugal compressors,
aftercoolers and scrubbers. A maximum ﬂuid head (polytropic)
of 3050 m is enforced at each compression stage/impeller, due to
equipment mechanical limitations (Brown, 2005). As this is a CO2
compression application, a maximum compressor discharge temperature of 120 ◦ C is imposed, which in turn limits the number
impellers in a single compressor without intercooling to two. Compressor maps/curves, which are compressor manufacturer (OEM)
proprietary data, have also been used. These provide a relationship between actual volume ﬂow rate at the suction, compression
efﬁciency and ﬂuid head. In this case, data for a natural gas compression application, manufactured by the Elliot Group has been

90.00
0.2340
0.4945
40.00
1.013
1.500

appropriately scaled (considering gas molecular weight differences) and used. The design and performance is given in Table 3.
3. Process integration
3.1. Consideration
There are four main integration points (Fig. 1):
[A] exhaust gas fed to the PCC plant,
[B] steam extracted from the NGCC plant to the reboiler at PCC
plant,
[C] condensate returned to the NGCC plant from the reboiler, and
[D] captured CO2 from the regenerator to the CO2 compression
train.
Pre-treatment of the exhaust gas is performed before it is fed
into the PCC absorber. It passes through a desulphurisation unit to
remove SOx gases and an electrostatic precipitation unit to remove
NOx gases. It is assumed that oxygen inhibitors are used to limit
MEA solvent degradation. A direct contact cooler (DCC) then cools
the gas to around 40 ◦ C for favourable absorption conditions in the
absorber, and condenses water out of the gas.
Steam is drawn from the cross-over of the IP and LP turbines
through a throttle valve, which limits pressure losses, and then
used to regenerate the solvent in the PCC plant. The condensate
from the reboiler is returned to the condenser of the NGCC plant.
This position is chosen due to the steam quality of 4.5 bar, which is
saturated at 148 ◦ C. Pressure losses occur over the cross-over line
and the reboiler tubes, so a reasonable pressure drop is assumed
and the steam condenses at 3 bar, with a saturation temperature
of 134 ◦ C. At this temperature, an appropriate minimum approach
can be maintained in the reboiler, where the solvent temperature is constrained to a maximum of 120–125 ◦ C to avoid thermal
degradation. An attemperator is used to control the temperature
of the steam draw, spraying condensate to ensure the temperature
remains just above saturation. For this study, it is assumed that the
LP turbine can handle large ﬂow rate variations with negligible fall
in efﬁciency.
CO2 is captured at the regenerator pressure of 1.5 bar and sent
to the compression train where it is compressed to a supercritical state. Supercritical CO2 is sent to a nearby saline aquifer for
sequestration. Therefore, the steam extracted from the Rankine
cycle, along with power demands of the gas blower, solvent pumps
and CO2 compressors, all add up to a parasitic load on the NGCC
power plant. The performance of the integrated plant is given in
Table 4.
Table 3
Compression train design and operation data.
Description

Value

Number of compressors
Compressor efﬁciency range (%)
Aftercoolers exit temperature (◦ C)
Compressor speed (rpm)

5
78.0–83.5
40
6000
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Fig. 1. Process ﬂow diagram of integrated NGCC, PCC and compression plant.

3.2. Exhaust gas recirculation

3.3. Discussion of results

Part of the exhaust gas from the HRSG exit is cooled to around
ambient conditions using a DCC, and then sent back to the inlet of
the air compressor. EGR has the following advantages:

3.3.1. Integrated plant scenario
Considering Table 4, it is observed that the power plant net output falls by about 14.7% when the PCC plant and compression train
are integrated, and this amounts to a 10% point efﬁciency loss. The
largest driver of this fall in output is the steam draw that diverts
58% of steam meant for the LP turbine to the reboiler in the PCC
plant for solvent regeneration. While maintaining HRSG minimum
approach temperature, steam generation is increased slightly, however it is still observed that heat transfer is less effective as the
exhaust temperature is 25 ◦ C higher for the integrated plant compared to that of the NGCC plant. The reduced heat transfer is caused
by the condensate that returns to the NGCC plant at a higher temperature, i.e. just below saturation at 3 bar, before it is sent to the
low pressure economiser section of the HRSG. The implication here
is that a redesign of the HRSG, to account for the steam draw, would
potentially improve heat transfer with the exhaust gas. In the end,

• a fall in exhaust gas ﬂow rate, which reduces the required PCC
plant capacity;
• an increase in exhaust gas CO2 concentration, leading to a more
efﬁcient CO2 capture; and
• a reduced solvent circulation in the PCC plant, resulting in less
pumping required.
A 40% EGR is imposed, i.e. 40% of the exhaust gas is returned to
the compressor inlet. This is a recommended maximum needed to
preserve ﬂame stability in the gas turbine (Elkady et al., 2009). The
capture level of the integrated plant with EGR is maintained at 90%.
The results are also provided in Table 4.
Table 4
Process performance comparison.

Power plant net output (MW)
Power loss due to PCC & comp. (%)
Plant net efﬁciency (%)
Total cooling water demand (tonne/s)
Cooling water increase (%)
Gas turbine net output (MW)
Exhaust gas ﬂow rate (kg/s)
Exhaust gas CO2 content (mol%)
Exhaust gas outlet temp. (◦ C)
Steam generated (kg/s)
Steam draw-off ﬂow rate (kg/s)
Absorber column number
Absorber L/G ratio (mol basis)
Total Solvent circulation rate (kg/s)
Steam/CO2 captured (kJ/kg)
Additional PCC plant demand (MW)
Compression train inlet rate (kg/s)
Compression power demand (MW)
Net Speciﬁc Emission (kg CO2 /MWh)

NGCC plant only

Integrated plant

Integrated plant + EGR

440.6
–
59.62
7.72
–
287.7
693.6
3.996
99.5
103.8
–
–
–
–
–
–
–
–
354.5

376.0
14.66
49.38
10.29
33.34
287.7
693.6
3.996
125.0
106.6
61.87
4
1.31
721.6
4003
6.25
39.61
13.37
40.1

386.1
12.37
50.71
10.62
37.62
287.6
416. 1
6.610
120.7
109.0
57.25
3
2.09
675.3
3724
3.74
39.41
13.25
39.5
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it is determined that for 90% capture, 4003 kJ of steam energy is
required to strip the solvent of 1 kg of captured CO2 in the integrated plant. The 90% capture level results in a corresponding 90%
fall in net speciﬁc emission to 40.1 kg CO2 /MWh.
With no change observed in output of the gas turbine in NGCC
plant, power demands from equipment like the blower and solvent
pumps in the PCC plant, and the compressors in the compression
train all contribute in reducing the net power produced. In addition,
cooling water demand is estimated to increase by 33%, as a result
of the cooling required in the condenser and DCC in the PCC plant,
and the compressor aftercoolers in the compression train.
3.3.2. EGR scenario
From Table 4, when a 40% EGR is implemented, the net output improves by 10 MW resulting in an efﬁciency recovery of 1.3%
point. Although, the net output of the gas turbine falls by 0.1 MW,
2.4 kg/s of additional steam is generated in the HRSG at similar minimum approach temperatures, resulting in a 4 ◦ C fall in exhaust gas
temperature. However, the exhaust gas temperature is still 21 ◦ C
higher than the stand-alone NGCC plant. As already explained, this
implies a compromised heat transfer, which can potentially be rectiﬁed with a redesign of the HRSG to account for the steam draw.
However, it is noted that less steam is extracted for solvent regeneration when EGR is implemented, as only 53% of generated steam
used by the reboiler. The reason for this is explored in detail in Section 3.3.3. It is also observed that cooling water demand increases
by 38% compared to the NGCC plant, mainly as a result of the cooling requirements of the DCC used to cool the recycled exhaust
gas. However, net speciﬁc emission reduces marginally to 39.5 kg
CO2 /MWh due to the recovery of 10 MW.
As only 60% of the exhaust gas proceeds to the PCC plant,
smaller absorber capacity is required. As opposed to resizing the
four absorbers, only three are employed. The CO2 concentration in
the exhaust gas increases by 65%, and would require either a lower
lean loading or a higher absorber L/G ratio to maintain the capture
FC Ratio =

In the regenerator, the energy required for solvent regeneration
achieves four things:
• It provides sensible heat to the rich solvent to increase its temperature to the required temperature in the reboiler.
• It evaporates water in the reboiler, with water vapour acting as
a stripping agent as it moves up the regenerator, aiding the CO2
removal from the solvent.
• It provides heat to reverse the chemical reactions that have
occurred in the absorber, and in theory, an energy that is equal
to that released due to the exothermic reactions.
• It imparts heat to liberate dissolved CO2 out of the solvent solution.
For MEA solvent, this heat of reaction with CO2 is much greater
than the heat of dissolution (or in this case, mass transfer) of CO2
into MEA solvent. The heat of reaction and heat of dissolution are
summed up as the heat of absorption. This would mean that as a 90%
capture level is maintained for the EGR scenario, less of the exothermic chemical reaction occurs with the higher CO2 concentration,
leading to an overall reduced heat of absorption.
In the absorber, CO2 has to diffuse into the solvent before chemical reaction occurs. The chemical reactions, described by Eqs.
(1)–(4), enhance the mass transfer by consuming CO2 and maintaining a gradient for more CO2 diffusion into the solvent. However,
a proportion of the diffused CO2 remains unreacted, which means
there is no associated heat of reaction released (which would need
to be replaced later during solvent regeneration). To gauge the role
played by the unreacted CO2 in this chemical absorption dominated
system, a parameter called the “Free Carbon (FC) Ratio” is deﬁned.
The FC ratio is described as the fraction of the total CO2 (inclusive
of ionic species HCO3 − , CO3 2− and MEACOO− that are the product of chemical reactions) in the solvent that has been captured
in the absorber that is made up of unreacted diffused CO2 . This is
calculated as:

Rich Solvent True CO2 molar ﬂow rate − lean Solvent True CO2 molar ﬂow rate
Rich Solvent Apparent CO2 molar ﬂow rate − lean Solvent Apparent CO2 molar ﬂow rate

level of 90%. Among the two options, a higher L/G ratio was selected
as it was observed to require less steam extraction from the NGCC
plant, leading to a new rich loading of 0.5130. However, the total
solvent circulation rate with EGR falls marginally by 6%, as only 3
absorber columns are used.
Considering the solvent regeneration, it is determined that
3724 kJ of steam energy is required to strip the solvent of 1 kg of
captured CO2 , i.e. a drop in steam draw rate and an improvement on
the scenario without EGR. Part of the reason for this is the 6% drop
in solvent circulation rate, as less energy is needed to reach the
reboiler temperature required for a 0.2340 lean loading. Another
contributing factor is elucidated in Section 3.3.3 below.
3.3.3. Thermodynamic analysis of EGR on the PCC plant
According to Ficks law, a higher CO2 concentration in the
exhaust gas results in a higher gradient or potential for diffusion/mass transfer of CO2 into MEA solvent. In addition, Biliyok
et al. (2012) have previously shown that CO2 absorption into the
solvent is limited by mass transfer i.e. the rate of mass transfer is
much slower than the rate of chemical reactions. Therefore, it is
posited that when EGR is implemented, the higher CO2 concentration in the absorber would lead to a higher rate of mass transfer,
which translates to an increased mass transfer in the absorber. This
assertion can be conﬁrmed using the rigorous model employed for
this study, where both the mass transfer and the chemical reaction
in the system are explicitly described.

(8)

The “True CO2 molar ﬂow rate” in the solvent is made up of only
unreacted CO2 , while the “Apparent CO2 molar ﬂow rate” includes
unreacted CO2 and the ionic species – HCO3 − , CO3 2− and MEACOO− .
This fraction is a measure of the proportion of CO2 that has
been captured in a chemical absorption PCC plant, without chemical reaction. A larger value of FC ratio for a PCC plants indicates
a bigger inﬂuence of mass transfer in the absorber. Therefore, for
the scenarios without and with EGR, the metric is calculated to be
3.71 × 10−4 and 7.81 × 10−4 respectively. The higher value for the
EGR scenario provides evidence mass transfer increases when EGR
is implemented.
The true CO2 composition is then compared to the apparent CO2
composition of solvent along the length of packing in an absorber
under both scenarios. Fig. 2 shows a higher fraction of free CO2
along the length of an absorber with EGR as the solvent falls down
the absorber. In fact, under the same lean loading and capture level,
the amount of unreacted CO2 in the rich solvent that is fed to
the regenerator, is calculated to be 3.19 kmol/h and 1.94 kmol/h
for the scenarios with and without EGR respectively. These values represent the amount of CO2 liberated from the solvent in the
regeneration without the need of heat to reverse chemical reactions. The greater value for the EGR scenario lends more credence to
the assertion that mass transfer plays a greater role. Therefore, this
is the reason less steam is required for solvent regeneration, along
with drop in solvent circulation rate. The implication of this is that
using other means to enhance mass transfer in the absorber would
also result in a reduced steam requirement. A good example of this
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4. Supplementary ﬁring of gas turbine exhaust
4.1. Consideration
As a way of increasing the CO2 concentration in the gas that is fed
to the PCC plant, the exhaust gas exiting the gas turbine can be ﬁred
using a burner placed in the duct connecting the gas turbine outlet
to the HRSG inlet to burn additional natural gas (Li et al., 2011a).
Not only does the supplementary ﬁring (SF) of gas turbine exhaust
increase the CO2 concentration, but it also provides more energy
for the HRSG to generate additional steam, and reduces the oxygen
content of the gas, which in turn results in decreased oxidative
degradation of the solvent (Fig. 3).
SF is implemented for the 40% EGR scenario, with the steam
cycle redesigned to account for SF. The ﬂow rate of the exhaust
gas around the burner is 702 kg/s, with an initial oxygen content
of 7.54 mol%, equating to an oxygen ﬂow rate of 59 kg/s, which is
more than enough for complete combustion of additional gas to be
ﬁred. Therefore, to maintain rigour in the analysis, the following
assumptions are made:

• Complete combustion of added natural gas is reached due to the
excess oxygen available.
• There is negligible energy loss to the surroundings, as the burner
is located in the gas turbine-HRSG connecting duct.
• Flame stabilisation is achieved due to the excess oxygen available
for combustion.
• The conﬁguration and tube placements in the HRSG remain
unchanged.
• Superheated steam temperature is limited to 600 ◦ C due to steam
turbine design constraints.
• A minimum approach temperature of 11 ◦ C is maintained in the
evaporators.
• Pressure drops are constant in the HRSG tubes.
With no HRSG conﬁguration changes to be made, steam generation is limited to the subcritical region. Therefore, SF is explored for
a range of 0.5–2.0 kg/s of additional gas. HRSG operational parameters with SF are provided in Table 5.
The ﬂow rate of the exhaust gas increases marginally, however
its composition changes signiﬁcantly, particularly its CO2 and O2
content, as O2 is consumed in combustion. The impact of this is
shown in Fig. 4.
The increasing CO2 concentration would require longer packing
in both columns in the PCC plant to retain the same capture level
for the four SF scenarios with a reasonable reboiler duty. Therefore,

Supplementary
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HRSG

Natural
Gas
Gas
Burner

Air

Air
Compressor

To Reheat
Main
Steam

Combustion
Chamber
Recycled
Exhaust Gas

12
2.0

Fig. 4. Changing composition of exhaust gas with SF.

Fig. 2. True CO2 to apparent CO2 content ratio in solvent along absorber length.

is using a rotating packed bed for the absorber and regenerator
columns (Tan and Chen, 2006).
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8.0

5.0
Molar Fracon X 102

True CO2 to Apparent CO2 Rao x 104

401

Gas
Turbine

GAS TURBINE ENGINE
Fig. 3. Implementation of supplementary ﬁring of exhaust gas.

HP Steam
Turbine

402

C. Biliyok, H. Yeung / International Journal of Greenhouse Gas Control 19 (2013) 396–405

Table 5
HRSG operational parameters with SF.
Description

0.5 kg/s

1.0 kg/s

1.5 kg/s

2.0 kg/s

HP turbine inlet pressure (bar)
IP turbine inlet pressure (bar)
LP turbine inlet pressure (bar)
Superheated steam temperature (◦ C)
Reheated steam temperature (◦ C)

143.60
30.71
4.36
596
595

176.60
33.21
4.36
600
600

196.60
38.21
4.36
600
600

213.60
40.21
4.36
600
600

Table 6
SF Updated PCC plant design and operations data.
Operations
Capture level (wt%)
Steam/CO2 captured (kJ/kg)
Lean loading (mol CO2 /mol MEA)
Rich loading (mol CO2 /mol MEA)

to provide a basis for comparison, the same design and operating parameters for the PCC plant is used for all four cases and the
updated values are provided in Table 6.
4.2. Discussion of results
4.2.1. Impact of SF on the EGR scenario
It is shown in Fig. 5 that SF generally improves the performance
of the plant. Net power output increases proportionally with the
additional gas ﬁred in the burner, reaching a maximum of 435 MW
with the ﬁring of 2 kg/s of natural gas, while plant net efﬁciency
remains relatively constant at a 50.8%. The implication here is that
as long as complete combustion (limited by available oxygen) can
be maintained, with minimal environmental heat losses, then as
much natural gas as possible can be ﬁred in the gas burner to
enhance the output of an NGCC plant integrated with a PCC plant
and compression train.
The main driver for this rise in output is the increase in quantity and quality of steam generated in the HRSG, as observed in
Fig. 6, which in turn increases power generation in the steam turbines. Although there is an increase in the absolute value of steam
extracted from the Rankine cycle for solvent regeneration, due to
the rising CO2 capture rate displayed in Fig. 7, the percentage of generated steam that is extracted drops almost linearly to 48% when
2 kg/s of additional gas is ﬁred, leading to a higher proportion of
the steam being fed into the LP turbine. This also contributes to
the higher integrated plant output. Fig. 7 also shows that power
demands of compression train increases proportionally with the
CO2 capture rate, the additional power generated using SF more
than compensates for the increasing compression load. These all

contribute to make the net speciﬁc emissions stabilise at about
39.5 kg CO2 /MWh, even with increasing SF.
With the existing HRSG conﬁguration, updating the operation
parameters with SF also provides an opportunity to maximise heat
transfer in the HRSG. As a result, it is observed in Fig. 8 that HRSG
exhaust gas temperature, which is an indication of heat transfer,
drops with from 121 ◦ C when only EGR is implemented to 109 ◦ C
with SF of 2 kg/s of additional gas. The impact of this improved heat
transfer is reﬂected in the additional steam generated, which is of
higher quality. On the other hand, the cooling water requirements
for plant increase with increasing SF to a maximum of 12,106 kg/s.
This is driven by the DCCs for exhaust gas, the condenser in the
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Economic analysis cost inputs.
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in the absorber, accompanied with the decreasing chemical reactions, the reduced heat of absorption compensated for the increased
heat required by a rising solvent circulation rate, which lead to the
attainment of same amount of energy required to strip the solvent
of 1 kg of captured CO2 for all four SF scenarios.
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Fig. 9. PCC plant FC ratio and solvent circulation rate due to SF.

PCC plant and the aftercoolers in the compression train, which are
dealing with increasing ﬂue gas ﬂow rates.
4.2.2. Thermodynamic analysis of supplementary ﬁring on the
PCC plant
With an increasing SF of natural gas, there is an increasing
CO2 concentration in the exhaust gas that is fed to the PCC plant
(Fig. 4). To maintain the 90% capture level, solvent circulation rate
is increased, as opposed to reducing the lean loading of 0.3200.
The amount of steam energy required to strip the solvent of 1 kg
of captured CO2 is preserved at a value of 3700 kJ. This is notwithstanding the fact that more CO2 is being captured with increasing
SF (Fig. 7) and therefore being stripped from the solvent. As covered in Section 3.3.3, the rising solvent circulation rate should also
bring about an increase in steam energy requirement. However,
this is not the case because a change in the absorption mechanism
offsets this energy requirement to maintain the value of 3700 kJ. It
has been shown previously in Section 3.3.3 that an increasing CO2
concentration increases mass transfer in the absorber, which then
reduces the overall heat of absorption. The impact of this is explored
in Fig. 9, which shows how the FC ratio of the PCC plant increases
with increasing SF of natural gas in the NGCC plant, conﬁrming the
improved mass transfer.
Compared to the analysis in Section 3.3.3, which was tempered by a reduced solvent circulation rate, Fig. 9 clearly reveals
an increasing circulation rate with increasing SF. However, due
to the increasing mass transfer of CO2 diffusing into the solvent
Cost of CO2 Avoided =

Economic analysis is performed in Aspen Process Economic
Analyzer® (APEA) V8.0, an industry standard tool known to be far
more accurate than factor-based costing approaches (Whiteside,
2005), and which uses data from the 1st quarter of 2012. APEA
generates capital costs via a bottom-up approach, relying on material costs and wage rates to estimate equipment fabrication and
installation costs. Simulation unit operations are mapped to appropriate equipment cost models, which are then sized and designed
according to relevant design codes. For example, British Standard
5500 pressure vessel design code was speciﬁed for this analysis. The
equipment costs are then estimated by simulating vendor fabrication procedures. Piping and instrumentation diagrams, attached
to process equipment, are used to estimate associated bulk costs
of plant piping and instruments. Civil costs are a function of the
equipment weight and size.
The cost of a hypothetical plant, located in Northern England, is
evaluated using material costs and wage rates from the UK. Indirect
project costs, including engineering costs and owner’s costs, are
accounted for using wage rates and construction equipment rental
rates. The following assumptions are made:
• The captured CO2 has neither economic value nor disposal costs,
but is sequestered in a nearby saline aquifer.
• All electricity requirements, including those for equipment
motors and control process elements are generated in the plant
• Cooling water is sourced from a nearby body of water at cost of
pumping and operation of a cooling tower.
Important cost inputs are provided in Table 7, with the costs
given in Euro.
Three key cost metrics are evaluated for the stand-alone NGCC
plant, the integrated plant, the integrated plant with EGR and the
2 kg/s SF scenario:
• Overnight cost, which is the capital requirement but assumes the
plant can be constructed in a day and excludes interest.
• Levelised cost of electricity (LCOE), which is the unit cost of electricity generation over the life of the power plant, accounting for
operating and maintenance cost.
Cost of CO2 Avoided, which is calculated as:

[LCOE]with CCS − [LCOE]without CCS
[tonne CO2 Emitted/MW]without CCS − [tonne CO2 Emitted/MW]with CCS

(9)
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Table 8
Economic performance.

Overnight cost (D /kW)
Increase in overnight cost (%)
LCOE (D /MWh)
Increase in LCOE (%)
CO2 avoided cost (D /tonne CO2 )

NGCC plant only

Integrated
plant

Integrated
plant + EGR

Integrated
plant + EGR + SF

749
–
54
–
–

1185
58
70
30
51

1153
54
68
26
44

1422
90
67
24
43

5.2. Discussion of results
Results are provided in Table 8 and it is observed that the
overnight cost increases by 58% for the integrated plant compared
to the original cost of D 749 per kW for the NGCC plant. This is a
signiﬁcant increase in the capital requirement, and must be overcome to encourage the deployment of CCS with NGCC plants. When
EGR is implemented, the overnight cost is still 54% greater than
the stand-alone NGCC plant cost. Although the number of absorber
trains required for the EGR scenario is 3 compared to the 4 for the
integrated plant, the DCC required for the recycled exhaust gas and
the increased cooling water tower capacity, only translates to a
four percentage point reduction from the cost without EGR. This
cost reduction is mainly driven by the 10 MW output recovered by
implementing EGR.
Finally, when SF of 2 kg/s of gas is implemented onto the EGR
scenario, the overnight costs increases further by 90% compared to
the NGCC plant cost. This is partially driven by the higher capacity requirements for the PCC plant, compression train and cooling
water tower. However, the crucial cause of this increase is the larger
steam cycle capacity in the power plant i.e. larger steam turbines
and HRSG. In fact, the higher pressures in the HRSG required thicker
heat exchanger tubes that are more expensive. Therefore, with
overnight costs almost doubling when the steam cycle is designed
to account for SF, it is unlikely to be considered a viable option in
improving the performance of an NGCC plant integrated with CCS.
The LCOE for the integrated plant is 30% greater than the LCOE
for the NGCC plant. When EGR is then implemented, this falls to
26%, which is only a modest improvement. Designing the steam
cycle for SF of 2 kg/s of gas reduces this further by 2%, however such
a drop is unlikely to justify the additional capital outlay required.
In fact, Fig. 10 reveals that the largest driver for the LCOE remains
the cost of natural gas for all scenarios under consideration, with
the ﬁxed operational and maintenance (O&M) costs (made up of
running labour cost) estimated to be a greater proportion of the
LCOE than the capital requirements. Only the variable O&M costs,
which is made up of solvent make up costs, is less than the capital
proportion of the LCOE, but it is likely to also be greater in scenarios

80
70

LCOE (€/MWh)

60

Variable O&M Costs
Fixed O&M Costs
Fuel Costs
Capital Costs

50
40
30

where CO2 disposal costs are also considered. Therefore, integrating
a PCC plant and compression train to an NGCC plant does not change
the signiﬁcance of gas prices on the LCOE.
The CO2 avoided cost for the integrated plant is estimated to
be D 51 per tonne of CO2 captured. These are comparable to values in previously published studies, which fall between D 45 and
D 90 (Finkenrath, 2011). However, this value would be greater
when CO2 transport and storage costs are also accounted for. With
the implementation of EGR, the CO2 avoided cost drops to D 44
per tonne of CO2 captured, which the SF of 2 kg/s of additional
gas only improves this marginally to D 43 per tonne of CO2 captured.
6. Conclusions
High ﬁdelity models of a 440 MW NGCC power plant, PCC plant
and CO2 compression train were built in Aspen HYSYS V8.0. The
power plant model is tuned and validated with data from GE’s
GateCycleTM gas turbine library, the rate-based PCC plant model
is scaled up from a validated model, and the compression train
model is sized with compressor curves to determine the added
energy requirement. The three plants are integrated for 90% capture level and it is observed that net power output falls by 15%,
while cooling water demand rises by 33%. A 40% EGR results
in a 10 MW power output recovery, but cooling water demand
increases further by 4% compared to the stand-alone NGCC plant
requirements. The increased exhaust gas CO2 concentration due
to EGR was shown to enhance CO2 mass transfer in the PCC plant
absorber, which led to a reduction in steam demands by the PCC
plant regenerator from the NGCC plant. The implication here is
that using other method to enhance mass transfer, such as a rotating packed bed application, should also result in reduced steam
requirements. Design of the steam cycle due to SF of the gas turbine exhaust was explored, and it was shown to improve power
output in proportion to the amount of additional natural gas that
is ﬁred.
Economic analysis of the plant located in Northern England
is performed by generating construction costs from a bottom-up
approach and the integrated plant overnight cost is 58% higher than
cost of the NGCC plant, discouraging the deployment of CCS. With
EGR, overnight cost is 54% greater than the original cost, while addition of 2 kg/s SF of gas makes it 90% greater. On the other hand, LCOE
is estimated to increase by 30% for the integrated plant, a value that
reduces to 26% with EGR, and then drops further to 24% with SF.
In all cases, the cost of natural gas is the largest driver for LCOE.
Finally, the cost of CO2 avoided is determined to be D 51 per tonne
of CO2 for the integrated plant, D 44 per tonne of CO2 when EGR
is considered, and D 43 per tonne of CO2 with implementation of
SF.
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a b s t r a c t
The present study investigated the technical and economic performance of the monoethanolamine
(MEA)-based post-combustion capture process and its improvements integrated with a 650-MW coalfired power station. A rigorous, rate-based model developed in Aspen PlusÒ was employed to evaluate
technical performance, while a comprehensive economic model was used to determine the required capital investment and evaluate economic performance. The techno-economic model was validated with
published cost results. Our estimation of the capital investment for the baseline MEA capture plant
was US$1357/kW, with a CO2 avoided cost of US$86.4/tonne. We then proposed process improvements
such as parameter optimisation, lean/rich heat exchanger optimisation and flow sheet modifications to
improve energy and cost performance. The combined process improvements reduced the capital investment by US$72/kW (a 5.3% saving) while cutting overall energy consumption by 24.5 MW/h (a 13.5%
reduction). As a result, the CO2 avoided cost fell to $75.1/tonne CO2, a saving of US$11.3/tonne CO2 compared with the baseline. Lastly, we performed a sensitivity study and cost breakdown analysis to understand how the CO2 avoided cost would be apportioned to the economic and technical parameters. The
results indicate the directions of technical development to further improve the economic viability of
the CO2 capture process.
Crown Copyright Ó 2015 Published by Elsevier Ltd. All rights reserved.

1. Introduction
The contribution of increasing atmospheric concentration of
carbon dioxide (CO2) to climate change has led to great public concern. Coal combustion is the major CO2 emission source: it supplies
only 29% of global energy, but contributes 44% of global CO2 emission [1]. However, due to its low cost and mature technology
development, coal will continue to play an important role in pow⇑ Corresponding author at: CSIRO Energy, 10 Murray Dwyer Circuit, Mayfield
West, NSW 2304, Australia.
E-mail addresses: kangkang.li@csiro.au, kangkang.li@postgrad.curtin.edu.au
(K. Li).
http://dx.doi.org/10.1016/j.apenergy.2015.12.109
0306-2619/Crown Copyright Ó 2015 Published by Elsevier Ltd. All rights reserved.

ering the world’s economy in the foreseeable future. CO2 capture
and storage (CCS) technology is considered as a promising route
to significantly reduce CO2 emission from coal-fired power stations
in the near to medium term, which will allow for the continued use
of cheap coal until low-cost, commercial renewable energy systems are widely available [2–4].
Currently, three primary CO2 capture systems are generally
accepted as suitable for commercial applications: precombustion, oxy-fuel combustion and post-combustion [5–9]. Of
these, amine scrubbing technology for CO2 separation, which has
been used in the gas processing industry for decades, is considered
the dominant technology for large-scale post-combustion CO2
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capture (PCC) [10]. Monoethanolamine (MEA) is the predominant
solvent in the early-stage implementation of PCC in coal-fired
power stations, due to its commercial availability, relatively low
cost, fast absorption rate and rich experience in industrial applications. Although MEA is widely considered as a benchmarking
amine solvent, the deployment of MEA-based PCC is still hindered
by its high capital cost and parasitic energy consumption [11,12].
Specifically, installing the current MEA capture process in a coalfired power plant would decrease overall thermal efficiency by
25–40% and raise the cost of electricity by 70–100% [13,14].
Intensive research has been carried out over the past decade to
advance CO2 capture technologies and improve their affordability.
The main objective in the development of amine scrubbing technologies is to reduce energy consumption of solvent regeneration,
by improving solvent formulations and/or implementing process
improvements. Process improvements, such as parameter optimisation and flow sheet modifications, are simple, quick, effective
approaches, since they are built on existing technologies and
require minimum modification to the well-established process.
For this reason, considerable efforts – including pilot plant trials
– have been devoted to process improvements to improve the
technical performance of PCC [15–18]. For example, CSIRO pilotplant trials at Tarong Power Station revealed that the rich-split
process modification provided dual benefits in MEA-based PCC
process, i.e. a 7% reduction in solvent regeneration duty and 60%
reduction in condenser duty [19]. At DONG Energy’s pilot CO2 capture facility, an energy saving up to 7% was observed from absorber
inter-cooling, whilst a 20% reduction of reboiler duty was found in
the advanced configuration of lean vapour recompression in the
MEA process [20]. Recent pilot trials by Tatarczuk et al. [21]
demonstrated that the process modification of split flow with
inter-heated stripper reduced regeneration duty by 8–11% while
increased CO2 capture efficiency by 8–12%.
These investigations demonstrated that process modifications
could technically improve CO2 capture process, particularly in
reducing the energy consumption. However, energy performance
is not the only important characteristic to study when evaluating
the quality of process modifications. Most new configurations
require extra equipment to realise the technical benefits, but at
the expense of greater capital investment. Therefore, the economic
benefits of process improvements are uncertain, because the extra
capital expenditure could offset the energy savings from the
advanced configurations. A more rigorous index to evaluate the
process improvement is the ‘cost of CO2 avoided’. This cost takes
into account energy performance as well as capital investment,
thereby quantitatively assessing process modifications. Several
techno-economic studies have been conducted to evaluate the process improvements in MEA-based PCC integrated into coal-fired
power stations. A parametric study by Abu-Zahra et al. [22]
showed that parameter optimisation reduced the CO2 avoided cost
by around 11%. Flow sheet modifications by Schach et al. [23] indicated that absorber inter-cooling reduced the CO2-avoided cost by
around 5%, while a stripper modification of vapour recompression
by Karimi et al. [24] enabled a 3–3.5% reduction. However, the economic assessment models for CO2 capture in these studies were
not validated with published cost results, and the reliability of
the economic models used was uncertain. Such factors must be
investigated in detail for a reasonable, reliable evaluation of economic performance.
To use MEA as a benchmarking solvent for comparison with
other capture technologies, a systematic study of MEA-based CO2
capture process is essential for a comprehensive understanding
of its techno-economic performance. Although several economic
analyses have already evaluated the cost performance of the MEA
process, their cost results fall into a wide range leading to great
uncertainties of CO2 avoided cost [25–29]. Moreover, most

published work focused on the evaluation of a simple MEA-based
process, and/or use MEA as a reference case to compare with alternative solvents or other capture technologies. The conclusions of
these studies emphasised the advantages and benefits of the novel
solvents or new technologies, while neglecting the considerable
potential for technical and economic improvements in the MEA
process.
Therefore, the present study aimed to investigate the detailed
techno-economic performance of MEA-based PCC process and
explore the economic feasibility of various process improvements.
The novelties and goals of this study were to: (I) develop a relatively standard method for evaluating the techno-economic performance of MEA process; (II) gain insights into the trade-off between
energy savings and increased capital costs of various process
improvements, and integrate different modifications into one process to maximise the techno-economic benefits of process
improvements; (III) provide detailed cost information for the
benchmarking MEA process with and without process improvements, thereby enabling a comprehensive comparison with other
capture technologies. Sensitivity analysis and cost breakdown
analysis were also performed to understand how economic and
technical parameters affect the cost performance, which provides
guidelines for the future technical development of solvent-based
CO2 capture technology.

2. Methodology
2.1. Power station
The present study assumed the technical design and capital cost
estimation of an advanced pulverised-coal (APC) power station, as
described by the United States Energy Information Administration
[30]. The study was based on a supercritical Rankine power cycle
with a designed electricity output of 650 MWe and a net efficiency
of 38.9%. Table 1 summarises the technical and costing information
of the APC power station.
The total capital cost included selective catalyst reactor equipment for NOX reduction, and wet flue gas desulfurisation (FGD)
equipment for SO2 removal. Note that although the power station
installed the wet FGD system to remove SO2, the SO2 content in the
flue gas after cleaning (30 ppmv) is still too high for the MEA capture process. Therefore, a secondary FGD system is required to
reduce the SO2 concentration to 10 ppmv or less before the flue
gas enters the CO2 capture system. As indicated by a report from
the United States Department of Energy (DOE) [28], the total capital investment of a secondary FGD system for a 433.8-MWe power
station was US$22.2 million (in 2006). In this study, the Chemical
Engineering Plant Cost Index [31] was used to convert the cost to
2013 prices, and the six-tenths rule was used to estimate the cost
of FGD system scale-up [32]. Thus, the total capital investment of a
secondary FGD system was estimated at US$32.2 million.

Table 1
Technical and cost information of an advanced pulverised-coal power station. Source:
United States Energy Information Administration [30].
Parameter

Unit

Value

Electricity generation
Net efficiency
Total capital investment
Fixed operation and maintenance cost
Variable operation and maintenance cost
Total flue gas flow rate
CO2 flow rate
SO2 content

MW
%
US$ million
$/kW-year
$/MW h
tonne/h
tonne/h
ppmv

650
38.9
2110
37.8
4.47
3180
560
30

650

K. Li et al. / Applied Energy 165 (2016) 648–659

2.2. MEA-based post-combustion capture plant
2.2.1. Baseline MEA process
The conventional MEA-based CO2 capture process consists of a
pretreatment unit, a CO2 capture unit and a CO2 compression unit,
as shown in Fig. 1.
The typical flue gas composition from a power station was
taken as 10.7% CO2, 6.0% H2O, 7.8% O2 and 75.5% N2 [33]. According
to the DOE report [28], the flue gas temperature after secondary
FGD was 58 °C. This is still too high to enter the CO2 capture unit,
and thus requires a direct contact cooler to cool the flue gas to
40–50 °C. The CO2 capture unit was designed for 85% CO2 capture
efficiency and a high-purity CO2 product of >99 wt%. The captured
CO2 product was then pressurised to 150 bar for subsequent transportation and geological sequestration.
2.2.2. Process improvements
The heat requirement for solvent regeneration is comprised of
three components, as shown in Eq. (1) [34]. The first component
is the heat of CO2 desorption required for release of the CO2 from
the MEA solution, which is dependent on the MEA concentration
and CO2 loading. The second component is the sensible heat
required to heat the solvent when it flows through the stripper,
which is proportional to the solvent flow rate and the temperature
difference between the solvent entering and leaving the stripper.
The third component is the heat of water vapourisation required
to generate the driving force for CO2 stripping.

Q Reb ¼ ðnCO2 DHCO2 Þ þ ðmsolv C P ðT in  T out ÞÞ þ ðnv ap;H2 O Hv ap;H2 O Þ
|ﬄﬄﬄﬄﬄﬄﬄﬄﬄ{zﬄﬄﬄﬄﬄﬄﬄﬄﬄ} |ﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ{zﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ} |ﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ{zﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄﬄ}
Heat of desorption

Sensible heat

ð1Þ

Heat of vaoprisation

where QReb is the reboiler duty, kJ/s; nCO2 is the CO2 stripping molar
 solv is
flow rate, kg/s; DHCO2 is the heat of CO2 desorption, kJ/kg; m
the average mass flow rate of solvent flowing through the stripper,
kg/s; CP is the specific heat capacity of the solvent, kJ/kg K;
(Tin  Tout) is the temperature difference of solvent in and out of
the stripper, K; nv ap;H2 O is the molar flow rate of vaporised water,
kg/s; and Hv ap;H2 O is the latent heat of water vapourisation, kJ/kg.
The regeneration duty is the reboiler duty divided by the stripped
CO2 flow rate (kg/s), kJ/kg CO2.
The process improvements, including parameter optimisation,
lean/rich cross heat exchanger optimisation and flow sheet modifications, were proposed to reduce one or more of the components
of the total heat requirement. Specifically, the process parameter
optimisation was intended to improve absorption performance,

Pretreatment unit

Vent gas

while also decreasing regeneration duty by adjusting the MEA concentration, lean CO2 loading, lean solvent temperature and stripper
pressure. The optimisation of the lean/rich heat exchanger was
intended to balance the increased capital and decreased regeneration duty incurred by reducing the temperature approach of the
heat exchanger, thus minimising the overall cost of CO2 capture.
The flow sheet modifications are illustrated in Fig. 2.
The absorber inter-cooling shown in Fig. 2 (a) aimed to increase
the CO2 loading in the rich solvent, and the CO2 cyclic carrying
capacity of the solvent owing to the lower equilibrium CO2 partial
pressure at lower temperatures, and thus to reduce either the heat
of desorption or the column height of the CO2 absorber. In Fig. 2(b),
the traditional rich-split process modification aimed to recover the
heat in the steam generated in the stripper, while the modified
rich-split process in Fig. 2(c) aimed to use the heat released in
the condenser to further reduce the heat requirement of solvent
regeneration. The stripper inter-heating process in Fig. 2(d) was
intended to make use of the heat in the hot, lean stream to reduce
the sensible heat requirement. An advanced process combining the
advantages of the absorber inter-cooling, rich-split and stripper
inter-heating processes was subsequently proposed to improve
the techno-economic performance of MEA-based PCC.
A rigorous, rate-based model was used to simulate the MEA
process with and without the process improvements. The model
satisfactorily predicted comprehensive pilot-plant results obtained
at Tarong power station for both the CO2 absorption process and
the CO2 stripping process, with the average relative errors between
the pilot plant and simulation results being: 2.7% for CO2-rich loading, 5.8% for CO2 absorption rate, 1.3% for reboiler temperature,
0.3% for CO2 purity and 4.0% for reboiler duty. This indicates that
the established model supports reliable, practical evaluation and
adequate estimation of the equipment size and energy requirements of the MEA process (for details, refer to Ref. [35]).
2.3. Economic model
2.3.1. Cost model
The cost model for the CO2 capture plant takes into account
both capital costs and operational & maintenance (O&M) costs. In
this study, a bottom-up approach based on the detailed process
flow sheet, equipment parameters and material and energy balance was used to calculate the capital costs of the MEA-based
CO2 capture plant. The Aspen Capital Cost EstimatorÒ (ACCE)
V8.6 (based on USD for the first quarter of 2013) was employed

CO2 capture unit

Compression
unit

Cooler
Wash
Cooling water
Pump

Cooling water

Condenser
Cooler
Make-up Cooler

Pump
Absorber

Stripper
Cooling water

Direct
contact
cooler

Steam
Lean/rich
heat exchanger

Blow-down
Pump

Reboiler
Blower
Flue gas aer
ﬂue gas desulfurisaon

Rich solvent pump

Lean solvent pump

CO2 product

Fig. 1. Flow sheet of the conventional aqueous MEA-based post-combustion capture process.
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(a) Absorber inter-cooling
Cooler

(b) Tradional rich-split process

Condenser
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Rich/lean
Heat exchanger

Split

Condensate

CO2 product

Cooling water

Cooling water
CO2 lean
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Cooling water

Reboiler
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Condenser
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CO2
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Cooler
unsplit
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Pump

CO2
Stripper
Pump

Heat
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heat exchanger
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Steam

Steam
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(c) Modiﬁed rich-split process

(d) Stripper inter-heang

Fig. 2. Schematic process flow sheets of process modifications: (a) absorber inter-cooling; (b) traditional rich-split process; (c) modified rich-split process; (d) stripper interheating.

to calculate the individual equipment costs of the main equipment
items, such as packed columns, heat exchangers, blowers, pumps
and CO2 compressors. ACCE uses the equipment models contained
in the Icarus Evaluation Engine – a database of design, cost,
scheduling data, methods and models – to generate preliminary
equipment designs and simulate vendor-costing procedures to
develop detailed cost estimates. Based on highly scalable engineering models of process equipment, ACCE can accurately predict the
total installed costs of process equipment and associated bulks,
instrumentation, electrical and civil, particularly for the capital
projects in the oil, gas and chemical industries [36]. The Association for the Advancement of Cost Engineers (AACE) International
Recommended Practice (Class IV) [37] and the DOE economic analysis [38] were used to guide estimates of capital costs and calculate
the total capital investment within an expected accuracy range of
±30%.
The O&M cost consists of both fixed costs and variable costs.
The fixed O&M cost was assumed to be 3.5% of the total capital
investment of the PCC plant, including total maintenance and
labour costs (for maintenance, operating, and administration and
support labour) [39]. The variable O&M cost was due to chemical
consumption, the amount of which was obtained based on the
assumptions listed in Table 2. The most detailed technical report
by the DOE [28], based on the 30% MEA process, was used as a
guideline to determine the consumption of chemicals and desiccants involved in the proposed process. As chemical consumptions
are closely relevant to the MEA concentrations (detailed chemical
usages refer to [28]), the ratio of MEA content between this study
and DOE was used to calculate the chemical consumptions, expect
that the desiccant (molecular sieve) was kept the same because of

Table 2
Chemical assumptions for the variable operational & maintenance costs of DOE (30 wt
%), baseline (30 wt%) and modified (35 wt%) MEA-based CO2 capture process.
Consumables

Function

Price, $/kg or
$/m3

Consumption, kg or
m3/tonne CO2
DOE

Baseline

Modified

MEA make-up

MEA
balance
Solvent
reclaim
Impurity
removal
Filter aid

2.09

1.5

1.5

1.75

0.56

0.12

0.12

1.5

2.2

0.082

0.082

0.096

2.75

0.024

0.024

0.028

Corrosion
control
CO2 dryer

6.61

0.055

0.055

0.064

4.41

0.014

0.014

0.14

0.35

–

2.4

2.1

3.0

–

0.24

0.24

Soda ash
Activated
carbon
Diatomaceous
earth
Corrosion
inhibitor
Molecular
sieve
Cooling water
Demineralised
water

Cooling
source
Water
balance

the similar CO2 stream produced from the stripper. The consumption of cooling water and demineralised water was determined
from the Aspen process simulation based on the heat and mass balance of the entire MEA process. Note that electricity consumed in
the PCC process was assumed to be supplied from the power station at the expense of a net power penalty. This penalty was
reflected in the overall economic performance of the cost of electricity delivered by the power plant and the CO2 avoided cost.
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2.3.2. Economic assumptions and measurement
Table 3 lists the main assumptions for the economic analysis of
the power station and the PCC plant. The economic evaluation was
based on the method of net present value, in which the income
received from selling products, such as electricity, and the expenditure for the capital cost and O&M cost were balanced over the
entire economic life. All cash flows are presented in 2013 USD
through the discounted rate.
The breakeven electricity cost, termed the levelised cost of electricity (LCOE), was calculated by achieving the net present value of
zero. The LCOE calculation method from Rubin et al. [40] is shown
in Eq. (2):

P hðCapital ExpenditureÞt
LCOE ¼

t

ð1þrÞt

P
t

O&Mt
O&Mt
þ Fixed
þ Variable
ð1þrÞt
ð1þrÞt

i
ð2Þ

ðElectricity SoldÞt
ð1þrÞt

where (capital expenditure)t is the capital cost invested in the construction of power plant with and without PCC in year t, $; fixed
O&Mt is the fixed O&M cost in year t, $; variable O&Mt is the variable O&M cost in year t, $; (electricity sold)t is the produced and
sold electricity in year t, MW; and r is the discounted rate.
The CO2 avoided cost ($/tonne CO2) was calculated to quantify
the economic performance of the MEA-based PCC process. This cost
is an important economic indicator for PCC technology, because it
Table 3
Primary assumptions for economic analysis of the advanced pulverised-coal power
station and post-combustion capture plant.
Parameter

Value

Present value
Plant life
Capital cost
Discounted cash flow rate
Construction years
Budget allocated in construction year 1
Budget allocated in construction year 2
Budget allocated in construction year 3
Capacity factor of power station
Plant capacity factor of first year’s operation
Coal cost

2013 USD
30 years
Calculated
8%
3
40%
30%
30%
85%
50%
$2/GJ

considers the increased LCOE and decreased CO2 emission rates
from the power station, while accounting for the energy consumption of the capture process. Note that the avoided cost excludes the
costs of CO2 transportation and storage, because these vary greatly
from case to case depending on location, geological formations,
topography and socioeconomic aspects. The calculation method
is shown in Eq. (3):

Cost of CO2 avoided ¼

ðLCOEÞPCC  ðLCOEÞRef
ðCO2 emissionÞRef  ðCO2 emissionÞPCC
ð3Þ

where (LCOE)PCC and (LCOE)Ref are the LCOE exported from the
power plant with and without PCC, respectively, $/MW h; and
(CO2 emission)PCC and (CO2 emission)Ref are the mass of CO2 emitted from power plant with and without PCC, respectively, tonne
CO2/MW h.

3. Techno-economic performance of the reference MEA process
3.1. Scale of the post-combustion capture plant
The world’s first commercial CCS project at a coal-fired power
station has been implemented at the SaskPower Boundary Dam
Power Station in Estevan, Saskatchewan, Canada, with a scale of
1 million tonne/year of CO2 capture capacity [41]. This scale
was used to guide that of the MEA-based PCC plant in our study
to ensure practical, feasible application. As our study deals with
560 tonne/h CO2 (4 million tonne/year) from the power station,
four process trains in parallel were proposed, each capturing 1 million tonne/year CO2. Each process train has an absorber column of
£12 m  H13.5 m and a stripper column £7.5 m  H9.5 m. The
column diameters are in the practical range, being less than
12.8 m as suggested by Chapel et al. [42]. The cross-section of
absorber and stripper was set at 80% of the flood point, and the
column height set to achieve 85% CO2 removal efficiency. Total column heights also included 25% additional height for the necessary
space at the bottom and at the top of the column, and 0.75 m for

Table 4
Energy consumption of an advanced pulverised-coal power station integrated with the MEA-based post-combustion CO2 capture (PCC) plant (four process trains).
Energy type

Power penalty/train, kW

Total power output, kW

Design specification

Electricity

–
–

+650,000
38.9%

–
–

Pretreatment unit
Blower
Pump

Electricity
Electricity

3586
19

14,344
76

3.5 kPa
4  13.3 m3/min

CO2 capture unit
Stripper reboiler
Rich solvent pump
Lean solvent pump
Wash solvent pump
Condenser pump

Steama
Electricity
Electricity
Electricity
Electricity

25,422
122
61
0.5
1.5

101,688
488
244
2.0
6.0

123.7 °C, 2 bar
4  27.6 m3/min
4  27.6 m3/min
4  0.1 m3/min
4  5 m3/min

Electricity

12,889

52,556

150 bar

Electricity
Electricity

390
1500

1,560
6000

4  120 m3/min
–

Total auxiliary power of PCC plant, kW

176,966

–

Net power output after PCC, kW

+473,034

–

Net plant efficiency after PCC, %

+28.3%

–

Power plant
Power output
Net efficiency

CO2 compression unit
Compressor
Auxiliary
Pumps for cooling water
Otherb

a

Steam extraction from power station is converted to the equivalent electric power loss based on the method from Oexmann et al. [44], and the typical regeneration energy
of MEA solvent is 4.0 MJ/kg CO2.
b
Other auxiliary power includes solvent filtration pumps, solvent reclaim pumps, waste treatment pumps, water and solvent make-up pumps.
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each 10 m of packing height for liquid collection, liquid distribution and supporting grid [43].

3.2. Energy performance
Table 4 shows the energy penalty of APC power station integrated with the MEA-based CO2 capture plant.
It is evident from Table 4 that CO2 capture is energy intensive,
with an energy penalty of 177 MWe electricity. As a result, power
output drops from 650 to 473 MWe and the net efficiency falls from
38.9% to 28.3%, a 27.3% (relative term) and 10.6% (absolute term)
decrease. Our estimated values fell in the range of 25–40% (relative
term), as estimated in [13,14], and were very close to 10.5%
(absolute term) estimated in the DOE report [28]. Stripper reboiler
duty and CO2 compression duty were the two largest power consumers, accounting for 57.5% and 29.7% of the total energy
consumption, respectively. The energy distribution of these two
components was also close to the 60% reboiler duty and 20–33%
compression duty estimated by Herzog et al. [11] and Moullec
and Kanniche [45]. Our energy assessment of the MEA capture process is therefore reasonable and consistent with previous studies.

3.3. Economic performance
3.3.1. Capital costs of post-combustion capture plant
Table 5 shows the capital investment and detailed individual
equipment costs of one PCC process train (1 million tonne/year
CO2 capture capacity), including all the necessary equipment
involved in the pretreatment unit, CO2 capture unit and CO2 compressor. The calculation of equipment costs was based on the
assumption that carbon steel materials were used, except for the
column cladding and packing material, which were made of
SS304 stainless steel to prevent corrosion.
According to Table 5, the largest cost was for the CO2 capture
unit (48% of total equipment cost), followed by the CO2 compression unit (39% of total equipment cost). This is due to the low stripper pressure used in the MEA process, with more compression
stages required to pressurise the CO2 stream to 150 bar. The total
fixed capital investment of the proposed single PCC plant train,
including the indirect cost, contingencies and owner’s cost, was
estimated at US$152.5 million (2013 prices) with an accuracy
range of ±30%.

Table 5
Detailed capital costs of one PCC process train in the MEA-based PCC plant, 2013 USD.
Material costa 1000 US$

Direct cost 1000 US$

Specifications

Pretreatment unit
Blower
Direct contact cooler column
Packing
Pump
Cooler
Storage tank

731
2082
1855
89
165
74

81
792
27
19
37
19

812
2875
1883
108
202
93

200 m3/s
£12 m  H5 m
£12 m  H3.5 m
220 L/s
275 m2
90 m3

CO2 capture unit
CO2 absorber
Absorber packing
Washing column
Washing column packing
CO2 stripper
Stripper packing
Reboiler
Condenser
Main heat exchanger
Lean solvent cooler
Washing solvent cooler
Washing solvent pump
Condenser pump
Stripper reflux drum
Lean solvent pump
Solvent storage tank
Washing solvent tank

6128
6040
1992
2036
1986
1438
3095
260
1151
465
46
9
25
34
260
296
34

2248
77
850
24
286
25
97
45
351
57
22
8
10
12
45
46
12

8376
6117
2842
2060
2273
1464
3183
305
1502
522
69
17
35
46
159
342
46

£12 m  H9.5 m
£12 m  H7 m
£12 m  H4 m
£12 m  H3 m
£7.5 m  H9.5 m
£7.5 m  H7 m
4250 m2
800 m2
9100 m2
1200 m2
15 m2
1.3 L/s
34 L/s
10 m3
461 L/s
1800 m3
10 m3

20,472

3557

24,028

144
135
791

37
35
75

181
180
866

CO2 compression unit
CO2 compressor
Auxiliary unit
Solvent stripper reclaimer
Solvent reclaimer cooler
Solvent filtration
Calculated costc
Total direct cost (TDC)
Total indirect cost (TIC)
Bare erected cost (BEC)
Engineering and contractor
Engineering procurement and construction (EPC)
Process contingency
Project contingency
Total plant cost (TPC)
Owner’s cost
Total capital investment (TIC)c
a

Manpowerb 1000 US$

–
–
–
–
–
–
–
–
–
–

–
–
–
–
–
–
–
–
–
–

60,586
12,117
72,703
19,630
92,333
18,178
22,102
132,611
19,982
152,502

6 stages, 150 bar
–
–
–
–
0.2 TDC
TDC + TIC
0.27 BEC
1.27 BEC
0.25 BEC
0.2 EPC + 0.05 BEC
1.2 EPC + 0.3 BEC
0.15 TPC
1.15 TPC

Material cost includes equipment, piping, civil, structural steel, instrumentation, electrical and insulation paint.
Manpower cost is the associated labour cost of equipment installation.
c
Percentages used to calculate the TIC were under guideline of Association for the Advancement of Cost Engineers International Recommended Practice [37] and the
United States Department of Energy economic analysis [38].
b
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Since the equipment cost is the essential element of the capital
cost, cost accuracy is of particular importance to ensure reliable
results. To determine the cost accuracy of the equipment, we compared the most detailed cost analysis of a MEA-based CO2 capture
plant from the DOE report [28] with the equipment cost generated
from ACCE. All equipment parameters were set the same as the
DOE equipment and the cost was converted to 2013 USD using
the Chemical Engineering Plant Cost Index [46]. As shown in
Table 6, the relative discrepancy of equipment costs between the
two cost sources were in the range of ±17% and the discrepancy
of the total equipment cost is only 5.2%, indicating that the Aspen
Capital Cost Estimator provides a reasonable cost estimation.
3.3.2. CO2 capture cost
Table 7 illustrates the cost performance of the APC power station integrated with the PCC plant. The CO2 capture plant is a
capital-intensive process at US$1357/kW, which is 42% of the capital investment of the APC power station. In this study, the O&M
cost of the PCC plant was assumed to be higher than that of the
power station, due to the immaturity of and limited experience
with PCC technology in commercial-scale applications. With the
integration of the PCC plant, the LCOE of the power station
increased by 81.9%, from US$71.9 to US$130.8/MW h. This is
within the range of 70–100% as previously estimated [13,14]. The
resulting CO2 avoided cost of the baseline MEA process was US
$86.4/tonne CO2.

(a)

(b)

3.4. Reliability of economic model
3.4.1. Cost comparison with Boundary Dam project
The word’s first commercial CCS plant at Canada’s Boundary
Dam Power Station, which has a similar CO2 capture capacity as
the present study (1 million tonne/year), was taken as a reference
for the comparison of the total capital investment. Although the
Boundary Dam project was based on amine-scrubbing technology
(rather than MEA) and the columns were made of concrete material, the cost values of capital investment are still very meaningful,

Table 6
Direct cost comparison of important equipment between United States Department of
Energy (DOE) analysis [28] and Aspen Capital Cost EstimatorÒ (ACCE), 2013 USD.
Item

DOE, 1000 US
$

ACCE, 1000 US
$

Relative error,
%

Exchangers and
aircoolers
Vessel and filters
Towers and internals
Pumps
Total cost

22,199

18,414

17.0

5848
26,303
3904
58,253

6502
25,711
4560
55,999

+11.2
2.2
+16.8
–5.2

Fig. 3. Comparison of (a) specific capital cost with ±30% cost accuracy and (b) CO2avoided cost between the present study and published studies from Manzolini et al.
[25], Raksajati et al. [26], Oexmann and Kather [27], DOE [28] and Singh et al. [29].

or can at least be used as a reference and guideline for the proposed CO2 capture plant. Their total project cost was claimed as
approximately 1.4 billion CAD, with $500 million for power plant
retrofits and $800 million for the CCS process [47]. Based on the
SaskPower Boundary Dam project, the Intergovernmental Panel
on Climate Change (IPCC) estimated that the cost of adding a CCS
plant to a coal-fired plant would be one-third of that spent by SaskPower at Boundary Dam with the upgrade of CCS technology and
scale of economies. This was about USD 200 million at a 2013 currency exchange rate of 1.4 USD/CAD [46]. In addition, the project
owner of SaskPower stated that the project cost could be reduced
to USD 200 million or less for a similar CCS project by taking into
account the lessons learned from Boundary Dam project [48]. Considering the Boundary Dam CCS project includes CO2 transportation and storage, the cost estimation of USD 152.5 million in the

Table 7
Summary of economic performance of an advanced pulverised-coal power station integrated with MEA-based PCC process, costs in 2013 USD.
Item

Unit

Value

Capital cost and operational and maintenance (O&M) cost
Capital investment of reference power station
Capital cost of PCC plant including secondary flue gas desulfurisation
Fixed O&M cost of power station
Variable O&M cost of power station excluding fuel cost
Coal cost
Fixed O&M cost of PCC plant
Variable O&M cost of PCC plant excluding PCC energy penalty

$/kW
$/kW
million
million
million
million
million

3246
1357
24.6
2.16
89.4
22.6
23.2

Economic performance of MEA process
Levelised cost of electricity (LCOE) of power station
LCOE of power station and PCC plant
CO2-avoided cost

$/MW h
$/MW h
$/tonne CO2

dollars/year
dollars/year
dollars/year
dollars/year
dollars/year

71.9
130.8
86.4
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Table 8
Comparison of techno-economic performance of the baseline and optimised MEbased PCC process.
Item
Simulation conditions
MEA concentration, wt%
Lean CO2 loading, mol/mol
Lean solvent temperature, °C
Stripper pressure, bar
Temp. difference of heat exchanger on hot
side, K
Technical and economic results
Solvent circulation rate, tonne/tonne CO2
CO2 purity, wt%
Reboiler temperature, °C
Reboiler duty, MJ/kg CO2
Specific capital cost of PCC plant, US$/kW
Levelised cost of electricity of power station
and PCC plant, US$/MW h
CO2 avoided cost, US$/tonne CO2

Baseline
process

Optimised
process[35]

30
0.2
40
1.8
15

35
0.25
40
2.0
15

18.5
99.5
119.7
4.0
1357
130.8

17.4
99.5
123.7
3.6
1332
127.6

86.4

81.2
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(a)

(b)

present study is reasonably close to the future capital cost if the
CCS plant was at a commercially mature stage, according to the
estimations of the IPCC and SaskPower.
3.4.2. Cost comparison with other publications
To further determine the reliability of the estimated costs, we
also compared the capital cost of the PCC plant and CO2 avoided
cost between published studies and this study, as illustrated in
Fig. 3. To provide consistent comparison, the capital costs in published studies have been converted to 2013 USD using the Chemical Engineering Plant Cost Index [31] and the Euro/United States
currency exchange in the cost year [46]. The CO2 avoided costs
from published studies have also been recalculated using Eq. (3)
and converted to 2013 USD for the consistent comparison.
As shown in Fig. 3(a) and (b), the specific capital costs of PCC
capture plants range from US$890 to US$1550/kW, while the CO2
avoided cost ranges from US$62.0 to US$95.2/tonne CO2. The wide
cost range was due to the different capital cost models, process
boundaries and economic assumptions used in the studies. In the
present study, the specific capital cost and the CO2 avoided cost
were estimated to be US$1357/kWh and US$86.4/tonne CO2,
respectively, which were within the range of the published costs.
This indicates that our technical and economic models were valid
and adequate for use in the techno-economic evaluation of the
MEA-based CO2 capture process.
4. Process improvements
4.1. Process parameter optimisation
Table 8 compares the techno-economic performance of the
baseline and the optimised MEA process. The optimised conditions
were obtained by adjusting the solvent and operating conditions
and maintaining the capture efficiency and CO2 product purity to
achieve the minimum reboiler duty (details are in [35]).
The optimised process had the following advantages: (I) a
greater MEA concentration allowed for better CO2 absorption performance, including faster CO2 reaction rate and better CO2 absorption capacity per kilogram of solvent. This decreased the solution
circulation rate, and consequently decreased sensible heat and
total regeneration duty; (II) an optimum lean CO2 loading balanced
the solvent working capacity and circulation rate, enabling a minimum regeneration duty; (III) an increase in the stripper pressure
suppressed water vapourisation, facilitating the reduction in
regeneration duty. All the above factors contributed to a reduction

Fig. 4. (a) Reboiler duty and capital cost of the lean/rich heat exchanger, (b)
levelised cost of electricity (LCOE) and CO2 avoided cost as a function of the
temperature difference of the cross heat exchanger on the hot side.

in the regeneration duty from 4.0 to 3.6 MJ/kg CO2. Accordingly,
the specific capital cost was slightly reduced from US$1357 to US
$1332/kW, and the CO2 avoided cost from US$86.4 to US$81.2/tonne CO2.
4.2. Lean/rich cross heat exchanger
The lean/rich cross heat exchanger plays an important role in
the recovery of heat from the hot, lean solvent. The appropriate
design of a heat exchanger can help reduce sensible heat and the
resultant reboiler duty. As shown in Fig. 4(a), a decrease in the
temperature approach of the lean/rich heat exchanger on the hot
side was beneficial, reducing the heat requirement for solvent
regeneration, with the reboiler duty decreasing from 3.6 MJ/kg
CO2 at 15 K to 2.95 MJ/kg CO2 at a 5 K temperature difference.
However, the smaller temperature difference significantly
increased the required heat transfer area, raising capital costs for
the lean/rich heat exchanger. Thus, the optimum lean/rich heat
exchanger should be determined from an overall consideration of
reduced energy consumption and increased capital costs.
Fig. 4(b) shows that the LCOE and the CO2 avoided cost drop as
the temperature difference falls from 15 to 5 K. This indicates that
the benefit from reduced energy consumption was more significant than the capital cost increase under the studied conditions.
However, the decreasing trend of LCOE and CO2 avoided cost slowed when the temperature difference was below 10 K. Considering
that the small temperature approach requires a greater surface
area and is likely to make a heat exchanger difficult to construct,
we suggest an optimum temperature approach range of 5–10 K.
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Table 9
Effect of process modifications on the energy and economic performance of the optimised MEA-based PCC process.
Item

Capital cost of PCC plant, million US$
Specific capital cost of PCC plant, US$/kW
Temperature difference of heat exchanger on hot side, K
Heat transfer area of heat exchanger, m2
Reboiler duty, MJ/kg CO2
Energy consumption, MW/h
Levelised cost of electricity with PCC, US$/MW h
CO2 avoided cost, US$/tonne CO2

Base case

645
1332
15
5400
3.60
165.8
127.6
81.2

Inter-cooling

Rich-split

Energy
saving

Column
reduction

Traditional

Modified

649.1
1339
15
5400
3.55
165.2
127.5
81.0

635.5
1311
15
5400
3.60
165.5
127.1
80.5

645
1310
10
4800
3.30
157.8
125.4
77.6

645.6
1308
10
4800
3.24
156.6
125.1
77.2

4.3. Process modifications
Table 9 shows the effect of process modifications on the costs
and energy performance of the optimised MEA-based PCC process.
The insights gained from Table 9 are discussed in the following
subsections.
4.3.1. Absorber inter-cooling
The inter-cooling process brings two different benefits to the
PCC process: it reduces the regeneration duty by increasing the
CO2 cyclic carrying capacity, or reduces the absorber column
height by maintaining a similar CO2 absorption capacity. The former benefit is particularly relevant to the tertiary amines with a
higher CO2 absorption capacity and a lower regeneration duty,
while the latter benefit is of interest to the primary or secondary
amines with a high CO2 absorption rate. As MEA belongs to the primary amine family, the MEA process would benefit more from
smaller columns, as shown in Table 9.
From the perspective of energy saving, the application of absorber inter-cooling slightly reduced the regeneration duty from 3.6
to 3.55 MJ/kg CO2. This is because MEA has a fast reaction rate with
CO2, and the CO2 loading of the rich solvent increased marginally
from 0.501 to 0.504 by incorporation of the inter-cooling process.
This slightly reduced energy consumption, while the CO2 avoided
cost decreased marginally from US$81.2 to US$81.0/tonne CO2.
From the viewpoint of column size reduction, the packed height
of the CO2 absorber was reduced by 25% after applying the intercooling process, if the CO2 loading of the rich solvent was held at
0.501 and the reboiler duty was maintained at a constant level.
Although the inter-cooling process required an extra US$4.1 million (four process trains) for the inter-cooler and pump shown in
Fig. 2(a), the capital cost saving from reducing the absorber column
size and packing materials ($13.6 million) offsets the additional
cost. As a result, the application of inter-cooling saved US$21/kW
in capital costs due to the smaller column, thus reducing the CO2
avoided cost by US$0.7/tonne.
4.3.2. Rich-split process
We have proposed two different approaches to reduce regeneration duty: the traditional rich-split process shown in Fig. 2(b), and
the modified rich-split process in Fig. 2(c). The former approach
recovers most of the steam generation heat in the top of the stripper, while some heat is still wasted in the condenser. The latter
approach allows the bypassed rich solvent to go to the condenser
before the stripper, thus increasing the recovery of heat from the
steam generated in the CO2 stripping process. As shown in Table 9,
the modified process reduced the reboiler duty by 10%, slightly
better than the 8.3% reduction in the traditional process. In terms
of cost performance, both processes were very promising; they
did not require much extra capital cost, but significantly reduced
energy consumption. With the application of the rich-split process,

Interheating

Advanced
process

649.2
1322
10
5700
3.36
158.9
125.8
78.3

639.7
1285
8
6100
3.08
152.5
123.8
75.1

the traditional and modified process reduced the CO2 avoided cost
by US$3.6 and US$4.0/tonne CO2 compared with the reference
case, respectively.
4.3.3. Stripper inter-heating process
As shown in Table 9, the application of the inter-heating process
required extra heat exchangers and pumps, which increased the
capital investment by US$4.2 million. However, the inter-heating
process reduced the reboiler duty by 6.7%, thus reducing energy
consumption by 6.9 MW. The benefits from the energy saving outweighed the disadvantages of the capital cost increase, reducing
CO2 avoided costs by US$2.9/tonne.
4.4. Advanced process
We proposed an advanced MEA-based CO2 capture process,
including the process modifications of absorber inter-cooling, traditional rich-split process and stripper inter-heating, to integrate
the advantages of process improvements and improve technical
and economic performance (Table 9). The temperature approach
of the lean/rich heat exchanger on the hot side was optimised at
8 K to minimise regeneration duty and CO2 avoided cost. Although
the advanced process required greater capital costs due to the
larger lean/rich heat exchanger, additional inter-cooling and
inter-heating systems, the capital saving from the application of
inter-cooling compensated for the increased capital investment,
enabling an overall capital saving of US$5.3 million for the PCC
plant. More importantly, this modified process significantly
reduced the heat requirement for solvent regeneration, reducing
reboiler duty by 3.08 MJ/kg CO2 and electricity consumption by
13.3 MW. As a result, the capital cost decreased from US$1332 to
US$1285/kW, while the CO2 avoided cost fell to US$75.1 tonne/
CO2, a saving of US$11.3/tonne compared with the baseline
process.

5. Sensitivity analysis
The sensitivity analysis was performed to understand how the
parameters would affect the CO2 avoided cost (Fig. 5). The parameters were divided into two groups: economic parameters, such as
capacity factor, discount rate and coal cost; and technical-driven
parameters, such as energy consumption, capital cost and O&M
cost. The sensitivity of the CO2 avoided cost was based on a uniform ±10% change in the selected input parameters. The CO2
avoided cost of the base point was $75.1 tonne/CO2, which was
based on the conditions of 85% power station capacity factor, 8%
discount rate, US$2/GJ coal cost, US$1357/kW capital cost, 3.5%
capital cost for fixed O&M, 152.5 MW energy consumption and
1.5 kg/tonne CO2 MEA make-up.
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(a)
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to +4.9% in CO2 avoided cost. Low coal prices will therefore be beneficial for the economic viability of a PCC plant.
5.2. Technical parameters

(b)

Fig. 5. Sensitivity of the CO2 avoided cost to (a) economic variables and (b)
technical-driven parameters within ±10% variation.

Economic parameters are complicated factors that depend
heavily on the economic market, CO2 emission regulation, government support and guarantees. From the viewpoint of academic
research and engineering, technical improvement of the CO2 capture process seems to be a preferred and practical perspective.
Fig. 5(b) shows how the CO2 avoided cost was apportioned to the
technical-driven parameters. Energy consumption is the most sensitive factor; less energy consumption means less energy penalty
and more energy available for sale from the power station, thereby
reducing the LCOE and CO2 avoided cost. If energy consumption
falls by 10%, the CO2 avoided cost will reduce to $57.6/tonne CO2
(a 23.3% reduction). It worth mentioning that the reduction in
energy consumption is not isolated from the process itself, and is
likely to occur at the expense of increased capital cost, expensive
solvent and greater O&M costs. The cost reduction of CO2 avoided
will not be as significant as the result from the sensitivity analysis
in the present study. However, due to the large cost sensitivity of
energy consumption, reducing the energy penalty should be the
top priority in the development of solvent scrubbing technology.
The capital costs of a PCC plant also influence the CO2 avoided cost.
If the capital investment varies by ±10%, the cost of CO2 avoided is
in the range of $71.8–78.7/tonne CO2 (4.4% to 4.7%). The O&M
cost seems to be less sensitive to the CO2 avoided cost based on
the assumptions studied. However, the O&M cost is likely to be
greater in practical applications, due to the immaturity of the
MEA process at the commercial scale.
5.3. Direction of technical development

5.1. Economic variables
As shown in Fig. 5(a), the capacity factor of power plant had the
largest impact on the CO2-avoided cost. When the capacity factor
varied by ±10%, the CO2 avoided cost changed in the range of
15.5% to +19.2% ($63.4–89.5 tonne/CO2). A decline in the capacity
factor means that less electricity is generated by the power station.
This forces the sale of electricity at a high price to compensate for
the capital investment and energy consumption of the capture process. This indicates the power station needs to operate at a high
capacity to ensure a relatively low LCOE and CO2 avoided cost.
The susceptible capacity factor also raises the question as to how
to maintain a low cost of CO2 capture in the possible future energy
system, where renewable energy sources such as solar and wind
would be integrated with fossil-fuel-based power stations. For
example, if solar energy makes up an important share of the electricity production in a coal-fired power plant, electricity production from coal combustion will be at a low capacity factor during
the day, while a high capacity factor would be required at night.
However, the CO2 capture capacity of PCC plant is designed and
built based on peak CO2 emissions. In this way, the renewable
energy system will dilute the capacity factor of coal-fired power
station from time to time, resulting in a high CO2 avoided cost. A
dedicated design that integrates renewable energy with coalfired power stations would be required to make a better use of
PCC facilities.
The second sensitive factor was the discounted rate. If the rate
varied by ±10%, the CO2 avoided cost would change in the range of
12% to +12.9% ($66.1–84.8 tonne/CO2). It would therefore be very
important to secure a favourable discounted cash flow rate to ensure
a low CO2 capture cost: for example, through government support
and guarantees for PCC projects. The CO2 avoided cost was also sensitive to the coal price. The ±10% coal price led to a variation of 4.5%

To further figure out the technical directions of MEA scrubbing
technology development, we analysed energy and cost distributions of the advanced MEA-based CO2 capture process, as shown
in Fig. 6. From this, it is clear that technical development should
primarily focus on reducing energy consumption and capital costs
to improve the economic viability of PCC process.
5.3.1. Reduction of energy consumption
Fig. 6 reveals that energy consumption is the major burden preventing commercial application of the MEA process integrated
with a power station, as it accounts for 55.4% of the CO2 avoided
cost. Reboiler duty and CO2 compression duty were the two largest
energy consumers, representing 57.5% and 29.7% in the proposed
PCC process, respectively. This indicates that energy consumption
reduction should mainly focus on these two components to
improve the process’s technical performance and subsequently
reduce the CO2 avoided.
Our previous study investigated the distribution of heat requirements in solvent regeneration and suggested that the heat of desorption was only 2.2 MJ/kg CO2 [35]. This implies that regeneration duty
(3.1 MJ/kg CO2 in this study) could be considerably decreased in the
MEA process. Advanced process modifications and efficient heat
exchangers can play an important role in further reducing regeneration duty. For instance, if the temperature approach of cross heat
exchanger decreases from 10 to 5 °C, the reboiler duty can be
reduced to 2.7 MJ/kg CO2, which reduces energy consumption by
19.8 MW and potentially reduces the CO2 avoided cost to $67.7/tonne. CO2 compression duty was another significant contributor
to energy consumption. Elevating the stripper pressure can provide
two major benefits for the MEA process: (i) reducing heat of water
vapourisation in the stripping process, and (ii) decreasing the energy
requirement of CO2 compression. This accordingly reduces the
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Fig. 6. Breakdown of CO2 avoided cost, energy consumption, capital and operational and maintenance (O&M) costs of the MEA-based CO2 capture process. Energy cost was
based on energy consumption and LCOE after PCC plant is integrated with the power station.

energy consumption of solvent regeneration and CO2 compression,
both of which reduce the cost of CO2 avoided. However, high stripper
pressures would have drawbacks, such as a higher capital cost for
the stripper column and pumps; and a higher reboiler temperature,
which would increase the solvent degradation rate and the subsequent cost of solvent make-up. A detailed techno-economic investigation is required to further analyse the pros and cons of the
stripping process at high pressures.
5.3.2. Reduction of capital cost
Capital investment is another major barrier restricting the economic viability of commercial-scale MEA-based PCC process. The
capital investment in columns and CO2 compressor was the major
equipment cost, accounting for 46% and 39.7% of the total capital
cost, respectively. Technology development to reduce costs should
therefore mainly focus on these two items. As the column diameters are primarily determined by the flue gas flow rate from the
power station (fixed), more attention should be paid to reducing
the column height. While the CO2 absorber contributes more than
50% of total column costs in the proposed MEA process, rate promoters such as piperazine could be introduced into the solvent
to improve CO2 absorption performance, thus reducing the capital
cost of absorber column and packing materials. To reduce the capital cost of the CO2 compressor, a higher inlet pressure (equal to
stripper pressure) can be used, which will decrease the number
of compressor stages and the CO2 compressor size. By reducing
capital investment, the fixed O&M costs accounting for 51.9% of
the total O&M cost could be decreased, which would also reduce
the CO2 avoided cost.
We acknowledge that MEA is a benchmark solvent, and not a
promising solvent for CO2 capture. However, our technoeconomic investigation of the MEA process provides a useful
reference and guideline for further technical development of
solvent-based CO2 capture process. Based on the technical and economic performance of MEA process, solvent development should
target the following characteristics:
(1) lower heat of CO2 desorption leading to a low regeneration
duty;
(2) higher tolerance at high pressure and temperature, which
reduces the energy consumption of both regeneration duty
and compression duty, and the capital investment in the
CO2 compressor;

(3) less degradation rate to reduce solvent consumption and
variable O&M cost.
When replacing MEA with advanced solvents in CO2 capture
process, the cost and commercial availability of the alternative solvents must be taken into account to balance their technical and
economic performance. In addition to solvent development, there
is considerable room for process improvement to reduce energy
consumption and improve the technical and economic viability
of solvent-based PCC technology. However, process modifications
always require additional equipment and piping, which increases
the total capital investment and may offset the benefits obtained
from energy savings. An investigation of overall techno-economic
performance is necessary to evaluate the trade-off between technical improvement and capital increase, and obtain a comprehensive
understanding of each process improvement in the CO2 capture
process.
6. Conclusions
The present study evaluated the technical and economic performance of the MEA-based CO2 capture process integrated with a
new, 650-MW APC power station. Based on a rigorous, ratebased model and reasonable cost model, the specific capital investment of the PCC plant was estimated to be US$1357/kW, while the
CO2 avoided cost for the baseline MEA process was US$86.4/tonne
CO2. Cost comparisons between this study and published studies
indicate that our proposed technical model and economic model
are appropriate and adequate to perform a techno-economic
assessment of the MEA process.
Several process improvements were introduced to improve the
technical and economic viability of the MEA-based capture process. The results suggest that all proposed process improvements
are technically and economically feasible, and would reduce the
CO2 avoided cost. Specifically:
 Process optimisation of key process parameters reduced the
reboiler duty.
 Investigation of lean/rich heat exchanger achieved a balance
between reduced energy consumption and greater capital costs.
 Absorber inter-cooling reduced the column size and the capital
cost of the CO2 absorber by improving absorption performance.
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 The rich-split process reduced the reboiler duty by recovering
the water vapourisation heat.
 The stripper inter-heating process decreased the sensible heat
and reboiler duty by using the high-temperature, high-quality
heat in the lean solvent.
By combining these process improvements, the advanced process reduced reboiler duty from 4.0 to 3.08 MJ/kg CO2 and reduced
the specific capital cost from US$1357 to US$1285/kW. Accordingly, the CO2 avoided cost fell by 13.1%, from US$86.4 to US$75.1/tonne CO2.
A sensitivity study was performed to understand how the CO2
avoided cost would be apportioned to the economic and technical
parameters. The results suggested that the capacity factor of the
power station and the discount rate were the most important economic factors, while energy consumption was the most significant
technical factor to determine the CO2 avoided cost. Reduction of
energy consumption should therefore be the top priority to
advance the CO2 capture process. The analysis of the cost breakdown provided the guidelines for technical development in future
efforts to improve the economic viability of solvent-based CO2 capture process.
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Abstract
Post-combustion carbon capture in existing power plants is a strategic technology that can reduce emissions from power
generation. The proven approach is scrubbing with amines. However, its drawbacks are energy requirement, 3 to 5 MJ per kg of
captured CO2, as well as solution corrosion and solvent degradation. An alternative approach is scrubbing with chilled aqueous
ammonia. This technology aims at mitigating energy usage and solving corrosion and degradation issues. Here an approximate
model of the CO2-H2O-NH3 system is coupled with a proposed process to evaluate mass, energy and entropy flows. For 1 kg of
captured CO2, the simulation yields a steam extraction of 0.59 kg, equivalent to a heat duty exceeding slightly 1.5 MJ and a
generation loss approaching closely 0.1 kWh, an auxiliary consumption of 0.1 kWh and a delta of almost 0.18 kWh with respect
to the ideal case. Assuming a cost of electricity of 7c€/kWh, the sole operation of the capture system totals 14 €/ton_CO2.
2009 Elsevier
rights
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©c 2008
ElsevierLtd.
Ltd.AllAll
rights
reserved
Chilled Ammonia Process (CAP); Carbon Capture and Storage (CCS); coal-fired power plant; natural gas-fired power plant

1. Introduction
Despite the concerns about rising concentrations of greenhouse gases in the atmosphere, fossil fuels are likely to
remain the main source of primary energy for long. Nevertheless, an important contribution towards the reduction of
their emissions from fossil fuel-fired power plants may be from Carbon Capture and Storage (CCS) meaning that the
CO2 formed by combustion is captured and stored over an indefinite period. In principle, the CO2 can be captured
according to one of three basic ways: (1) pre-combustion, (2) post-combustion and (3) oxy-fuel combustion. All
these ways will play probably a similar role in the short- and the mid-term future, for each of them has peculiar
characteristics that makes it appropriate in specific circumstances. Post-combustion capture is strategic for the
retrofit of the many existing power plants that will be in service for decades. Traditionally, the sweetening of gases
was accomplished with aqueous monoethanol amine (MEA). As it is demanding from the standpoints of energy
consumption, corrosion requirement and solvent degradation and as carbon dioxide separation is becoming popular
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in diverse industrial sectors, secondary and tertiary amines have been investigated. Currently, advanced amines,
which comprise upload promoters and corrosion inhibitors, are under research. A different approach is to chemically
absorb the carbon dioxide into aqueous ammonia at chilled conditions, as patented by EIG Inc. [1]. Among others,
Alstom is engaged in an intensive development of the Chilled Ammonia Process (CAP) based on that patent. This
paper analyzes a CAP-type process. It begins with a bibliographic review that covers the background of CO2-H2ONH3. Then, it outlines the thermochemical model used to compute mass, energy and entropy flows for a the scheme
developed during the investigation. Finally, it reports first- and second-law results from the computer simulation. As
to the knowledge of the writers, very little has been written regarding energy balances for complete systems and
nothing at all regarding entropy balances. Entropic analysis has the capability of identifying those processes that are
responsible for the greater irreversibilities and hence that require an alternative design, if possible.
2. Bibliographic review
CO2-H2O-NH3 systems has been investigated by a number of scientists in the last decades. At first the main scope
was modeling the chemistry to prepare numerical tools for sour-water treatment. Only in the last decade the interest
has shifted onto capturing carbon dioxide. The process is being studied at either room temperature or chilled
conditions. The following gives a review of the chemistry of the solution, separating the publications that regard
mainly the description of experiments from those that consider primarily the development of models. Thereafter is
the review of general manuscripts on ammonia scrubbing and lastly of Alstom’s publications on its CAP.
2.1. Chemistry of the CO2-H2O-NH3 system
According to the majority of the publications located in the open literature, the species present in the ternary
system at working conditions of CAP are: CO2, H2O and NH3, in both the vapor and the liquid phases, as well as the
aqueous ions H3O+, OH-, NH4+, HCO3-, CO32-, NH2COO- and, if precipitation occurs in the solution, the pure salt
NH4HCO3. In contrast, not all authors agree on the possible formation and combination of the salts made of
(NH4)2CO3 and NH2COONH4. The widely proposed reactions pertinent to the capture and regeneration stages are:
CO32-(aq)+2NH4+(aq) ļ (NH4)2CO3(aq)

(1)

(NH4)2CO3(aq)+CO2(g)+H2O(l) ļ 2NH4+ + 2HCO3-(aq)

(2)

NH4+(aq) + HCO3-(aq) ļ (NH4)HCO3(aq)

(3)

(NH4)HCO3(aq) ļ (NH4)HCO3(s)

(4)

NH3(aq) + HCO3-(aq) ļ NH2COO-(aq) + H2O(l)

(5)

NH2COO-(aq) + CO2(g) + 2H2O(l) ļ 2HCO3- + NH4+

(6)

NH2COO-(aq)+NH4+(aq) ļ NH2COONH4(aq)

(7)

Eqs. 1 and 2 describe the capture of carbon dioxide that is sought inside the absorber whereas eqs. 3 and 4
represent the precipitation of the ammonium bicarbonate salt that occurs at low temperature. On the contrary, the
formation of the ion carbamate, eq. 5, may lead to an undesirable capture carbon dioxide, eq. 6, which has a greater
enthalpy of reaction for the regeneration. Alternatively, carbamate may combine with ammonium ion, eq. 7.
In 1982 Pawllkowski et al. [2] reported the experimental vapor-liquid equilibrium data of ammonia and carbon
dioxide aqueous system, optionally added with salts, at temperatures of 100°C and 150°C. These data were then
utilized to calibrate semi-empirical thermodynamic routines (detailed by Edwards et al. and reviewed below).
Almost half a decade later, with the same sake of supporting the design of the equipment for water treatment,
Goppert and Maurer [3] conducted an extensive empirical campaign on the equilibria of ammonia and carbon
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dioxide aqueous solution in the 333 K to 393 K interval and up to 7 MPa. They re-calibrated those semi-empirical
correlations. In 1995 Kurz et al. [4] continued the work both including the solid phase in the equilibrium and
expanding the investigation between 313 K and 473 K. They updated the previously-calibrated parameters. Shortly
later, Rumpf et al. [5] measured the enthalpy changes upon partial evaporation of aqueous solutions containing
ammonia and carbon dioxide and compared them with the predictions from the most-recently regressed models
revealing that deviations laid mostly within experimental uncertainty.
Ten years ago, Bai and Yeh [6] provided preliminary experimental data on what was, at that time, going to be
referred to as the novel study of ammonia scrubbing. They pointed out the remarkable potential of achieving high
removal efficiencies, over 95%, and absorption capacities, as high as 0.9 kg of CO2 per kg of NH3. Shortly after,
Yeh and Bai [7] completed another experimental campaign with the scope of comparing amine and ammonia
scrubbing and they confirmed the potential of the second over the first solvent. Experiments were conducted at room
temperature in their first work and between 10°C to 40°C in the later one.
Hsu et al. [8] reported the absorption reaction kinetics of amines and ammonia solutions with carbon dioxide in
flue gases. The temperature of investigation was though 50°C, which is relatively high for the CAP. Similarly, Diao
et al. [9] also investigated the removal efficiency of the sole ammonia solution in the 25-55°C interval and regressed
the parameters of the rate constant, in the Arrhenius form, for the capture reaction.
Interestingly, Mani et al. [10] applied 13C NMR spectroscopy at CO2-NH3 aqueous solution at room conditions
and proved it is a reliable method to investigate the speciation of the ammonium salt of bicarbonate, carbonate and
carbamate. They did not detect other species in the solution and determined that NH2CO2- is the main species in
presence of excess NH3; in contrast, HCO3- prevails when most of NH3 has reacted with CO2 at lower pH; finally,
the CO32- anion is always present in solution but at a concentration always lower than carbamate.
In the ’70 and ’80, the most common approach to the numerical modeling of CO2-H2O-NH3 systems was that
developed jointly by two groups lead by the famous scientists Prausnitz and Maurer. As described by Edwards et
al. [11], such approach implied combining the molecular-thermodynamic principles with Pitzer’s semi-empirical
correlation. Bieling et al. [12] introduced in that framework a technique to determine the most important parameters
out of the many adjustable ones and applied such technique to ammonia and carbon dioxide aqueous solutions.
A recent approach is the use of the UNIQUAC model for the activity coefficients of the species in the liquid
phase. An extended version of the model was started by Sander et al. [13] and later applied by Thomsen and
Rasmussen to the CO2 and/or NH3 solutions [14,15]. Based on that work, a first assess of a chilled ammonia plant
has been lately published (and reported in the next section). In addition to the extended version, Pazuki et al. [16]
proposed a UNIQUAC-Non Random Factor (NRF) model for the description of CO2-H2O-NH3 systems.
2.2. Scrubbing of CO2 with aqueous NH3
In 2005, Yeh et al [17] published the results of three-cycle absorption-regeneration tests conducted on MEA and
ammonia in a batch reactor maintained at about 25°C. They also reported an approximate estimate of energy usage
in a cyclical process. According to them, the energy necessary to heat the solution exiting the recuperator and to
regenerate is 1017 cal per g of CO2, which is high with respect to the figures provided by later authors.
Recently, Darde et al. [18] presented a numerical investigation of the phase equilibria for isothermal absorber and
regenerator in the range of the working conditions from the original patent by EIG Inc. [1]. In the study, they
employed the accurate thermochemical model by Thomsen and Rasmussen [15]. The results include the equilibrium
composition of vapor, liquid and solid phases as a function of the CO2 loading, i.e. the ratio of the number of moles
of carbon dioxide and ammonia, the energy requirements for cooling the absorber and, lastly, the energy
requirement for heating the regenerator as a function of CO2 loading and NH3 initial mass fraction. In short, the CO2
loading shall be in the 0.33 and 0.67 for the lean solution, 0.67 and 1 for the rich solution. Ammonia initial
concentration shall be about 28wt%.
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2.3. Alstom’s Chilled Ammonia Process
Alstom commenced the development of the CAP in 2006 establishing a 5-year program aiming at
commercialization by the end of 2011. The program consisted of 4 phases: (1) small and (2) large scale testing at
SRI Int. in the San Francisco Bay Area, CA, (3) field pilot testing of capture on coal-fired exhausts at We Energies’
plant in Pleasant Prairie, WI, and at E.ON’s plant in Karlshamn, Sweden, and (4) commercial demonstration of
capture as well as of storage at the American Electric Power (AEP)’s Mountaineer coal plant. Bench testing is now
completed and described in the Electric Power Research Institute (EPRI) technical report [19]. The first pilot testing
began in July 2008 and will continue throughout the 2009 whereas the second pilot is under construction, as
reported by Black et al. [20,21]. The commercial demonstration is in the engineering design, as detailed by Sherrick
et al. [22]. In addition, full-size installations are being programmed for North America and North Europe. As
explained in all publications, carbon dioxide is absorbed in an ammoniated solution at temperature below ambient
level, 0-20°C, and at almost ambient pressure, generating a slurry containing ammonium bicarbonate. Captured CO2
is desorbed by turning ammonium bicarbonate into ammonium carbonate at elevated temperatures, moderately
above 100°C, and elevated pressures, 20-40 bar. The completed experiments allowed for a first comparison with
conventional MEA based on the 460 MW super critical pulverized-coal plant investigated in the Department of
Energy (DOE)/EPRI Parson’s study [23]: (1) energy consumption for chilling the flue gases, removing absorption
enthalpy of reaction and washing the streams can be relatively inexpensive, (2) operating the boiler with minimum
excess air and cooling the exhausts reduces the flow volume by a third and increases the CO2 concentration by a
fourth, (3) capture efficiency can exceed 90%, (4) high pressure in the regeneration stage reduces substantially CO2
compression work, (5) heat duty, and thus steam extraction, in the reboiler is small due to the low regeneration
enthalpy of reaction, to the low water concentration in the vapor phase and to the low sensible enthalpy of the rich
solution thanks to a high CO2 loading, (6) direct contact cooling reduces further the SO2, SO3, NO2 and particulate
presence, (7) ammonia slip can be minimized to few ppm level by cold-water wash. In contrast to bench results,
pilot testing preliminary results are not yet available to the public. However, they are expected to confirm also other
key features like: reactants are stable, ammonia can be reintegrated into the process by various forms (anhydrous
ammonia, aqueous ammonia, ammonium carbamate) and the system is reliable and cost-effective.
3. Thermochemical model
The thermochemical model adopted in this work is an approximate yet robust one because the scope of the work
is to estimate mass, energy and entropy flows with a fair accuracy. In the next stage of the ongoing research the
modeling will be brought to greater detail and precision. For that matter, the vapor phase is modeled as a mixture of
ideal gases. Information on enthalpy and entropy of formations at standard state of all species are taken from the
CRC Handbook [24]. Ideal gas heat capacities are defined as the common NASA Polynomials. The liquid phase is
described in either two ways, depending on whether it is chemically reacting or not. In all areas of the process in
which liquid water is employed to cool a gaseous stream, liquid phase is treated as pure water. Vapor and liquid
equilibrium is computed by means of Raoult’s Law assuming that water is the only condensable component. If the
liquid phase is chemically reacting, it is assumed that it behaves as an incompressible ideal solution and that all
captured carbon dioxide and all ammonia exist only in ionic forms. Moreover, in the lean solutions the only ions
present are CO32- and NH4+ that react in the absorber with CO2 and H2O to form exclusively the ion HCO3-,
according to reactions 1 and 2. The lean solution is assumed to be preloaded hypothetically with (NH4)2CO3.
Depending upon the temperature, solid ammonium bicarbonate in the rich solution may precipitate, according to
reactions 3 and 4. At regeneration conditions the reversal path is followed. Ammonia equivalent concentration in the
initial solution, carbon capture efficiency and carbon solution loading are not calculated yet imposed in agreement
with experimental results, mainly from Yeh et al. [17]. Being the adopted ammonia concentration relatively low (as
stated in the next section), the formation of ion carbamate is neglected, in agreement with Mani et al. [10]. In
addition, the model is not structured to compute the ammonia evaporation from the reacting liquid into the vapor
phase and the dissolution of components other than carbon dioxide into the liquid. With regards to ions, enthalpy
and entropy of formation at standard state are from the CRC [24] and heat capacity as a function of temperature
from Thomsen and Rasmussen [15]. With regards to the ammonium bicarbonate salt, standard state data as well as
temperature-dependent solubility and specific volume are from the CRC [24] while temperature-independent heat
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capacity from Kopp’s Rule. Finally, Refprop is used to compute properties of the extracted steam and of the carbon
dioxide in the sole compression subsystem (described later), neglecting in the later case that a small quantity of
water is included in the flow and making sure the properties are continuous at the boundary with those calculated
from the above-described model.
4. Process description
The process analyzed in the present work comprises five subsystems, as illustrated with dashed rectangles
in Fig. 1: (1) gas cooling, (2) carbon dioxide absorption and regeneration, (3) treated flue gas wash, (4) regenerated
carbon dioxide wash and (5) carbon dioxide compression. It is assumed that upstream of the capture system is a wet
desulphurization system. Flue gas cooling is achieved by way of three direct contact coolers, indicated with cooling
columns CC1 thru CC3, out of which the first one utilizes water from dry coolers, DC1, while the other two from
chillers, CH1 and CH2, operating at different evaporation temperatures. Flue gas chilling yields appreciable
condensation of water and thus requires purges, PR1 to PR3, from the columns. After the refrigeration subsystem,
the water content and the specific volume of the flow are appreciably reduced hence, at this point, is optimally
placed the fan necessary to offset all pressure losses, named FN. Subsequently, the flow enters the absorption
column, AB, where it encounters, sprayed from the top, a rich solution recycle, AB4, the lean solution, AC3, and a
water make-up, WW4. The recycled stream and the lean stream are refrigerated by a chiller, CH3, in order to
counteract the exothermic reaction occurring in the absorber and maintain it at a low temperature at which a
moderate quantity of solid ammonium bicarbonate precipitates. Part of this slurry pumped from the bottom of the
column, by PS1, is recycled whereas the remainder is boosted to regeneration pressure, by PS2, prior to entering a
recuperator, RC, where, as it is heated, the precipitated salt dissolves. At the exit of the heat exchanger, the stream is
preheated, in PH, by low pressure steam, ST3, extracted from the turbine and then directed into the regeneration
column, RG. Sensible enthalpy and reaction enthalpy inside the column is provided by higher pressure steam, ST1,
through an external reboiler, RB. The treated flue gas leaving the absorption column are washed, in WC1, by
refrigerated so to minimize ammonia slip to the atmosphere. Similarly, regenerated carbon dioxide is washed, in
WC2, so to simultaneously recover the ammonia from the vapor phase, reduce the water content and chill the flow
going to the compression subsystem. The treat gas wash has a small water purge, PR4, while carbon dioxide wash a
small water make-up. The carbon flow is compressed to slightly supercritical pressure by CC, cooled by dry coolers
DC2, and ultimately pumped to transportation conditions by PC. The assumed parameters for the boundary
conditions and the working conditions of all operational units are included in Tab. 1.
5. Simulation results
The thermochemical model was implemented in VBA and called by a spreadsheet document containing the firstand second-law analyses of the considered process. As indicated in Tab. 2 in terms specific to 1 kg of captured CO2,
the total heat duty, summing both pre-heater and reboiler, is about 1.5 MJ which is met by a steam extraction of
0.59 kg that results in a loss of electrical production from the turbine of about 0.1 kWh. Tab. 3 summarizes the
results for the five subsystems: the first column shows the electrical consumption of the auxiliaries added to the
original power plant as well as the electricity penalty related to the two steam extractions, while the second column
shows the losses of reversible work related to the irreversible processes occurring in the subsystems along with the
discharges of water purges and cold treated gas into the ambient. Referring to the energy analysis, in terms of unit
mass of captured CO2, auxiliaries consume globally almost 0.1 kWh (i.e a value very close to the electricity penalty
quoted above for the steam extracted from the turbine), the most of which is for the chiller serving the absorber. As
a whole, the absorption-regeneration subsystem takes over almost 58% of all electrical usage. The chillers of the gas
refrigeration subsystem are the second most consuming ancillaries, as this subsystem is responsible for more than
20% of the usage. Carbon dioxide compression subsystem has a small share of about 13%, much smaller than in
capture systems separating CO2 at atmospheric pressure. The remainder is equally distributed over the two washing
sections. In total, the electrical penalty of carbon capture is 0.2 kWh/kg_CO2. From a second-law perspective, gas
cooling and absorption/regeneration subsystems have a similar irreversibility, respectively 39% and 45% of a total
work increase of 0.18 kWh per kg of captured CO2. Interestingly, compression entropy production, 4.4%, is between
that of the treated gas wash, 2.9%, and that of the carbon dioxide wash, 6.2%, indicating that is advisable to improve
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the second wash by employing a dry cooler in addition to the chiller and allow washing water to return hotter from
the column. Entropy production from the discharge of purges and cold gas is very low, about 1% each, as expected,
since their discharge temperature is close to the ambient one.

Fig. 1. Schematic of the process analyzed in this work and simulated from first- and second-law points of view.
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Tab. 1 – List of the main parameters assumed for the simulation of the process illustrated in Fig. 1.
Ambient
Pressure, bar
Temperature, °C
Flue gases
Pressure, bar
Temperature, °C
Ar mol%
CO2 mol%
H2O mol%
N2 mol%
O2 mol%
Reboiler steam
Pressure, bar
Temperature, °C
Pre-heater steam
Pressure, bar
Temperature, °C
Steam turbine
Adiabatic efficiency, %
Electro-mechanical efficiency,%
Exhaust pressure, bar
Exhaust vapor quality, %
Absorption reactor
NH3 concentration initial solution, wt%
Capture efficiency, %
CO2 loading, kg_CO2 / kg_solution
Extracted / regenerated flows, kg / kg
Recycle and lean sol inlet temp, °C
Regeneration reactor
Pressure, bar
Temperature, °C
Heat exchangers
ǻT min, °C

1.01
15
1.025
60
0.43
11.27
saturated
64.55
4.24
3.5
330
1
200
90
98
0.05
95
11.5
90
0.10
6
10
40
120
5

Dry coolers
Reference thermal power, kW
Reference ǻT inlets, °C
Reference electrical power, kW
ǻT minimum cold side, °C
Chillers
ǻT condensation, °C
ǻT evaporation, °C
COP / COP of Carnot cycle
Recirculation pumps
Hydraulic efficiency, %
Electro-mechanical efficiency,%
Head pressure (PR1,PR2,PR3,PR5), bar
Head pressure (PR4,PR6), bar
Slurry pumps
Hydraulic efficiency, %
Electro-mechanical efficiency,%
Head pressure (PS1), bar
Head pressure (PS2), bar
Carbon dioxide pump/compressor
Hydraulic/adiabatic efficiency, %
Electro-mechanical efficiency,%
Head pressure (CC/PC), bar
Cooling and washing columns
ǻP, bar
Hot stream outlet temp (CC1), °C
Hot stream outlet temp (CC2,WC2), °C
Hot stream outlet temp (CC3,WC1), °C
ǻT cold side, °C
ǻT hot side (CC1), °C
ǻT hot side (CC2), °C
ǻT hot side (CC3,WC1), °C
ǻT hot side (WC2), °C

727
15
5.94
5
10
3
0.65
80
90
2.50
42.50
75
95
5
40
85
92
80/150
0.015
23
15
6
3
5
4
3
95

Tab. 2 – Steam extraction and loss of electrical production from the steam turbine. All values are given specific to the kilogram of captured CO2.

Pre-heater
Reboiler
Total

Heat duty
MJ / kg_CO2
0.5813
0.9535
1.5348

Steam extraction
kg_steam/kg_CO2
0.2283
0.3661
0.5944

Electrical loss
kWh/kg_CO2
0.0271
0.0688
0.0959

Tab. 3 – Electrical penalty due to auxiliaries, loss of production from turbine and work increase with respect to ideality due to irreversibilities.

Gas cooling
CO2 absorption/regeneration
Treated gas wash
CO2 wash
CO2 compression
Purge discharge
Treated gas discharge
Total auxiliary electrical usage
Total loss from steam turbine
Total electrical penalty

Electrical penalty
kWh/kg_CO2
%
0.0207
20.75
0.0579
57.98
0.0039
3.95
0.0039
3.86
0.0134
13.47
0.0000
0.00
0.0000
0.00
0.0998
100.00
0.0959
0.1957

Delta work w/r/t ideality
kWh/kg_CO2
%
0.0685
38.97
0.0796
45.33
0.0051
2.89
0.0109
6.18
0.0077
4.41
0.0021
1.22
0.0017
0.99
0.1757
100.00

6. Conclusions
The CAP appears to be a promising technology. Compared to MEA, the present simulation confirms it has a
reduced reboiler heat duty and a moderate electrical need for auxiliaries, in particular chillers: for 1 kg of captured
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CO2, a steam extraction of 0.59 kg, equivalent to a heat duty exceeding 1.5 MJ and a generation loss approaching
0.1 kWh, an auxiliary consumption of 0.1 kWh and an increase of work with respect to ideality of 0.18 kWh. The
total electrical penalty is 0.2 kWh so, at a cost of electricity of 7 c€/kWh, the sole operation adds about 14 € per
captured ton of CO2. Referring to a modern PC-USC with net electrical output of 600 MW and efficiency of 45.0%,
with respect to a coal containing 62wt% of C and having a LHV of 25 MJ/kg, the decrease in output is 76.9 MW,
which reduces the efficiency to 39.2%, penalizing the performance less than most of the competing techniques.
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1. Introduction
There is strong world-wide interest in developing new and
improved processes for post-combustion capture of CO2, and
current state-of-the-art processes usually use chemical absorption
(Aaron and Tsouris, 2005; Bailey and Feron, 2005; Ciferno et al.,
2009). Developers of new processes make positive claims for their
proposals in terms of low energy consumption, but these are
usually difﬁcult to validate. This paper demonstrates that rigorous
application of thermodynamic analysis and process simulation
provides a powerful way to quantitatively discriminate among
various CO2-capture processes, by applying the methodology to
the analysis of an aqueous-ammonia process, speciﬁcally the
chilled-ammonia process (Gal, 2006).
Chemical absorption is complicated and difﬁcult to analyze
because many complexes and ionic species may form and the
accuracy of the calculated phase equilibrium and heats of
absorption and stripping depend on proper representation of
the speciation and the solution non-ideality. But applied thermodynamicists and chemical engineers have many decades of
experience in this area (Mather, 2008; O’Connell et al., 2009),
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and a variety of data (vapor–liquid and liquid–solid equilibrium,
spectroscopic investigation of species distribution, calorimetric
measurement of heats of solution, etc.) are usually available to
develop, ﬁne-tune and validate the thermodynamic models.
Process simulation of electrolyte systems is also an established
tool in chemical engineering, and serves as an effective basis to
rapidly and accurately analyze various process schemes (Chen and
Mathias, 2002; Mathias, 2005). Process simulation also provides
the means to interpret laboratory experiments and quantify the
process performance.
This work demonstrates the power of thermodynamic analysis
and process simulation by applying these tools to the analysis and
quantitative evaluation of the chilled-ammonia process (Gal, 2006).
2. Chemical absorption for CO2 capture—thermodynamic
analysis and process simulation
A wide variety of processes for post-combustion capture of CO2
are currently being researched, and these include absorption using
solvents or solid sorbents, pressure- and temperature-swing
adsorption, cryogenic distillation, and membranes (Aaron and
Tsouris, 2005; Bailey and Feron, 2005; Ciferno et al., 2009). The
focus of the present analysis is on absorption using chemical
solvents since this is the current state-of-the-art (Aaron and
Tsouris, 2005; Bailey and Feron, 2005; Ciferno et al., 2009). In postcombustion CO2-capture processes by chemical absorption, the
‘‘lean’’ solvent preferentially absorbs CO2 from the ﬂue gas at low
pressure (about 1 atm). The ‘‘rich’’ solvent is regenerated in a
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stripper at elevated temperatures to produce the CO2 product and
the lean solvent that is recycled back to the absorber. Chemicalabsorption processes for post-combustion CO2 capture are in
successful operation today (Chapel et al., 1999), and hence the
competitiveness of a particular process depends on the associated
process costs, most signiﬁcantly the utility costs: heating (lowpressure steam), cooling (cooling water) and, in some cases,
chilling (refrigeration).
Thermodynamic analysis offers a powerful technique to perform reliable and accurate analysis of the utility costs of chemicalabsorption processes (O’Connell et al., 2009). An accurate
thermodynamic model is needed for the complex, electrolytic
system, but this can be accomplished today due to the availability
of molecular-thermodynamic models and the underlying phaseequilibrium data, analytical data on speciation and calorimetric
measurements of the heats of solution (Mather, 2008; O’Connell
et al., 2009). Once the thermodynamic model has been developed
and validated, commercial software (e.g., Aspen Plus1 from Aspen
Technology, Inc. and the OLI Engine1 from OLI Systems, Inc.) can
routinely simulate the entire integrated process, including
absorbers, strippers and heat exchangers, as well as heat
integration. Darde et al. (2008, 2009) have presented thermodynamic analysis of the chilled-ammonia process.
3. Chilled-ammonia process
Aqueous-ammonia processes (DOE/NETL report, 2007) have
been proposed as energy-efﬁcient alternatives to traditional
alkanolamine absorption-stripping processes (e.g., Chapel et al.,
1999; Mimura et al., 2000) for post-combustion capture of CO2. This
work focuses on the chilled-ammonia process that has been
patented by Gal (2006). The process description presented here is
concise, and the reader is referred to Gal’s patent (2006) for further
details. Fig. 1 presents the ﬂow diagram of the process modeled in
this work. Flue gas that has been desulfurized (not shown) has its
pressure raised slightly using a blower, is cooled to 100 F using
cooling water, is chilled to 41 F via refrigeration, and then enters the
absorber (represented as a spray tower with chilled-liquid
recirculation) where most of the CO2 in the ﬂue gas (typically
90%) is chemically absorbed in the lean solvent from the stripper.
The lean solvent is chilled to 47 F and its CO2 loading is at the point of
imminent precipitation of salts: ammonium bicarbonate (NH4HCO3
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or ABC) and possibly ammonium carbonate ((NH4)2CO3H2O). The
absorber removes CO2 from the ﬂue gas mainly by the precipitation
of ABC and has a recirculation loop with refrigerated chilling that
maintains it at a target temperature in the range 30–50 F. The
refrigeration load comes from three demands: ﬂue-gas-chiller,
recycle solvent chiller and absorber chiller. The solvent ﬂow rate is
set to absorb 90% of the CO2 in the ﬂue gas.
The rich solvent is pumped to a higher pressure, heated in a
cross exchanger (minimum approach temperature set to 10 F,
which is quite aggressive for a heat exchanger with solids in one of
the process streams) with the hot lean solvent and enters a stripper
that operates at 450 psia and produces the CO2 product as distillate
and the lean solvent as the bottoms. The stripper reboiler duty is
set to achieve the required CO2 loading in the lean solvent.
The absorption system includes a make-up stream of the NH3
solvent, as shown in Fig. 1.
The speciﬁed or control variables in the process ﬂow diagram
shown in Fig. 1 are the ﬂow and composition of the ﬂue gas, the
absorber temperature (30–50 F) and the NH3 concentration of the
solvent on a CO2-free basis. The key calculated results are the
solvent circulation rate, the heat load (stripper reboiler duty), the
refrigeration load (sum of three chiller duties) and the ammonia
slip in the absorber.
The NH3 slip in the absorber overhead is too high (240–
2200 ppmv, as further discussed in Section 5) for direct discharge
into the environment, and thus requires additional treatment (NH3
abatement). Fig. 2 presents the NH3-abatement scheme analyzed
in this work. The minimum approach temperature in the NH3abatement cross exchanger has been set to 10 F, and the recycle
solvent ﬂow rate and the stripper reboiler duty have been
calculated to achieve 10 ppmv NH3 in the vent gas and water
ﬂow rate from the stripper overhead to balance water losses from
the ﬂow diagram of Fig. 1. In other words, the purpose of the NH3abatment system is to control NH3 discharge into the environment
and to maintain a water balance in the plant.
4. Thermodynamic model
The thermodynamic model used here was presented previously
at the 7th Annual Conference on Carbon Capture and Sequestration
(Mathias et al., 2008). Thermodynamic models for electrolyte
systems require a chemistry model, which is a theoretically correct

Fig. 1. Flow diagram of the chilled-ammonia process.
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Fig. 2. Absorber-stripper system for NH3 abatement of stream from the CO2 absorber overhead.

and practical representation of the ionization reactions that occur
in the system, and a non-ideality model (Mather, 2008).
The chemistry model for the NH3–CO2–H2O system, which is
presented in Table 1, identiﬁes the acid–base effects through
which NH3 as a weak base causes the chemical absorption of the
weak acid CO2. Absorbed CO2 exists as molecular CO2 (very low
concentration), and bicarbonate, carbonate and carbamate anions,
while NH3 in solution exists as molecular NH3, ammonium cation
and carbamate anion. The chemistry model should not only
represent the total CO2 and NH3 in solution, but also quantitatively
describe the concentrations of the various species since effects like
heats of solution depend on correct and accurate speciation
(Mather, 2008; O’Connell et al., 2009). The chemistry model in
Table 1 also includes the formation of NH4HCO3(s) or ABC since this
solid precipitates in the absorber and may remain in the heated
rich stream from the cross exchanger. Our analysis indicates that
the only other solid that may form in the process is (NH4)2CO3H2O,
which possibly precipitates in the chilled lean-solvent feed to the
absorber. We have ﬁxed the CO2 loading of this stream to ensure
that both ABC and (NH4)2CO3H2O do not precipitate in the chilled
lean-solvent feed to the absorber.
The non-ideality model used here is the ElectrolyteNRTL (Chen
et al., 1982) model available in Aspen Plus1, and the model
parameters were adjusted to provide a good ﬁt of the available
vapor–liquid equilibrium (Göppert and Maurer, 1988; Kurz et al.,
1995), solid–liquid equilibrium (Jänecke, 1929a,b), calorimetric
(Rumpf et al., 1998) and speciation (Wen and Brooker, 1995) data.
Figs. 3 and 4 demonstrate that the model provides good
agreement with the vapor-liquid equilibrium data of Kurz et al.
(1995), and Figs. 5 and 6 indicate that the speciation predictions of
the model agree with the Raman spectra measurements of Wen
and Brooker (1995). Mathias et al. (2008) have further shown that
the model provides an accurate representation of solid–liquid

equilibrium (Jänecke, 1929a,b) and calorimetric (Rumpf et al.,
1998) data.
Fig. 7 presents two independent calculations for the differential
heat of solution of CO2 in aqueous NH3: calculation from the
present thermodynamic model and ‘‘thermodynamic analysis.’’
The thermodynamic analysis (labeled ‘‘From VLE data’’ in Fig. 7)
directly uses the experimental partial pressures of CO2 (Kurz et al.,
1995) to estimate its differential heat of solution through the
following thermodynamic relationship and numerical estimation

Fig. 3. Comparison between model calculations and data (Kurz et al., 1995) for the
partial pressure of CO2 in 6 m NH3 solutions.

Table 1
Chemistry model for the NH3–CO2–
H2O system.
2H2O $ OH3O+ + OH
CO2 + 2H2O $ H3O+ + HCO3
HCO3 + H2O $ H3O+ + CO32
NH3 + H2O $ NH4+ + OH
NH3 + HCO3 $ NH2COO + H2O
NH4+ + HCO3 $ NH4HCO3(s)

Fig. 4. Comparison between model calculations and data (Kurz et al., 1995) for the
partial pressure of NH3 in 6 m NH3 solutions.
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Fig. 5. Speciation in the (NH4)2CO3 system. Comparison between model calculations
and data of Wen and Brooker (1995).
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The CO2 heat of solution in aqueous MEA (monoethanolamine)
at low loadings of CO2 is about 800 Btu/lb CO2, as experimentally
measured by Carson et al. (2000). Fig. 7 indicates that the heat of
solution of CO2 in aqueous NH3, also at low CO2 loadings, is in the
range of 600–700 Btu/lb CO2. Hence, the heat of solution of CO2 in
aqueous ammonia is less than that in aqueous MEA, but is much
higher than the 260 Btu/lb CO2 reported by many researchers in
the ﬁeld (Resnik et al., 2004; Gal and Olson, 2006; DOE/NETL
report, 2007). As discussed by Mathias et al. (2008), the inaccurate
estimation of the heat of solution (260 Btu/lb CO2) results from
imposing ﬁxed speciation rather than allowing the species
distribution to follow chemical equilibrium consistent with the
chemistry model (Table 1) and measured by Raman spectra
analytical data (Wen and Brooker, 1995).
Consider the following reaction as representing the regeneration of CO2 in the stripper:
2NH4 þ þ 2HCO3  ! 2NH4 þ þ CO3 2 þ H2 OðlÞ þ CO2 ðgÞ

DHrxn  266 Btu=lb CO2
This reaction represents the chemical conversion of ammonium
bicarbonate in aqueous solution (as ionic species) to ammonium
carbonate (as ionic species), liquid water and gaseous CO2. If this is
the only reaction occurring in the stripper, the heat of regeneration
would indeed be about 260 Btu/lb CO2. But, in reality, the
regeneration of CO2 is the overall result of a set of several
reactions that are occurring simultaneously (Table 1), and the
correct heat of reaction is actually in the range of 600–700 Btu/lb
CO2.
5. Quantitative process analysis and evaluation

Fig. 6. Speciation in the (NH4)2CO3 system. Comparison between model calculations
and data of Wen and Brooker (1995).

of the partial derivative:


@lnðPCO2 Þ
Solution
HCO
¼ R
2
@ð1=TÞ Loading

(1)

The agreement between the thermodynamic model and the
independent thermodynamic analysis in Fig. 7 is considered good
since our estimate of the uncertainty of the thermodynamic
analysis (Eq. (1)) is about 25–50 Btu/lb CO2 due to numerical
imprecision in estimating the partial derivative in Eq. (1). This good
agreement, as well as the agreement of the model with the
calorimetric data of Rumpf et al. (1998), which was previously
presented by Mathias et al. (2008), clearly support the validity and
accuracy of the model prediction.

Fig. 7. Heat of solution of CO2 in 8 wt% NH3 at 100 F. Comparison between model
predictions and thermodynamic analysis of the data of Kurz et al. (1995).

The thermodynamic model for the NH3–CO2–H2O system has
been used has been used in the Aspen Plus process simulator to
study the particular case of post-combustion CO2 capture by the
chilled-ammonia process (Gal, 2006), with ﬂowsheets represented
by Figs. 1 and 2. The inlet ﬂue gas stream has a ﬂow rate of
150,000 lb mol/h with mole percents of H2O, CO2, N2 and O2 as
11.0, 13.7, 71.8 and 3.5, respectively. The feed CO2 composition of
about 14 mol% is typical of ﬂue gases from coal-ﬁred power plants
(Ciferno et al., 2009). It should be noted that the process simulation
model used here assumes physical and chemical equilibrium, and
does not consider reaction kinetics, vapor-to-liquid mass transfer
rate in the absorber, solid-precipitation rate in the absorber and
solid-dissolution rate in the cross exchanger. Hence, the present
simulation model provides an optimistic estimate of process
performance; the quantitative extent of the optimism of the
equilibrium model is difﬁcult to estimate without developing a
rate-based model (Zhang et al., 2009).
The ﬁrst part of the study kept the absorber temperature ﬁxed
at 50 F and varied the NH3 composition in the solvent. Fig. 8
indicates that increasing the NH3 concentration in the solvent
decreases the solvent circulation rate, and this is because the solids
content of the rich solvent increases and the difference between
the rich and lean CO2 loadings also increases, as shown in Fig. 9.
The NH3 slip from the absorber is only weakly dependent on the
NH3 concentration and depends mainly on absorber temperature;
at 50 F, the NH3 slip is approximately constant at 2230 ppmv.
Hence, the study further focused on the 26 wt% NH3 (CO2-free
basis) solvent where the solids content of the rich solvent is 60.2%.
For 26 wt% NH3 and an absorber temperature of 50 F, the stripper
duty is 985 Btu/lb CO2, while the NH3 abatement regenerator duty
is 1022 Btu/lb CO2, which gives a total LP steam requirement of
2007 Btu/lb CO2. This LP steam requirement is very high compared
to typical LP steam requirements for alkanolamine-based processes, which are usually in the 1200–1500 Btu/lb CO2 range (DOE/
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Fig. 8. Effect of NH3 concentration in the solvent on the solvent ﬂow rate. The
absorber temperature is 50 F.

Fig. 9. Effect of NH3 concentration in the solvent on weight fraction solids in the rich
solvent, and lean and rich CO2 loadings. The absorber temperature is 50 F.

NETL report, 2007). Note also that licensors of the alkanolaminebased processes have made improvements to lower the energy
consumption, as, for example, described by Reddy and Gilmartin
(2008).
The NH3-abatement regenerator steam requirement is high
because the NH3 slip is high at the absorber temperature of 50 F.
Fig. 10 presents the reduction in NH3 slip achieved as the absorber
temperature is reduced. If the absorber can be run at 30 F, the NH3

Fig. 10. NH3 slip in absorber as a function of absorber temperature.

Fig. 11. Utility loads for NH3 concentration of 26 wt% (CO2-free) as a function of
temperature.

slip will be reduced to 242 ppmv, but NH3 abatement is still
needed to reduce the NH3 concentration in the ﬂue gas discharged
to the stack down to the target level of 10 ppmv. Figs. 11 and 12
show how the absorber stripper duty and NH3 abatement
regenerator duty vary as the absorber temperature is decreased.
The total LP steam requirement is approximately constant below
about 35 F, and in fact has a weak minimum of about 1291 Btu/lb
CO2 at 35 F. Hence, the steam requirements will be equivalent to
alkanolamine-based CO2-capture processes if the absorber can be
run at 35 F. However, Fig. 12 also shows that operation of the
absorber below about 50 F will cause solid precipitation in the richsolvent feed stream to the stripper (following heating in the cross
exchanger), which will require pre-heat to mitigate fouling
problems in the stripper.
The chilled-ammonia process also incurs a refrigeration load of
about 1200 Btu/lb CO2 (Fig. 12), which will require the use of
compressor power for the refrigeration unit. Some of this chilling
load is offset by the high pressure of the product CO2, which
reduces the CO2 compressor power. Our analysis indicates that the
chilling-load penalty exceeds the beneﬁts in the reduced
compressor power. An optimistic estimate of the coefﬁcient of

Fig. 12. Chilling duty and weight % solids in the stream leaving the cross exchanger.
note that solids will be present in the rich solvent leaving the cross exchanger if the
absorber temperature is below 49 F.
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performance of the refrigeration system is ﬁve, which gives a
refrigeration compressor load (i.e., mechanical work or electrical
energy) of 240 Btu/lb CO2. An alkanolamine process condenser
typically operates at about 24 psia, and our estimate of the
compressor load to raise the pressure of CO2 from 24 to 450 psia
with an isentropic efﬁciency of 81% is 120 Btu/lb CO2. Note that
both these energy requirements are mechanical work rather than
heat, and hence the efﬁciency of converting heat into work must be
taken into account for equivalence with the LP steam requirement.
In summary, the total LP steam requirements of the chilledammonia process may be made comparable to alkanolamine
processes by running the absorber at a reduced temperature, but
temperatures below 50 F require special treatment to avoid fouling
problems in the stripper. The chilled-ammonia process requires
refrigeration power, which is a net positive energy cost even if the
beneﬁts of the higher-pressure CO2 product from the stripper are
taken into account.
6. Conclusions
This work has demonstrated that the combination of an accurate
and reliable thermodynamic model and process simulation enables a
powerful tool to analyze and quantitatively evaluate proposed
processes for post-combustion CO2 capture, which is applicable even
to complex processes like chilled ammonia that feature electrolytes
and solids formation. The modeling tool reveals how the process
performance changes with operating conditions and identiﬁes the
optimum conditions to operate the process, which is an NH3 solvent
concentration of about 26 wt% and an absorber temperature at about
35 F; however, note that lowering the absorber temperature below
about 50 F requires special pre-heating to avoid fouling problems in
the stripper. Finally, the modeling tool provides quantitative
estimates of the utility needs of the process. The chilled-ammonia
process is judged to be equivalent to alkanolamine-based absorption
processes for LP steam consumption, but may be rendered
noncompetitive because of the large refrigeration loads that are
not needed in alkanolamine-based processes.
It should be noted that the analysis presented here does not
address rate limitations that may limit successful achievement of
the optimum operating conditions of the chilled-ammonia process.
Hence, the results presented here are an optimistic estimate of the
process performance.
The thermodynamic analysis provides a reliable way to
anticipate operational issues. One indication of an operational
problem is that optimization of the absorber temperature may
result in a feed temperature of the rich solvent to the stripper that
is sufﬁciently low to cause fouling problems in the stripper.
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a b s t r a c t
There are several carbon capture and storage concepts for the reduction of CO2 emissions of power
plants that are promising and have been under development recently. In this study, three carbon capture
technologies, the amine scrubbing, the calcium looping, and the oxyfuel combustion were evaluated in
terms of exergy losses when applied in fossil fuel power plants. Although both ﬁrst two options are post
combustion capture technologies, they affect the power plant differently: the amine system consumes
steam for stripping (reboiler), whilst calcium sorbents regeneration process consumes fuel. On the other
hand, oxyfuel technology suffers due to the power consumption penalties for the oxygen production
in an Air Separation Unit. The exergy analysis revealed that in the amine scrubbing case, 7.7% of the
total exergy input to the power plant is destroyed in the capture unit and 1.0% during CO2 compression.
Although a considerable amount of the total exergy input (22.3%) is dissipated in the calcium looping
process, the overall scheme is the most efﬁcient with the lowest exergy penalty of −9.0%, whereas in the
amine and oxyfuel case this penalty amounts to −10.0% and −9.5% respectively. In the oxy-combustion
case, the ASU is the main unit where most of the exergy losses for CO2 capture are observed (5.1% of the
total exergy input in the system).
© 2015 Elsevier Ltd. All rights reserved.

1. Introduction
The development of carbon capture from gases produced in
thermal process like combustion in the form of CO2 and its storage
in appropriate geological formations is one of the most promising
options for greenhouse gas (GHG) effect reduction. The greatest
interest for carbon capture and storage (CCS) implementation is
found on the power production sector, and more speciﬁcally, on
coal-ﬁred thermal plants which account for most of the anthropogenic CO2 emitted worldwide (IEA). Post-combustion capture

Abbreviations: ASU, Air Separation Unit; BMC, bed material cooler; COP, coefﬁcient of performance; CRH, cold reheated steam; DCAC, direct contact air cooler;
EC, evaporative cooler; EOR, enhanced oil recovery; Evap, evaporator; FG, ﬂue gas;
HP, high pressure; HPC, high pressure column; HRH, hot reheated steam; H-X, heat
exchanger; IP, intermediate pressure; LHV, lower heating value; LP, low pressure;
LPC, low pressure column; MEA, monoethanolamine; NRTL, non-random two liquid;
PCU, Puriﬁcation and Compression Unit; SPECCA, speciﬁc energy consumption for
CO2 avoided; ST, steam turbine; TEG, triethylene-glycol; TRL, technology readiness
level.
∗ Corresponding author at: 52, Egialias Str., Maroussi, Athens, Greece.
E-mail address: atsonios@certh.gr (K. Atsonios).
http://dx.doi.org/10.1016/j.ijggc.2015.12.022
1750-5836/© 2015 Elsevier Ltd. All rights reserved.

options are considered the most mature of the options for CO2 separation, i.e. its separation and capture from ﬂue gases. The other
important technology is oxy-combustion, i.e. the replacement of
air with pure oxygen stream as the oxidizing medium.
Among the post-combustion CO2 capture technologies,
chemical absorption by means of amine solution such MEA
(monoethanolamine) is the most mature one. It has already
reached to a commercial level (TRL-9 level of technology readiness) in large scale (Dinca and Badea, 2013; Olajire, 2010;
Saskpower.com, 2015). The CO2 separation from the ﬂue gas
is performed in the absorber column where an amine aqueous
solvent reacts with the CO2 . The temperature of the lean solvent is
adjusted in the cooler after the main heat exchanger using water as
cooling medium. The release of CO2 and simultaneously the solvent
regeneration is conducted in a stripper, at elevated temperatures
where the reverse reaction takes place. The required heat for the
solvent regeneration is obtained through steam extracted from
the power plant’s steam cycle. The gaseous stream that exits from
the upper part of the stripper consists of CO2 and H2 O and it is
cooled down to 28 ◦ C with cooling water. The rich-CO2 stream
is easily puriﬁed by water condensation and is compressed with
inter-stage cooling (Fig. 1).
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Nomenclature
b
E
Ecarb
F0
FR
h
Ir
ir
m
N
Q
p
P
R
s
T
x
X
W

speciﬁc exergy index, kJ/kg
exergy, kW
carbonation efﬁciency, –
make-up ratio, kmol/kmol
looping ratio, kmol/kmol
enthalpy, kJ/kg
irreversibility, kW
speciﬁc irreversibility, kJ/kgCO2
mass ﬂow rate, kg/s
molar ﬂow rate, kmol/s
heat stream, kW
pressure, bar
electricity power output, kWe
gas constant, 8314 kJ/mol K
entropy, kJ/kg
temperature, ◦ C
molar fraction
average conversion of solids in the carbonator/calciner, –
work power, kW

Greek symbols
mass fraction

ε
standard chemical exergy
efﬁciency

Subscripts and superscripts
maximum average
ave
B
boiler
C
condenser
calc
calcination
carbonation
carb
ch
chemical
f
fuel
FG
ﬂue gas
m
material
o
reference state
P
preheating
ph
physical
Q
heat
turbine
T
tot
total
ut
utilization
W
work

Another promising technology is the calcium looping (CaL)
(Shimizu et al., 1999). The main principle of this process is the
continuous calcium sorbents recirculation between a carbonator
and calciner reactor. In the carbonator, CO2 from ﬂue gas is
captured by reacting with solid lime (CaO) to form limestone
(CaCO3 ). The sorbent’s regeneration and CO2 release is performed
with a calcination process. Due to the endothermic nature of the
calcination reaction, the simultaneous fuel combustion in the
regenerator (calciner) is required. To achieve high CO2 concentrations in the out-coming gas, pure O2 stream is used. The great
amounts of excess heat from the process is recovered and utilized
for electricity generation. Previous studies have shown that the CaL
process can achieve the lowest energy penalty compared to other
capture techniques like chemical absorption (Hanak et al., 2015)
and oxyfuel (Vorrias et al., 2013). Thanks to the considerable effort
put into this technology the evolution of the Technology Readiness

Fig. 1. Amine scrubbing conﬁguration.

Level (TRL) to level 6 is currently accomplished (Abanades et al.,
2015). The process ﬂowsheet diagram is depicted in Fig. 2.
The third pathway studied here is based on the so called oxycombustion – O2 /CO2 combustion. The technology is considered
among the most mature options, aspiring to achieve level 8 of
TRL by 2020 (Stanger et al., 2015). Using oxygen in CO2 instead of
air as oxidizing agent, the produced ﬂue gas is composed of CO2
and H2 O which are easily separable through cooling and water
condensation. In order to regulate the combustion temperature
through thermal mass introduction that would otherwise be air’s
N2 , portion of the ﬂue gases is recirculated and mixed with the pure
oxygen stream prior to combustion. The technology that is adopted
for large quantities of pure O2 (95%, v/v) is through cryogenic distillation in Air Separation Unit (ASU) (Fig. 3).
A simple comparison between various CO2 capture options
can be done in terms of ﬁrst law of thermodynamics, i.e. assess
the penalty in the power outcome when compared to the reference plant without capture. Although several conclusions can
be extracted from the ﬁrst law analysis, there is some facts that
that cannot make the comparison generic: (a) the CO2 option
assessment is strongly depended on the selection of the process
speciﬁcations of each unit operation. For instance, the net efﬁciency of a power plant with CaL may be lower and higher than
the corresponding of an amine scrubbing case, depending on operation parameters of the secondary steam cycle, regardless of the
CaL unit performance, (b) this discussion on the extent of the possible improvement of each operation unit cannot be made in depth
unless the thermodynamic limitations of each process are taken

Fig. 2. CaL process ﬂowsheet.
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reductions. The operating parameter of a speciﬁc coal-ﬁred power
plant is ﬁrstly assumed and then it is retroﬁtted with these three
capture technologies. Through this analysis, the limitations for further improvement of each process are determined. Through this
second law of thermodynamics analysis this work aims to answer
the question: “What kind of energy is best to be spent for CO2 capture in a coal power plant, low quality heat through steam (MEA),
high quality heat through fuel combustion (CaL) or electrical power
(oxyfuel)?”
2. Model description

Fig. 3. Air Separation Unit conﬁguration for pure O2 production.

into account. This can be facilitated by an exergy analysis, which
examines how useful energy is used or deteriorates though each
unit processes. Each process is investigated fundamentally in terms
of the boundaries that are set from the second law of thermodynamics. In other words, the processes and unit operations where
most of exergy dissipation is observed are identiﬁed and the extent
of potential improvement of them can be evaluated.
Exergy analysis of CCS schemes is already presented by other
researchers with valuable results for understanding each process
limitations. Amrollahi et al. revealed for the amine scrubbing process that the greatest amount of exergy is mainly lost in the CO2
absorption process and in the solvent regeneration unit (Amrollahi
et al., 2011b). Through exergy analysis in calcium looping process
(Romeo et al., 2010; Wang et al., 2013) it is revealed that a large
amount of exergy dissipation is observed during calcination. In the
oxy-ﬁred power plants, exergy based studies were focused on the
improvement of sub processes performance comprising the power
plant. Both Fu and Gundersen (2012) and Hagi et al. (2013) identiﬁed that most of the additional exergy losses for carbon capture
are attributed to the Air Separation Unit and the CO2 puriﬁcation unit. Xiong et al. (2011) showed that an oxy-ﬁred combustion
boiler has lower exergy penalty that the corresponding air-ﬁred.
They also estimated that an overall 4.08% exergy penalty in the
oxy-combustion case without taking into account the CO2 compression. Exergetic analysis has also been performed for other CCS
technologies such a pre-combustion scheme including H2 selective membranes and cryogenic separation schemes (Atsonios et al.,
2012, 2013).
The main scope of this study is to perform an exergy analysis
of the three most promising carbon capture technologies including a calculation of the irreversibilities of all the unit operations
and assess their individual contribution to the overall efﬁciency

The process simulations are performed with ASPEN PlusTM . The
process modeling of the selected reference case is not presented in
detail since the plant performance optimization at the main boiler is
beyond the scope of this paper. The reference case is assumed to be
a modern pulverized coal ﬁred atmospheric steam boiler, supercritical with single reheat and air preheater with hot ﬂue gas (LUVO).
The feedwater preheating before it enters the boiler is also taken
into account by using extracted steam from both high and low pressure steam turbine. The net electrical power output is deﬁned at
300.0 MWe and the corresponding gross 310.9 MWe. The fuel properties and the main speciﬁcations for the reference plant operation
are summarized in Table 1.
The main operation parameters of the three capture technologies that are investigated in this study are summarized in Table 2.
A brief description of the model methodology follows.
2.1. MEA scrubbing
In CO2 capture by chemical absorption with amines, separation
from the ﬂue gas is performed bringing a MEA aqueous solvent
into contact with CO2 in an atmospheric absorber column, where
the following reaction occurs:
(CH2 )2 OHNH2 + H2 O + CO2 → (CH2 )2 OHNH3 + + HCO3 −

(R1)

The chemical absorption process is conducted in near isothermal conditions since the temperature at the bottom stage is
calculated at 58.7 ◦ C while the temperature at the upper part of
the column is 55.2 ◦ C, according to the simulation results. On
the other hand, in the stripper, the reboiler duty is calculated at
240.2 MWth at 110.6 ◦ C whereas the rich-CO2 gas stream exits from
the upper stage at 94.9 ◦ C. The heat exchanging duty at the main
heat exchanger is 263.0 MWth .
The required heat for solvent regeneration is obtained from low
pressure steam condensation (i.e. 5 bar), which is extracted from
the turbine. The property method that is selected for such a model
case is NRTL with electrolytes, as it is in the ASPEN PlusTM library
(Aspen Technology, 2009). The make-up MEA for amine compensation due to degradation is determined according to the Strube and
Manfrida’s study (Strube and Manfrida, 2011). The main characteristics of the basic streams for the amine scrubbing case are shown
in Table 3.

Table 1
Reference plant key parameters.
Fuel properties
C (% d.b.)
H (% d.b.)
O (% d.b.)
N (% d.b.)
S (% d.b.)
Ash (% d.b.)
Moisture (w/w%)
LHV (kJ/kg a.r.)

Operating parameters
69.8
3.9
7.2
1.7
0.4
17.0
7.8
25,460

Air equivalence ratio
HP steam (◦ C/bar)
CRH steam (◦ C/bar)
HRH steam (◦ C/bar)
Steam turbine isentropic efﬁciency HP/IP/LP (%)
Condenser pressure (bar)
Feedwater preheating temperature (high/low pressure, ◦ C)
Fuel gas temperature before LUVO (◦ C)
Air temperature after LUVO (◦ C)

1.25
600/240
370/65
600/60
92/94/88
0.050
125/240
325
300
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Table 2
CO2 capture plant speciﬁcations and modeling assumptions.
Chemical absorption with MEA
Absorber/stripper stages
Lean solvent w/w
Lean solvent temperature
Make-up MEA
Speciﬁc heat at reboiler

8/4
40%
40 ◦ C
1.2·10−4 kg/kglean solvent
3.58 MJth /kgCO2

Calcium looping process
Carbonation/calcination temperature
Looping ratio, FR
Make-up ratio, F0
Maximum sorbents conversion, Xmax
Solids inventory at the carbonator
Pressure drop in the carbonator
Carbonator reactor volume
Speciﬁc oxygen production
O2 concentration in rich-O2 stream
O2 concentration in oxidizing medium
Oxygen concentration at the calciner outlet

650/900 ◦ C
9.3 (mol/mol)
0.05 (mol/mol)
0.1585
415,000 kg
0.15 bar
4685 m3
220 kWh/ton O2
95.0%
40.0%
6% (v/v)

O2 /CO2 cycle
Pressure ratio at ASU compressor
ASU compressors isentropic efﬁciency
Intercoolers temperature
Tmin at main heat exchanger
Tmin at reboiler/condenser
HP/LP columns stages
HP/LP columns pressure
Direct contact air cooler (DCAC) #1 temperature
Direct contact air cooler (DCAC) #2 temperature
Evaporative cooler (EC) temperature
O2 concentration in rich-O2 stream
O2 concentration in oxidizing medium
Speciﬁc power consumption in ASU

4.8
91%
28 ◦ C
2 ◦C
2 ◦C
30
4.4/1.13 bar
19.3 ◦ C
18.4 ◦ C
9.5 ◦ C
95.0%
30.0%
220 kWh/ton O2
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carbonation efﬁciency. It was recently noted (Duelli et al., 2015)
that the presence of steam, which is an inherent component of the
ﬂue gas, has a beneﬁcial effect on the process since it increases the
apparent reaction rate of carbonation.
The process conﬁguration that was modeled in ASPEN Plus is
demonstrated in Fig. 2. The Air Separation Unit for oxygen production (95%, v/v purity) is also modeled in detail using the same
conﬁguration and operating parameters with this at the oxyfuel
case. According to studies on large scale application of CaL technology, the removal of the produced heat in the carbonator cannot
be performed effectively without the use of an additional heat
exchanger, due to reactor geometrical limitations (Ylätalo et al.,
2014; Morandi et al., 2014). Hence, the bed material cooler (BMC)
is a ﬂuidized bed where Ca solids are cooled before they enter the
carbonator, achieving in the effective recovery of the rejected heat
during carbonation. The excess heat from both the carbonator and
the BMC is recovered for steam generation in a secondary steam
cycle for further electricity production. The produced ash in the
calciner is assumed that is not removed totally from the CaL unit.
The ash removal system does not allow more than 50% of the overall ash to be recycled back to the loop. Hence, it is assumed that 50%
of it is separated through the cyclones. It should be pointed out that
even though the ash content in the employed fuel is relative high,
the removal of ash by 50% in the cyclones is adequate to keep the
concentration of recycling ash at low levels (see Table 4). Moreover,
the ash balance at the CaL reveals that only a small fraction (<2%) of
the inlet ash is removed with the purge CaO. The rich-CO2 steam,
after cooling and water removal through condensation, undergoes
a more intensive puriﬁcation in the Puriﬁcation and Compression
Unit (PCU), the conﬁguration of which is described in following
paragraph. The characteristics of the basic streams of the CaL base
case are shown in Table 4.

2.2. Calcium looping process
The methodology for the carbonation process modeling and
more speciﬁcally the reaction rate calculation is based on the
approach of average CO2 carrying capacity (Xmax ) which is ﬁrstly
introduced by Abanades (2002). According to it, Xmax is a function of
the looping ratio (FR ) the fresh limestone ratio (F0 ) and the carrying
capacity of a partially carbonated particle. This allowed the development of several correlations for the reaction rate estimation. One
of this is presented in the study of Charitos et al. (2011) which is
based on experimental runs in pilot scale. The modeling approach
in the present study is almost same with this, slightly modiﬁed so
that the partial sulfation of the sorbents to be taken into account. A
more detailed description of the model methodology can be found
in a previous study (Atsonios et al., 2015). It should be pointed out
that the present carbonation model can be regarded as conservative since it does not take into account the effect of steam on the

2.3. Oxyfuel
Pure oxygen production is performed based on a cryogenic
method applied in the ASU. The separation of oxygen from air is
based on the different dew point of oxygen and nitrogen, preferably
at high pressures. The split of these two compounds is accomplished in two distillation columns, one high and one low pressure.
The outlet stream from the latter are in low temperature and
are used as the cooling medium for air refrigeration in a heat
exchanger. The process parameters speciﬁcation are adjusted in
order to achieve 95% pure oxygen stream and >99% purity in the
nitrogen one.
Due to the fact that the fuel combustion is performed with oxygen excess, which cannot be easily removed from the rich-CO2 gas
stream – contrary to the water content, which is removed through

Table 3
Streams characteristics of amine scrubbing case (for stream numbering see Fig. 1).
Stream

m (kg/s)

T (◦ C)

p (bar)

1
2
3
4
5
6
7
8
9
10
11
12

346.7
284.0
2108.9
2171.6
24.6
2170.8
2084.3
67.8
67.3
67.3
93.3
93.3

50.0
55.2
40.1
58.7
25.0
95.3
110.6
29.5
25.0
24.9
248.6
120.6

1.01
1.01
1.01
1.01
1.01
1.30
1.10
1.01
60.00
110.00
5.00
4.60

Molar composition (%)
H2 O

CO2

N2

O2

Ar

MEA

7.0%
10.4%
80.4%
80.6%
99.8%
80.6%
80.4%
1.9%
0.3%
0.3%
100.0%
100.0%

14.6%
1.6%
6.8%
13.4%
0.0%
13.4%
6.8%
97.8%
99.4%
99.4%
0.0%
0.0%

74.2%
83.3%
0.0%
0.0%
0.0%
0.0%
0.0%
0.2%
0.2%
0.2%
0.0%
0.0%

3.3%
3.7%
0.0%
0.0%
0.0%
0.0%
0.0%
0.0%
0.0%
0.0%
0.0%
0.0%

0.9%
0.9%
0.9%
0.0%
0.0%
0.0%
0.9%
0.0%
0.0%
0.0%
0.0%
0.0%

0.0%
0.0%
12.7%
6.0%
0.2%
6.0%
12.7%
0.0%
0.0%
0.0%
0.0%
0.0%
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Table 4
Streams characteristics of CaL unit (for stream numbering see Fig. 2).
Stream

m (kg/s)

T (◦ C)

p (bar)

Molar composition (%)
H2 O

1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
a

330.4
330.4
267.1
267.1
1071.3
1134.5
323.7
5.4
33.04
8.5
316.2
75.9
153.6
158.9
256.1
177.1

263.2
330.0
650.0
90.0
713.1
700.0
763.0
898.7
25.0
25.1
20.0
20.0
350.0
30.0
600.1
600.0

1.01
1.15
1.01
1.01
1.01
1.01
1.03
1.01
1.01
1.01
1.01
1.01
1.02
1.01
260.00
38.00

CO2

N2

7.0
14.6
74.2
7.0
14.6
74.2
8.0
1.8
85.3
8.0
1.8
85.3
0.0
0.0
0.0
0.0
0.0
0.0
15.8
76.6
0.4
0.0
0.0
0.0
Coal analysis – see Table 1
0.0
0.0
0.0
0.1
0.0
78.1
0.0
96.9
3.1
16.8
74.8
0.4
3.2
87.1
0.5
100
0.0
0.0
100
0.0
0.0

O2

CaSO4

SiO2

Asha

0.0
0.0
0.0
0.0
0.0
9.4
0.0
0.0

0.0
0.0
0.0
0.0
4.9
4.9
0.0
4.9

0.0
0.0
0.0
0.0
8.0
8.0
0.0
8.0

0.0
0.0
0.0
0.0
0.5
0.5
0.0
0.3

91.9
0.0
0.0
0.0
0.0
0.0
0.0

0.0
0.0
0.0
0.0
0.0
0.0
0.0

8.1
0.0
0.0
0.0
0.0
0.0
0.0

0.0
0.0
0.0
0.0
0.0
0.0
0.0

Ar

CaO

CaCO3

3.3
3.3
3.8
3.8
0.0
0.0
5.7
0.0

0.9
0.9
1.0
1.0
0.0
0.0
1.5
0.0

0.0
0.0
0.0
0.0
86.8
77.2
0.0
86.8

0.0
20.9
0.0
6.3
7.3
0.0
0.0

0.0
0.9
0.0
1.5
1.9
0.0
0.0

0.0
0.0
0.0
0.0
0.0
0.0
0.0

The molecular weight is assumed equal to 1.

condensation after cooling – a cryogenic separation unit is required.
The characteristics of the basic streams of the ASU regarding the
oxyfuel case are shown in Table 5.
2.4. CO2 puriﬁcation and compression
Although that a gas stream with high CO2 concentration is produced in all the capture processes, a gas puriﬁcation step is required
before transfer and storage, especially when the CO2 comes from
an oxy-ﬁred reactor (combustor or calciner). The use of CO2 puriﬁcation unit for the oxygen and other inert gases removal is essential
for both safety and technical reasons (CAESAR, 2009; Abbas et al.,
2013a,b; de Visser et al., 2008). Indicatively, H2 O (<50 ppmv) and
O2 (<10 ppmv) are the species that require intensive removal in
order to meet the above mentioned speciﬁcations (Abbas et al.,
2013a). Inert gases (Ar, N2 ) are present in the CO2 stream but their
concentration is under 4%, which is the threshold for them (Abbas
et al., 2013a). Regarding the NOx and SOx there is not clear view,
even though NOx are expected to be around 100 ppm (Hofbauer
et al., 2012; Nikolopoulos et al., 2011). It makes clear that less strict
requirements for O2 and H2 O concentration in the CO2 stream may
open the way for less intensive conditioning measures.
The process ﬂow diagram of the Puriﬁcation and Compression
Unit (PCU) is depicted in Fig. 4. The O2 /CO2 separation is based
on the Joule-Thomson effect, like in the ASU operation: At ﬁrst,
rich-CO2 stream is compressed up to 10.5 bar through a three-stage
compression train with inter-cooling. Then, it enters the absorber
for water removal. The solvent used is triethylene-glycol (TEG)
in 99.95 wt.% at 40 ◦ C. The rich-solvent is throttled at 1.3 bar and
heated up to 195 ◦ C for the solvent regeneration in a stripper. This
Table 5
Streams characteristics of the ASU regarding the oxyfuel case (for stream numbering
see Fig. 3).
Stream

1
2
3
4
5
6
7
8
9
10

m (kg/s)

278.7
278.0
276.8
276.8
191.1
85.7
65.5
211.3
65.5
211.9

T (◦ C)

15.0
28.0
20.0
−177.2
−187.0
−189.6
−182.7
−189.8
15.0
9.5

p (bar)

1.0
4.7
4.5
4.4
1.9
1.9
1.1
1.9
1.3
1.9

Molar composition (%)
H2 O

N2

O2

Ar

1.0
0.6
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.4

77.3
77.6
78.1
78.1
67.8
100
1.5
98.8
1.5
98.4

20.7
20.8
21.0
21.0
30.8
0.0
95.0
1.0
95.0
1.0

0.9
0.9
0.9
0.9
1.4
0.0
3.5
0.2
3.5
0.2

Fig. 4. Process ﬂowsheet of the puriﬁcation and compression unit consisting of H2 O
and non-condensable gas removal.

heat is obtained from the lean solvent that is cooled and pumped
before re-entering the absorber. The reboiler heat at the stripper is
taken from the rich-CO2 stream (see Fig. 4). The stream results for
the CO2 puriﬁcation and compression in the CaL case and oxyfuel
case are shown in Tables 6 and 7, respectively.
The scheme that is introduced in this study for CO2 puriﬁcation
suggests the removal of the light gases (mainly O2 ) under cryogenic conditions, in a distillation column, the operating principle
of which is based on the different boiling point of CO2 from the
other species. An external Refrigeration System is used to cover the
required cooling loads. The main parameters for the PCU are shown
in Table 8.
Since ASU and PCU are employed in the CaL and oxyfuel case,
the detailed modeling in ASPEN plus of these two units was accomplished in both cases.
3. Exergy analysis – methodology
For the gaseous/liquid material streams, the total exergy
amount Em (kW) is deﬁned as the sum of the physical εph and
chemical εch (kJ/kmol) part:
Em = N · (εph + εch )

(1)

where N is the molar ﬂow in kmol/s. The physical and chemical
exergy are deﬁned:
εph = (h − ho ) − To (s − so )
εch,gas =



xi εo.i + RTo



(2)
xi ln xi

K. Atsonios et al. / International Journal of Greenhouse Gas Control 45 (2016) 106–117

111

Table 6
Streams characteristics of PCU for the CaL case (for stream numbering see Fig. 4).
Stream

m (kg/s)

T (◦ C)

p (bar)

Vapor fraction

1
2
3
4
5
6
7
8
9
10

170.1
156.8
52.9
56.3
153.5
153.5
134.2
134.2
19.3
19.3

300.0
5.0
40.0
12.6
40.5
−42.1
−41.2
15.0
−69.5
15.0

1.01
10.50
15.00
10.30
10.30
10.30
9.50
110.00
9.50
9.50

1
1
0
0
1
0.90
0
0
1
1

Molar composition (%)
H2 O

CO2

N2

O2

Ar

TEG

16.8
0.1
0.4
0.7
2 × 10−2
2 × 10−2
3 × 10−2
3 × 10−2
0.0
0.0

74.8
89.9
0.0
17.6
89.8
89.8
100
100
30.5
30.5

0.4
0.5
0.0
0.0
0.5
0.5
0.0
0.0
3.6
3.6

6.3
7.5
0.0
0.1
7.7
7.7
1 × 10−3
1 × 10-3
52.2
52.2

1.6
2.0
0.0
0.0
2.0
2.0
8 × 10−5
8 × 10−5
13.7
13.7

0.0
0.0
99.6
81.6
0.0
0.0
0.0
0.0
0.0
0.0

Table 7
Streams characteristics of PCU for the oxyfuel case (for stream numbering see Fig. 4).
Stream

m (kg/s)

T (◦ C)

p (bar)

Vapor fraction

1
2
3
4
5
6
7
8
9
10

78.2
77.3
32.4
34.2
75.5
75.5
62.4
62.4
13.2
13.2

28.0
5.0
40.0
18.7
40.0
−42.4
−41.2
15.0
−61.3
15.0

1.013
10.5
15
10.3
10.3
10.3
9.5
110
9.5
9.5

1
1
0
0
1
0.91
0
0
1
1

Molar composition (%)

The reference conditions used are the standard environmental
conditions (To = 25 ◦ C, po = 1.013 bar). The speciﬁc chemical exergy
εo,i and the molecular weight of the components that are taken into
consideration for the exergy analysis of the three capture technologies are presented in Table 9.
For the calculation of the fuel chemical exergy (the corresponding physical exergy is assumed equal to zero), the following
equation is adopted based on the lower heating value and the ultimate (elemental) analysis (Zaleta-Aguilar et al., 2007):
Efuel = ṁf LHVf



1.0437 + 0.1896

H
O
N
+ 0.0617
+ 0.0428
C
C
C



(3)
To calculate the chemical exergy of MEA in liquid phase, the
group contribution method was adopted (Szargut et al., 1988).

H2 O

CO2

N2

O2

Ar

TEG

2.7
0.1
0.4
0.6
2 × 10−2
2 × 10−2
3 × 10−2
3 × 10−2
5 × 10−8
5 × 10−8

87.2
89.7
0.0
15.6
89.5
89.5
100
100
46.0
46.0

1.6
1.6
0.0
0.0
1.6
1.6
0.0
0.0
8.4
8.4

5.6
5.8
0.0
0.1
5.9
5.9
1 × 10−3
1 × 10−3
30.3
30.3

2.8
2.9
0.0
0.0
3.0
3.0
1 × 10−4
1 × 10−4
15.3
15.3

0.0
0.0
99.6
83.7
0.0
0.0
0.0
0.0
0.0
0.0

According to this method, when the chemical constitution of the
substance is known, the contribution of simple chemical groups
in chemical exergy can be considered. Monoethanolamine (MEA)
with known molecular formula (C2 H7 NO) has the following group
constituents with the corresponding chemical exergy: CH2
(651.46 kJ/mol), OH (-51.34 kJ/mol) and NH2 (284.34 kJ/mol).
Hence, the MEA chemical exergy was calculated at 1534 kJ/mol.
This approach can also be found in similar studies in the literature
(Amrollahi et al., 2011a,b).
In order to calculate the exergy losses Itot in each process, the
exergy balance around the CO2 separation and compression unit is
required.
The exergy balance at each CO2 capture process according to
the exergy streams shown in Fig. 5 is summarized in the following
equation.
in
in
in
out
out
EFG
+ Eair
+ Efin + EW
+ EQin = EFG
+ ECO
+ EQout + Ir,tot

(4)

2

Table 8
Process parameters for the PCU.
Compression train
Pressure outlet
Intercooling stages
Isentropic efﬁciency
Dewatering unit
Solvent
Solvent loading
Number of stages of the
absorber/stripper
Regeneration temperature of
the solvent
Speciﬁc heat of regeneration

10.5 bar
1.8, 3.4 and 5.5 bar
75%
Triethylene-glycol (99.95 wt.%)
17.1 kmol TEG/kmol H2 O removed
6/3
295
237.6 kJ/lt TEG

Cryogenic unit for light gases (mainly O2 ) removal
Hot stream temperature after
−42.1 ◦ C
the Heat Exchanger
20
Number of stages of the
distillation column
COP of the refrigeration system
1.06
110 bar
Pure CO2 ﬁnal pressure

The main goal of this study is to identify the amount of exergy
needed and destroyed for CO2 capture in an existing coal ﬁred
power plant. For the post combustion options (amine scrubbing
and calcium looping), the required intervention is the installation
of the capture plant before the stack of ﬂue gases and the exergy
Table 9
Chemical exergy and the molecular weight of various components.
Component

εo,i (kJ/mol)

MW (kg/kmol)

H2 O(l)
H2 O
CO2
N2
O2
Ar
CaO
CaCO3
CaSO4
SiO2
MEA

0.88
9.47
19.61
0.72
3.97
11.69
110.20
1.00
8.20
1.90
1534.00

18.02
18.02
44.01
28.02
32.00
39.95
56.08
100.09
136.14
60.09
61.08
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a)
in
EFG

ECO2

CO2 Separaon
Unit

E inf

EWin

EWin 2

b)

E

Eair

out
FG

EFG

ASU

EWin1

EQin

Boiler

EWin3

Steam
Cycle

EFG

PCU

ECO2

out
EFG

Fig. 5. Exergy balance around the CO2 capture unit for (a) the post-combustion technologies and (b) the oxyfuel technology.

balance that should be calculated is shown in Fig. 5a. In the oxy-fuel
case, the exergy balance is deﬁned somehow differently. The operation of this capture mode requires the installation of the ASU, the
PCU and the ﬂue gas recirculation (Fig. 5b). Hence, the exergy balance of the oxyfuel case for the abovementioned purpose includes
these main processes.
Four indexes are introduced for the exergetic comparison of the
capture technologies. The ﬁrst one is the speciﬁc required exergy,
bex required :
bex

=

required

in + E in
Efin + EW
Q

CO2 captured

[kJ/kg]

(5)

This index expresses the amount of exergy in kJ that is required
either as heat, power or chemical exergy, in order 1 kg CO2 to be
separated from ﬂue gas and captured. The amount of exergy in kJ
that is spent by the form of heat, power or chemical exergy in order
to capture 1 kg CO2 is represented by the following index:
bex

spent

Ir,tot
[kJ/kg]
CO2 captured

=

(6)

Fig. 6. Exergy ﬂow at the reference power plant without CO2 capture.

Fig. 7 shows the exergy ﬂow at the amine scrubbing case. A
considerable amount of exergy in the form of low enthalpy heat
is required for the solvent regeneration while 11% of the produced
power electricity is used for the power requirements of the
compression step (totally 8.7% of the exergy input is dissipated in

The total irreversibility Itot is calculated from Eq. (4). Additionally, the exergy utilization efﬁciency (ex,ut ) is introduced and
expresses the fraction of the total exergy than enters the capture
and puriﬁcation and compression unit that is not destroyed in the
form of irreversibilities:



ex,ut =

1−



Ir,tot
in + E in + E in + E in + E in
EFG
W
Q
air
f

× 100%

(7)

Finally, the overall exergy efﬁciency of the whole plant (ex,tot )
is deﬁned as the net power generation (Ptot,net ) to the fuel exergy
input (Efuel ):
ex,tot =

Ptot,net
× 100%
Efuel

(8)

4. Results and discussion
Simulations at the reference power plant reveal an overall thermal net efﬁciency equal to 39.2% on a LHV basis. The speciﬁc fuel
consumption is calculated at 360.6 kg/MWhe , whereas the speciﬁc
CO2 emissions are 851.7 kg/MWhe . The overall exergy efﬁciency
was calculated equal to 36.9%. A detailed description of exergy ﬂows
in this case is seen in Fig. 6. Half of the fuel exergy is dissipated in
the boiler, during the conversion of chemical energy to heat, for the
steam generation and reheating process. The hot ﬂue gases contain
3.2% of the total fuel exergy at the boiler exit, after the air preheater
(LUVO). Around 10.4% of exergy is dissipated at the rest steam cycle
(expansion, condensation and preheating).

Fig. 7. Exergy ﬂow at the MEA post-combustion capture case.
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Table 10
Irreversibility (% total exergy losses in the plant and in kJ per kg CO2 separated) by
unit sections for the CO2 capture and compression plant for amine scrubbing case
(40 wt.% MEA, 10 wt.% CO2 ).
Process

Ir /Ir,tot (%)

ir (kJ/kgCO2 )

Flue gas blower
Flue gas cooling
CO2 absorption
Solvent regeneration
Rich/lean heat exchanger
CO2 cooling

0.1%
0.1%
3.8%
7.1%
0.3%
0.9%

13.1
6.8
315.9
595.2
21.2
77.4

MEA capture and CO2 compression processes). Due to the reduced
amount of steam expanded in the turbine, the exergy losses in
turbine and condenser & preheater are lower, in comparison to the
reference case (Fig. 6).
A more detailed analysis on the exergy dissipation in the amine
capture unit follows in Table 10. Solvent regeneration has the
highest exergy losses in the capture process followed by the CO2
separation in the absorber. The exergy dissipation in the CO2 puriﬁcation process that takes place during CO2 cooling is 77.4 kJ/kgCO2
or 0.9% of Ir,tot . It is underlined that this parameter refers only to
the cooling of gaseous stream after the stripper, where the rich-CO2
stream is cooled and water is removed through condensation. Only
1.0% of the total irreversibilities are observed during the increase of
pure CO2 pressure using the typical compression train with interstage coolers (see Fig. 7). If the CO2 compression was conducted in
one stage up to 60 bar without intercooling, the irreversibilities in
this unit would be 33.2% higher. It should be pointed out that Efuel is
not the sole exergy that enters the plant: 0.08% of the total exergy
input comes from the combustion air and 0.49% from the amine
solvent make-up. Nevertheless, the discussion about the exergy
dissipation is made on the basis of the Efuel in all the examined
cases.
The inﬂuence of the solvent composition on the plant performance in terms of energetic and exergetic performance is also
investigated in this study. As it is seen in Table 11, high MEA/CO2
ratio in the lean solvent promotes the effectiveness of the process
(compare the 1st and 3rd cases with the 2nd and 4th ones). This
is illustrated by the less reboiler duty and the exergy losses in the
amine unit in the ﬁrst case, where the MEA/CO2 mass ratio is equal
to 4. Additionally, low MEA concentrations leads to less efﬁcient
capture system, comparing the 1st with the 3rd case.
In the CaL case, exergy ﬂow is differentiated (Fig. 8): the required
exergy for the operation of the calcium sorbents cycle is inserted in
the unit mainly in the form of chemical (fuel) and work (ASU and
boosters) power. More than half (52.4%) of the initial fuel input is
used for the carbonate sorbents regeneration in the calciner, while
more than half of which is transformed into useful heat for steam
generation in the secondary steam cycle (25.3%). The amount of fuel
(Efuel ) compared to the case of MEA is about 110% more because of
the requirement to cover the calciner heat duty demands. Moreover, 22.5% of the total gross power produced is consumed for the
proper operation of the compressors in the ASU, the CaL Unit and
the PCU. It is observed that Ca looping process induces signiﬁcantly
more exergy dissipation (25.3% of total Efuel ) than MEA (7.7%) due

Fig. 8. Exergy ﬂow at the CaL post-combustion capture case.

to the fact that fuel combustion, which occurs in the calciner, has by
deﬁnition a large amount of irreversibility. More speciﬁcally, from
the total 25.3% of exergy destruction in the CaL, 3.0% comes from
the carbonation process where CO2 capture takes place, 2.9% in the
ASU, and 19.4% in the calciner unit.
Furthermore, the exergy of the spent (purge) CaO solids that exit
the loop due to the introduction of fresh material represents the
0.6% of the total exergy losses/dissipation of the system. Keeping in
mind that the utilization of heat from the cooling of this solid stream
is not technically feasible, the exergy regain from such heat recovery is not considered. On the other hand, 25.3% of the total exergy
is recovered as high enthalpy heat at the CaL unit and is utilized for
steam generation and subsequently for power production.
Fig. 9 presents the percentage contribution of the dissipated
exergy in all the process steps of the CaL case. The calcination
process accounts for most of the losses mainly due to the simultaneous combustion in the reactor for direct heating. It is noteworthy
that 5.4% of the exergy is remained at the “ﬁnal product CO2 ”
– apart from electricity – that can be sent for storage or further
application (i.e. EOR, CO2 ﬁxation, etc.). The exergy content of the
make-up limestone is signiﬁcantly low compared to the exergy
input (5 × 10−3 %) and thus it is neglected.
A sensitivity analysis is performed in CaL case in order to investigate the effect of some parameters on exergy losses reduction.
Among the most important operational parameters are the quality

Table 11
Effect of lean solvent composition on the plant and capture unit performance.
a/a

Lean solvent composition
(wt.%)

Reboiler duty,
Qreb (kJ/kgCO2 )

Lean solvent exergy,
Esolv (kJ/kgCO2 )

Amine unit exergy losses,
Ir,MEA (kJ/kgCO2 )

Net energy
efﬁciency (%)

Net exergy
efﬁciency (%)

1
2
3
4

40 wt.% MEA, 10 wt.% CO2
30 wt.% MEA, 10 wt.% CO2
30 wt.% MEA, 7.5 wt.% CO2
25 wt.% MEA, 8 wt.% CO2

3583
5977
4002
5217

316,646
880,093
254,560
517,391

971.6
1692.5
1037.9
1460.8

28.8
24.8
27.9
25.6

26.1
23.3
25.6
24.0
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2.9%

2.4%

0.7%
5.4%

23.8%
31.8%
main P.P.
1.8%
3.2%

27.9%

main P.P.

3.0%

19.4%

CO2 capture

7.2%

3.0%

useful exergy
final CO2
final FG
Carbonator
Calciner
ASU
PCU
Steam Cycle 2
steam production
steam expansion
water preheating
condensation

Fig. 9. Percentage contribution of the exergy losses (irreversibility) in each process
in CaL case.
Table 12
Sensitivity analysis on the CaL process case (90% overall capture efﬁciency).
Case

“Base case”

“High F0 case”

“High S” case

Fresh limestone ratio, F0
(mol/mol)
Fuel used in the calciner
CaO looping ratio, FR
(mol/mol)
Maximum capacity,
Xmax (mol/mol)
SPECCA (MJ/kgCO2 )
bex required (kJ/kgCO2 )
bex spent (kJ/kgCO2 )
ex,ut (%)
ex,tot (%)

0.05

0.10

0.20

Coal
9.32

Coal
6.39

Petcoke
16.78

0.1585

0.2029

0.1887

4.01
7432.6
3888.5
49.0%
27.9%

4.12
6696.7
3590.7
47.9%
27.4%

4.68
10,461.2
4909.6
46.3%
27.4%

of the supplementary fuel that is used in the calciner and the limestone make-up ratio, F0 . A sensitivity analysis (Table 12) reveals
that the overall plant operates more effectively – in energetic and
exergetic point of view – when the minimum make-up ratio for
certain CO2 capture in the carbonator is required. Nevertheless,
the similar values of the ex,ut of the two cases with different F0
reveal that the CaL performance is not considerably affected by the
make-up ratio. Low F0 value induces lower Xmax and thus, high looping ratio is needed for certain CO2 capture. Hence, the bex required is
high, the bex spent and ex,ut indexes are higher. The way that the two
cases have different overall plant efﬁciency (energy and exergy) is
explained below.
The comparison of the results derived from the “base case” with
the “high S” case highlight that the properties of the supplementary fuel plays important role in the CaL performance. Speciﬁcally,
for the petcoke case, where S is 4.65%, high make-up ratios are
required in order to achieve 90% capture efﬁciency in the carbonator (Atsonios et al., 2015). Taking into account that the effective
removal of sulfur from the loop cannot be realized with mechanical
or other separation methods, calcium sulfate (CaSO4 ) tends to accumulate in the solid loop. Having increased Xsulf values at the loop,
the Xmax deteriorates, leading to higher FR , inevitably. This fact has
negative impact on both the plant efﬁciency and the CaL performance, suggesting low sulfur fuels for the sorbent regeneration in
the calciner. Furthermore, high S content in the spent lime makes it
inappropriate for utilization in cement manufacture by substitution
of raw materials for clinker production (Atsonios et al., 2015).
In an ideal case, when the sorbents have high Xmax value and thus
low looping ratio is required, the bex required and the bex spent do not
drop up to the corresponding levels of MEA and oxy-combustion
cases. These high rates are mainly attributed to the increased temperature levels at which both carbonation and calcination take
place. Taking into account that 650/900 ◦ C have been proven as
the most suitable temperatures for carbonation and calcination
respectively, little modiﬁcations can be done in this certain process

clean FG

RFG
4

13
air
1

O2
ASU

2

Steam
Boiler

5
6

3

N2

fuel

8

7

9

FG
cooling

11

PCU

10

12

water

water

14
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CO2
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Fig. 10. Process ﬂow diagram of the power plant with oxy-combustion capture.

conﬁguration for exergy losses reduction by changing the operational temperatures. Another option should be the adoption of
new advanced sorbents with higher carrying capacity and ability
of CO2 absorption/desorption at lower temperatures. For instance,
regarding the improvement of Xmax parameter, sorbent treatment
methods such as steam regeneration and thermal pre-treatment
have been investigated and proposed (Anthony, 2011). However,
even though this would be a thermodynamically appropriate suggestion, several issues in terms of technical and economic feasibility
of the technology should be addressed. Alternatively, a technique
that is considered as very promising sorbent regeneration process
at the current state of the knowledge is recarbonation which is
based on the further carbonation of carbonated particles after the
carbonator using pure CO2 . The scope of this concept is to keep
the carrying capacity at maximum levels, minimizing the need for
make-up limestone (Arias et al., 2012; Diego et al., 2014).
In the oxy-combustion case, the main stream results of the
whole plant are shown in Table 13 whereas the general process
ﬂowsheet of this capture case with the numbered streams is presented in Fig. 10.
According to the exergy analysis for this case (see Fig. 11),
considerable power fractions are consumed for the compressors
required for the CO2 capture, i.e. the cryogenic air separation in
the ASU, the cryogenic CO2 puriﬁcation and compression. Most of
power is consumed at the ASU for pure oxygen production. During
the ﬂue gas cooling water is removed in liquid form, the exergy

Fig. 11. Exergy ﬂow at the oxy-combustion capture case.
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Table 13
Power with oxy-combustion–steam results.
Stream

m (kg/s)

T (◦ C)

p (bar)

1
2
3
4
5
6
7
8
9
10
11
12
13
14

278.7
65.5
211.9
186.2
251.7
27.6
243.5
166.9
275.0
5.3
78.2
2.1
13.2
62.4

15.0
29.6
9.5
76.1
64.2
15.0
600.0
600.0
125.2
58.0
28.0
193.1
15.0
24.9

1.01
1.54
1.01
1.21
1.05
1.01
260.0
60.0
1.02
1.01
1.01
1.30
9.50
110.0

Molar composition (%)
H2 O

CO2

H2

N2

O2

Ar

1.0
0.0
0.4
14.6
10.2
0.0
100.0
100.0
18.2
100.0
2.7
100.0
0.0
0.0

0.0
0.0
0.0
76.6
56.1
0.0
0.0
0.0
73.3
0.0
87.2
0.0
46.0
100.0

0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0
0.0

77.3
1.5
98.4
1.4
1.2
0.0
0.0
0.0
1.3
0.0
1.6
0.0
8.4
0.0

20.7
95.0
1.0
4.9
30.0
0.0
0.0
0.0
4.7
0.0
5.6
0.0
30.3
0.0

0.9
3.5
0.2
2.5
2.5
0.0
0.0
0.0
2.4
0.0
2.8
0.0
15.3
0.0

of which is negligible (0.01%). Although the pressure ratio in the
Puriﬁcation and Compression Unit is higher, the energy requirements for rich CO2 stream compression are lower than in the ASU
case. Although 70% of the ﬂue gas recirculates in order to reduce O2
concentration at the oxidizing medium from 95% after the ASU to
30% before the boiler, the energy duties for fan operation are 0.6%
of the total LHV input and 0.2% the corresponding exergy losses.
In other words, if the boiler can afford pure oxygen without mixing with ﬂue gases as the oxidizing medium, this would have a
marginal positive impact of 0.6% in terms of exergy efﬁciency. It is
noteworthy that ﬂue gases at the boiler exit (FG2) contain 3.4% of
the fuel exergy whereas the corresponding value of ﬂue gases at
the boiler inlet (FG1, oxidizing medium) is 10.0%. This relative high
value in the oxidizing medium is attributed to fact that CO2 has
higher speciﬁc chemical exergy (ε0,i ) that N2 (see Table 9), which is
the corresponding inert gas in the reference case, where air is used
for combustion.
It is seen from the exergy analysis in all the examined cases that
at least 8.7% of the exergy is lost and dissipated for CO2 puriﬁcation and compression is inevitable for any capture scheme that is
implemented on atmospheric thermal plants: Part of this exergy is
in the form of power for CO2 compression and puriﬁcation, whereas
another part is the total exergy of the ﬁnal streams (ﬁnal CO2 stream
and clean ﬂue gases) that cannot be further utilized.
Table 14 shows the basic energy and exergy balance results of
the three investigated CO2 capture schemes. It should be underlined that the purpose of this study is not to present the best option
for CO2 capture after the comparison of the optimized cases of them

but to indicate the potential of each technology improvements with
respect to exergy losses reduction. Based on the ASPEN PlusTM simulations, it is concluded that CaL technology is slightly the most
efﬁcient option for carbon capture from existing coal power plant.
The overall capture efﬁciency is deﬁned as:
carbon capture efﬁciency (%) =

kg of C captured
kg of total C in the plant

(9)

For the better evaluation of the energy systems in terms of
energy efﬁciency, SPECCA (speciﬁc energy consumption for CO2
Avoided) is introduced. This index expresses the additional fuel
heat energy in MJ that is required to avoid 1 kg of CO2 :
SPECCA = 3600 ×

1/ − 1/ref
Eref − E

(MJJHV /kgCO2 )

(10)

The SPECCA values indicate that the CaL case uses the least fuel
energy for CO2 capture.
The speciﬁc exergy requirements for the proper operation of the
Calcium looping process are by far the highest ones. Around 86% of
this is chemical exergy in the form of fuel in the calciner and the
rest 14% accounts for power consumed in the ASU’s compressors
and the refrigeration system operation. Similarly, the total speciﬁc
irreversibility in this technology is almost three times higher than
the others. Besides, the exergy utilization, which is illustrated from
the ex,ut index, is lower than the corresponding value in the postcombustion case (59.8%) but slightly higher than the corresponding
of the oxy-combustion case (48.6%). Hence, the rest of exergy that
is not used or lost for CO2 capture at the carbonation–calcination

Table 14
Energy and exergy balance.a

Overall capture efﬁciency (%)
Gross electric efﬁciency (%)
Steam cycle auxiliaries (%)
Compressors at the capture unit (%)c
Ash (%)
CO2 compression and puriﬁcation (%)
Net electric efﬁciency (%)
Energy penalty (%)
ex,tot (%)
Exergy penalty (%)
Speciﬁc CO2 emissions (kgCO2 /MWh)
SPECCA index (MJLHV /kgCO2 )
bex required (kJ/kgCO2 )
bex spent (kJ/kgCO2 )
ex,ut (%)
a
b
c

Reference without capture

Amine scrubbing

CaL

Oxy-fuel

–
40.6
−1.4
–
–
–
39.2
–
36.9
–
851.7
–
–
–
–

90.0
33.6
−1.3
−0.6
–
−2.3
28.8
−10.4
26.9
−10.0
116.2
4.54
2366.6
1113.5
59.8

90.0
39.4
−1.2b
−0.6
−3.6
−4.4
29.6
−9.6
27.9
−9.0
110.4
4.01
7432.6
3888.5
49.01

90.0
41.8
−1.5
−0.5
−6.3
−4.4
29.1
−10.1
27.4
−9.5
115.3
4.36
1345.1
1565.7
48.6

Energy consumptions percentage are on LHV basis.
referred to both reference and secondary steam cycle.
Amine scrubbing unit: solvent pumps, CaL: blowers of the ﬂuidizing mediums, oxyfuel: FG recirculation fan.
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Table 15
Contribution of each process to the total exergy penalty for each capture technology.
ii (kJ/kgCO2 ) for each process

Power plant (main or secondary)
CO2 separation from ﬂue gas
Sorbent/solvent regeneration
CO2 puriﬁcation and compression
O2 production in ASU
Total speciﬁc irreversibilities

Capture technology
MEA scrubbing

CaL

Oxyfuel

7424.0
315.9
661.3
135.2
–
8523.8

4424.3
369.5
2462.2
292.2
359.2
7904.4

7110.0
179.1
–
453.6
647.8
8236.9

cycle can be effectively recovered for further power production.
This heat is high enthalpy valued and is transformed in a Rankine
cycle into work power with high efﬁciency.
Table 15 explains why the CaL technology has the highest efﬁciency despite it has the highest speciﬁc exergy losses in capture
unit. Table 15 groups the irreversibilities for each technology,
depending on the process type. The Ii are expressed as kJ per CO2
captured. Ca looping reactors for CO2 capture and release have by
far higher speciﬁc losses. On the other hand, the contribution of
ASU is 2 times less in the CaL case, in comparison to the oxyfuel
case. Additionally, due to the nature of the CaL process, almost half
of the fuel input is not combusted in the boiler, where the speciﬁc
exergy losses are higher. The fact that the autothermal oxy-calciner
is more efﬁcient by exergy point of view than the boiler (air or oxy
ﬁred) is the main reason why the total plant has the lowest irreversibilities when the CaL technology is employed for CO2 capture.
The CO2 compression with inter-stage cooling has lower exergy
losses than the CO2 puriﬁcation based on the cryogenic separation and its compression in liquid form. The difference between
the CaL and oxy-fuel technology is attributed to the fact that the O2
concentration in the rich-CO2 gas is higher in the latter case.
5. Conclusions
In this study, the energetic and exergetic comparison of three
competitive technologies for CO2 capture at an existing coal ﬁred
power plant was presented. Calcium looping (CaL) process was
proven the best option for CO2 capture among the others, in terms
of overall energy and exergy efﬁciency. In other words, it seems
that the answer to the question raised in the introduction is high
quality heat through fuel combustion. In the MEA case, 7.7% of
the exergy input was calculated to be lost in the capture unit and
1.0% during CO2 compression. High MEA/CO2 ratios and high MEA
concentrations in the lean solvent promote the effectiveness of
the process. Although a considerable amount of exergy (22.3% of
total Efuel ) is destructed in the CaL unit, the carbonation/calcination
process is the most energetically and exergetically efﬁcient with
the lowest exergy penalty (-9.0%). From the sensitivity analysis in
the CaL case, it was concluded that low F0 ratios have little beneﬁcial contribution to the exergy losses reduction. Sulfur content
in the supplementary fuel has negative impact on both the plant
efﬁciency and the CaL performance. Only lowering the operating
temperatures at the two reactors would induce to the technology
lower irreversibilities. This is not technically possible presently in
the present being, according to the existing Ca sorbents. In the oxycombustion case, the ASU is the main unit where most of the exergy
losses (647.7 kJ/kgCO2 ) for CO2 capture are observed. A potential
development of O2 selective membranes or other technology with
minimum or zero power consumptions would help to save more
than 9% of the total exergy input.
References
Abanades, J.C., 2002. The maximum capture efﬁciency of CO2 using a
carbonation/calcination cycle of CaO/CaCO3 . Chem. Eng. J. 90, 303–306.

Abanades, J.C., Arias, B., Lyngfelt, A., Mattisson, T., Wiley, D.E., Li, H., Ho, M.T.,
Mangano, E., Brandani, S., 2015. Emerging CO2 capture systems. Int. J. Greenh.
Gas Control 40, 126–166.
Abbas, Z., Mezher, T., Abu-Zahra, M.R.M., 2013a. CO2 puriﬁcation. Part I.
Puriﬁcation requirement review and the selection of impurities deep removal
technologies. Int. J. Greenh. Gas Control 16, 324–334.
Abbas, Z., Mezher, T., Abu-Zahra, M.R.M., 2013b. Evaluation of CO2 puriﬁcation
requirements and the selection of processes for impurities deep removal from
the CO2 product stream. Energy Proc. 37, 2389–2396.
Amrollahi, Z., Ertesvåg, I.S., Bolland, O., 2011a. Optimized process conﬁgurations of
post-combustion CO2 capture for natural-gas-ﬁred power plant—exergy
analysis. Int. J. Greenh. Gas Control 5, 1393–1405.
Amrollahi, Z., Ertesvåg, I.S., Bolland, O., 2011b. Thermodynamic analysis on
post-combustion CO2 capture of natural-gas-ﬁred power plant. Int. J. Greenh.
Gas Control 5, 422–426.
Anthony, E.J., 2011. Ca looping technology: current status, developments and
future directions. Greenh. Gases: Sci. Technol. 1, 36–47.
Arias, B., Grasa, G.S., Alonso, M.n., Abanades, J.C., 2012. Post-combustion calcium
looping process with a highly stable sorbent activity by recarbonation. Energy
Environ. Sci. 5, 7353–7359.
Aspen Technology Inc., 2009. Aspen Plus User Guide.
Atsonios, K., Grammelis, P., Antiohos, S.K., Nikolopoulos, N., Kakaras, E., 2015.
Integration of calcium looping technology in existing cement plant for CO2
capture: process modeling and technical considerations. Fuel 153,
210–223.
Atsonios, K., Panopoulos, K.D., Doukelis, A., Koumanakos, A., Kakaras, E., 2012.
Exergy analysis of a hydrogen ﬁred combined cycle with natural gas reforming
and membrane assisted shift reactors for CO2 capture. Energy Convers.
Manage. 60, 196–203.
Atsonios, K., Panopoulos, K.D., Doukelis, A., Koumanakos, A., Kakaras, E., 2013.
Cryogenic method for H2 and CH4 recovery from a rich CO2 stream in
pre-combustion carbon capture and storage schemes. Energy 53, 106–113.
Charitos, A., Rodriı́guez, N., Hawthorne, C., Alonso, M.n., Zieba, M., Arias, B.,
Kopanakis, G., Scheffknecht, G.n., Abanades, J.C., 2011. Experimental validation
of the calcium looping CO2 capture process with two circulating ﬂuidized bed
carbonator reactors. Ind. Eng. Chem. Res. 50, 9685–9695.
de Visser, E., Hendriks, C., Barrio, M., Mølnvik, M.J., de Koeijer, G., Liljemark, S., Le
Gallo, Y., 2008. Dynamis CO2 quality recommendations. Int. J. Greenh. Gas
Control 2, 478–484.
Diego, M.E., Arias, B., Grasa, G., Abanades, J.C., 2014. Design of a novel ﬂuidized bed
reactor to enhance sorbent performance in CO2 capture systems using CaO.
Ind. Eng. Chem. Res. 53, 10059–10071.
Dinca, C., Badea, A., 2013. The parameters optimization for a CFBC pilot plant
experimental study of post-combustion CO2 capture by reactive absorption
with MEA. Int. J. Greenh. Gas Control 12, 269–279.
Duelli, G., Charitos, A., Diego, M.E., Stavroulakis, E., Dieter, H., Scheffknecht, G.,
2015. Investigations at a 10 kWth calcium looping dual ﬂuidized bed facility:
limestone calcination and CO2 capture under high CO2 and water vapor
atmosphere. Int. J. Greenh. Gas Control 33, 103–112.
CAESAR, 2009. European Best Practice Guidelines for Assessment of CO2 Capture
Technologies. D 4.9 Report, http://www.gecos.polimi.it/research/EBTF best
practice guide.pdf.
Fu, C., Gundersen, T., 2012. Techno-economic analysis of CO2 conditioning
processes in a coal based oxy-combustion power plant. Int. J. Greenh. Gas
Control 9, 419–427.
Hagi, H., Nemer, M., Le Moullec, Y., Bouallou, C., 2013. Pathway for advanced
architectures of oxy-pulverized coal power plants: minimization of the global
system exergy losses. Energy Proc. 37, 1331–1340.
Hanak, D.P., Biliyok, C., Anthony, E.J., Manovic, V., 2015. Modelling and comparison
of calcium looping and chemical solvent scrubbing retroﬁts for CO2 capture
from coal-ﬁred power plant. Int. J. Greenh. Gas Control 42, 226–236.
Hofbauer, G., Beisheim, T., Zieba, M., 2012. Oxyfuel combustion of bituminous coal
in a 150 kWth CFB test facility. In: 2nd International Workshop on Oxyfuel FBC
Technology.
IEA. http://www.iea.org/statistics/topics/CO2emissions/.
Morandi, A., Gronald, G., Koller, M., 2014. Techno-Economical Analysis of the
Calcium Looping Process. CALMOD Workshop, Stuttgart, http://cal-mod.euprojects.de/Workshop/tabid/610/Default.aspx.
Nikolopoulos, N., Nikolopoulos, A., Karampinis, E., Grammelis, P., Kakaras, E., 2011.
Numerical investigation of the oxy-fuel combustion in large scale boilers
adopting the ECO-Scrub technology. Fuel 90, 198–214.
Olajire, A.A., 2010. CO2 capture and separation technologies for end-of-pipe
applications – a review. Energy 35, 2610–2628.
Romeo, L.M., Usón, S., Valero, A., Escosa, J.M., 2010. Exergy analysis as a tool for the
integration of very complex energy systems: the case of
carbonation/calcination CO2 systems in existing coal power plants. Int. J.
Greenh. Gas Control 4, 647–654.
2015. Saskpower.com, http://saskpowerccs.com/ccs-projects/boundary-damcarbon-capture-project/.
Shimizu, T., Hirama, T., Hosoda, H., Kitano, K., Inagaki, M., Tejima, K., 1999. A twin
ﬂuid-bed reactor for removal of CO2 from combustion processes. Chem. Eng.
Res. Des. 77, 62–68.
Stanger, R., Wall, T., Spörl, R., Paneru, M., Grathwohl, S., Weidmann, M.,
Scheffknecht, G., McDonald, D., Myöhänen, K., Ritvanen, J., Rahiala, S.,
Hyppänen, T., Mletzko, J., Kather, A., Santos, S., 2015. Oxyfuel combustion for
CO2 capture in power plants. Int. J. Greenh. Gas Control 40, 55–125.

K. Atsonios et al. / International Journal of Greenhouse Gas Control 45 (2016) 106–117
Strube, R., Manfrida, G., 2011. CO2 capture in coal-ﬁred power plants—impact on
plant performance. Int. J. Greenh. Gas Control 5, 710–726.
Szargut, J., Morris, D.R., Steward, F.R., 1988. Exergy Analysis of Thermal Chemical
and Metallurgical Processes. Hemisphere Publishing, New York.
Vorrias, I., Atsonios, K., Nikolopoulos, A., Nikolopoulos, N., Grammelis, P., Kakaras,
E., 2013. Calcium looping for CO2 capture from a lignite ﬁred power plant. Fuel
113, 826–836.
Wang, D., Chen, S., Xu, C., Xiang, W., 2013. Energy and exergy analysis of a new
hydrogen-fueled power plant based on calcium looping process. Int. J.
Hydrogen Energy 38, 5389–5400.

117

Xiong, J., Zhao, H., Zheng, C., 2011. Exergy analysis of a 600 MWe oxy-combustion
pulverized-coal-ﬁred power plant. Energy Fuels 25, 3854–3864.
Ylätalo, J., Ritvanen, J., Tynjälä, T., Hyppänen, T., 2014. Model based scale-up study
of the calcium looping process. Fuel 115, 329–337.
Zaleta-Aguilar, A., Correas-Uson, L., Kubiak-Szyszka, J., Sierra-Espinosa, F.Z., 2007.
Concept on thermoeconomic evaluation of steam turbines. Appl. Therm. Eng.
27, 457–466.

Applied Energy 89 (2012) 303–314

Contents lists available at SciVerse ScienceDirect

Applied Energy
journal homepage: www.elsevier.com/locate/apenergy

Techno-economic evaluation of the evaporative gas turbine cycle with different
CO2 capture options
Yukun Hu a, Hailong Li b,⇑, Jinyue Yan a,b
a
b

Royal Institute of Technology (KTH), Department of Chemical Engineering and Technology/Energy Processes, SE-100 44 Stockholm, Sweden
Mälardalen University, School of Sustainable Development of Society and Technology, SE-721 23 Västerås, Sweden

a r t i c l e

i n f o

Article history:
Received 30 November 2010
Received in revised form 12 July 2011
Accepted 19 July 2011
Available online 23 August 2011
Keywords:
CO2 capture
Evaporative gas turbines
Chemical absorption
Oxyfuel combustion
Cycle simulation
Economic evaluation

a b s t r a c t
The techno-economic evaluation of the evaporative gas turbine (EvGT) cycle with two different CO2 capture options has been carried out. Three studied systems include a reference system: the EvGT system
without CO2 capture (System I), the EvGT system with chemical absorption capture (System II), and
the EvGT system with oxyfuel combustion capture (System III). The cycle simulation results show that
the system with chemical absorption has a higher electrical efﬁciency (41.6% of NG LHV) and a lower efﬁciency penalty caused by CO2 capture (10.5% of NG LHV) compared with the system with oxyfuel combustion capture. Based on a gas turbine of 13.78 MW, the estimated costs of electricity are 46.1 $/
MW h for System I, while 70.1 $/MW h and 74.1 $/MW h for Systems II and III, respectively. It shows that
the cost of electricity increment of chemical absorption is 8.7% points lower than that of the option of
oxyfuel combustion. In addition, the cost of CO2 avoidance of System II which is 71.8 $/tonne CO2 is also
lower than that of System III, which is 73.2 $/tonne CO2. The impacts of plant size have been analyzed as
well. Results show that cost of CO2 avoidance of System III may be less than that of System II when a plant
size is larger than 60 MW.
Ó 2011 Elsevier Ltd. All rights reserved.

1. Introduction
Global warming is considered to be one of the most serious
challenges that the world facing today and CO2 is one of the most
important greenhouse gases (GHGs). CO2 capture and storage (CCS)
has the potential to reduce overall mitigation costs and increase
ﬂexibility in achieving GHGs emission reductions [1]. In the meantime, natural gas (NG) becomes the second largest energy source
accounting for 41% of the total generated electricity respectively
[2], surpassing hydropower (20%). According to the Energy Information Administration (EIA) of US, natural gas ﬁred electricity generation is expected to rise further in the next 20 years [3].
Therefore, it is of signiﬁcance to develop more efﬁcient natural
gas based power plants with CO2 capture facility. However, most
of efforts have been focused on the combined cycle (CC) integrated
with different CO2 capture options [4–6].
Evaporative gas turbine (EvGT), which is also called humid air
turbine (HAT), is one of the advanced gas turbine cycles [7]. The
basic idea of the EvGT cycle is injecting water by evaporation to increase the mass ﬂow rate through the turbine and consequently
augment the speciﬁc power output. The driving forces for gas turbine humidiﬁcation have been the potentials of high electrical
⇑ Corresponding author.
E-mail addresses: yukunhu@kth.se (Y. Hu), lihailong@gmail.com (H. Li),
yanjy@kth.se (J. Yan).
0306-2619/$ - see front matter Ó 2011 Elsevier Ltd. All rights reserved.
doi:10.1016/j.apenergy.2011.07.034

efﬁciency and speciﬁc power output, reduced speciﬁc investment
costs, decreased formation of nitrogen oxides (NOx) in the combustor, reduced power output degradation caused by high ambient
temperatures or low ambient pressure (i.e., at high elevations)
and improved part-load performance compared with combined
cycle (CC) [8]. Comparing with the CC, the electrical efﬁciency for
an EvGT cycle is fairly close to the efﬁciency of the CC with the
equivalent power output, while the investment costs should be
lower since the cost for a steam bottoming cycle is avoided
[9–11]. In addition, compared with another kind of humidiﬁed
gas turbine cycle, steam injection gas turbine cycle (STIG), the
EvGT has lower irreversibility. This is due to that water is injected
into the cycle by a humidiﬁcation tower, which has a small temperature difference between the hot and cold ﬂuids. Many studies
on EvGT or HAT cycles have been conducted concerning cycle innovations [12–16], water recovery [17–19], humidiﬁcation process
[20–25], and properties of humid air, etc. [26–30]. In this paper,
the techno-economic performance is studied when EvGT is
integrated with CO2 capture.
There are two potential CO2 capture options for power plant
retroﬁt. One is commercialized amine-based chemical absorption.
Such a process takes advantage of CO2 chemical absorption, an acid
base neutralization reaction, which enhances absorption rates and
hence can be used for exhaust gases with relatively low CO2 partial
pressure (down to 3 kPa) [31]. However, when the CO2 concentration is low, CO2 capture becomes less efﬁcient and costs rise. For
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Nomenclature
C
D
T
Y

constant, (dimensionless)
column diameter, m
temperature, °C
operating life, year

Abbreviations
AIC
amortized investment costs
ASU
air separation unit
BMC
bare module costs
CC
combined cycle
CCS
CO2 capture and storage
CEPCI
chemical engineering plant cost index
CF
capacity factor
COA
cost of CO2 avoidance
COE
cost of electricity
EIA
Energy Information Administration
EvGT
evaporative gas turbine
FC
fuel cost
FCF
ﬁxed charge factor

example, it is more challenging to capture CO2 from natural gas
based power generation, which CO2% in exhaust gas is less than
4 mol%. The main disadvantages of chemical absorption are associated with two aspects: the high-energy consumption to regenerate
the solvent and extract CO2 and the technical issues on corrosion
and solvent degradation. The other one is oxyfuel combustion capture. Oxyfuel combustion takes place in a nitrogen-avoided environment. As a result, the exhaust gases mainly consist of CO2 and
water vapor. Therefore, CO2 can be easily separated by condensation, which can achieve a CO2 concentration of 95 vol.% or higher
[32].
Our previous work focused on characterizing and understanding the features of the integration of the EvGT with CO2 capture
[33]. Many effects were also put on key parameter optimizations
[34,35]. The objectives of this work are to evaluate the technoeconomic performances of the EvGT combined with CO2 capture.
2. Methodology
Based on a gas turbine, LM1600PD, which has a capacity of
13.78 MW, manufactured by GE Energy Aero-derivative [36], three
EvGT systems, including a reference system without CO2 capture
and two systems combined with chemical absorption and oxyfuel
combustion respectively, were set up. The cycle performance was
studied by simulating those systems with the simulation tool, Aspen Plus, which calculates the mass and energy balance. The simulation results can further be used to calculate the electricity
generation and to identify the capacity of equipment. It shall be
noted that the economic analysis in this study is only based on
CO2 capture and CO2 compression, and the costs associated with
transport and storage are excluded according to IPCC special report
[1].
CAPCOST [37] is used to estimate the bare module costs (BMC).
Based on the results, the key economic parameters, like total
investment costs (TIC), operating & maintenance costs (O&M),
and cost of electricity (COE) are estimated. The cost of CO2 avoidance (COA) is evaluated by referring to the reference system. By
doing breakdown analysis, the potential to reduce COA is further
investigated.
Moreover, the six-tenths-rule [37] is used to scale up/down to a
new capacity when investigating the impacts of plant size. If the

FOB
FOM
GHGs
HAT
HPC
IR
LHV
LPC
LTD
MEA
N/A
NG
PG
SIC
STIG
TEG
TIC
TIT
VOM
WAR

free on board
ﬁxed operating and maintenance costs
greenhouse gases
humid air turbine
high pressure column
interest rate
lower heating value
low pressure column
logarithmic temperature difference
mono ethanol amine
no applicable
natural gas
power generation
speciﬁc investment costs
steam injection gas turbines
triethylene glycol
total investment costs
turbine inlet temperature
variable operating and maintenance costs
Water/Air ratio

cost for a piece of equipment is known for an earlier year, chemical
engineering plant cost index (CEPCI) is used to account for the
inﬂation. For such a kind of ‘preliminary and study estimation’, results provide an accuracy in the range of +40% to 25% [37].
3. The description of processes
3.1. EvGT system without CO2 capture (reference system, System I)
A sketch of the EvGT system [33] is shown in Fig. 1. Water is
heated close to saturated conditions by the compressed air in the
aftercooler and exhaust gas in the feedwater heater and the economizer. The heated water enters at the top of a humidiﬁcation
tower and is brought into counter-current contact with the compressed air that enters at the bottom of the tower, which is a column with a packing that is either structured or dumped. Some
water is evaporated and the air is humidiﬁed. The water evaporates at the water boiling point corresponding to the partial pressure of water in the mixture, i.e., water evaporates below the
boiling point corresponds to the total pressure in the tower. Therefore, low temperature heat, which cannot be used to evaporate
water in a boiler, can be recovered in an EvGT cycle. Since the
water vapor content in the air increases as the air passes upward
through the tower, the evaporation temperature also increases.
This ensures a close matching of the air and water temperature
proﬁles and small exergy losses compared to evaporation in a conventional steam boiler. The EvGT system has a high efﬁciency, because the waste heat from the gas turbine exhaust gas can be
recovered efﬁciently through the humidiﬁcation of compressed
air in the humidiﬁcation tower, the economizer and/or the
recuperator.
3.2. EvGT with chemical absorption system (System II)
A sketch of the EvGT system with chemical absorption capture
[34] is shown in Fig. 2. Different from the System I, instead of being
condensed in the feedwater heater, a part of exhaust gases enters
the reboiler of the mono ethanol amine (MEA) stripper to support
the heat required for MEA regeneration; after it goes through the
recuperator. Two streams of exhaust gases mix again in the exhaust gas condenser 1. Then it is sent into the absorption column
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Fuel
Air
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Pump

Coolant

Fig. 1. A sketch of the EvGT system without CO2 capture.

Turbine

Compressor

Generator

Gas Turbine
TIT=1250 °C; PR=20

Dehydrator
T=20 °C; P=150 bar
To transport

Combustor

Recuperator
Aftercooler
Condenser 2
Economizer
Humidification Tower

MEA: 30 wt%
MEA loading: 0.3
Stripper pressure: 2 bar

Fuel
Air

Absorber

Condenser 1

Stripper

CO2 Stream
Water

Pump

Coolant
Absorbent
Fig. 2. A sketch of the EvGT system with chemical absorption capture.

where CO2 is captured. The rich solvent containing chemically
bounded CO2 is stripped at an elevated temperature in the stripper.

Finally, after compression and dehydration, the recovered CO2 is
transported to the storage reservoir. The main penalty caused by

306

Y. Hu et al. / Applied Energy 89 (2012) 303–314

Fuel

Turbine

Compressor

Oxygen
Generator

Gas Turbine

CO2 Stream
Water

TIT=1250 °C; PR=20

Coolant

Combustor

Recuperator
T=20 °C; P=150 br

Aftercooler
Dehydrator

To transport

Economizer
Humidification Tower

O2 Purity :
97 mol%
Condenser 2

Condenser 1

ASU

Pump

Fig. 3. A sketch of the EvGT system with oxyfuel combustion capture.

CO2 capture in this system results from the energy requirement of
stripper reboiler.
3.3. EvGT with oxyfuel combustion system (System III)
A sketch of the EvGT system combined with oxyfuel combustion
capture [35] is shown in Fig. 3. Since exhaust gases consist of
mainly H2O and CO2, a simpliﬁed exhaust gas processing procedure
can be used instead of chemical absorption, which is important to
achieve a low cost CO2 capture. However, in the oxyfuel combustion, the removal of nitrogen may cause extremely high ﬂame temperature and decrease the mass ﬂow rate through the gas turbine.
In order to control the ﬂame temperature and compensate the reduced volumetric ﬂow, a large fraction of exhaust gases is compressed and recycled back to the system after condensation. The
main penalty caused by CO2 capture in this system results from
the power consumption of generating pure oxygen by cryogenic
air separation unit (ASU).
4. System simulation results
In order to achieve high efﬁciencies some operating parameters
have been optimized for each system. It has been found that EvGT
systems with constant combustion air temperature have an optimum Water/Air ratio (WAR) [38]. The optimized WAR is 14%
[34], 11.5% [34] and 13.3% [35] for Systems I–III, respectively. For
System II, there exists an optimized exhaust gas condensing temperature regarding the overall electrical efﬁciency. On one hand,
the water contained in the exhaust gas would dilute MEA solvent
and result in a higher reboiler duty in the chemical absorption process. In order to remove more water, a lower condensing temperature should be applied in the condenser before absorption
column. But on the other hand, a lower condensing temperature
will cause a lower temperature of the stream going into the

stripper as well. As the stripping temperature is determined in
the stripper, more energy will be required by the reboiler to heat
up the stream with a lower temperature. Under the conditions
shown in Fig. 2, the optimized condensing temperature is 50 °C
[34]. For System III, the variation of oxygen purity will affect the
energy consumption of ASU process. Although generating lower
purity oxygen could reduce energy consumption, it might introduce more impurities into the system, resulting in an increased energy consumption of CO2 liquefaction process. According to [35],
the oxygen purity applied in this paper is 97%.
Table 1 summarizes the key input parameters and some important cycle simulation results. The electrical efﬁciency of the EvGT
without CO2 capture (System I) is comparable to that of a combined cycle; but when CO2 capture is included, the efﬁciency penalty caused by CO2 capture of EvGT with chemical absorption and
oxyfuel combustion are larger than those of the combined cycle
integrated with the same CO2 capture options. For the option of
chemical absorption, the penalties are 10.5% and 8.8% [6] of NG
LHV for the EvGT and CC respectively, while 11.8% and 9.7% [6]
of NG LHV for the option of oxyfuel combustion. For System II,
according to Li et al. [39], air humidiﬁcation can increase CO2 concentration in exhaust gas, which will favor the chemical absorption
process and reduce the speciﬁc duty of reboiler. However, a more
negative impact on efﬁciency is that using exhaust gas to support
the heat demand of stripper causes a very large temperature difference in the reboiler and a signiﬁcantly decreased amount of evaporated water, which reduce the efﬁciency of the EvGT sharply. As a
result, System II has a higher efﬁciency penalty caused by CO2 capture than CC. For System III, the larger efﬁciency penalty compared
to CC comes from that high temperature exhaust gas cannot be
efﬁciently used in the humidiﬁcation tower due to the large temperature difference of heat transfer. In addition, compared with
System II, System III has a lower electrical efﬁciency, but a higher
CO2 capture ratio and therefore, a less CO2 emission rate.
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5.3. Results and discussions

Table 1
Summary of system simulation results.
System I

System II

System III

Key input parameters
Turbine inlet temperature (TIT), °C

1250

1250

1250

Pressure ratio
Exhaust gas condenser temperature, °C
WARa, %
O2 purity of ASU, mol%
CO2 capture ratio, %

40
14 [34]
N/A
N/A

50 [34]
11.5 [34]
N/A
90

30
13.3 [35]
97 [35]
99.9

Results
Power consumption of ASU, kJ/kg O2
Stripper reboiler duty, MJ/kg CO2
CO2% in exhaust gas, mol%
CO2% to be transported, mol%
CO2 emission rate, tonne/MWh

N/A
N/A
3.2
N/A
0.38

N/A
4.0
4.3
99.9
0.048

897 [35]
N/A
89
93.0
Trace

41.6
N/A
19.9
2.57

40.3
7.6
N/A
2.48

Power output and consumption (in% of fuel LHV)
Net power output
52.1
Power consumption of ASU
N/A
Reboiler duty of stripper
N/A
CO2 compression work
N/A
a

Replaced by O2/CO2 mixture in System III.

5. Economic evaluation
5.1. Calculation equations
The amortized investment costs (AIC), ﬁxed charge factor (FCF),
cost of electricity (COE), and cost of CO2 avoidance (COA) for a
power plant can be calculated by the following equations:

AIC ¼

TIC  IR  ð1 þ IRÞY
ð1 þ IRÞY  1
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; ð$=yearÞ

FCF ¼ IR=½1  ð1 þ IRÞY 

ð1Þ

ð2Þ

COE ¼

TIC  FCF þ FOM VOM FC
þ
þ
; ð$=MW hÞ
CF  PG
PG
PG

ð3Þ

COA ¼

ðCOEÞcapture  ðCOEÞref
; ð$=tonne CO2 Þ
CO2;ref =kW h  CO2;capture =kW h

ð4Þ

where TIC is the total investment costs ($), IR the interest rate (%), Y
the operating life (year), FCF the ﬁxed charge factor (fraction/year),
FOM the ﬁxed operating costs ($/year), VOM the variable operating
costs ($/year), FC the fuel cost ($/year), CF the capacity factor (%), PG
is the power generation (MW h/year). Strictly speaking, a cost of
CO2 avoidance should cover a complete CCS system including transport and storage costs, but Eq. (4) is applied only to the capture portion of a full CCS system in this paper.
5.2. Assumptions
Investment costs consist of three main components: power
plant cost, capture plant cost, and CO2 compression cost. They
can further be divided into two parts: direct costs and indirect
costs. Direct costs, also called bare module costs (BMC), include
equipment free on board (FOB) costs, materials required for installation and labor to install equipment and material, etc. Indirect
costs include some fees as listed in Table 2. The operation and
maintenance costs consist of ﬁxed and variable values. Variable
operating and maintenance costs (VOM) are chemical costs and
process water, while ﬁxed operating and maintenance costs
(FOM) are a function of total investment costs (TIC). The assumptions made in the cost calculation are also listed in Table 2.

5.3.1. Base cases
In general, all of the systems can be divided into three subsystems: power plant, capture plant, and CO2 compression plant. For
System II and System III, MEA scrubbing process and air separation
process are considered as capture plants. As to dehydration process, it is included in CO2 compression plant. The capacities of different modules are from system simulation results. Table 3 lists the
investment costs of three systems and Table 4 summarizes the direct costs of each subsystem.
Compared with System I, the increments in total investment
costs caused by CO2 capture are signiﬁcant, which are about 42%
for System II and 54% for System III.
For power plant subsystem, heat recovery facilities are the
main difference amongst those three systems. In Systems I and
III, most of the heat contained in exhaust gases is recovered
through a recuperator to heat the humidiﬁed air or CO2/O2 from
the humidiﬁcation tower; while in System II, a considerable
amount of heat of exhaust gases is used to support the thermal
energy demand of the stripper reboiler. Therefore, Systems I and
III have higher heat transfer duties than System II in the recuperator. As a result, they require larger heat transfer areas. In
addition, compared with System I, System III has a higher turbine outlet temperature and a much higher outlet temperature
of the recuperator. It implies System III has a much higher temperature difference of heat transfer. Consequently, System III has
a smaller heat transfer area than System I. Some results are
shown in Table 5.
For capture plant subsystem, ASU costs are higher than that of
the chemical absorption plant. As shown in Table 6, for an air separation plant, air compressors are the major modules, and account
for 45% of total direct costs of ASU. While for a chemical absorption
plant, the columns are the major modules which account for 44% of
total direct costs.
For CO2 compression plant subsystem, the slight difference
comes from the cost of CO2 compressors. It is mainly caused by
the different mass ﬂow of captured CO2.
After the direct and indirect costs were obtained, the annual
costs could be calculated by amortizing the total investment costs
to represent an annual payment. The annual costs were divided
into four criteria for each system as shown in Table 7. It is clear
that System III has a little higher total annual costs than System
II, which are much higher than System I due to the efﬁciency
penalty and additional equipment for CO2 capture. Meanwhile,
compared with System II, although System III has a higher amortized investment costs, it has lower VOM costs because the costs
for absorbents (MEA) are not required.
Costs of electricity of three systems are shown in Fig. 4. Compared with System I, the increments of COE caused by CO2 capture are about 24.0 $/MW h for System II and 28.0 $/MW h for
System III. Fuel cost represents the largest fraction of COE in
all systems, especially in the system without CO2 capture (System I). Total investment costs are the second largest component
of COE. The sum of fuel cost and investment costs represents
about 90% of the total in all systems. For the systems with
CO2 capture (System II and System III), the main cost differences
are TIC and VOM. Comparatively, COE of System II is 5.4% lower
than that of System III because of the higher electrical efﬁciency
of System II.
Fig. 5 shows the breakdown of the cost of CO2 avoidance.
Similar to the results about COE, System II has a lower COA than
System III. The major components of COA for both systems come
from the total investment costs and fuel cost. They are corresponding to the large investment cost of capture plants and the large
electrical efﬁciency penalty caused by CO2 capture.
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Table 2
Assumptions made in the cost calculation.
Parameter

Table 4
Summary of total direct costs (k$).

Unit

Direct costs
Bare module costs
Indirect costs
Speciﬁc services (local)
Conﬁdence limit
Fees in addition to contractors’ fee
Contractors’ fee
Land purchase, surveys, site
preparations
Contingency
Assumption for COE
Annual interest rate
Economic life
Natural gas price
Fix operating and maintenance
costs
Annual full load hours
Other assumptions
MEA price
MEA degradation rate
TEG price
Make-up water
Cooling water

%
%
%
%
%

BMC
BMC
BMC
BMC
BMC

Value

Subsystem

System I

System II

System III

Calculated by CAPCOST
[37]

Power plant
Capture plant
CO2 compression plant
Total direct costs

11,000
N/A
N/A
11,000

10,078
2758
2825
15,661

10,571
3561
2813
16,945

1
2
2
3
5

[11]
[11]
[11]
[11]
[11]

Table 5
Recuperator speciﬁcations.

% BMC

10 [11]

%
years
$/MBtu
% TIC

8
20
4.19 [40]
2 [11]

h/year

7500

$/kg
kg/tonne
CO2
$/kg
$/tonne
$/m3

1.5 [41]
1.6 [42]

Thot,in, °C
Thot,out, °C
Tcold,in, °C
Tcold,out, °C
Logarithmic temperature difference (LTDa),
°C
Heat duty, MW
Heat transfer coefﬁcient, kW/m2C
Heat transfer areas, m2

1 [43]
0.09 [37]
0.02 [37]

a

LTD ¼

System
I

System
II

System
III

588
202
138
558
45

587
343
132
410
194

731
334
149
600
156

13.27
0.4
739

7.23
0.4
93

14.68
0.4
235

ðT hot;in T cold;out ÞðT hot;out T cold;in Þ
.
ðT hot;in T cold;out Þ
ln
ðT hot;out T cold;in Þ

Table 3
Investment costs of three systems (k$).
Module

System I
Capacity

Power plant
Gas turbine
Intercooler
Aftercooler
Recuperator
Economizer
Water pump
Humidiﬁcation tower
Flue gas condenser

13.78 MW
3750 kW
3693 kW
13,267 kW
3424 kW
9 kW

System II
Direct Cost
7000
383
328
1571
212
29
1477

Capacity
13.78 MW
3263 kW
3217 kW
7228 kW
1592 kW
6.5 kW
5903 kW

Capture plant (MEA scrubbing process)
Flue gas blower
CO2 absorber
Sorbent stripper
Pump
Lean/rich stream heat exchanger
Stripper reboiler
Stripper condenser
Facilitiesa

269 kW
D = 3 m; H = 15 m
D = 1.38 m; H = 10 m
6 kW
5017 kW
5282 kW
2583 kW

System III
Direct Cost
7000
362
318
461
204
25
1477
231

a
b

13.78 MW
4566 kW
1825 kW
14,642 kW
7699 kW
8.2 kW
11,503 kW

1972 kW
550 kW
D = 1.5 m; H = 20 m
D = 1.5 m; H = 12 m
1063 kW

D = 0.7 m; H = 3 m
D = 0.7 m; H = 3 m
26 kW
645 kW
663 kW
335 kW
14 kW
11,000
2530
13,530

Direct Cost
7000
424
278
741
223
28
1477
400

78
924
277
25
242
482
178
552

Capture plant (Air separation process)
Air compressors
Air condenser
Low pressure column
High pressure column
Multistream heat exchangers
Facilitiesb
CO2 compression plant
Dehydration column
Regeneration column
Regeneration column reboiler
Dehydration condenser
CO2 compressors
CO2 condenser
CO2 pump
Total direct costs
Total indirect costs
Total investment costs

Capacity

77
55
171
161
2170
136
55
15,661
3602
19,263

D = 0.7 m; H = 3 m
D = 0.7 m; H = 3 m
26 kW
642 kW
664 kW
254 kW
21 kW

1602
157
605
402
83
712
77
55
174
164
2142
136
65
16,945
3897
20,842

Facilities includes circulation pump, sorbent processing, sorbent reclaimer etc. It accounts for 20% of total direct costs of chemical absorption process.
Facilities includes ﬁlter, intercooler of air compressors, condenser/reboiler heat exchanger etc. It accounts for 20% of total direct costs of air separation process.
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Table 6
Summary of key modules in capture plants.
System II

System III

Devices
Pressure
changers
Columns

Direct
costs, k$

Flue gas
blower
Absorber,
Stripper

78
1201

Devices

Direct
costs, k$

Air
compressors
HPC, LPC

1602

$/tonne CO2 avoidance

Device type

1007

Table 7
Comparison of annual costs of three systems (k$/year).

AIC
Fuel
FOM
VOM
Total annual costs

System I

System II

System III

1378
2853
271
8
4510

1962
2853
385
178
5378

2123
2853
417
137
5530

7.20
21.68

VOM
FOM
Fuel
TIC

21.20

39.88

36.66

Oxyfuel Combustion

Fig. 5. Breakdown of the cost of CO2 avoidance.

some data about COE from references are shown in Fig. 7 as well.
The results of this work agree with them quite well.
The inﬂuence of plant size on COA is shown in Fig. 8. The variation of COA along with the increase of plant size is quite similar to
that of COE. However, in contrast with COE, the COA of System III
becomes less than that of System II as plant size is larger than
60 MW. This can be explained as that the proportion of TIC and
FOM in the COA of System III is more than that in the COA of System II, as shown in Fig. 5. Consequently, System III is more sensitive to plant size than System II.

5.3.3. Comparison of results (400 MW gross power output) with others
studies
There are some studies evaluating the cost of natural gas combined cycle (NGCC) plants with CO2 capture [47,50]. Table 8 compares the results from references and the results presented in this
paper. First of all, the speciﬁc investment costs (SIC) of the system
with chemical absorption capture in both studies are less expensive than those with oxyfuel combustion capture, which is consistent with other results from Simbeck [51] and Singh et al. [42]. In
addition, the SIC of the EvGT system is signiﬁcantly lower than the
NGCC system for integrated with the same CO2 capture technique
because no bottoming cycle is involved. As a result, the EvGT systems have lower COE than the NGCC system when integrated with
the same CO2 capture technology, even though the NGCC system
has a higher electrical efﬁciency. Moreover, this study concludes
that at big plant size, the cost of CO2 avoidance of the system with
chemical absorption capture is more expensive than that of the
system with oxyfuel combustion capture. This is also consistent

59.94%

49.75%

46.1 $/MWh

70.1 $/MWh

System ΙΙΙ
48.23%

74.1 $/MWh
7.74%

6.55%
0.17%

8.12%

3.1%

2.31%

39.42%
TIC

4.28
7.83

6.27

System ΙΙ

33.35%

73.2 $/tonne CO2 avoidance

71.8 $/tonne CO2 avoidance

Chemical Absorption

5.3.2. Effects of plant size
The direct costs are estimated regarding different sizes of the
EvGT power plant based on the cost of base case. The results are
plotted in Fig. 6. Meanwhile, the prices of the simple cycle and
the combined cycle without CO2 capture [44] and some data about
the EvGT without CO2 capture are also displayed in Fig. 6. All of the
numbers published in different years have been revised by considering CEPCI. For the EvGT system without CO2 capture (System I),
the direct costs locate between simple cycle and combined cycle.
These results are similar with our previous work [11]. For the EvGT
systems with CO2 capture, the direct costs of System III are a little
more expensive than those of System II. In addition, the direct costs
of the EvGT system with both capture options are lower than the
combined cycle prices without CO2 capture as plant size is larger
than 300 MW. The major reason is due to the absence of the bottoming cycle. For example, for an EvGT cycle of 300 MW, the cost
of gas turbine cycle is around 66,000 k$ and the cost of humidiﬁcation tower is around 9500 k$. However, for a combined cycle in the
same size, the bottoming cycle may cost approximately half of the
direct cost [45], which means about 85,000 k$.
The inﬂuence of plant size on COE is shown in Fig. 7. The COE
drops sharply when the plant size is increased from 13.78 to
100 MW for all of the studied three systems. Meanwhile, System
III always has a slight higher COE than System II. Comparing with
System I, the increments of COE caused by CO2 capture are about
14 $/MW h and 16 $/MW h for System II and III respectively, which
do not vary much along with the increase of plant size. In addition,

System Ι
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65
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0

Fuel

41.34%
FOM

VOM

Fig. 4. Composition diagram of COE for three systems.
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Fig. 6. Effects of plant size on direct costs in $/kW price.
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Fig. 7. Effects of plant size on cost of electricity. (See above-mentioned references for further information.)
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Fig. 8. Effects of plant size on cost of CO2 avoidance.

to the results from Simbeck [51] and Singh et al. [42], but inverse to
the NGCC cases listed in Table 8. Further studies are required to
ﬁnd out the problems.

5.3.4. Sensitivity analysis
The sensitivity analyses were carried out for the plants size of
400 MW gross power output to identify the effects of natural gas
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Table 8
Comparison on system parameters and economic parameters of different systems.
Chemical absorption

Oxyfuel combustion

EvGT
This study

NGCC
NETL [47]

EvGT
This study

NGCC
Dillon et al. [50]

Plant capacity factor, %
Fuel price, LHV ($/GJ)

87
4.42

85
3.55

87
4.42

85
3.00

Reference plant without CO2 capture
Plant net size, MW
Electrical efﬁciency, %
COE, $/MWh

400
52.1
34.3

379
57.9
34.7

400
52.1
34.3

388
56
33.5

Plant with CO2 capture
Plant net size, MW
Electrical efﬁciency, %
SIC, $/kW
COE, $/MWh
COA, $/tonne CO2

317
41.6
575
47.9
41

327
49.9
911
48.3
45

309
40.3
642
49.3
39

440
44.7
1034
50.3
47

TIC-System I

TIC-System II

TIC-System III

NG Price-System I

NG Price-System II

NG Price-System III

65

55

$
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25

-60%
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60%

% Change in NG price/TIC
Fig. 9. Sensitivity of cost of electricity to natural gas price and total investment costs.
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-20%

25
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40%

60%
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Fig. 10. Sensitivity of cost of CO2 avoidance to natural gas price and total investment costs.

price, total investment costs, reboiler duty of stripper and energy
consumption of ASU.

5.3.4.1. Effects of natural gas (NG) prices and total investment
costs. Figs. 9 and 10 show the sensitivity study results about COE
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Current state
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40%
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Fig. 11. Sensitivity of electrical efﬁciency to the speciﬁc reboiler duty of stripper
and energy consumption of ASU.

and COA at different natural gas prices and total investment costs.
The horizontal axis represents the change of the economic variable
for natural gas price and TIC estimates in percentage. Regarding the
variations (±50%) of TIC and fuel price respectively, for the EvGT
system without CO2 capture (System I), COE varies ±8% and
±40%; for the EvGT system combined with chemical absorption
(System II), COE varies ±9% and ±36% while COA varies ±9% and
±27%; for the EvGT system combined with oxyfuel combustion
(System III), COE varies ±10% and ±36% while COA varies ±11%
and ±27%. It can be easily found that both of COE and COA are more
sensitive to the fuel price than to the total investment costs for all
of systems.

5.3.4.2. Reboiler duty of stripper and energy consumption of ASU. As
discussed above, the efﬁciency penalties caused by CO2 capture
are the high thermal energy demand of stripper reboiler in System
II and the high energy consumption of air separation unit in System
III. If some technology breakthroughs could be achieved to reduce
those energy consumptions, the performances of systems with CO2
capture could be improved. It can further decline the cost of elec-

tricity and the cost of CO2 avoidance. Fig. 11 shows the variation of
electrical efﬁciencies of System II and III along with the change of
energy consumptions of speciﬁc reboiler duty and ASU. For the
current state of the art, the speciﬁc reboiler duty is 4.0 MJ/kg CO2
under conditions as MEA: 30 wt.%; Lean loading: 0.3 [39]; Stripper
pressure: 2 bar; and the energy consumption of ASU is 897 kJ/kg O2
with a purity of 97 mol%). But both of them could be improved as
much as 30% [50,52], which implies the speciﬁc reboiler duty
and energy consumption could be reduced to 2.8 MJ/kg CO2 and
628 kJ/kg O2 respectively. As a result, the electrical efﬁciency of
System II is improved by 7.2% and the one of System III is improved
by 6.0%.
The variations of COE and COA of System II and III along with
the change of energy consumptions of speciﬁc reboiler duty and
ASU were displayed in Fig. 12. It is clear that COE of both systems
reduce parallel, which means the energy consumption of speciﬁc
reboiler duty inﬂuences COE of System II in the same degree as
the energy consumption of ASU inﬂuences COE of System III. However, comparatively the impact of energy consumptions of speciﬁc
reboiler duty on COA of System II is more signiﬁcant than that of
energy consumption of ASU on COA of system III.
6. Conclusions
The techno-economic evaluation of the evaporative gas turbine
(EvGT) system combined with two CO2 capture options has been
carried out. By compared with a reference system: the EvGT
system without CO2 capture (System I), the electrical efﬁciency,
energy penalty due to the CO2 capture, and costs of electricity
and CO2 avoidance have been evaluated for the EvGT system with
chemical absorption capture (System II), and the EvGT system with
oxyfuel combustion capture (System III). Based on the results, it is
concluded that:
(1) The electrical efﬁciencies of the EvGT integrated with mono
ethanol amine (MEA)-based chemical absorption and oxyfuel combustion can reach 41.6% and 40.3% of NG LHV respectively. Compared with the EvGT cycle without CO2 capture,
the efﬁciency penalties caused by CO2 capture are 10.5%
and 11.8%, respectively.
(2) Based on the prototype gas turbine, LM1600PD, which has a
gross power output of 13.78 MW, the total investment costs

COE-System II

COA-System II

COE-System III

COA-System III
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Fig. 12. Sensitivity of COE and COA to improvements of the speciﬁc reboiler duty of stripper and energy consumption of ASU.
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(TIC) were estimated for all of three systems. Compared with
the system without CO2 capture, the total investment cost
increments caused by CO2 capture are 42% and 54% for the
options of chemical absorption and oxyfuel combustion
respectively. The increases of TIC will further cause the
increases of cost of electricity (COE), which are 52.0% for System II and 60.7% for System III. Correspondingly, the costs of
CO2 avoidance (CoA) are 71.8 $/MWh and 73.2 $/MWh for
Systems II, and III.
(3) The direct costs of the EvGT locate between simple cycle
prices and combined cycle prices; and the direct costs of System III are a little higher than the direct costs of System II.
Compared with the direct costs of a combined cycle, the
direct costs of the EvGT system integrated with CO2 capture
are still lower as long as the plant size is larger than
300 MW. The major reason is due to the absence of the bottoming cycle.
(4) Compared with others studies about the natural gas combined cycle (NGCC), the EvGT system has lower COE and
COA than the NGCC system no matter which CO2 capture
technology is integrated.
(5) Sensitivity study results about COE and COA show that both
of them are more sensitive to the natural gas price than total
investment costs for all of the studied systems. And comparatively the impact of energy consumptions of speciﬁc reboiler duty on COA of System II is more signiﬁcant than that of
energy consumption of air separation unit on COA of System
III. Moreover, as plant size is larger than 60 MW, even
though System II has a lower COE than System III because
of the higher electrical efﬁciency of System II, System III
has a lower COA than System II, which is due to the higher
CO2 capture ratio of System III.
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In the last several years greenhouse gas emissions, and, in particular, carbon dioxide
emissions, have become a major concern in the power generation industry and a large
amount of research work has been dedicated to this subject. Among the possible technologies to reduce CO 2 emissions from power plants, the pretreatment of fossil fuels to
separate carbon from hydrogen before the combustion process is one of the least energyconsuming ways to facilitate CO 2 capture and removal from the power plant. In this
paper several power plant schemes with reduced CO 2 emissions were simulated. All the
conﬁgurations were based on the following characteristics: (i) syngas production via
natural gas reforming; (ii) two reactors for CO-shift; (iii) ‘‘precombustion’’ decarbonization of the fuel by CO 2 absorption with amine solutions; (iv) combustion of hydrogen-rich
fuel in a commercially available gas turbine; and (v) combined cycle with three pressure
levels, to achieve a net power output in the range of 400 MW. The base reactor employed
for syngas generation is the ATR (auto thermal reformer). The attention was focused on
the optimization of the main parameters of this reactor and its interaction with the power
section. In particular the simulation evaluated the beneﬁts deriving from the postcombustion of exhaust gas and from the introduction of a gas-gas heat exchanger. All the components of the plants were simulated using ASPEN PLUS software, and ﬁxing a reduction
of CO 2 emissions of at least 90%. The best conﬁguration showed a thermal efﬁciency of
approximately 48% and CO 2 speciﬁc emissions of 0.04 kg/kWh.
关DOI: 10.1115/1.1850941兴

Introduction
Since the second half of eighteenth century anthropogenic
emissions have increased atmospheric concentration of greenhouse gases. The radiative forcing 共i.e., the increase in the total
downward ﬂux of infrared, emitted by the atmosphere, due to the
additional amount of gas兲 is estimated at 2.43 W/m2. The carbon
dioxide alone is responsible for 60% of this radiative forcing because CO2 has always been the main gas emitted by human activities. As a result CO2 atmospheric concentration has reached
373 ppm in 2002 关1兴 while preindustrial value was approximately
280 ppm 关2兴.
The main source of carbon dioxide derives from the combustion of fossil fuels, which generates 90% of globally emitted CO2 .
Fossil fuels are used in three fundamental ﬁelds: transportation,
heating, and power generation. The latter is probably the one in
which measures to decrease carbon dioxide emissions could be
more effective. In recent years several studies have investigated
the performances of innovative power cycles with low CO2 emissions. These cycles are usually grouped into three different alternatives: 共i兲 postcombustion decarbonization, 共ii兲 oxy-fuel power
cycles, 共iii兲 precombustion decarbonization.
Postcombustion decarbonization consists in the removal of carbon dioxide from exhaust gases. This scheme requires minimum
modiﬁcations to power cycle, as CO2 separation involves only
exhaust gas treatment. Among CO2 capture technologies 共chemical and physical absorption, adsorption, membranes, cryogenic
separation兲, the most promising one for postcombustion decarbonization is chemical absorption because it is the least energy requiring when CO2 partial pressure is very low, as in exhaust gases
Contributed by the International Gas Turbine Institute 共IGTI兲 of THE AMERICAN
SOCIETY OF MECHANICAL ENGINEERS for publication in the ASME JOURNAL OF
ENGINEERING FOR GAS TURBINES AND POWER. Paper presented at the International Gas Turbine and Aeroengine Congress and Exhibition, Vienna, Austria, June
13–17, 2004, Paper No. 2004-GT-54091. Manuscript received by IGTI, October 1,
2003; ﬁnal revision, March 1, 2004. IGTI Review Chair: A. J. Strazisar.

关3,4兴. Anyway this technology has not been optimized for power
generation applications, and further developments in solvent composition is needed to improve the absorption process 关5兴.
The second scheme 共oxy-fuel combustion兲 requires the production of pure oxygen to be used as oxidizer in a close-tosoichiometric combustion, which produces only CO2 and H2 O. In
these plants an air-separation unit is needed for the production of
O2 . An example of these cycles can be found in Bolland and
Mathieu 关6兴. They investigated a semi-closed combined cycle, in
which the gas turbine uses carbon dioxide as working ﬂuid; therefore, CO2 capture is accomplished without the need of highly
energy-requiring devices. The cycle showed a global efﬁciency of
approximately 47%.
The third option to reduce CO2 emissions from power plant is
known as precombustion decarbonization. In this case fossil fuels
are converted to syngas 共i.e., a mix of CO and H2 ). Syngas is the
raw material for several chemical syntheses, such as methanol and
ammonia. Both solid and gaseous fuels can be used for this purpose; gasiﬁcation and reforming are, respectively, the technologies adopted to produce syngas from coal and natural gas. The
integration of a gasiﬁer with a combined cycle is nowadays regarded as the most promising way to generate power from coal
because integrated gasiﬁcation combined cycle 共IGCC兲 plants are
characterized by higher efﬁciencies than conventional pulverized
coal-ﬁred plant 共PCFP兲. Various IGCC plants are operating worldwide, but CO2 removal has never been attempted in these cases.
However, several studies on the subject have been carried out in
the last several years, showing that CO2 can be easily captured in
plants with conventional gas-sweetening processes, based on
physical absorption 共such as Selexol or Rectisol 关7兴兲. One or two
‘‘shift’’ reactors have to be introduced before CO2 absorber, in
order to convert CO to CO2 , so that the gas to be treated contains
only hydrogen and carbon dioxide. IGCC net efﬁciency decreases
from 44% to 46% to 37% to 40% if CO2 is removed following
this option 关8,9兴.
For natural gas-ﬁred plants, precombustion decarbonization
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关10–13兴 implies the adoption of either a steam reformer or partial
oxidizer. These reactors generate a blend of CO and H2 共plus
nitrogen, if air is used as oxidizer兲, just as gasiﬁers do. Of course
syngas composition varies with the technology utilized and with
operating parameters, but the basic principle is the same. In fact at
reformer outlet syngas must be shifted and CO2 removed in order
to feed a gas turbine with a carbon-free fuel. In this case the
chemical absorption process is preferred over physical absorption,
as the pressure of produced syngas is lower. This option is very
interesting because it requires components that have a commercially proven technology and can be operated under the same
work conditions as usual. In this paper we have analyzed the
thermodynamic performances of a combined cycle, which is fed
by the fuel generated by the reforming process and deprived of
CO2 . Particular attention was focused on the integration of the
power plant with both the syngas production section and CO2
removal plant. All the components investigated reﬂect the state of
the art.

1

The Reforming Process
The reforming process involves the following reactions:
CH4 ⫹H2 O↔CO⫹3H2
CO⫹H2 O↔CO2 ⫹H2

with
with

⌬H⫽206.11 kJ/mol

(1)

⌬H⫽⫺41.17 kJ/mol

(2)

Cn Hm⫹nH2 O→nCO⫹ 共 m/2⫹n兲H2

(3)

Both 共1兲 and 共2兲 can be considered at equilibrium conditions in
commercially available reformers. The ﬁrst is the methane reforming reaction, which requires steam and must be carried out at
700–950°C, as it is endothermic, and methane conversion is enhanced by the excess of steam and the high temperatures. Reaction 共2兲 is known as the ‘‘CO-shift reaction’’ and also occurs during reforming process, thus determining CO and H2 concentration
at equilibrium. Reaction 共3兲 constitutes the reforming of heavier
hydrocarbons, which can be considered irreversible. The reforming process usually takes place in a tubular reactor, called steam
methane reformer, where the heat of reaction is supplied externally by a ﬂame fed with methane, too. Auto thermal reformers
共ATR兲 carry out both reforming and combustion in a unique reactor, which supplies itself the energy for reforming reaction and for
increasing gas temperature. Air 共or pure oxygen兲 is also introduced into the ATR as oxidizer. In the upper part of the ATR
several combustion reactions take place, but in a simpliﬁed model
the molecular reaction which best represents the whole process is
the combustion of methane to carbon monoxide and water 关14兴:
CH4 ⫹1,5O2 ↔CO⫹2H2 O

with

⌬H⫽⫺519.35 kJ/mol
(4)

Therefore, a fraction of methane entering the ATR is not reformed
because it works as fuel, supplying heat for endothermic
reactions.
If air is used as oxidizer, then the gas leaving the ATR contains
a large amount of nitrogen. In industrial practice oxygen is more
often used instead of air, in order to reduce plant size and costs.
Air is preferred over O2 in ammonia plants, where it feeds a
secondary reformer 共substantially an ATR placed after SMR兲, and
supplies the nitrogen necessary for ammonia synthesis. Previous
studies 关7,8兴 showed that air-blown reactors are perfectly suitable
for integration with a combined cycle, for two reasons:
1. Air entering the ATR can be extracted directly from the gas
turbine 共GT兲 compressor.
2. Final fuel is diluted with nitrogen, therefore, NOx emissions
are reduced to acceptable values as stoichiometric ﬂame
temperature is lower.
In particular, NOx emission control is a relevant problem when
hydrogen is burned in a gas turbine because it is not possible to
prevent thermal NOx formation adopting dry-low-NOx technologies. In fact hydrogen has a faster ﬂame speed and a shorter au546 Õ Vol. 127, JULY 2005

toignition delay time, so premixed combustion is not achievable at
present time 关15兴. Even if more experimental work on this subject
is needed, many theoretical studies 关15–17兴 agree that fuel dilution with 50% nitrogen could be sufﬁcient to limit NOx emissions
in the range of 25–50 ppmv.

2

Power Plant Schemes With ATR

Three power plant schemes have been investigated. They differ
from each other substantially in the preheating of the streams
entering reformer. For this goal, the ‘‘Reference Case’’ is provided
with only one heat exchanger, in which GT exhaust gases are used
to preheat natural gas and steam. In the supplementary ﬁring 共SF兲
conﬁguration, exhaust gas temperature is increased by supplementary ﬁring, and two heat exchangers are employed. In the GASGAS conﬁguration the heat exchangers utilize the hot syngas
leaving the reformer, instead of the exhaust gas, for natural gas
and steam preheating.
The Reference Case conﬁguration is shown in Fig. 1. Natural
gas is mixed with the steam extracted from a medium-pressure
level 共MP兲 turbine at 18 bar. The reactants are heated to 480°C by
GT exhaust gases in HE-IN-PRE. The mixed streams 共2兲 enter
PRE-REF, which provides for the reforming of heavier hydrocarbons. After pre-reforming, the gas 共3兲 goes directly into the ATR,
which uses a fraction of the air 共Fig. 1共b兲兲, leaving the GT compressor as an oxidizer. The pressure of this reactor is therefore
imposed by GT pressure ratio. Two different temperatures 共850°C
and 950°C兲 have been chosen for ATR operating conditions. In
any case the hot syngas leaving the ATR must be cooled down to
400°C, in order to be shifted in high-temperature shift 共HTS兲. A
waste heat boiler provides for this cooling, together with the production of high-pressure steam 共E兲, which is sent to the heat recovery steam generator 共HRSG兲 for superheating. CO concentration by volume is reduced from 9% to 3,5% by the shift reaction
accomplished in the HTS. The gas 共6兲 is further cooled in two
convective heat exchangers 共HEs兲: the ﬁrst one 共HE1兲 is used to
preheat the water that feeds the waste heat boiler 共WHB兲; the
second one 共fuel regenerator 共REG兲兲 is a gas-gas exchanger,
which brings GT fuel to 280°C. The syngas 共8兲 enters the lowtemperature shift 共LTS兲 at 160°C and exits at temperatures in the
range of 200°C.
In order to be appropriately treated in the CO2 capture plant, the
gas leaving the shift reactor is cooled down to 35°C. Successively
most of the water is removed, thus decreasing the volumetric ﬂow
of the gas to be treated and increasing CO2 concentration. Carbon
dioxide is separated in a typical plant based on chemical absorption. CO2 is then compressed to 140 bar for liquefaction and transportation. The gas leaving the top of the absorber is poor in carbon
and can feed the gas turbine; before entering the combustion
chamber, the fuel is compressed to 20 bar and heated in the REG.
The exhaust gases 共c兲 from the turbine enter HE-IN-PRE approximately at 590°C, and the HRSG at 557°C. This determines the
maximum temperature of the steam, having set the approach point
⌬T at 20°C. The HRSG has three pressure levels. Syngas production and decarbonization decrease power produced by the steam
turbine because medium pressure steam is extracted from the
steam turbine 共ST兲 for the reforming, while low-pressure steam is
extracted for solvent regeneration. The interaction between syngas
production and the power section has also a positive feature: from
syngas cooling it is possible to preheat water and to generate
saturated steam, thus increasing the power generated by the ST.
The Reference Case conﬁguration has been slightly modiﬁed in
order to decrease methane consumption in the ATR. Supplementary ﬁring of the GT exhaust gases has been studied in SF conﬁguration, whose main features are depicted in Fig. 2. Exhaust gas
temperature rises to 646°C and the ATR inlet stream 共3兲 can be
heated to 600°C in HE-IN-ATR. In GAS-GAS conﬁguration 共Fig.
3兲 two gas-gas heat exchangers have been introduced to recover
heat from syngas leaving the ATR. This equipment has to resist
Transactions of the ASME

Fig. 1 Reference Case process ﬂowsheet

high temperatures, and it has not been commercially proven. Atthe
reformer outlet, syngas is cooled in HE-IN-ATR, which increases
ATR inlet streams to 600°C. Syngas is further cooled in HE-INPRE, where natural gas and process steam are heated to 500°C. In
this conﬁguration the GT exhaust gases go directly into the
HRSG.

3

Assumptions and Results

3.1 Syngas Production Section. The whole power plant
has been studied with the ASPEN PLUS software 关18 –20兴. The principal reactors 共PRE,ATR,HTS,LTS兲 have been simulated by the
Gibbs Reactor, a model available in the ASPEN⫹ library, which
determines equilibrium conditions by minimizing Gibbs energy.
The Pre-reformer is an adiabatic reactor, which operates with an

Fig. 2 Variations introduced in SF conﬁguration
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inlet stream temperature in the range of 470–550°C, depending on
the conﬁguration considered. In the Reference Case, the temperature of stream 2 is the lowest 共481°C for T-ATR⫽850°C, 467°C
for T-ATR⫽950°C兲, as the parameter ﬁxed in HE-IN-PRE is the
outlet temperature of stream d 共557°C兲. For the SF conﬁguration
this temperature is set at 580°C, so pre-reformer inlet temperature
rises to 542°C and 500°C, respectively for T-ATR⫽850°C and
T-ATR⫽950°C. In GAS-GAS conﬁguration, the pre-reformer inlet temperature is ﬁxed at 500°C. Temperature drop in the prereformer is caused by the reforming of heavier hydrocarbons,
which is strongly endothermic.
The gas leaving pre-reformer 共PRE-REF兲 contains small
amounts of ethane and propane: it enters ATR without preheating
in the Reference Case, so ATR inlet temperature 共418°C,410°C兲 is
given by temperature drop in the PRE-REF. In the other conﬁgurations, syngas is heated to 600°C before entering ATR 共the choice

Fig. 3 Variations introduced in GAS-GAS conﬁguration
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Table 1 Gas composition in reference case
Stream

1

2

3

4

6

9

12

13

T 关°C兴
m 关kg/s兴

25.0
17.21

481.0
44.94

417.8
44.94

850
125.8

459.8
125.8

201.2
125.8

34.9
111.4

281.5
71.96

CH4
C2 H6
C3 H8
CO
CO2
H2
N2 ⫹AR
H2 O

91.2
4.4
0.1
¯
¯
¯
4.3
¯

35.9
1.7
0.04
¯
¯
¯
1.7
60.6

composition 关% by vol兴
35.6
0.6
0.6
¯
¯
¯
¯
¯
¯
¯
8.9
3.5
2.2
5.6
10.9
7.0
30.6
35.9
1.6
33.5
33.5
53.6
20.9
15.6

0.6
¯
¯
0.2
14.2
39.2
33.5
12.3

0.7
¯
¯
0.2
16.1
44.5
37.9
0.4

0.8
¯
¯
0.3
0.9
52.4
44.7
0.8

of this value derives from the state of the art of heat exchangers
preceding the ATR兲. In the GAS-GAS conﬁguration air stream
entering the ATR is heated to 600°C too, while in the other cases,
the temperature of air is inﬂuenced only by isentropic efﬁciency
of GT compressor 共0.89兲.
The shift reaction, which converts CO to CO2 , is exothermic,
so it takes advantage from low temperatures. The HTS inlet temperature is ﬁxed at 400°C by the WHB, while outlet temperature
varies in the range of 460– 470°C, as also this component is adiabatic and the reaction accomplished is exothermic. Syngas is further cooled in HE1: temperature of stream 7 共290°C兲 has been
determined by imposing a minimum ⌬T of 10°C on the hot side of
the REG. Syngas goes into the LTS at 160°C and exits at 200–
210°C 共this reactor is adiabatic, too兲. Then it is cooled down to
100°C by HE2 and ﬁnally to 35°C. Table 1 shows the composition
of most signiﬁcant streams for the Reference Case 共with T-ATR
⫽850°C兲. The pressure of the entire circuit is imposed by GT
pressure ratio 共␤⫽17兲 and by pressure losses, which are shown in
Table 2.
S/C is the ratio between steam and carbon mole ﬂow at the
pre-reformer inlet. Methane conversion and hydrogen production
in ATR are enhanced by high values of S/C, but power generation
decreases as S/C rises because process steam is extracted from the
MP turbine. In this work S/C has been ﬁxed at 1.5, in order to
minimize steam extraction. Lower values have not been considered because they have negative effects on carbon deposits formation, which is counteracted by H2 O in excess respect to the stoichiometric minimum. More precisely, since steam extraction is
the same for all the cases and natural gas mass ﬂow is variable,
S/C is slightly different from a conﬁguration to another. The ATR
temperature inﬂuences methane conversion too: if T is increased,
methane slip is lower. For example in the Reference Case the
percentage of unreacted CH4 decreases from 4.6% to 0.5% if the
ATR operating temperature is raised from 850°C to 950°C. This is
perfectly in agreement with the chemical equilibrium of reforming
reaction, which is endothermic, thus enhanced by higher temperature. Table 3 shows the percentage of unreacted methane in the
various conﬁgurations.
Methane reacted in the ATR is not completely reformed in accordance with reaction 共1兲 because a fraction of CH4 is burned to
supply the heat of reforming and to increase reactants temperature. The burned fraction increases with higher ATR temperatures

and with larger mass ﬂows of reactants because in these cases
more energy is required. If the fraction of burned CH4 is bigger,
the low heating valve 共LHV兲 of produced syngas is lower. We
have introduced the ‘‘Cold syngas efﬁciency,’’ which represents
the ratio between chemical energy of produced syngas and natural
gas LHV input. This parameter is used in IGCC performance
analysis to express the fraction of coal chemical energy, which is
transferred to the produced gas; thus, it does not take into account
heat recovery from hot gas, which produces signiﬁcant amounts of
steam, but constitutes the degradation of heat available at high
temperature. Cold syngas efﬁciencies of the studied conﬁgurations
are shown in Table 4.
The oxygen introduced in ATR is completely consumed by partial and total combustion reactions. Therefore air extraction from
the GT compressor is not constant, as it is a function of burned
methane fraction. Table 4 shows air mass ﬂow needed by the ATR
and the composition of syngas entering CO2 absorber 共stream 12兲.
H2 /CH4 is the ratio between the molar ﬂow of hydrogen in
stream 12 and CH4 input molar ﬂow. According to reactions 共1兲
and 共2兲 this ratio has to be 4, if all methane molecules are converted to H2 . Instead H2 /CH4 is less than 4, thus conﬁrming that
a fraction of methane does not take part in reforming, as it is
burned. Furthermore, this ratio expresses how much hydrogen can
be produced by the same amount of natural gas. By increasing the
ATR temperature, H2 /CH4 increases in SF and GAS-GAS conﬁgurations, but it decreases in the Reference Case. This is substantially a consequence of the variation of ATR inlet streams
temperature.
3.2 CO2 Removal Plant. CO2 removal is accomplished in
an absorption/stripping plant, commonly used for synthesis gas
sweetening. Figure 4 illustrates the process ﬂowsheet simulated
with ASPEN PLUS. The solvent used in this simulation is a blend of
water and two amines: MDEA 共30% by weight兲 and DEA 共5%兲.
CO2 is captured by this solvent in the absorber column 共ABS兲 and
it is desorbed in a second column 关stripper 共STP兲兴 by stripping.
The stripping agent is the vapor of the solvent itself, which is
produced in a Kettle reboiler. The choice of this mix allows a
reduction of reboiler heat duty, as the MDEA requires less heat for
regeneration than other amines, like MEA and DEA. Unfortunately the MDEA reaction with CO2 is very slow and activators

Table 3 SÕC and unreacted methane
Table 2 Pressure losses in syngas circuit
Component

Outlet pressure 关bar兴

⌬p/p 关%兴

17.22
16.36
15.87
15.24
14.78
14.34
14.06

5
5
3
4
3
3
2

PRE⫹HE-IN-ATR
ATR
WHB
HTS
HE1⫹REG
LTS
HE2⫹cooler
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Conﬁguration
Ref. case 共T-ATR⫽850°C兲
Ref. case 共T-ATR⫽950°C兲
SF 共T-ATR⫽850°C兲
SF 共T-ATR⫽950°C兲
Gas-Gas 共T-ATR⫽850°C兲
Gas-Gas 共T-ATR⫽950°C兲

Actual
S/C

Unreacted
CH4
关% input兴

1.53
1.46
1.50
1.43
1.63
1.56

4.59
0.54
6.17
0.74
6.16
0.78
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Table 4 Main results of syngas production section

Air mass
ﬂow to
ATR 关kg/s兴
Stream
‘‘12’’ mass
ﬂow 关kg/s兴
CH4
CO
CO2
H2
N2 ⫹AR
H2 O
H2 /CH4 input
Cold
syngas
efﬁciency
关%兴

Ref
850°C

Ref
950°C

SF
850°C

SF
950°C

Gas
Gas
850°C

Gas
Gas
950°C

80.8

96.9

73.1

90.1

64.5

78.0

111.4

127.3

106.2

123.3

95,9

109.6

Stream ‘‘12’’ composition 关% by vol兴
0.08
0.99
0.11
0.22
0.35
0.35
15.94
16.26
16.10
42.19
47.16
44.73
41.12
34.81
38.26
0.44
0.44
0.44
2.86
2.95
2.97
80.1
88.0
83.7

0.99
0.28
16.43
48.35
33.51
0.44
3.00
89.4

0.12
0.30
16.30
46.28
36.56
0.44
3.05
85.7

0.71
0.23
16.11
44.54
37.97
0.44
2.87
84.3

are usually added in order to accelerate the absorption process in
proprietary solvents. In this simulation, DEA is used as the activator; this device is often adopted commercially.
Table 5 illustrates the main differences characterizing the CO2
removal plant, together with fuel mass ﬂow and composition.
Both absorber and stripper have been simulated as seven-stage
columns, using the RadFrac model, available in the ASPEN PLUS
library.
Since the reactions between CO2 and amines are exothermic,
both gas and liquid increase their temperature in the absorber
共ABS兲: the gas exits from top of the absorber at 45–51°C, while
the solvent loaded with CO2 is at 62– 63°C at the bottom of the
ABS. The absorber works at 13.3 bar, while the stripper at 1.8 bar.
Therefore, a ﬂash separator has been put after the ABS, for partially regenerating the solvent by pressure reduction. The rich solvent is preheated to 80°C in H-EX by the lean solution coming
from the stripper, which leaves the Kettle reboiler at 101.5°C.

Minimum ⌬T between solution and steam condensing in the
reboiler is about 10°C. In the stripper, condenser cooling duty is
the same 共5 MW兲 for all the conﬁgurations. On the contrary, reboiler heat duty changes because the following conditions have
been imposed:
1. Same ⌬T on H-EX cold side 共7.35°C⫾0.2兲.
2. Same composition of the solution entering ABS.
The latter has been veriﬁed by checking the MDEA⫹/MDEA
ratio of the solution, which represents the percentage of the notregenerated amine in the stripper. For all the conﬁgurations this
ratio is in the range 0.210–0.215. CO2 leaving the top of the
stripper is compressed to 140 bar and liqueﬁed for transportation
in pipelines. The CO2 compressor has been modeled by a fourstage intercooled compressor. Isentropic efﬁciency of the single
stage is 0.85, mechanical efﬁciency is 0.95.

Fig. 4 CO2 removal and liquefaction plant
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Table 5 Main results of CO2 removal plant and fuel composition
REF
850°C

REF
950°C

SF
850°C

SF
950°C

GAS
GAS
850°C

GAS
GAS
950°C

556.9

582.1

570.9

594.6

526.0

542.7

85.0

89.0

87.0

90.5

80.0

83.3

36.1
41.72

37.8
45.58

36.6
41.66

38.1
46.09

33.7
38.61

35.0
42.33

39.74

41.79

40.57

42.67

37.45

39.11

95.3

91.7

97.4

92.6

96.7

92.4

71.96

85.97

65.78

81.0

58.61

70.90

Fuel composition 关% by vol兴
CH4
0.84
CO
0.27
CO2
0.90
52.45
H2
N2 ⫹AR
44.72
0.83
H2 O
Fuel LHV
9.32
关MJ/kg兴

0.09
0.26
1.55
49.19
47.95
0.96
7.80

1.17
0.41
0.50
55.92
41.29
0.70
10.87

0.13
0.41
1.40
52.35
44.78
0.93
8.83

1.18
0.34
0.59
57.38
39.78
0.73
11.44

0.14
0.35
1.46
54.25
42.86
0.94
9.46

Conﬁguration
Solvent
mass ﬂow
关kg/s兴
Q reboiler
关MWt兴
Steam 关kg/s兴
CO2 in ABS
关kg/s兴
Removed
CO2 关kg/s兴
Removed
CO2 关%兴
Fuel 共stream
‘‘13’’兲
mass ﬂow
关kg/s兴

The rate of carbon dioxide removal in the ABS is different for
the various conﬁgurations. In fact a design speciﬁcation has been
created to set at 10% the percentage of all the carbon not removed
from syngas. In this way it is possible to take into account CO and
CH4 fractions, which generate CO2 while burning in GT. Thus, in
every conﬁguration CO2 ﬁnal emissions are 90% of emissions
generated by a gas turbine combined cycle 共GTCC兲 with the same
natural gas input. The percentage of removed CO2 is greater
whenever CH4 and CO conversion is lower; for example, in the
Reference Case absorbed CO2 is 95.3% of the total entering the
ABS if T-ATR⫽850°C. If T-ATR is increased to 950°C, then removed CO2 decreases to 91.7% because the CH4 concentration in
syngas to be treated is lower 共see Table 4兲. However this variation
does not deeply affect power and heat consumption in the CO2
capture plant, which on the contrary greatly depends on the total
mass ﬂow of removed CO2 . In all the conﬁgurations if the T-ATR
is increased, then the mass ﬂow of carbon dioxide entering the
ABS grows, thus increasing the reboiler heat duty needed for
solvent regeneration. GAS-GAS 共with T-ATR⫽850°C兲 is the conﬁguration that requires the least heat duty 共80 MW兲, even though
the percentage of absorbed CO2 is rather high 共96.7%兲. Solvent
mass ﬂow has the same behavior of reboiler heat duty, as it depends above all on the total mass ﬂow of CO2 to be captured.
After all GAS-GAS conﬁgurations generate less CO2 than other
cases, thus giving the following advantages:
1. Steam extraction from the ST for stripping is lower, as reboiler heat duty decreases.
2. CO2 to be captured is less, so power consumption for solvent pump and CO2 compressor is lower.
3.3 Power Generation. Power generation is accomplished
by a gas-steam combined cycle. The gas turbine is a heavy-duty
machine, corresponding to technology known as FA, characterized
by a TIT of approximately 1350°C. The turbine modeled in the
simulation matches the main parameters of a real machine, SIEMENS V94.3A 共␤⫽17⫺TIT⫽1350°C兲. In particular, air mass
ﬂow rate at the compressor inlet is the same as the real machine
共634 kg/s兲; the net efﬁciency and the net power output are, respectively, 38.2% and 256 MW, TOT is 590°C. The net power output
generated by the GT is determined by a calculator block, which
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uses fuel mass ﬂow and composition and the ﬁxed efﬁciency as
input parameters to calculate the produced power. In any conﬁguration, the natural gas mass ﬂow rate has been changed to match
the real machine net power. The HRSG is three pressure levels:
4/35/140 bar, with reheat and condenser at 0.04 bar. Heat recovery
has been optimized by setting at 10°C, the minimum pinch point
⌬T for all the pressure levels.
In the Reference Case and in the SF conﬁguration, the approach
point ⌬T has been ﬁxed at 20°C, which corresponds to a superheating 共and reheating兲 steam temperature, respectively, of 537°C
and 560°C. In the GAS-GAS conﬁguration, maximum steam temperature is also 560°C, not to exceed the limit connected with
corrosion. The ATR requires a signiﬁcant amount of steam: 27.7
kg/s, needed to achieve a S/C ratio of 1.5, are extracted from MP
steam turbine at 18.13 bar. Solvent regeneration also requires
steam. A mass ﬂow of 33.7–38.1 kg/s is extracted from the LP
steam turbine at 2 bar. The main assumptions made for the power
generation section are summarized in Table 6.

Table 6 Assumptions made for power generation section
Gas turbine cycle
Gas turbine
Pressure ratio
TIT 关°C兴
Inlet air ﬂow rate 关kg/s兴
Thermodynamic efﬁciency
关%兴
Fuel compressor  is
Pressure levels 关bar兴
Condenser pressure 关bar兴
Steam turbine  is
Steam turbine  mec
Pump efﬁciencies
⌬T pinch point 关°C兴
⌬T approach point 关°C兴
⌬T subcooling 关°C兴

SIEMENS V94.3A
17
1350
634
38.2
0.9
Steam cycle
140/35/4
0.04
0.9
0.95
0.9
10
20
10
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Table 7 Overall performances of the various plants

GT net power 关MW兴
Steam cycle net power
关MW兴
Fuel compressor 关MW兴
Solvent pump power 关MW兴
CO2 compressor 关MW兴
Plant net power 关MW兴
Natural gas LHV input
关MW兴
Net efﬁciency 关%兴
CO2 emissions 关kg/s兴
CO2 speciﬁc emissions
关g/kWh兴
Actual CO2 reduction 关%兴

4

Reference
850°C

Reference
950°C

SF
850°C

SF
950°C

Gas
Gas
850°C

Gas
Gas
950°C

256.27
141.35

256.21
158.27

256.34
148.79

256.30
166.11

256.23
122.97

256.14
136.97

6.51
0.77
12.97
377.37
797

7.33
0.80
13.64
392.71
838

5.90
0.78
13.24
385.21
813

6.80
0.82
13.93
400.87
855

5.81
0.72
11.84
360.82
751

6.61
0.75
12.76
372.98
783

47.37
4.38
41.8

46.87
4.61
42.2

47.36
4.48
41.8

46.88
4.70
42.2

48.06
4.13
41.2

47.62
4.27
41.2

88.3

88.1

88.3

88.2

88.4

88.4

Comparison of the Performance

Table 7 shows overall performances of the various plants. For a
given conﬁguration, the power generated by the steam cycle increases if the T-ATR is higher, as syngas cooling produces more
steam 共for example in the Reference Case, waste heat boiler generates 74.1 kg/s of the HP steam if T-ATR⫽850°C, 94.5 kg/s if
T-ATR⫽950°C兲. Anyway net efﬁciency is 47.37% and 46.87% for
a reactor temperature, respectively, of 850°C and 950°C. This is a
consequence of the decrease in cold syngas efﬁciency, which
forces to burn a greater fraction of natural gas in the ATR and to
increase natural gas consumption. Furthermore, CO2 to remove is
5% higher when T-ATR⫽950°C, so CO2 compression work and
steam extraction from the ST are greater. For T-ATR⫽950°C fuel
compressor work rises, too, because the fuel ﬂow rate is 19.5%
greater than for T-ATR⫽850°C. This is due to the different fuel
composition, which depends above all on air mass ﬂow needed by
ATR, as it determines nitrogen concentration in the fuel and its
LHV.
For a given ATR temperature, in SF conﬁgurations the ST
power is higher than in the Reference Case because maximum
steam temperature is 560°C versus 537°C. SF conﬁgurations require also less power for fuel compression, as the LHV is higher
than in the Reference Case. However, net efﬁciencies are quite
similar for the Reference Case and SF conﬁguration. In fact, even
if cold syngas efﬁciencies are higher in SF conﬁguration, a signiﬁcant fraction of produced fuel is used for supplementary ﬁring
共6.2% of the total兲. This causes an increase by 2% in natural gas
consumption. Furthermore, for a given ATR temperature, removed
CO2 is more in SF conﬁgurations than in the Reference Case,
therefore, compressor work needed is higher.
In the GAS-GAS conﬁguration all the parameters discussed
above seem to be better than in other conﬁgurations. In particular,
Table 7 clearly shows that:
• CO2 compressor work is much lower, as carbon dioxide to
remove decreases 共see also Table 5兲.
• Fuel compressor work decreases, too, because fuel has the
highest LHV.
• Cold syngas efﬁciency is higher. Therefore natural gas consumption is lower; for example for T-ATR⫽850°C, the Reference Case shows a cold syngas efﬁciency of 84.3%, while
in the GAS-GAS conﬁguration this parameter is 89.4% 共see
Table 4兲. This reduces natural gas input from 17.21 kg/s to
16.22 kg/s.
• Stripping requires less steam extracted from the LP for solvent regeneration because CO2 absorption requires a lower
solvent mass ﬂow 共see also Table 5兲.
• The net power is lower because of the reduction of the steam
generated by the waste heat boiler, where syngas enters at a
lower temperature.
Journal of Engineering for Gas Turbines and Power

• However, cycle net efﬁciency is higher. This is due not only
to the reduction of auxiliaries consumption, but also to the
increase in cold syngas efﬁciencies. For T-ATR⫽850°C net
efﬁciency is 48.06%, for T-ATR⫽950°C net efﬁciency is
47.62%.
Since carbon removal has been ﬁxed at 90%, both absolute and
speciﬁc CO2 emissions are similar for all the conﬁgurations. More
precisely, speciﬁc emissions are lower in GAS-GAS conﬁguration, where the best efﬁciency implies an increased power generation relative to natural gas input. However, speciﬁc emissions are
all in the range 41– 42 g/kWh.
The last row in Table 7 shows actual CO2 reduction; this parameter takes into account the decrease in plant thermodynamic
efﬁciency. In fact, if we assume that a conventional GTCC has a
global efﬁciency of 56%, the cycles analyzed in this paper do not
reduce CO2 emissions by 90%, as they need supplementary natural gas to generate same power as GTCC. Therefore actual CO2
reduction is the ratio between CO2 speciﬁc emissions of the cycle
considered and of GTCC characterized by a thermodynamic efﬁciency of 56% 共approximately 356 g/kWh兲.

Conclusions
In this paper a gas-steam combined cycle with natural gas reforming and CO2 capture is presented. An Auto Thermal Reformer has been simulated to generate syngas, whose concentration in hydrogen is increased by two CO-shift reactors in series
that follow the ATR. Carbon dioxide is removed in an absorption
column, using a blend of most common amines 共MDEA, 30% by
weight, and DEA, 5%兲. Lean gas leaving the absorber is characterized by a carbon concentration reduced by 90%. It feeds a
commercially available gas turbine and the bottoming steam
cycle. Power plant and syngas production plant were coupled and
investigated in three main conﬁgurations. Among them the most
promising scheme is the one with a high-temperature gas-gas heat
exchanger, which heats the streams entering ATR and cools syngas at ATR outlet. This conﬁguration showed a global thermal
efﬁciency of 48.06% and CO2 speciﬁc emissions of 41.2 g/kWh.
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ATR
DEA
GT

⫽
⫽
⫽
⫽
⫽
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auto thermal reformer
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GTCC
HE
HP, LP, MP
HRSG
HTS
IGCC
LHV
LTS
MDEA
MEA
PCFP
PRE-REF
REF
REG
SF
SMR
ST
STP
TIT
TOT
WHB
␤

⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽
⫽

gas turbine combined cycle
heat exchanger
high, low, medium pressure level
heat recovery steam generator
high-temperature shift
integrated gasiﬁcation combined cycle
low heating value
low-temperature shift
methyl-di-ethanol-amine
mono-ethanol-amine
pulverized coal-ﬁred plant
prereformer
reference case
fuel regenerator
supplementary ﬁring
steam methane reformer
steam turbine
stripper
turbine inlet temperature
turbine outlet temperature
waste heat boiler
pressure ratio
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a b s t r a c t
An integrated hydrogen and power co-generation system with CO2 capture has been proposed and evaluated techno-economically. The proposed system is an alternative low cost clean power generation while
supplying hydrogen for process plants. The baseline conﬁguration has been designed based on the literature. Different cases are simulated in Aspen Plus and are evaluated economically. Thermodynamic models
have been validated against the results of previous publications. The co-generation system with different
product shares of hydrogen and power has been compared with CO2 captured and CO2 -vented hydrogen plants by means of deﬁned techno-economic-environmental indicators. Sensitivity analysis has been
carried out for input parameters of natural gas and electricity prices. The simulation results demonstrate
that in CO2 capture studied cases, system total efﬁciency is slightly greater (1–1.5%) in co-generation
cases than in hydrogen only production case with electricity importing from natural gas combined cycle
and CO2 venting. Economic evaluation results indicate that although hydrogen cost increases with power
co-generation (5–8%), the CO2 avoidance cost is signiﬁcantly lower than in power plants alone (73–83%
lower).
© 2015 Elsevier Ltd. All rights reserved.

1. Introduction
To mitigate the challenge of global warming, carbon capture
and storage in energy sector has received considerable attention, especially in power and heat, and industrial sectors, which
are responsible for the greatest share of the total CO2 emissions
with 42% and 20%, respectively (IEA, 2014a). Despite the growing
exploitation of renewable energy resources, still 82% of the total
primary energy comes from fossil fuels (IEA, 2014b). According to
the World Energy Outlook 2014 (IEA, 2014b), policy choices and
market developments that bring the share of fossil fuels in primary
energy demand down to just under three-quarters in 2040 are not
enough to stem the rise in energy-related CO2 emissions, which
grow by one-ﬁfth. Hence, it is essential to pay more attention to
the environmental issues and carbon management.
Although most of the attention has been directed to cut down
CO2 emissions from power sector, other industrial point source
emitters have early reduction potential. Growing demand for

∗ Corresponding author at: Sharif University of Technology, Azadi Avenue, Tehran
11155/3465, Iran.
E-mail address: msoltanieh@sharif.edu (M. Soltanieh).
http://dx.doi.org/10.1016/j.ijggc.2015.11.004
1750-5836/© 2015 Elsevier Ltd. All rights reserved.

hydrogen, as an energy carrier in the transport sector, as well as synthesis of some petrochemical compounds and petroleum reﬁning,
increases the CO2 emissions from hydrogen industry. Around 96%
of hydrogen is produced from fossil fuels with 220 million tonnes
annual emission of CO2 (IEA, 2008). In hydrogen production, large
amount of CO2 is produced that must be separated before hydrogen
can be used in downstream processing. This implies that it is possible to produce storage-ready low-cost CO2 streams in hydrogen
plants. Deployment of CO2 capture in hydrogen plants is extensively reviewed by Damen and his coworkers (2006). In previous
studies (Damen et al., 2006; Tarun et al., 2007), hydrogen is typically
the only primary product and the net electricity production is generally negative, i.e. electricity must be imported to cover electricity
requirements in the plants.
Conventionally, hydrogen is produced in energy intensive natural gas (NG) reforming and coal gasiﬁcation processes. This provides
great opportunity for heat recovery and integration with steam
power generation units. On the other hand, large amount of heat
and electricity is required for capturing CO2 in power plants and
compression up to appropriate pressures for underground storage.
These features, i.e. high available recoverable thermal energy in H2
plants and high energy requirements in power plants with CO2 capture, make it conceivable to integrate processes of hydrogen and
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Nomenclature
ATR
C
C0
CEPCI
COE
COH
E
E−
E+
EC
EPC
EV
f
GT
HRSG
HP
HT
WGS
IC
LHV
LP
LT
MDEA
MP
NG
NGCC
O&M
PR
PSA
S
S0
SE
SH
SMR
SPECCA
T
TDPC
e
H2
tot

auto-thermal reformer
equipment cost (M$)
base equipment cost (M$)
Chemical Engineering Plant Cost Index
cost of electricity (US$/MWh)
cost of hydrogen (US$/GJ)
electric power (MW)
electric exported power (MW)
electric imported power (MW)
economizer
engineering, procurement and construction
evaporator
scaling parameter
gas turbine
heat recovery steam generation
high pressure
high temperature
water-gas shift
indirect cost
lower heating value
low pressure
low temperature
methyl diethanol amine
medium pressure
natural gas
natural gas combined cycle
operation and maintenance
pre-reformer
pressure swing adsorption
equipment cost parameter
base equipment cost parameter
speciﬁc emission (kg CO2 /MWhH2-E )
superheater
steam methane reformer
speciﬁc primary energy consumption for CO2
avoided (MJ/kgCO2 )
temperature (◦ C)
total direct plant cost
electricity generation efﬁciency (%)
hydrogen production efﬁciency (%)
total efﬁciency (%)

power production. An early study of an integrated co-generation
system with CO2 capture was performed by Consonni and Viganò
(2005) based on commercially available technologies, using natural gas as feed. In their conceptual design process, purge gas stream
from pressure swing adsorption (PSA) unit, containing hydrogen,
is used as fuel in the power section.
Diffusion ﬂame burner technology enables combustion of
hydrogen-rich syngas by dilution with either N2 and or steam
(Mansouri Majoumerd et al., 2012). Therefore, it is possible to generate electricity from decarbonized hydrogen fuel accessible in H2
plants using available gas turbine (GT) technology. Heat recovered
from hydrogen production process and GT exhaust gas can also
be used for steam production to generate electricity in steam turbines in combined cycles and to provide the needed steam for the
CO2 capture unit and the syngas production reformer. This integrated pre-combustion carbon capture co-generation system from
coal was investigated techno-economically by Kreutz et al. (2005),
based on commercially available technologies. In recent studies,
most of the attention has been directed to apply the new developed
technologies within the area of pre-combustion carbon capture in

95

both hydrogen and power plants including membrane reforming
reactors (Gallucci et al., 2013), membrane water-gas shift reactors
(Gallucci et al., 2013; Scholes et al., 2010), and sorption enhanced
water-gas shift reactors (Gazzani et al., 2013; Martínez et al., 2013,
2014).
Coal and biomass based hydrogen and electricity co-generation
systems with pre-combustion carbon capture were studied by
Kreutz et al. (2005), Cormos (2012a,b,c), and Abu-Zahra et al.
(2009). Although different aspects of a poly-generation system
using coal and biomass have been investigated in the literature,
only few works have been dedicated to study natural gas based cogeneration systems. In a number of studies, natural gas integrated
reforming combined cycle systems with pre-combustion carbon
capture were studied for power generating purpose consuming
the entire produced H2 as fuel in combined cycle (Ertesvåg et al.,
2005; Romano et al., 2010; Nord et al., 2009; Petrakopoulou and
Tsatsaronis, 2012). Tock and Maréchal (2012) conducted a thermoeconomic investigation for designing a self-powered hydrogen and
electricity co-generation system with pre-combustion carbon capture from both natural gas and biomass sources.
Hydrogen production from coal/biomass gasiﬁcation and NG
reforming, hydrogen and electricity co-generation from coal with
CO2 capture as well as hydrogen-fueled combined cycles using both
coal/biomass and NG with CO2 capture have been widely studied. However, a detailed investigation on the potential for low
cost carbon capture in natural gas fueled hydrogen and power cogeneration systems has been rarely discussed in previous works.
Thus the novelty of this work is in the integrated co-generation
concept provided for gas reforming syngas.
The main objective of this study is, therefore, to investigate technical and economic performance of co-generation systems with
different product share of H2 and power with pre-combustion
carbon capture from natural gas. The conceptual process design
has been performed based on commercially available technologies,
which are more viable to be applied with less uncertainty in performance, operation parameters and costs. The basic process design
(the baseline conﬁguration) has been adopted from Nord’s et al.
study (2009) on power generation with a pre-combustion carbon
capture scheme. It is then modiﬁed particularly with respect to
power section and hydrogen puriﬁcation offering a co-generation
system. In order to change the power generation system to a
co-generation system of hydrogen and power, it is required to
implement hydrogen puriﬁcation unit (i.e. here the pressure swing
adsorption technology), in which besides the desired production
of hydrogen, a purge gas is produced. This purge gas contains lowgrade hydrogen, which is combusted as fuel to generate more steam
in the heat recovery system. In addition to this modiﬁcation, CO2
capture unit is simulated in detail rather than assuming black box
as in Nord’s system. Based on the simulation results, the cost estimation is performed using the equations reported in credible cost
estimation references (Kreutz et al., 2005; CAESAR, 2011; Manzolini
et al., 2013; Simbeck and Chang, 2002). The results of co-generation
systems are compared with CO2 captured and CO2 vented hydrogen system with electricity import. Sensitivity of the costs with
regard to natural gas and electricity prices has been analyzed and
the results are reported here. Finally, the CO2 avoidance costs for
the co-generation cases are compared with the one for natural gas
combined cycle (NGCC) power plant with post combustion carbon
capture.

2. Process description
Various case studies used in this work for hydrogen and
electricity co-generation are given in Section 2.1 including the
main assumptions and characteristics of each case. Then, overall
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process conﬁguration and general design speciﬁcations are
described in Sections 2.2–2.6.
2.1. Case studies
The speciﬁcations of the case studies are summarized in Table 1.
The study is conducted in two sections. In the ﬁrst section, CO2 captured Cases of 1, 2 and 3 are compared with the Reference Case of
hydrogen production with CO2 venting. The energy input of these
cases is ﬁxed to 1200 MWLHV (i.e. all the cases are with an equal
amount of energy input). Co-generation cases, i.e. Cases 3–5, are
compared with each other to study the effect of hydrogen production scale; hence, they are different in energy input. Note that in this
study hydrogen production scale has been increased by increasing
the energy input of the plant. In Cases 3–5, the power is generated
at constant level by the same gas turbine type, i.e. SGT-800, which
means that by increasing the plant input, H2 : power ratio is also
increased.
The designed process can be divided into ﬁve subsystems: synthesis gas production, CO2 separation, CO2 compression, hydrogen
puriﬁcation and power generation. These subsystems and their
interactions are shown in Fig. 1. The technology of each subsystem is selected based on available information in the literature and
is presented below.
2.2. Feedstock
Natural gas (NG) feed is assumed to be pure enough to be used
in catalytic reformers without the need of treatment for sulfur separation (86% methane, 8% ethane, 3% propane, 1% n-butane, 1% CO2
and 1% nitrogen all in molar basis). Natural gas input is ﬁxed to
1200 MWLHV for the Reference Case and Cases 1–3. It is increased
to 1517 and 1800 MWLHV in Cases 4 and 5, respectively. Thermal
input of 1200 MW – producing 820–690 MWLHV of hydrogen in
Cases 1–3 – is greater than industrial standards for steam methane
reformers (SMR) and auto-thermal reformers (ATR) (Consonni and
Viganò, 2005). Therefore, more than one reforming unit needs to
be operated in parallel to supply large demands for hydrogen in
petrochemical plants like ammonia, in the transport sector, and in
fuel cell systems for power generation.
2.3. Synthesis gas production
Synthesis gas is produced in a combination of pre-reformer (PR),
auto-thermal reformer and water-gas shift reactors. The preheated
natural gas and medium pressure steam enter the pre-reformer.
In this step, hydrocarbons (HC) – mostly components heavier than
methane – are converted by a steam reforming reaction as follows:
HC + H2 O → H2 + CO + CO2 + CH4

(1)

The steam to carbon ratio and the NG preheat temperature
are set to 1.7 and 400 ◦ C, respectively. The pre-reformer strongly
reduces possible soot formation downstream of the reformer.
An air-blown ATR is selected, since this reformer provides itself
the needed heat for endothermic steam methane reforming reaction, without the need of extra fuel combustion for heat generation
like in SMR. Use of ATR provides higher percent of CO2 recovery in comparison with SMR; as the CO2 partial pressure in the
furnace exhaust of SMR is low, its CO2 recovery is relatively uneconomic for capture purpose (Damen et al., 2006). Moreover, using
air as the oxidant has the feature of producing diluted mixture of
hydrogen and nitrogen, which can be used directly as fuel in commercial technology of diffusion burners in gas turbine (Mansouri
Majoumerd et al., 2012). Use of air is signiﬁcantly cheaper than
O2 from cryogenic air separation units, which is the current state
of the art technology for large-scale O2 production. In contrast to

air-blown ATR, O2 -blown system results in smaller downstream
equipment leading to reduced cost of materials despite of high capital investment and energy consumption of this unit (Nord et al.,
2009; Kanniche et al., 2010). However, in terms of plant’s footprint,
the one with air-blown system requires less area, because there is
no air separation unit. Though, it is beyond the scope of the current work, oxygen-blown ATR systems could be considered as an
alternative to air-blown units. Note that performing comparisons
between oxygen and air-blown ATR units as well as H2 production using SMR and ATR systems is within our on-going research
activities of the authors and the results will be published in near
future.
The stream exiting from PR enters the ATR. The combination
of the extracted air from the GT compressor discharge stream and
a pressurized air from a supplementary compressor provides the
required air for the ATR. In ATR, the exothermic reaction (2) provides the heat required for the consequent endothermic reaction
(3).
CH4 +

1
O2 (g) → CO + 2H2 ,
2

CH4 + H2 O(g) → CO + 3H2 ,

0
H298
= −36 kJ/kmol

(2)

0
H298
= 206 kJ/kmol

(3)

In order to avoid high methane slip from being converted to
synthesis gas, the reformers operate at medium pressure of 15 bar.
The raw syngas is then cooled and enters to water-gas shift reactors,
where signiﬁcant amount of CO is converted to CO2 according to
the following reaction:
CO + H2 O(g) → CO2 + H2 O,

0
H298
= −21 kJ/kmol

(4)

Lower temperatures are thermodynamically favorable for reaction
(4) as an exothermic reaction. For efﬁcient conversion of CO to CO2 ,
a setup of two reactors in series is considered, consisting of a high
temperature (HT) reactor (350 ◦ C) followed by a low temperature
(LT) one (193 ◦ C).
2.4. CO2 separation and compression
The outlet stream of the water-gas shift reactor is at pressure and temperature of 13.3 bar, 226 ◦ C, respectively and rich
in H2 (37.2 mol%) and CO2 (14.5 mol%) with other constituents
(4709 kJLHV /kg). It is cooled to 35 ◦ C before entering CO2 separation
subsystem. A chemical absorption unit based on methyl di-ethanol
amine (MDEA) is applied that captures approximately 90% of the
inlet CO2 . The solvent has been selected based on the available
literature on CO2 capture solvent (Meerman et al., 2012). As the
partial pressure of CO2 from the air-blown ATR system is moderate, it is more efﬁcient to utilize chemical solvents than physical
solvents. Some important advantages of MDEA compared to other
chemical solvents are its lower required energy for solvent recovery, lower corrosiveness and higher chemical stability (Meerman
et al., 2012). However, physical absorption systems based on Rectisol and Selexol are also commercially used in many hydrogen plants
(Kohl and Nielsen, 1997) but they have not been considered in the
process design. In order to alternate the CO2 capture section, it
is essential to modify the process design and heat recovery systems as well. Therefore, with regard to the focus of this study, i.e.
the co-generation aspects of the system, the overall design is kept
constant.
The solvent is regenerated in two steps, a ﬂash drum and a stripper. First, the dissolved light compounds are separated by dropping
the pressure to 7 bar in the ﬂash drum which are returned to the
absorption column. The solvent is then regenerated by reducing
pressure near to atmospheric pressure and increasing temperature
using a heat exchanger to heat up the rich amine stream by hot lean
amine stream coming from a steam reboiler. The steam needed in
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Table 1
Various investigated case studies.

Product
Energy input (MWLHV )
Power supply
CO2 vented/captured

Ref. Case

Case-1

Case-2

Case-3

Case-4

Case-5

H2
1200
Imported from conventional NGCC
Vented

H2
1200
Imported from conventional NGCC
Captured

H2
1200
Self-powered
Captured

H2 and E
1200
Co-generation
Captured

H2 and E
1517
Co-generation
Captured

H2 and E
1800
Co-generation
Captured

the reboiler is provided by extracting a low-pressure steam from
the low-pressure (LP) steam turbine. The captured CO2 , with 99%
purity, is then sent to the compression section where the gas is
pressurized from atmospheric pressure to 90 bar in a ﬁve compressor/intercooler stages. To reach the exit pressure of 110 bar, a pump
is utilized after the last compression stage.
In hydrogen plants, it is possible to use PSA without separating
CO2 at earlier stages. As in the present process, the hydrogen production system is designed for air blown-ATR reactor; therefore, a
large amount of nitrogen is carried by process streams. To decrease
the size and cost of PSA unit, the option of separating CO2 before
hydrogen puriﬁcation unit has been considered also for the Ref.
case without CO2 capture.

2.5. Hydrogen puriﬁcation
The whole decarbonized stream with a composition of 50%
(molar percent) H2 and 48% N2 (other 2% is CO, CO2 and H2 O)
leaving the CO2 separation subsystem is delivered to hydrogen
puriﬁcation unit in the Ref. Case and Case 1. However, for cogeneration cases (Cases 2–5) the stream is divided into two parts:
one portion goes to the hydrogen puriﬁcation unit and the other
one goes to the GT combustor. The ratio between the two streams
is determined by the gas turbine fuel ﬂow requirement.
Hydrogen is puriﬁed by pressure swing adsorption unit with
85% H2 recovery. It is necessary to keep the inlet H2 molar fraction
at greater than 50% to make the PSA unit economically favorable.

Fig. 1. Schematic diagram of H2 and electricity co-generation system with pre-combustion CO2 capture
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This requires recycling part of the puriﬁed hydrogen to the feed
stream. Hydrogen is recovered in the process pressure (12.5 bar)
and is compressed to pressure of 30 bar for downstream applications. Large amount of nitrogen carried by the inlet air to the ATR,
produces a purge gas in PSA with heating value of around 1.2 MJ/kg.
The purge gas has low pressure and low heating value; therefore,
it is not economically feasible to use it as GT fuel due to the high
electricity demand for its compression up to the combustor pressure (Chiesa et al., 2005). However, the purge gas stream is slightly
compressed to be combusted in the HRSG to generate more steam.
2.6. Power generation
In the cases where hydrogen is the only product, power is generated in steam cycle using the high pressure steam produced by
heat recovery from hot process streams, including hot streams exiting ATR and WGS reactors. In these cases, steam is also produced by
combusting PSA purge gas. The total produced high-pressure steam
is entered to triple pressure steam cycle. The required steam in synthesis gas production and CO2 separation subsystems are provided
by extracting steam from proper locations, i.e. HP and LP stages of
steam turbine, respectively. The extra amount is used for power
generation in steam turbine. It is worth noting that the power generated in these cases is not enough to meet the power demands in
the process, hence, it is necessary to import power.
In co-generation cases, the second portion of H2 -rich stream
described in Section 2.5 is compressed and fed to the gas turbine combustor. The fuel is N2 -diluted hydrogen to be able to
operate with the available diffusion ﬂame burner technology in
the gas turbine. Power cycle in co-generation cases consists of a
H2 -ﬁred SGT-800 turbine (pressure ratio of 20.8:1) and a triple
pressure steam cycle. The steam bottoming cycle is considered
with pressure levels of approximately 83/10/3 bar from Nord et al.
(2009) designed process, for the high, medium, and low pressures
(HP/MP/LP), respectively. Heat recovery has been considered as
explained previously. Steam is extracted from HP steam turbine
for PR while it is extracted from LP steam turbine for reboiler of
CO2 stripper.
3. Methodology and model assumptions
The simulation assumption and validation are presented in Section 3.1. Economic assessment of the studied cases is then carried
out based on the simulation results and realistic assumptions, listed
in Section 3.2. Finally, various techno-economical-environmental
indicators are deﬁned in Section 3.3 to analyze the system performance from different perspectives.
3.1. Process simulation
The described process in Section 2 is modeled using Aspen
Plus software tool (2007). The Peng–Robinson equation of state
is used for different subsystems including natural gas reforming,
power generation, PSA and CO2 compression. Simulation of CO2
absorption unit based on amine solvent is performed in electrolyte
environment using Electrolyte-NRTL activity coefﬁcient model. The
solvent kinetics is based on four reactions (5)–(8):
MDEA+ + H2 O ↔ MDEA + H3 O+
+

−

(5)

2H2 O ↔ H3 O + OH

(6)

CO2 + 2H2 O ↔ H3 O+ + HCO3 1−

(7)

HCO3 1− + H2 O ↔ H3 O+ + CO3 2−

(8)

Combustion chamber, PR and ATR are simulated using RGibbs
reactor model while REquil reactor model is used for HT-WGS and

Table 2
Simulation assumptions.
Natural gas composition (mol.%)

86% CH4 , 8% C2 H6 , 3% C3 H8 ,
1% CO2 , 1% N2

Synthesis gas production
Pre-reformer steam to carbon ratio
ATR air to methane ratio
Water–gas-shift reactor inlet temperature

1.7 (molar)
3.3 (molar)
HT (350 ◦ C), LT (193 ◦ C)

CO2 separation
CO2 absorbing temperature
Absorber/stripper stages
MDEA concentration in the solution
Rich solution CO2 loading
Stripper reboiler pressure and Tmin
Flash drum pressure
CO2 capture ratio
Pump hydraulic/mech.–electric efﬁciency

35 ◦ C
18/4
42 wt%
0.52 (mol CO2 /mol MDEA)
2.5 bar, 5 ◦ C
7 bar
90%
82/97%

CO2 compression
CO2 compression intercooled stages
Last compressor stage outlet pressure
Liquid CO2 ﬁnal pressure
Pump mechanical/electrical efﬁciency

5
90 bar
110 bar
82/97%

Hydrogen puriﬁcation
PSA H2 recovery ratio
PSA purge gas pressure
H2 product compression pressure

85%
0.4
30 bar

Heat recovery and power generation
Heat recovery steam pressures
Tmin in EC/EV/SH
HP/MP/LP superheat temperature
Steam turbine efﬁciency
Condensing pressure
Flue gas exhaust temperature

83/10/3
5 ◦ C/10 ◦ C/20 ◦ C
550 ◦ C/550 ◦ C/224 ◦ C
85% (mech.)/95%
(generator elec.)
0.05 bar
120 ◦ C

LT-WGS reactors. The PSA subsystem is simulated as black box
using component splitter model in Aspen Plus. Main assumptions
of simulations are summarized in Table 2.
3.1.1. Gas turbine model validation
A simple gas turbine model is used in simulations with assumptions given in Table 3. The combustion chamber is simulated by
RGibbs model and the GT expander and compressor are simulated
by in-built compressor model of Aspen Plus. Simulated GT model is
validated with regard to gas turbine performance available in (Gas
Turbine World, 2012). Considerable amount of compressed air is
extracted from different stages of the compressor for turbine cooling purposes in heavy-duty gas turbines. However, the amount and
the location of extraction depend on many design factors such as
turbine inlet temperature and limits for turbine blades wall temperatures which are not typically reported in turbine catalogs. The
turbine cooling stream data is available for SGT5-4000F from personal communication, which shows that totally around 25.8% of
the air inlet mass ﬂow is extracted from different stages for cooling
purpose. This value was assumed in this study for SGT-800 turbine
cooling system. It is also assumed that the air cooling stream is
extracted entirely from the last stage of the air compressor; however, in practice the cooling streams are extracted from different
stages of it. The viability of this assumption is examined by comparing the performance characteristics of the reported values with
calculated ones, as shown in Table 4. The simulation values are
well matched to the reported values of gross power output, efﬁciency and turbine outlet temperature, which are amongst the most
important factors in evaluation of the overall integrated process
performance.
In this study, the hydrogen rich-fuel (50% H2 , 46% N2 and 4%
other compounds in molar base) is used as the GT fuel; therefore,
the turbine performance is also evaluated and reported for this
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Table 3
Gas turbine (SGT-800) simulation assumptions.
Parameter

Value

Parameter

Value

Ambient pressure/temperature
Ambient temperature
Relative humidity
Compressor inlet air ﬂow rate
Fuel mass ﬂow rate

1.013 bar
15 ◦ C
60%
131.36 kg/s
2.64 kg/s

Fuel composition
Air cooling ﬂow
Compression ratio
Comp. isentropic/mechanical efﬁciency
Turbine isentropic/mechanical efﬁciency

100% CH4
25.8% of total compressor inlet air ﬂow
20.8:1
89%/98%
91%/98%

Table 4
Comparison of gas turbine (SGT-800) performance with reported nominal values and H2 -rich fueled gas turbine performance.
Parameter

Gross power
Efﬁciency
Turbine outlet temperature

Natural gas

H2 -rich

Reported in Gas Turbine World (2012)

Calculated

Relative error

Calculated

50.5 MW
38.3%
553 ◦ C

50.6 MW
38.33%
553 ◦ C

+0.2%
+0.1%
0

74.2 MW
42.23%
580 ◦ C

Table 5
CO2 separation model validation.
Input conditions
CO2 percent in feed
Feed ﬂowrate
MDEA concentration in solvent
Solvent ﬂowrate
Inlet temperature
Column pressure

10%
48.2 kmol/h
3 kmol/m3
4.8 m3 /h
24 ◦ C
101.3 kPa

CO2 separation performance
Experiment from Aroonwilas and Veawab (2004)
Simulation
Relative error

15%
14.8%
1.3%

fuel in Table 4, using the same assumptions reported in Table 3.
Note that diluted hydrogen fuel can be used in currently available
gas turbines with the diffusion ﬂame burner; however, there is
no experimental report on this fuel, despite of its application in
a number of industries reviewed by Wu et al. (2007).
3.1.2. CO2 absorption model validation
The simulation results of CO2 absorption are validated with the
experimental data reported by Aroonwilas and Veawab (2004). The
separation performance in both simulation and experiment is compared in Table 5 using the same input conditions. This comparison
shows that the percent of separation is predicted with relative error
of 1.3%. It should be noted that the data presented by Aroonwilas
and Veawab (2004) are based on a post-combustion system. This
validation data was mainly selected due to the lack of appropriate
experimental data from pre-combustion capture pilots. Despite the
error associated with the different operating conditions in the studied cases of the current work and the selected experimental setup,

note that absorption using chemical solvents (like MDEA solvent) is
less inﬂuenced by the operating pressure than using physical solvents. Moreover, the small error between the simulation results
and the experimental data veriﬁes that the model has no intrinsic
error.
3.2. Cost estimation
The economic assessment consists primarily of estimations of
investment costs, ﬁxed and variable operation and maintenance
costs and fuel costs, based on which the product levelized cost is
calculated. The CAESAR project bottom-up approach has been followed for the economic assessment, which attributes novel cycles
with carbon capture against the reference plants without carbon
capture (CAESAR, 2011). Each main equipment/subsystem purchase and installation costs have been calculated based on Eq. (9) as
a function of a scaling parameter of relevant equipment from design
parameters or process simulation. The appropriate scaling parameters for each component or subsystem have been extracted from
functions reported in the literature (Kreutz et al., 2005; Manzolini
et al., 2013; Gas Turbine World Handbook, 2013), as summarized
in Table 6.
C = C0

 S f

(9)

S0

Total direct plant cost (TDPC) is the sum of the equipment and
installation costs. The indirect costs (IC) are ﬁxed at 14% of TDPC,
including the costs for the yard improvement, service facilities and
engineering costs. By adding these two cost groups, i.e. TDPC and IC,
engineering, procurement and construction (EPC) cost is obtained.
The contingencies are ﬁxed at 15% of total EPC cost. All the capital and investment costs are adjusted to the price level of 2013,

Table 6
Cost data for major plant components/subsystems.
Equipment

Scaling parameter (unit)

Ref. cost

Ref.
parameter

Capacity
factor

Ref. yeara

Data source

SGT-800
HRSG
Steam cycle (ST+ condenser)
Air compressor
ATR &PR reactors
WGS reactors and heat exchangers
MDEA CO2 separation
CO2 drying and compression
Pressure swing adsorption
Purge gas compressor

Net power (kW)
Surface area (m2 )
Gross power (MW)
Compression power (MW)
LHV of inlet stream (MW)
LHV of reactors outlet stream (MW)
CO2 captured ﬂow (kg/s)
Compression power (MW)
Purge gas ﬂow (kmol/s)
Compression power (MW)

338 $/kW
68.5 M$
59.2 M$
14.77 MD
47.75 MD
3.71 MD
68.2 M$
14.8 M$
7.1 M$
6.28 M$

–
225,000
136
47.61
400
815.2
46.14
13
0.294
10

–
0.67
0.67
0.67
0.7
0.67
0.8
0.67
0.74
0.67

2013 US$
2002 US$
2002 US$
2008 D b
2008 D b
2008 D b
2008 D b
2002 US$
2002 US$
2002 US$

Gas Turbine World Handbook (2013)
Kreutz et al. (2005)
Kreutz et al. (2005)
Manzolini et al. (2013)
Manzolini et al. (2013)
Manzolini et al. (2013)
Manzolini et al. (2013)
Kreutz et al. (2005)
Kreutz et al. (2005)
Kreutz et al. (2005)

a
b

In order to bring all costs to the base year of 2013, Chemical Engineering Plant Cost Index of 395.6, 575.4 and 567.3 are used for 2002, 2008 and 2013, respectively.
Euro to US dollar conversion factor is assumed to be 0.74 reported for October 2013 in www.xe.com (accessed 12.05.14).
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hydrogen, respectively. In addition, ṁH2 and ṁNG are the mass ﬂow
rates of natural gas and hydrogen, respectively.

Table 7
Assumptions for economic analysis.
Base year
Life time
Construction period
Finance allocation fraction
Discount factor
Operating hours at nominal load
Indirect cost
Contingencies
Operation and maintenance costs
Variable non-fuel O&M
Fixed O&M
Capital charges
Fuel cost
Electricity price

2013
25 years
3 years
40% in ﬁrst, 30% in second and third years
8%
7500 h
14% of total direct plant cost
15% of EPC cost
1% annual capital investment
5% annual capital investment
18% annual capital investment
7 US$/GJ (3–15 US$/GJ)
70 $/MWh (40–160 US$/MWh)

using Chemical Engineering Plant Cost Index (CEPCI) (Chemical
Engineering, 2015). It is assumed that the plant construction takes
three years with annual ﬁnance allocation of 40%, 30% and 30%
in the ﬁrst, second and third years of construction, respectively.
Operation and maintenance (O&M) costs are estimated based on
hydrogen cost report published by United States National Renewable Energy Laboratory (Simbeck and Chang, 2002). The operation
costs are divided into three categories, i.e. variable non-fuel O&M
costs, ﬁxed O&M costs and capital charges, each having 1%, 5% and
18% of annual capital investment, respectively. The main assumptions of this economic analysis are given in Table 7.
Electricity unit price has been calculated using Eq. (10) as a function of natural gas price which is developed for this study from the
average investment and operation cost data for a utility scale natural gas combined cycle (580 MW, 51 LHV%, 7500 h/yr) reported
by EIA (2013). The base case natural gas price is assumed to be 7
US$/GJ, which results in the electricity price of 70 US$/MWh using
Eq. (10).
COE ($/kWh) = 141.37 × N.G. price ($/GJ) − 2.92

(10)

The revenue from extra electricity sales in co-generation cases
is assumed to be negative cost in overall cost calculation. The electricity purchase and selling prices are assumed to be equal, so that
in co-generation cases, the surplus of generated power is sold in
the same price, proportional to the natural gas price. Two sets of
sensitivity analyses have been performed to clarify the effect of
fuel and electricity prices on the economics of each case. In the
ﬁrst set, natural gas price is varied in the range of 3–15 US$/GJ,
while the electricity price has been calculated by Eq. (10), and in the
second set, the electricity price is changed in the range of 40–160
US$/MWh, at ﬁxed natural gas price (i.e. 7 US$/GJ).
3.3. Techno-economic-environmental indicators
To compare the studied cases, a number of techno-economic
and environmental indicators have been deﬁned in Eqs. (11)–(13).
The electricity and hydrogen production efﬁciencies are deﬁned in
Eqs. (11) and (12), respectively. In total efﬁciency Eq. (13), the net
electricity export is replaced by an equivalent amount of natural
gas energy required for generating the same amount of electrical energy from a benchmarked natural gas combined cycle power
plant with efﬁciency of 58.4%. Hence, this efﬁciency indicated the
ratio of equivalent heating values of hydrogen and equivalent electricity to primary energy input to the plant (in this equation both
the nominator and denominator are the lower heating values). It
is notable that the total efﬁciency is equal to hydrogen efﬁciency
for Ref. Case and Case-1. In these equations E+ and E− are imported
electrical power and net exported electrical power, respectively.
LHVNG and LHVH2 are lower heating values of natural gas and

e (%) =

E−
ṁNG × LHVNG + (E + /0.584)

H2 (%) =
tot (%) =

ṁH2 × LHVH2
ṁNG × LHVNG + (E + /0.584)
ṁH2 × LHVH2 + (E − /0.584)
ṁNG × LHVNG + (E + /0.584)

(11)
(12)

(13)

As economic indicators, cost of hydrogen production (COH) and
CO2 avoidance cost are deﬁned in Eqs. (14) and (15). SE is the
speciﬁc CO2 emission – the net mass CO2 emission per energy
equivalent product (kg CO2 /MWhH2-E ). For Ref. Case and Case-1 SE
includes the carbon footprint of the imported electricity. Speciﬁc
primary energy consumption for CO2 avoided (SPECCA) is deﬁned
in Eq. (16). In these calculations, hydrogen plant with CO2 venting
is assumed as the Reference Case.
COH ($/GJH2 ) =

EPC + O&M + fuel + elec. + cont.
H2 product

(14)

COH − COHref
SEref − SE

(15)

Cost of avoided CO2 ($/ton CO2 ) =
SPECCA (MJ/ton CO2 ) =

(1/tot ) − (1/ref )
SEref − SE

(16)

4. Results and discussion
Pre-combustion carbon capture hydrogen and electricity cogeneration systems with different H2 to power ratios have been
evaluated as a low cost clean power generation alternative. The
techno-economic indicators of the studied cases are reported in
Table 8.
The results show that additional power import to system for CO2
compression in Case-1 reduces the hydrogen efﬁciency by 2% compared to Ref. Case with CO2 venting; while power co-generation
in the system reduces efﬁciency penalty to 0.5–1% in Cases 2–5.
CO2 speciﬁc emission shows a signiﬁcant drop from 285.4 kg
CO2 /MWhH2-E in the Reference Case to around 22 kg CO2 /MWhH2-E
in the studied co-generation cases with carbon capture rate of 90%
(i.e. Cases 2–5). It is notable that speciﬁc emission in Case-1, which
also includes emissions related to imported power, is greater than
in Cases 2–5. As a result, power co-generation serves the system by
increasing its total efﬁciency and consequently causes lower speciﬁc emission. The same trend is apparent in SPECCA parameter. It
varies from 0.15 to 0.64 MJ/kgCO2 in Cases 1–5. The least SPECCA is
calculated for Case-4 and the most for the Case-1. Comparison of cogenerating cases (Cases 3–5) conﬁrms that the system output does
not have signiﬁcant impact on the system total efﬁciency. It is also
obvious that the product ratio (H2 /power) does not monotonically
improve the system efﬁciency and there is an optimum product
ratio, which co-generates power with the lowest efﬁciency penalty
and speciﬁc emission.
The cost estimation illustrates that due to extra investment
for power subsystem, the hydrogen cost is increased in power
co-generation cases. In other words, electric power import (Case1) is more economic than electricity co-generation in the basic
economic assumptions. Carbon capture from hydrogen plant (Case1) itself increases the hydrogen cost by 5% (from 14.93 to 15.66
US$/GJ) compared to the Reference Case with CO2 venting. Whereas
power co-generation together with CO2 capture increases the
hydrogen cost by 5–8% in Cases 2–5 compared to Reference Case.
Increasing the system output reduces the speciﬁc investment (comparing Cases 3–5) in such a way that hydrogen cost in Case-5 is
near to its value in Case-1; therefore, co-generation at larger scale
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Table 8
Summary of thermodynamic and cost assessment for the studied cases.
Case-1

Case-2

Case-3

Case-4

Case-5

Speciﬁc power consumption/generation (MJ/GJH2 )
−69.3
Air compressor
Fuel compressor
–
Gas turbine
–
113.9
Steam turbine
−34.8
Purge gas compressor
−13.1
H2 compressor
−1.4
MDEA pump
CO2 compressor
–
Net power generation
−4.6

Ref. Case

−69.3
–
–
113.9
−34.8
−13.1
−1.4
−26.4
−31.0

−75.4
−0.9
17.2
138.9
−36.2
−13.6
−1.5
−28.5
0

−77.8
−4.6
88.8
170.8
−33.6
−13.1
−1.7
−31.5
97.3

−75.9
−3.5
67.3
164.4
−34.3
−13.1
−1.5
−29.4
74.0

−75.0
−2.9
55.5
159.9
−34.3
−13.1
−1.5
−29.1
59.4

Technical indicators
H2 product (t/day)
H2 product (MWLHV )
H2 efﬁciency (%LHV)
Power efﬁciency (%LHV)
Total efﬁciency (%LHV)
SE (kg CO2 /MWhH2-E )
SPECCA (MJ/kgCO2 )

591
820.75
68.03%
–
68.03%
285.40a
–

591
820.75
66.00%
–
66.00%
31.73a
0.64

571
793.02
66.08%
0
66.08%
21.3
0.59

497
689.3
57.45%
5.59%
67.02%
22.3
0.3

655
908.96
59.92%
4.44%
67.51%
22.3
0.15

795
1103.14
61.23%
3.64%
67.47%
22.1
0.17

Economic parameters
Speciﬁc investment (US$/kW)
Annual investment (US$/GJH2 )
O&M cost (US$/GJH2 )
Feed cost (US$/GJH2 )
Power purchase cost (US$/GJH2 )
H2 cost (US$/GJH2 )
CO2 avoidance cost (US$/tonCO2 )

1070.9
3.7
0. 9
10.2
0.1
14.9
–

1121.6
3.9
0.9
10.23
0.6
15.7
10.4

1187.7
4.1
1.0
10.6
0.0
15.7
10.5

1362.1
4.7
1.1
12.2
−1.9
16.2
16.7

1320.2
4.6
1.1
11.7
−1.4
15.9
13.6

1253.9
4.4
1.0
11.4
−1.2
15.7
10.1

9.6–27.8
7.5–16.3

9.6–27.8
8.2–15.1

9.9–28.5
12.3–25.2

9.8–28.1
10.6–19.2

9.6–27.8
7.6–15.0

15.7–15.7
11–9

17.0–13.7
28–(−18)

16.5–14.1
22–(−13)

16.2–14.2
17–(−12)

Sensitivity analysis to natural gas priceb (3–15 US$/GJ)
9.0–26.7
H2 cost (US$/GJH2 )
–
CO2 avoidance cost (US$/tonCO2 )

Sensitivity analysis to power purchase or sell price (40–160 US$/MWh)
14.9–15.0
15.4–16.4
H2 cost (US$/GJH2 )
CO2 avoidance cost (US$/tonCO2 )
7–20
–
a

CO2 emission associated to imported power is included in speciﬁc emission calculation as follows:

SEa =
b

(kg CO2 )Case + (kg(CO2 )NGCC /MWh) × E + (MW) kg(CO2 )NGCC
= 360 kg/MWhe
,
MWh product (H2 )
MWh

Note that in this analysis, the power purchase and sell prices are equal and are calculated based on Eq. (10).

hydrogen plants makes CO2 capture economically more attractive. The increase in hydrogen production scale (in the range of
591–795 ton/dayH2 ) does not have a signiﬁcant effect on cost
reduction, by only 3% from Case 3 to Case 5.
Speciﬁc energy consumption in each subsystem indicates that
the compression subsystems are the most energy consuming sections (see Fig. 2). Comparing Case-1 with Reference Case, it is
evident that the total energy consumption per GJH2 is increased
by around 30 MJ due to the parasitic load associated with CO2 compression in the former latter case. It is also shown in Fig. 2 that
the power output from steam turbine is higher than that of gas
turbine for all investigated cases. This is due to the high potential
of heat recovery from hot process streams. Large-scale hydrogen
production provides large amount of process heat recoverable for
steam generation. Share of ST power in the total generated power
increases with higher hydrogen production capacity (Case 4–5 vs.
Case-3).
Speciﬁc investment of the cases with power co-generation is
increased by 5–27% for Cases 1–5 compared to the Reference Case.
The fuel cost (i.e. NG cost) has the greatest share followed by investment, O&M and electricity costs. Since the fuel cost has around
68–75% of the total hydrogen production cost, high sensitivity of
hydrogen cost to NG price is expected. Therefore, natural gas price
is varied in the range of 3–15 US$/GJ (See Fig. 3). Increasing the
natural gas price in the studied range (3–15 US$/GJ) raises the
hydrogen production cost by 190–200%, and the CO2 avoidance cost
by 81–117% for Cases 1–5 vs. Ref. Case. It is shown that natural gas

price has greater impact on the cases with lower total efﬁciency,
i.e. Cases 1 and 2. Due to higher speciﬁc CO2 emission in Case-1,
the greater dependence of CO2 avoidance cost to natural gas price
can be observed for this case.
The electricity cost has the least share in the H2 production
cost for Ref. Case, as it is obvious from Fig. 2. However, its share
is enhanced by increasing the power needs of the plant due to CO2
compression in Case-1. Furthermore, the electricity co-generating
causes growth of electricity cost share as long as electricity is
exported (Cases 3–5). In Case-2 in which electricity is not imported
or exported, electricity price has no impact on hydrogen cost. The
same trend can be observed in Fig. 4a. Increasing the electricity
price increases the income from extra electrical power selling for
power exporting cases (Cases 3–5), which itself reduces the cost of
hydrogen. Fig. 4b displays that if the electricity price is higher than
120 US$/MWh, hydrogen cost is lower in co-generation cases than
in Ref. case and Case-1 with power import. Therefore, higher electricity price favors extra power co-generation and lower hydrogen
to power ratio.
Based on the data reported by OpenEI Transparent Cost Database
(http://en.openei.org/apps/TCDB/), currently, higher electricity
prices are found for renewable power systems with much lower
carbon footprints compared to fossil-based power generation systems. In this database, levelized cost of electricity is estimated to
be 120 US$/MWh for commercial solar photovoltaic technology
with capacity factor of 23% and 200 US$/MWh for offshore wind
power technology with capacity factor of 37%. Comparing these

102

A. Zohrabian et al. / International Journal of Greenhouse Gas Control 44 (2016) 94–103

(a)

250
200
CO2 Compression

150

H2 Compression

100

Purge Gas Compression
50

Air Compression

0

Fuel Compression
Steam Turbine

-50

40

20
10

22.0

20.0
15.7

17.0

16.5

16.2 17.0

13.7

14.1

14.2

11.1

14.9 15.4

9.0

7.0

0

-18.3

-13.0

-11.9

H2 H2 CO2 H2 CO2 H2 CO2 H2 CO2 H2 CO2

-200
Ref.

Ref. Case-1
case

Case-1 Case-2 Case-3 Case-4 Case-5

(a)
20

(b)

Case-2

Case-3

Case-4

Case-5

17

15

16.5
Hydrogen cost ($/GJ)

Hydrogen cost (US$/GJH2)

15.0 16.4

-20

-150

10
5

Electricity
O&M

0

Investment
Ref.

Case-1

Case-2

Case-3

Case-4

Feed

Case-5

-5

(b)
Fig. 2. Speciﬁc power generation/consumption of different subsystems (a), and
hydrogen production composite cost (b) for the investigated cases.
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Fig. 3. Sensitivity of hydrogen and CO2 avoidance costs to natural gas price in the
range of 3–15 US$/GJ. The bullet shows the value where natural gas price is in its
upper limit (15 U$/GJ).

values with the rough intersection amount of 120 US$/MWh (see
Fig. 4b) illustrates that power co-generation in hydrogen plants is
competitive with power generated in renewable systems.
Electricity co-generation in the proposed scheme has the
advantage of low cost CO2 avoidance compared to natural gas combined cycle with post combustion CO2 capture plant (see Fig. 5).
The NGCC power plant speciﬁcations (830 MW, NGCC = 58.3%,
NGCC-CCS = 50.3%) are adopted from Manzolini et al. (2013) to be
compared with the hydrogen and power co-generation cases of
this study. Note that in the study performed by Manzolini et al.,
natural gas price is ﬁxed to 6.6 US$/GJ. Hence, we have recalculated the economic indicators for the same natural gas price (i.e. 6.6
US$/GJ) in the Ref. Case as well as in Cases 1–5. As it is clear from
Fig. 5, deployment of CO2 capture in hydrogen plants increases the

Fig. 5. Cost comparison of studied cases with NGCC with and without CO2 capture
(in 2013 US$).

hydrogen production cost only a few percent (5–8% in Cases 1–5).
However, the same amount of CO2 emission reduction in power
plants, even by the cheapest available method of post combustion
capture, increases the electricity cost signiﬁcantly (28%). Therefore, CO2 avoidance cost in this NGCC power plant is about 73–83%
greater than in Cases 1–5. High efﬁciency penalty in power plants
(around 8% in study of Gazzani et al. (2013)) compared to Cases 1–5
(around 0.5–2%) all equipped with amine scrubbing systems leads
to signiﬁcantly higher CO2 avoidance cost in power plants than in
hydrogen or H2 -electricity co-generation cases. The current study
conﬁrms that high energy efﬁciency in co-generation plants – with
hydrogen as the main product – provides the opportunity for power
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generation with low carbon capturing cost, which is signiﬁcantly
more economically attractive than CO2 capture in NGCC plants. This
is an initial comparison to evaluate aforementioned options of low
cost power co-generation in natural gas-based hydrogen plants,
although a systematic approach is needed to make more reliable
results in future studies.
5. Conclusion
This study is devoted to investigate pre-combustion carbon
capture in hydrogen and electricity co-generation system from a
techno-economic point of view as a low cost clean power generation route. An integrated conﬁguration of hydrogen and power
generation has been selected based on previous works with modiﬁcations in the power cycle and heat recovery system. It has been
thermodynamically modeled using Aspen Plus software. The plant
costs are assessed in MS. Excel environment.
The study indicates that hydrogen and power co-generation system is a promising solution to low cost clean power generation.
The results illustrate that electricity co-generation is more energy
efﬁcient than electricity import from the grid to large scale hydrogen plant with CO2 capture; consequently, lower speciﬁc emissions
are attributed to co-generation cases (22 kg CO2 /MWhH2-E ) than
electricity imported hydrogen plant with CO2 capture (31.7 kg
CO2 /MWhH2 ) – i.e. Case-1.
In studied co-generation cases with CO2 capture, clean power
can be generated using the H2 -rich fuel with the CO2 avoidance cost
of 10–17 US$/tCO2 . This is 73–83% lower than CO2 avoidance cost
in a large-scale natural gas combined cycle with post-combustion
carbon capture. Power co-generation in hydrogen plants becomes
more affordable in larger scale hydrogen plants, where hydrogen
share in products is dominant.
The sensitivity analysis of hydrogen cost versus natural gas
and electricity prices approves that in some economic conditions
hydrogen and power co-generation can be attractive. Electricity
price has substantial impact on economics of co-generation systems such that increasing electricity price to more than around
120 $/MWh favors hydrogen and power co-generation rather than
power import to hydrogen plant. In this situation, power can be
co-generated from clean hydrogen, which is economically competitive with renewable power systems. The comparison between
CO2 avoidance cost in the studied cases and natural gas combined
cycle show that low cost CO2 emission reduction potential exists in
hydrogen plants. Furthermore, hydrogen and power co-generation
with high H2 to power ratio has great prospective for clean power
generation with relatively lower carbon avoidance cost.
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This paper analyzes the fundamentals of IGCC power plants where carbon dioxide
produced by syngas combustion can be removed, liquefied and eventually disposed, to
limit the environmental problems due to the "greenhouse effect." To achieve this goal, a
semiclosed-loop gas turbine cycle using an highly-enriched C02 mixture as working fluid
was adopted. As the oxidizer, syngas combustion utilizes oxygen produced by an air
separation unit. Combustion gases mainly consist of C02 and H20: after expansion, heat
recovery and water condensation, a part of the exhausts, highly concentrated in C02, can
be easily extracted, compressed and liquefied for storage or disposal. A detailed discussion about the configuration and the thermodynamic performance of these plants is the
aim of the paper. Proper attention was paid to: (i) the modelization of the gasification
section and of its integration with the power cycle, (ii) the optimization of the pressure
ratio due the change of the cycle working fluid, (Hi) the calculation of the power
consumption of the "auxiliary" equipment, including the compression train of the separated C02 and the air separation unit. The resulting overall efficiency is in the 38-39
percent range, with status-of-the-art gas turbine technology, but resorting to a substantially higher pressure ratio. The extent of modifications to the gas turbine engine, with
respect to commercial units, was therefore discussed. Relevant modifications are needed,
but not involving changes in the technology. A second plant scheme will be considered in
the second part of the paper, using air for syngas combustion and a physical absorption
process to separate C02 from nitrogen-rich exhausts. A comparison between the two
options will be addressed there.

1 Introduction
The increasing concern about climatic changes, due the dispersion in the atmosphere of "greenhouse" gases produced by human
activities,, poses a formidable challenge to the power industry.
Fossil fuels will remain the largest source of primary energy for
many decades, according to any reasonable long-term projection.
Therefore, carbon dioxide will be largely produced in the future,
but its dispersion to the atmosphere can be avoided, provided that
it is separated from other combustion products, collected and then
ducted to underground storage or to deep sea for absorption. This
objective can be pursued by various processes, all requiring a
substantial amount of energy (thus reducing the conversion efficiency) and of additional equipment (thus increasing costs). Most
studies (including the present paper) were devoted to coal-fired
power stations, because coal is (i) the most widely used fossil fuel
for power generation, (ii) the most abundant in terms of worldwide
resources, (iii) a large C0 2 producer, if compared to natural gas.'
Three methodologies have been proposed up to now:
—

removal of C0 2 from exhausts of conventional power stations, for instance by means of ammine chemical absorption
(Smelseret al., 1991), cryogenic distillation (U.S. Department

Coal produces about 0.35 kg of C 0 2 per kWh of thermal energy (a correct value
depends on its actual composition), a figure 70 percent higher than natural gas. In
terms of electricity the difference is larger due the higher conversion efficiency
obtainable by combined cycles versus steam plants,
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of Energy, 1993), membrane separation (Van der Sluijs et al.,
1992)
— coal gasification followed by catalytic shift, producing C0 2
and H2 from CO and H 2 0: therefore, C0 2 can be separated by
relatively low-cost physical absorption systems before being
ducted to the gas turbine, which essentially uses hydrogen as
fuel (Schiitz et al., 1992; Chiesa and Consonni, 1999)
— cycles using enriched C0 2 mixtures as working fluid, usually
employing pure oxygen as oxidizer: in this case, after condensation of water produced by combustion, the remaining
working fluid is essentially carbon dioxide which can be
easily removed and disposed (De Ruyck, 1992; Mathieu and
DeRuyck, 1993; Ulizar and Pilidis, 1996, 1997; Chiesa and
Lozza, 1997b). Oxygen combustion can be also applied to
conventional boilers (Nakayama et al., 1992)
At present, little information is available to fully understand the
merits and the drawbacks of each solution. However, according to
McMullan et al. (1995), solutions based on gasification and gas
turbine-derived cycles are of particular interest. This paper, divided into two parts, will consider two plant configurations: the
first one (part A) fully belongs to the third group exposed above,
while the second one (part B), using air as oxidizer rather than
oxygen and including a physical absorption system to remove C0 2
from moderately enriched exhausts, represents a connection point
between the two latter concepts.
The latter plant scheme represents a novel proposal, the former
has already been addresses by some of the authors quoted above.
We will consider here the power cycle, the complete gasification
process, the oxygen production, and the C0 2 separation and compression as a whole, accounting for their interactions. Therefore,
we will be able to assess the overall coal-to-electricity conversion
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Fig. 1 Conceptual overview of the semiclosed cycle here analyzed, with
oxygen combustion

efficiency, in power plants producing C0 2 as a separated stream,
available for disposal without further energy expenses.

2 Conceptual Plant Configuration
To better understand the cycle concept here referred (semiclosed cycle with oxygen combustion), let's first consider Fig. 1,
showing a very simplified scheme. The blocks of the figure perform the following tasks:
—

a complete coal gasification section produces clean syngas
from coal under the "usual" conditions of an IGCC plant:
therefore, this block consists of a coal treatment plant, a
gasifier, a syngas cooling system, and various syngas filtering
devices (wet scrubbing, acid gas removal, sulfur plant)
— syngas is burned into the gas turbine combustor using oxygen
as the oxidizer: combustion products mainly consist of C0 2
and H 2 0
— after turbine expansion and heat recovery steam generator
(feeding the steam cycle), combustion gases are cooled to
remove H 2 0 by condensation: the remaining stream is almost
pure C0 2 (about 90 percent mass fraction)
— part of this stream, such to conserve the mass balance of the
cycle, exits the power cycle; the remainder is recycled, after
compression, as a diluting agent to gas turbine combustion
— the stream removed from the cycle is compressed up to
liquefaction of C0 2 , rendering it available for storage or
disposal
— oxygen necessary to gasification and to syngas combustion is
produced by a double-column air-separation-unit (ASU)
Carbon dioxide is the main component of the cycle working
medium: the virtual absence of nitrogen in the combustion process
leads to negligible NO, formation, while sulfur is very efficiently
captured in the IGCC process. Therefore, being C0 2 sequestrated,
the plant is virtually free of any kind of air pollution.
Before addressing with more detail the plant configuration,
let us recall briefly the main features of the method of calculation used for predicting the on-design overall performance
and the energy balance of the plant. It was described in previous
papers, with reference to the gas turbine model (Macchi et al.,
1991; Consonni, 1992), the steam plant model (Lozza, 1990),
and the system used to analyze gasification processes (Lozza et
al., 1996). Its main features are (i) capability of reproducing
very complex plant schemes by assembling basic modules, such
636 / Vol. 121, OCTOBER 1999

as turbine, compressor, combustor, steam section, chemical
reactor, heat exchanger, etc., (ii) built-in correlations for efficiency prediction of turbomachines, as a function of their
operating conditions, (iii) built-in correlations for predicting
cooling flows of the gas turbine, and (iv) calculation of gas
composition at chemical equilibrium. A peculiarity of the
present method is its ability to reproduce a whole IGCC process
in a single computer run, without any need of "matching"
results coming from different computational tools: it enables
the possibility of studying heavily integrated processes and of
performing a complete second law analysis of the entire plant.
To preserve this peculiarity, a new module was added to consider the compression of a gas mixture in which C0 2 is treated
as a real gas (including phase change). Therefore, ideal gas
behaviour is assumed for all gaseous species, with the exceptions of water/steam in the steam cycle module and of carbon
dioxide during its final compression and liquefaction. More
details are given in 3.4.
The assumptions used for calculating the performance of the
various components are fully reported in a recent paper (Chiesa
and Lozza, 1997a). During the next chapter, we will recall and
discuss the most important assumptions for each plant section.

3 Detailed Plant Description and Assumptions
Once discussed the basics, a deeper understanding of the plant
configuration is necessary to perform a comprehensive thermodynamic analysis. Figure 2 provides a complete overview of the
various plant sections and of their interaction. Let us now discuss
the arrangement of the various blocks, by outlining the main
assumptions necessary to calculate their performance.
3.1 Air Separation Unit. We will refer to conventional
ASU processes, consisting of an air intercooled compressor (exit
pressure was assumed as 4.8 bar, according to Rao (1993), compatible with a 95 percent oxygen purity in large plants) and of a
double separation column providing gaseous nitrogen (dispersed to
the ambient) and gaseous oxygen at near-atmospheric pressure.
Oxygen must be compressed before being used: we stipulated a
maximum oxygen temperature of 340°C,2 so the compression has
to be partly intercooled. Due to the large oxygen requirement, the
air compressor is directly driven by the gas turbine, to save
expensive electric machinery and related power losses. Other ASU
arrangements, sometimes found in IGCC plants (Smith et al,
1996), making use of compressed air from the gas turbine compressor, are not feasible here, due to the lack of oxygen in the cycle
working fluid. The air compressor efficiency is relevant to the
overall power balance: being its volume flow compatible with
axial multi-stage machines, the general correlation for compressor
polytropic efficiency estimation developed by the authors (Chiesa
et al., 1995) was used.
3.2 Gasification Section. In this paper we will refer to an
entrained-flow slurry-feed gasifier, reproducing the Texaco technology. Coal used is Illinois #6, with 3.4 percent sulfur content.
The thermal input to the plant was set to 900 MWlh (36.25 kg/s of
coal with LHV = 24.826 MJ/kg). Gasification pressure and temperature were assumed of 60 bar and 1600 K. Oxygen supply was
calculated to actually obtain such a temperature with a gas composition imposed by the chemical equilibrium, considering a
water/coal ratio in the slurry of 0.323. Raw syngas is cooled by
radiative-convective syngas coolers, producing high pressure saturated steam and high temperature feedwater, the latter partly used
to rise the temperature of clean syngas before combustion. Raw
syngas is therefore cleaned by a wet scrubber. Low temperature
The higher the temperature of oxygen for both combustion or gasification, the
lower the fuel consumption to obtain the same combustion products. This overrides
the larger compression work, increasing the cycle efficiency. However, a conservative
value of oxygen temperature was stipulated to reduce hazards and risks of material
corrosion.
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Complete plant configuration of the semiclosed cycle with oxygen combustion here discussed

heat is recovered from syngas for various purposes (feedwater
heating, make-up water heating, low pressure steam generation).
Acid gases are removed from near-ambient temperature syngas
and then treated to produce sulphur by means of processes well
known in the IGCC practice. Clean syngas is preheated by the
above quoted feedwater supply and therefore expanded, depending
on the combustion pressure. Details on the calculation method and
on the assumptions (heat exchangers effectiveness, pressure and
thermal losses, etc.) have been quoted in previous papers (Lozza et
al, 1996; Chiesa and Lozza, 1997a).
For this application, we did not consider any fuel dilution
strategy for NOA abatement (i.e., by moisturization or by nitrogen
addition) due to the very low nitrogen concentration in the combustion region.
3.3 Power Plant. A semiclosed-cycle gas turbine is the key
machine. Assumptions regarding its performance prediction (i.e.,
compressor and turbine polytropic efficiency, coolant requirement
and cooled expansion modelization, pressure losses, etc.) have
been calibrated during previous works (Macchi et al., 1991; Chiesa
et al, 1995; Chiesa and Lozza, 1997a) to accurately reproduce the
performance of modern gas turbines. We will make here reference
to the today's proven technology of "F" industrial gas turbines: in
particular, a TIT of 1280°C was stipulated for all considered
solutions. In those conditions, a comparison between manufacturers' data and our predictions (with natural gas as fuel) shows a
Journal of Engineering for Gas Turbines and Power

very close agreement,1 confirming the reliability of the correlations
when applied to open cycles.
We supposed here that the change of the working fluid will not
affect the validity of the correlations used for calculating turbomachinery polytropic efficiency and cooling requirements of the
hot parts of the turbine (Consonni, 1992; Chiesa et al, 1995). To
be more clear, this does not mean that cooling flows and efficiencies remain constant between open and semiclosed cycle: the
parameters governing the correlations are recalculated according
to the actual values of volumetric flow, transport properties, etc.
However, the change of the working fluid claims for a novel
optimization of the cycle. The most important parameter to be
considered is the pressure ratio: the higher molecular mass and
complexity of C0 2 mixtures versus air results in a lower temperature rise at the same pressure ratio. Since cycle performance
mainly depends on the temperature history of the fluid, an higher
pressure ratio will be required to obtain the same efficiency. To
discuss this issue, the pressure ratio will be varied during the
analysis from the basic value of 15, typical of large industrial "F"
machines.
A possible variation to the scheme shown in Fig. 2 consists of
3
For instance, calculations of the GK Fr.9FA with a TIT of 1288°C (Miller, 1996)
show an error as low as 0.3 percent on power output, 0.3 points on efficiency, 2°C on
turbine outlet temperature.
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Fig. 3 Energy and mass balance of the carbon-dioxide compression/liquefaction train used for
scheme A. Data are referred to a cycle pressure ratio of 30, with a thermal input of 900 MW (coal
LHV).

moving the oxygen injection point from the compressor outlet to
the compressor suction. In this mode, oxygen compression is
performed by the same gas turbine compressor, rather than by a
separated unit, with higher efficiency and lower plant complexity.
However, the cooling flows, retrieved from the compressor, are
enriched in oxygen, providing a lower C 0 2 concentration in the
exhausts: this increases the energy requirement for both air separation and C 0 2 liquefaction. This issue was discussed in a previous
paper (Chiesa and Lozza, 1997), showing a negligible influence on
the overall efficiency, and will not be addressed further here.
The heat recovery steam cycle is a conventional combined cycle
unit, based on a three-pressure reheat cycle. The method of calculation of the bottoming cycle and its optimization have been
addressed by Lozza (1990 and 1993). Steam conditions here assumed are rather conservative: the maximum pressure is 110 bar,
with SH and RH at 538/538°C and a condensing pressure of 0.05
bar. A somewhat better efficiency may be obtained by resorting to
more elevated steam conditions (for instance, slightly supercritical
pressure and 565 or 580°C, according to the above quoted papers
and to the better steam technology): we decided here not to stress
the technological issues in an already complicated and risky plant
configuration. It must be also considered that the here adopted
values are rather common even in the more advanced natural gas
and coal gasification combined cycle presented up to now.
3.4 Carbon Dioxide Liquefaction. We will assume here
that separated carbon dioxide must be available at the plant boundaries at a pressure of at least 80 bar and in liquid phase. This is
necessary to allow for deep sea disposal without further energy
expenses. The exhaust stream retrieved from the cycle can be
simply compressed to achieve this goal. However, incondensable
species (N 2 , 0 2 , Ar) are present in this stream, increasing the
compression power. Their amount depends on various parameters:
(i) the above quoted position of the oxygen injection point, (ii) the
oxygen purity, and (iii) the oxygen exceeding the stoichiometric
combustion to ensure complete fuel oxidation. According to our
calculations, an increase of the oxygen purity (beyond the assumed
value of 95 percent) will require an higher ASU consumption,
vanishing the savings in the liquefaction process. A 3 percent
oxygen concentration by volume after combustion was stipulated,
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believing it sufficient to make CO production negligible. In addition to incondensables, water vapour is also present: its initial
amount depends on the water partial pressure in the exiting stream,
and particularly on its temperature, here assumed as 35°C after
cooling of the entire exhaust flow. Under those assumptions, the
exhaust composition is fixed and reported in Fig. 3, showing the
energy and mass balance of the liquefaction system. Water is
separated by condensation and by dehydration.
To improve C 0 2 removal efficiency, the gaseous C 0 2 fraction in
the incondensables (wasted to the ambient) should be minimized.
To achieve this goal, two ways are possible: (i) increasing the final
pressure, thus the energy consumption; (ii) cooling down the
stream. The compression train shown in Fig. 3 includes an absorption refrigerating unit, to obtain a final temperature of 5°C: the
same removal efficiency (89.4 percent) would have required a final
pressure of 132 bar (rather than 80) at 25°C, with a 10 percent
higher power consumption. Low temperature heat needed by the
absorption chiller (about 8 MW lh ) can be easily retrieved from the
compression train intercoolers without significant energy expenses. A further improvement of removal efficiency is possible:
for instance, 96 percent can be achieved with a final pressure of
145 bar, requiring about 37 rather than 33 M W , (approximately a
1 percent reduction of the plant net output).
About thermodynamic properties, the ideal gas assumption used
for the power cycle cannot be realistic here. C 0 2 properties were
calculated by the corresponding state law (acentric factor = 0.239,
Reid et a l , 1988) with saturation curve from Casci et al. (1972).
H 2 0 properties from Schmidt, 1982 (as used for the steam cycle).
We assumed (i) ideal mixtures (i.e., mixing does not alter volumetric properties), (ii) Ar, N 2 , 0 2 as ideal gases, (iii) negligible
liquid solubility in gases, and (iv) H 2 0 and C 0 2 condensation rates
according to the Raoult law.

4 Overall Plant Performance
4.1 General Overview. The results of the performance prediction are shown in Fig. 4 for various cycle pressure ratios. In the
figure, two efficiency curves are shown: the upper dotted curve
does not consider the power expenses for compression-
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liquefaction of carbon dioxide, the lower curve represents the
overall net plant efficiency. In addition, Fig. 4 quotes, as a reference, the performance of IGCC cycles based on the same gasification and power cycle technology, but not including any C0 2
removal strategy.
The loss of efficiency resulting from the adoption of C0 2
capture systems is severe, from about 46 percent of IGCC to about
39 percent at optimum pressure ratio. We can justify the efficiency
decay by the following three considerations:
(i) C0 2 separation itself yields to a power loss, even if carried
out by a reversible process and even if the separated gases would
be available at ambient pressure, rather than pressurized. The
production of separated species is, as a matter of facts, another
"thermodynamic asset" (in addition to electricity) generated by the
cycle. Its value corresponds to the mechanical work required by
the reversible separation (isothermal compression from the partial
to the total pressure). Referring to the IGCC exhausts (/3 = 15),
this work is 196.4 kJ/kg of C0 2 (90 percent removal efficiency),
yielding to 14.1 MW consumption: this brings the efficiency of an
IGCC with ideal separation to 44.3 percent versus the original 45.9
percent.
(ii) C0 2 is compressed up to 80 bar, by means of a real
machine: therefore, ideal isothermal compression work plus losses
due to irreversibilities during the process are to be considered. This
power consumption corresponds, in terms of efficiency loss, to the
"distance" between the continuous and the dotted line of Fig. 4.
(iii) Another relevant source is related to the large oxygen
consumption, here about 2.6 times the one of an IGCC. Irreversibilities of the ASU process are therefore much more detrimental
to the overall efficiency. In fact, the air separation unit requires 868
kl/kg of oxygen produced (under our assumptions), rather than 197
needed by a reversible process.
4.2 Influence of the Cycle Pressure Ratio. The above mentioned losses are largely independent on the power cycle thermodynamics. As far as this issue is concerned, the most important
parameter is the pressure ratio ()3) of the gas turbine cycle. Its
influence is clearly shown in Fig. 4. The best performance of an
IGCC plant is obtained at 0 = 18: the use of a lower pressure ratio
of 15 (often found in large commercial heavy-duties) does not
impair the plant efficiency in a significant way. On the contrary,
the present scheme requires a much larger pressure ratio: the best
Journal of Engineering for Gas Turbines and Power

Fig. 5 Turbine and compressor outlet temperatures, expansion/
compression and steam/gas turbine power ratios for IGCC and semiclosed cycles, as a function of the pressure ratio

value is 42, while 2.4 points of efficiency would be lost at (3 = 15.
The reason of this discrepancy is the change of the working fluid
composition, i.e., the increase of the molecular mass due to higher
C0 2 content. In fact, Fig. 5(a) shows that, at the same pressure
ratio, the C0 2 cycle presents consistently lower compressor outlet
temperature and higher turbine outlet temperature: higher pressure
ratios are therefore required to optimize the cycle, obtaining the
same temperature levels found in IGCC and gas turbine practice.
More information is given by Fig. 5(b): the power ratios between
plant components indicate that, at the same j3, more percentage
power is produced by the steam turbine and less percentage power
is consumed by the compressor. This is not favourable: for instance, at j3 = 15 a turbine outlet temperature of about 750°C
would lead to substantial heat transfer irreversibilities in feeding
heat to the steam plant, unable to operate efficiently at high
temperatures, while a low compressor outlet temperature of 300°C,
even if reducing compressor power consumption, improves combustion irreversibilities. At the optimum pressure ratio, both temperature and power ratios are similar to the ones of IGCCs.
In this discussion, the minimum cycle pressure was kept at
near-atmospheric values, but it can be subject of optimization in a
semiclosed cycle. We will address this issue in the second part of
the paper, together with the cycle proposal discussed there.
4.3 Discussion of the "Reference" Scheme. In the following we will make reference to a pressure ratio of 30, as a compromise between performance and utilization of existing technologies (/3 = 30 is already used by aero-derived engines and by a
modern reheat industrial unit). A pressure ratio of 15 was assumed
for the IGCC case used for comparisons. The main characteristics
of the selected plant are shown in Fig. 6. Together with information provided by Fig. 3 and by Table 1, reporting the electric power
balance, we can comment that:
—

the ASU air compressor has an inlet volume flow of 267 m3/s,
versus 328 of the cycle compressor: the two machines have a
comparable size, justifying their single-shaft arrangement
OCTOBER 1999, Vol. 121 / 639
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Fig. 6 Energy and mass balance of the power cycle and air separation components of the semiciosed
cycle with oxygen combustion at a pressure ratio of 30

the turbine mass flow is 19 percent higher than the one of the
compressor (versus 10 percent for IGCC and 2 percent for
natural gas machines), due to oxygen addition
the C0 2 volume fraction is 85 percent (90 percent by weight):
water and incondensables are not negligible during the liquefaction process, affecting the power requirement
large part of the gross output is recycled into the process,
because of the consumption of the air and oxygen compressors and of the liquefaction train (Table 1)
a relevant part of the heat released to the ambient comes from
the intercoolers of those compressors (114.8 MWth, versus
365.7 from the condenser and 52.1 from the exhaust cooler).
The total heat released to cooling waters is therefore 532.6
MWIh, i.e. 153 percent of the net electric power produced (the
same percentage is 85 percent for the IGCC plant, due to its
higher efficiency and to direct heat discharge at the stack)

Table 1 Electric power balance between the various plant components
for the reference IGCC and the semi-closed cycle here addressed, for a
thermal input of 900 MW by coal LHV

Plant type
Electric power, MW

Open
IGCC,
(3=15

Semiclosed,
P=30

Gas turbine gross output
Steam turbine gross output

247.8
209.5

257.0
231.8

Syngas expander
ASU air compressor
Oxygen compressors)
Power cycle auxiliaries
Gasification auxiliaries
C0 2 compression/liquefaction

11.4
-23.7
-16.9
-5.7
-9.5

Net power output
Net LHV efficiency, %

412.9
45.88
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-55.3
-37.9
-6.3
-9.3
-32.9
347.1
38.57

5 Turbomachinery Design and Development
The plant economics cannot be fully discussed at the present status
of the knowledge. However, the investment cost, compared to the one
of IGCCs, will depend on two basic issues: (i) can the main equipment be derived from machines now present in the market? (ii) how
many additional equipment will be required? We will discuss this
matter by comparing the basic design specifications for the largest
turbomachines included in the cycles, with particular regard to the
main gas turbine engine. In fact, the change of the working fluid and
of the pressure ratio poses some concern about the extent of modifications required to gas turbines developed for natural gas or, at most,
for IGCC applications. Comparing the IGCC and the semi-closed
cycle here proposed (Table 2), we can comment that:
— enthalpy rise/drop for both turbine and compressor differ by
about 10 percent from the ones of IGCC: this difference may
become negligible by selecting a pressure ratio slightly higher
than 30 (improving the efficiency). This implies that the stage
number and stage loading will remain unchanged. However, the
velocity of sound of the C0 2 mixture is about 20 percent lower
than for air: more detailed analyses are therefore needed, especially for highly loaded compressor stages.
— the changes of volume flow through the machines are very
different: lower blade height (up to about one half) in high
pressure stages will be necessary for C0 2 machines.
— the volume flow is significantly smaller for the same thermal
input: more compact (and cheaper) machines can be adopted.
— the turbine cooling flows are 10-20 percent larger. This is due to
the larger pressure and density: a more detailed discussion will
be given in part B. However, the rate of increase is modest and
remains within technical feasibility limits.
Extended modifications are therefore required, but a real change in the
gas turbine technology is not necessary. Combustor design will also
require adaptations, but a real advantage comes from the elimination
of any NO, control strategy, due to the virtual absence of nitrogen.
Table 2 also reports some data about the other compressors
included in the cycles. The ASU air compressor results 2.6 times
larger than for the IGCC, as already discussed, but, apart from size,
Transactions of the ASME
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Table 2 Specifications involved in turbomachinery design, for the reference IGCC and semi-closed cycle

Plant type
(input = 900 MW by coal LHV)
Gas turbine comnressor
Inlet volumeflow,m3/s
Inlet/outlet volume flow ratio
Isentropic enthalpy rise, kJ/kg
ASU air compressor 3
Inlet volumeflow,m /s
Real compression work, kJ/kg
CO? compressor
Inlet volumeflow,m3/s
Real compression work, kJ/kg
Gas turbine
Outlet volumeflow,m3/s
Turbine outlet / compressor
inlet volume flow
First nozzle throat area, m2
Turbine inlet / compressor
inlet volume flow
Isentropic enthalpy drop
(cooled expansion), kJ/kg
First nozzle coolingflow/
gasflow(volume)
First rotor coolingflow/
gasflow(volume)

Open
IGCC,
P-15

Semiclosed,
(3=30

507.9
7.262
337.9

328.3
15.975
305.5

103.2
176.7

266.9
169.4

-

52.34
335.6

1633.9

1182.5

3.217
0.4433

3.602
0.1817

0.351

0.1827

1062

974.2

0.0256

0.0309

0.0243

0.0265

it is a very conventional unit. The C0 2 compressor is an unconventional machine, but its development should not present particular technological issues.
6

Conclusions
The discussion here developed outlines the negative impact of
C0 2 removal on the conversion efficiency and on the plant complexity, compared to the already capital-intensive and complicated
IGCC stations. On another side, a virtually emission-free power
production from coal can be realized, resorting to well-known
technologies, with an efficiency very similar to the one of conventional steam power stations. A realistic economic study cannot be
drawn at present, due to the difficulties of estimating the investment costs of components not available in the market. Among
them, critical issues are the modified gas turbine, operating with an
enriched COz mixture, and the unusually large air separation unit.
The necessity of adopting such components can be eliminated by
using air rather than oxygen for syngas combustion and by introducing a separation process. The second part of the paper will
discuss this concept and a comparison between the two plants,
together with some final considerations, will be addressed.
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C0 2 Emission Abatement in
IGCC Power Plants by
Semiclosed Cycles: Part B—
With Air-Blown Combustion and
C0 2 Physical Absorption
This paper analyzes the fundamentals of IGCC power plants with carbon dioxide removal
systems, by a cycle configuration alternative to the one discussed in Part A (with
oxygen-blown combustion). The idea behind this proposal is to overcome the major
drawbacks of the previous solution (large oxygen consumption and re-design of the gas
turbine unit), by means of a semiclosed cycle using air as the oxidizer. Consequently,
combustion gases are largely diluted by nitrogen and cannot be simply compressed to
produce liquefied C02 for storage or disposal. However, C02 concentration remains high
enough to make separation possible by a physical absorption process. It requires a
re-pressurization of the flow subtracted from the cycle, with relevant consequences on the
plant energy balance. The configuration and the thermodynamic performance of this plant
concept are extensively addressed in the paper. As in the first part, the influence of the
pressure ratio is discussed, but values similar to the ones adopted in commercial
heavy-duty machines provide here acceptable performance. Proper attention was paid to
the impact of the absorption process on the energy consumption. The resulting net overall
efficiency is again in the 38-39 percent range, with assumptions fully comparable to the
ones of Part A. Finally, we demonstrated that the present scheme enables the use of
unmodified machines, but large additional equipment is required for exhausts treatment
and CO2 separation. A final comparison between the two semiclosed cycle concepts was
therefore addressed.

"scheme A" and the present air-blown plant as "scheme B").
Differently from scheme A, oxygen, produced by an air separation
The separation of carbon dioxide from exhausts of power plants,
unit (ASU), is supplied to the gasification section only. Ambient
followed by its disposal into underground cavities or by deep sea
air enters the cycle to provide the minimum amount of oxidizer
dispersion, can represent a significant contribution to reduce the
necessary to the syngas combustion process. Part of exhaust gases
concerns about climatic changes, due to the dispersion in the
are recycled to the compressor, acting as diluting agent to obtain
atmosphere of "greenhouse" gases produced by human activities.
the desired turbine inlet conditions, rather than excess air as in
However, carbon dioxide concentration is rather poor in combusopen cycle gas turbines. As anticipated, exhausts are moderately
tion products: from 4 percent in a natural gas-fired gas turbine, to
enriched by carbon dioxide: the fraction exiting the cycle can be
8 percent in an IGCC plant, to 12 percent in a conventional
treated to remove C0 2 by a physical absorption process. Eventucoal-fired boiler (all values, expressed by volume, are indicative).
ally, C0 2 is compressed and liquefied for disposal, while the
Therefore, to avoid processing huge gas flows with large energy
remaining components of exhausts (mainly nitrogen) are dispersed
consumption, carbon dioxide removal claims for measures to imtoward the ambient.
prove its concentration. The most radical solution is to use C0 2 as
The paper will firstly address the plant arrangement and the
the main component of the working fluid in a semiclosed gas
turbine cycle. It was the subject of the Part A of this paper and, as solutions found for the physical separation process. Then we will
we discussed, such a solution requires pure oxygen for combustion discuss its performance prediction, based on the same calculation
and substantial modifications to the existing gas turbine engines. method and assumptions reported in Part A, and we will finally
Now we will consider semiclosed cycles in which air is used as the address a comparison between the solutions presented in the two
oxidizer, characterized by a moderate C0 2 enrichment (about 20 parts of this paper.
percent by volume) and thus requiring a separation process.

1 Introduction

The basic concept of the cycle is reported in Fig. 1. It includes
a complete coal gasification section and a combined cycle power
plant, similarly to the scheme discussed in part A (in the followings, we will shortly address the oxygen-blown plant of part A as
Contributed by the International Gas Turbine Institute (IGTI) of THE AMERICAN

2

Detailed Plant Configuration

2.1 IGCC Sections. Figure 2 provides a complete overview
of the various plant sections and of their interactions. The sections
typical of IGCC plants are rather similar to the ones described at
chapter 3 of Part A, and the assumptions used during the calculation are unchanged. In particular:
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Air Separation Unit. As for scheme A, we will refer to a
conventional ASU process, consisting of an intercooled air compressor and of a double separation column. The only difference is
size, since the oxygen consumption of scheme A is 2.6 times the
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Fig. 3 Energy and mass balance of the carbon-dioxide physical separation process, including the compression/liquefaction train, for a cycle
pressure ratio of 15 and a thermal input of 900 MW (LHV). Gas compositions in mass percentage fraction.

Power Plant. Apart from the change of the working fluid
composition, no conceptual modifications are introduced from
scheme A, both for the gas turbine technology (adopting a TIT of
1280°C as in "F" industrial machines) and for the heat recovery
steam cycle. It can be anticipated that, in the present case, the
composition of the fluid evolving within the semiclosed cycle is
much more similar to the one of open cycle gas turbines: as we will
discuss later, this allows for minimal modifications to the engine
with respect to market-available units.
2.2 Carbon Dioxide Separation. The major differences between scheme A and B are concentrated in the treatment of the
stream retrieved from the gas turbine. For scheme A a simple
mechanical compression process was sufficient to make C0 2 available at the liquid state and at a pressure necessary for disposal
without further energy expenses (here stipulated as 80 bar). For
scheme B, the situation is much more complicated, since carbon
dioxide must be separated from nitrogen-diluted exhausts.
C0 2 separation from gaseous mixtures can be carried out by
means of different processes: among them, the most common ones
are chemical and physical absorption (Kohl and Riesenfeld, 1985).
In the first process capture of C0 2 is mainly due to chemical bonds
created in the adsorber between C0 2 and solvent (usually aqueous
solutions of ethanol-ammines). C0 2 is then stripped from solvent
by breaking the chemical bonds and, since this operation is endothermic, large amounts of thermal energy are required for its
accomplishment. On the contrary physical absorption relies upon
the selective solubility of gases into a solvent and upon its variation with pressure: C0 2 is absorbed in the solvent at high pressure
within a counter-current packed tower and then released by reducing the pressure of the C02-rich solvent stream. In this case, since
C0 2 is removed from a mixture largely diluted with N2, the solvent
has to present a much larger solubility for the former substance
compared to the latter one. The Selexol solvent, commercialized
by Union Carbide, results very suitable for the purpose since, for
the same partial pressure and temperature, about 0.01 mols of N2
are captured for each mol of C0 2 (Bucklin and Schendel, 1984).
The theoretical energy requirement is relatively low (power for
644 / Vol. 121, OCTOBER 1999

pumping the solvent stream and for recompression of the separated
gas), compared to the large low temperature heat requirement of
chemical absorption processes. This does not imply any evaluation
of chemical versus physical absorption, being the thermodynamic
value of power and heat very different: chemical absorption can be
the subject of future works.
Figure 3 shows the complete plant arrangement of the physical
separation section (quoted values refer to the "reference" case
described later). The operating pressure of the absorption tower
depends on pressure selected for the last flash drum and on C0 2
concentration in the exhausted gaseous stream (i.e., C0 2 removal
efficiency). In fact the former parameter brings about the purity of
the solvent introduced at the top of the column; according to this
purity, a minimum pressure can be determined to achieve the
required C0 2 absorption, corresponding to an infinite tower height.
In the scheme of Fig. 3, the last flash drum pressure has been
assumed as 1.05 bar to operate the whole system above the
atmospheric pressure. To achieve a 90 percent removal efficiency,
0.237 kmols of C0 2 per kmol of diluting gas must be captured.
According with the solubility curves of C0 2 within Selexol (Bucklin and Schendel, 1984), a minimum operating pressure of 41 bar
is needed. To obtain a reasonable driving force for mass transfer,
absorption pressure was increased to 50 bar (see also Chiesa and
Consonni, 1999, appendix A).
To achieve this pressure, a compressor processes the stream
vented from the cycle at near-ambient pressure. The compression
is partly intercooled, to limit the high pressure stage temperature
within 400°C (similarly to gas turbine compressors). The pressurized stream is therefore cooled to near-ambient temperature, by a
recuperative heat exchanger, and ducted to the absorption column.
Within the column, C0 2 is captured by Selexol. The nitrogen-rich,
C02-free stream, exiting the absorption column at high pressure
(50 bar), must be heated and expanded, to recover its pressure
content improving the energy balance. Heating is necessary to (i)
keep the stream temperature above ambient at the expander cold
end, to avoid freezing problems, and (ii) provide an enthalpy drop
as high as possible, to drive the compressor. Heat is largely
Transactions of the ASME
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for compression-liquefaction of carbon dioxide, the lower curves
represent the overall net plant efficiency. Two basic considerations
can be drawn:
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Fig. 4 Influence of the cycle pressure ratio on the efficiency of IGCC and
of semiclosed cycles A and B. The dotted curves do not take into
account the power consumption of the carbon dioxide compression/
liquefaction train.

available from cooling of the compressed stream before absorption
(in fact, hot feedwater is produced in the heat exchanger to achieve
a complete heat recovery), but at a temperature not sufficient for
those duties. Therefore, following the recuperative heat transfer, an
additional heating is required. The only available heat sources are
the convective syngas cooler and, to a lesser degree, the HRSG.
We will discuss this issue later (section 3.2): Fig. 3 shows the
"reference" solution in which a double expansion with reheat was
adopted (unfortunately increasing the plant complexity) with heat
extracted from the syngas cooler at a maximum temperature of
600°C. Turbines and intercooled compressor are arranged on the
same shaft; an electric motor provides the extra power needed to
balance this shaft.
On the Selexol side, Fig. 3 shows that the rich solution, after
absorption of C0 2 , is flashed within sequential chambers, were
C0 2 is gradually released as pressure decreases, in order to reduce
the power required for re-compression of the separated C0 2 . From
the last flash chamber, at near-atmospheric pressure, lean Selexol
is pumped back to the absorber. The pump consumption is rather
large (2.7 percent of the net total output), due to huge flow of
Selexol (1426 kg/s); an hydraulic expander improves the energy
balance, making use of the pressure drop between the absorption
column and the first flash chamber. Carbon dioxide, released at
various pressures, is re-compressed to the pressure of the first
chamber and then ducted to a compression-liquefaction train similar to the one described in 3.4 (part A). Its power requirement is
substantially reduced because (i) C0 2 is already pressurized (6
bar), and (ii) C0 2 is almost pure, because nitrogen, oxygen, and
argon solubilities within Selexol are negligible compared to the
one of C0 2 .

3 Overall Plant Performance
3.1 Influence of the Cycle Pressure Ratio. The results of
the cycle calculations are shown in Fig. 4, reporting the efficiency
versus pressure ratio (j3) of the present scheme (B, air-blown) and
of the ones addressed in part A (i.e., scheme A, oxygen-blown, and
the reference IGCC not including any C0 2 removal strategy). In
the figure, two efficiency curves are shown for plant schemes A
and B: the upper dotted curves do not consider the power expenses
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(1) The optimum pressure ratio range is very similar between
IGCC and scheme B, and substantially different from scheme
A. In fact, the working fluid composition and molecular mass
of the air-blown cycle are rather similar to the ones of an
open cycle, due to the large nitrogen concentration (Fig. 5).
The best performance of scheme B is obtained at /3 = 21,
versus a optimum )3 of 18 for IGCC, while a 0 as large as 42
was required to optimize the efficiency of scheme A. For the
former two plants the use of a lower pressure ratio of 15
(often found in large commercial heavy-duties) does not
impair the plant efficiency in a significant way. This represents an important confirmation about the possibility of using
these machines with a limited amount of modifications.
(2) At optimum pressure ratio, the overall efficiencies of
schemes A and B are very similar (about 39 percent) and,
thus, substantially lower from the IGCC one. However, reasons justifying the loss of efficiency are rather different from
the ones outlined in part A. The gap between the continuous
and the dotted lines represents the power consumption due to
the need of providing pressurized C0 2 at the plant boundaries, rather than at atmospheric pressure. In scheme B, it
includes the power requirement of the various C0 2 compressors represented in Fig. 3: the multiple flash chambers (together with the absence of incondensables) reduce their duty
with respect to the unique compressor of scheme A. The
major drawback of the present cycle is due to the necessity of
compressing the exhaust stream up to the required absorption
pressure of 50 bar. Even if a recovery of the pressure content
of the separated gas is carried out, those processes (compression, expansion, heat transfer) are highly irreversible. Being
the mass flow involved almost one half of the one of the
power cycle, the associated exergy destruction is largely
relevant to the whole energy balance. In fact, an additional
power of 11 MW is needed to drive the turbo-compressor,
and, mostly, a large amount of high temperature heat (82.8
MW) is subtracted from the syngas cooler, which in turn
produces less steam, reducing the steam turbine power output. Those effects are mostly independent on the pressure
ratio, because the separation process, at equal carbon input to
the plant, involves the same C0 2 mass flow to be processed.
We will therefore provide some more detail by addressing the
reference scheme at /3 = 15.
3.2 Discussion of the "Reference" Scheme. In this section
we will focus our discussion on the "reference" case with a
pressure ratio of 15, selected to maintain the same value of the
IGCC case. Its main characteristics are shown in Fig. 5: together
with information provided by Fig. 3 and Table 1, a rather complete
plant balance can be drawn. We can comment that
—

—

about 45 percent of the gas turbine exhausts are ducted to
the separation plant (the C0 2 fraction is 20 percent by
volume—28 percent by mass): the size and cost of the
turbo-compressor shown in Fig. 3, compared to the main
gas turbine, is therefore of high relevance
to better understand the above point let's say that (i) the
compressor power is 141.8 MW (versus 222.5 of the one of
the main engine), (ii) the reheat turbine power is 131.1
MW, and (iii) the thermal power coming from the syngas
cooler is 82.8 MW, as already stated

To confirm the impact of this process on the power balance, let us
consider the content of Table 1. Together with figures for opencycle IGCC and "reference" scheme B, it addresses (last column)
a semiclosed cycle at )3 = 15, similar to the one here discussed but
deprived of the C0 2 removal section (therefore, producing full
steam from the syngas cooler and directly venting to the ambient
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Fig. 5 Energy and mass balance of the power cycle and air separation components of the air-blown
semiclosed cycle (scheme B) at a pressure ratio of 15

the stream extracted from the gas cycle). It can be noticed that the
efficiency of this latter cycle is very close to the one of the IGCC.
In fact, the differences on a thermodynamic point of view are
rather limited: an higher turbine exit temperature (636°C versus
609°C, due to higher fluid molecular mass) provides a lower gas
turbine output, recovered by the steam cycle; on the compressor
side of the gas turbine, differences are negligible because the
working fluid is largely diluted with air. Comparing this cycle to
the one with C0 2 removal, a loss of steam turbine output of 33
MW, due to the vent stream heating, is clearly shown: together
with the power consumption of the various devices reported in Fig.
3 (totaling 36.5 MW), the loss of overall efficiency (7 percentage
points) is fully justified. The figures discussed up to now are based
on a preheating of the vent stream up to 600°C by means of heat
recovered from the convective syngas cooler. This temperature
level was assumed in order to limit the thermal stresses in the heat

Table 1 Electric power balance of the various plant components for the
open-cycle IGCC, the reference air-blown semiclosed cycle (scheme B)
and a semiclosed air-blown cycle not including the C0 2 removal section.
Thermal input of 900 MW by coal LHV for all cycles.

Type of cycle (0=15)

Open

Semiclosed

Electric power, MW

IGCC

C02r smoval
yes
no

Gas turbine gross output
Steam turbine gross output

247.8
209.5

236.8
187.8

236.8
220.7

Syngas expander
ASU air/oxygen compressors
Auxiliaries

11.4
-40.6
-15.2

11.4
-40.6
-13.6

11.4
-40.6
-14.9

Exhausts compressor/expander
Selexol pump/expander
C0 2 compression/liquefaction

-

-10.9
-5.4
-18.2

;

Net power output
Net LHV efficiency, %
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412.9
45.88

347.3
38.59

413.4 1
45.93 1

exchanger to values comparable to the ones of reheaters in steam
boilers. Being this assumption relevant to the cycle performance
and being rather questionable (no references can be found relatively to the demanding environment of a syngas cooler), a sensitivity analysis was performed, whose results are shown in Table 2.
By decreasing this temperature a rather relevant loss of efficiency
is found, because of the higher power consumption of the electric
motor driving the turbo-expander (partly balanced by the lower
thermal power retrieved by the syngas cooler). The last row shows
the temperature at which the vent stream should be heated to
balance the turbo-expander (789°C): it is not realistically achievable by available metallic materials for heat exchangers.
Alternatively, preheating of the vent stream can make use of
heat recovered by the HRSG (by using a clean gas stream at a
moderate temperature) rather than by the syngas cooler (with
higher erosion-corrosion and high-temperature stresses). In this
case, larger heat transfer surfaces would be needed, due to the
much lower temperature difference, complicating the HRSG design (parallel tube bundles for the vent stream heater and the steam
superheater and reheater). However, at equal maximum temperature, the heat source (HRSG or syngas cooler) does not influence
the thermodynamic performance, because in both cases the heat
subtracted by vent stream heating would have been used to generate the same amount of HP steam.

Table 2 Influence of the vent stream temperature after heating in the
syngas cooler (T,h) for a semiclosed air-blown cycle with p = 15. Legend:
17 = overall LHV efficiency, PB„, = power of the electric motor driving the
turbo-expander, Qsc = thermal power retrieved from the syngas cooler,
p„, = optimized reheat pressure of the vent stream, Tsl = stack temperature. Results of the first three lines also apply to the case of heating in
the HRSG.

Trh.'C
400
500
600
789

r\,% Pem.MW Qsc.MW Prtj.bar T a . ' C
37.66
36.4
46.7
15
61.6
38.17
24.7
61.6
22
77.3
38.59
10.9
82.8
25
113.4
39.04
0.0
97.2
130.8
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Fig. 6 Influence of the pressurization (p,„in is the minimum cycle pressure) on the efficiency of semiclosed cycles A and B, at various pressure
ratios

efficiency. In scheme A, at low pressure ratio where blade cooling
is less demanding due to a lower coolant temperature, pressurization is beneficial to performance. On the contrary, pressurization
becomes noxious at higher j8, where cycle efficiency approaches
its peak. The critical condition reached by the cooling system is
attested by the curves' breaks which occur for pressure ratio lower
and lower as pressurization increases, thus impairing the achievement of the best efficiency. Curves referred to scheme B follow the
same trend, but the cooling system results critical even at low j8:
in fact, compressor outlet (i.e., coolant) temperatures are higher
than for scheme A, due to the lower molecular mass of the working
fluid (see Fig. 5 of Part A, keeping into account that compressor
outlet temperatures of scheme B are very similar to the ones of
IGCC). Hence, pressurization penalizes efficiency of scheme B in
the whole pressure ratio range reported in Fig. 6.
Apart from efficiency, pressurization could give some benefits
in the practice. It reduces the size of gas cycle turbomachinery and
enhances heat transfer in the recovery steam generator. In scheme
A, requiring some changes in gas turbine design, a moderate
pressurization could allow some advantage on the economic viewpoint. With regard to scheme B, pressurization does not have the
same appeal since it introduces a supplementary air compressor
and modifies the gas turbine operating conditions, conflicting with
the rationale supporting this configuration: the adoption of an
unchanged current engine.

4 Turbomachinery Design and Development
3.3 Influence of the Cycle Pressurization. Up to now, the
minimum cycle pressure was kept close to the atmosphere, mainly
for compatibility with open-cycle machines. In closed cycles this
pressure can be freely selected. In semiclosed cycles, like the ones
here considered (including part A), the influence of pressurization
can be discussed by separating its effects on auxiliaries consumption and on cycle thermodynamics.
In scheme A (oxygen-blown), pressurizing the cycle obviously
brings about a pressure increase at the 0 2 compressor outlet, needing
more power compared to the atmospheric option. In case that the
available syngas pressure is not enough to inject the fuel in the
combustor, an additional compressor (rather than an expander) is
required and its electric consumption has to be considered. With a
syngas pressure of 51 bar (before the syngas expander), cycle pressurization at 2 -i- 3 bar necessarily requires this component for
pressure ratios maximizing the efficiency. Similar considerations hold
for cycle B where pressurization requires a large compressor to
introduce fresh air into the cycle. In change of this additional work,
the stream ducted to C0 2 absorption process is available at higher
pressure decreasing the compression power requirements.
Nevertheless a restricted analysis, only considering the variation
in consumption of the auxiliaries, leads to erroneous results because pressurization also has a significant influence upon the
power cycle. As a first point, the turbomachines efficiency is
influenced by "size," according to our correlations. Pressurization
reduces the volumetric flow and negatively influences the efficiency. For large machines, this effect is rather limited (for instance, the compressor polytropic efficiency decreases of about 0.5
points at a minimum cycle pressure of 3 bar), but it is not
negligible. In addition, pressurization has a great importance on
the factors which control heat transfer in the hottest rows of the
turbine. On the one side, increasing the operating pressure reduces
volume flow and hence surfaces to be cooled. On the other side it
increases the heat transfer coefficients on both sides of the cooling
channels and hence the heat flux through the blade walls. It brings
about an increase in the temperature drop due to conduction along
the wall thickness which reduces the temperature rise available to
the coolant in the inner blade channels. Therefore, larger coolant
flows are required to remove the same thermal load. All these
effects are taken into account by the cooling model here adopted,
described by Consonni (1992).
Figure 6 depicts the overall effects of pressurization on the plant
Journal of Engineering for Gas Turbines and Power

In the previous discussion, we often stated that the present
configuration (with air-blown combustion) may result attractive if
it makes feasible the adoption of unmodified gas turbines, with
respect to the one available in the market. Now, this statement can
be confirmed by looking at Table 3, in which some relevant
turbomachinery specifications are compared for the IGCC machine
and for a semi-closed cycle having (i) the same compressor inlet
volume flow, and (ii) the same turbine nozzle throat area. The first
assumption brings about a thermal input of 917 MW rather than
900, the second one can be accomplished by selecting a pressure
ratio of 14.8 rather than 15, with negligible consequences on the
plant efficiency. These conditions were stipulated to verify if the
same gas turbine unit can operate safely under the new conditions
imposed by the change of the working fluid, without any need of
blade design or blade height modification. The results shown in
Table 3 indicate that (i) the volume flow rate at the last compressor
stage is less than 1 percent lower than the one of the IGCC
machine, eliminating any risk of stall-surge at HP stages, (ii) the
compressor work variation is minimal, (iii) variations on the turbine side are very limited and cannot influence its performance,
and (iv) improvements in cooling flows are minimal. Considering

Table 3 Specifications involved in turbomachinery design, for an IGCC
and a semiclosed air-blown cycle characterized by the same compressor
inlet volume flow and turbine nozzle area

Common desien parameters
Inlet volume flow = 507.9 nvVs
First nozzle throat area = 0.4433 m2

Open
SemiIGCC, closed,
6=15 6=14.8

Thermal input by coal LHV, MW
900
Gas turbine gross output, MWd
247.8
Gas turbine compressor
Inlet mass flow, kg/s
613.6
Inlet / outlet volume flow ratio
7.262
Isentropic enthalpy rise, kJ/kg
337.9
Gas turbine
Outlet volumeflow,nvVs
1633.9
Outlet / inlet volume flow ratio
9.165
Isentropic enthalpy drop
1062
(cooled expansion), kJ/kg
First nozzle cooling flow / gasflow(vol.) 0.0256
First rotor cooling flow / gas flow (vol.) 0.0243

917
243.0
612.5
7.221
329.4
1645.5
9.495
1046
0.0260
0.0249
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Other components to be considered are the absorption column,
the flash chambers, the heat exchangers (the recuperative one
shown in Fig. 3 and the gas heaters placed inside the convective
syngas cooler), the Selexol turbo-pump and the minor C0 2 compressors connecting the flash chambers: they represent large pieces
of additional equipment. The impact on the overall investment cost
of the separation plant can therefore result prohibitive. A reliable
cost prediction cannot be drawn at present, but a very rough
estimation, based on limited data available to the authors, suggests
a rise of 50-55 percent with respect to the already elevated plant
costs of an IGCC having the same gasification capacity. It is
authors' opinion that the proposal described in part A (oxygen
blown) can be realized with lower costs (about 35 percent rise),
assuming that the gas turbine development costs are scattered on a
reasonable number of machines, to limit the cost rise of this
component to a 30 percent. Considering the lower net output of
these plants versus an IGCC (about 18 percent less), the estimated
specific cost rise is substantially higher (in the range of 60 percent
for scheme A and of 80 percent for scheme B, according to a very
preliminary evaluation).

6 Final Comparisons and Conclusions
Figure 7 shows the efficiency decay of various plant types as a
function of the specific C0 2 emission, for (i) the two schemes here
discussed (including part A), (ii) the most efficient solution studied
by Chiesa and Consonni (1999), based on syngas catalytic shift
reaction, physical absorption of C0 2 and hydrogen-fueled gas
turbine, (iii) a mix of conventional IGCC with a semiclosed C0 2
cycle (reference scheme A). The points representative of an IGCC,
a coal-fired steam plant and a natural gas combined cycle are also
reported. The figure shows that some improvements in the plant
conversion efficiency can be achieved by reducing the C0 2 removal rate. For scheme A the final C0 2 pressure determines the
amount of C0 2 condensed and therefore removed (see pressures
quoted in Fig. 7). A pressure reduction brings about a very limited
power saving, clearly demonstrating that such a scheme makes
sense only if a very high removal rate is achieved. For scheme B,
the efficiency of the C0 2 separation depends on the pressure drop
between the absorber and the last flash chamber (see again pressures in Fig. 7): by operating the physical absorption at a lower
pressure some efficiency gain may be obtained, but at a rather slow
rate. The proposal from Chiesa and Consonni, being calculated
under the same assumptions used in this paper and then fully
comparable, shows about the same efficiency of our schemes at
high removal rates (90 percent or higher) but achieves a substantially better efficiency at medium removal rate (50-70 percent),
due to a lower consumption of high pressure steam needed by the
shift reaction. At this intermediate rates, their performance is
slightly better than the one achieved by a mix of IGCC + scheme
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that problems cannot be expected on the mechanical standpoint,
due to a slightly reduced power output, it can be concluded,
beyond any reasonable doubt, that the very same machine of open
cycles can be used with the moderately C0 2 enriched fluid here
addressed. Regarding other turbomachines included in the cycle,
the ASU compressors are unchanged with respect to the IGCC,
while the duty of the C0 2 liquefaction compressor is much reduced
if compared to the one of scheme A (14.6 versus 32.9 MW, with
an inlet volume flow of 6.82 versus 52.34 mVs). The real drawback
of scheme B comes from the machines involved in the exhaust
treatment and separation, especially as far as the main exhausts
turbo-expander, pressurizing the absorption process, is concerned.
This machine is about one-half the size of the main gas turbine,
with an higher loading (larger stage number), intercoolers and
reheat. It is a novel machine, resembling the characteristics of
large process units. Its impact on the plant cost may represent a
serious obstacle to the development of this class of plants. In
addition, a polytropic efficiency lower than here estimated (on the
basis of the same correlations used for gas turbine components)
may seriously affect the cycle performance.
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Fig. 7 Specific carbon dioxide emissions versus efficiency of various
plant types. The numbers quoted for scheme A represent the final C0 2
delivery pressure (bar); for scheme B, they represent the pressure of the
absorption column and of the last flash chamber.

A, with the additional advantage of the use of unmodified gas
turbines and the disadvantage of unmodified NO, emission (remember that scheme A is virtually NOx free). A curve very similar
to the one "IGCC + scheme A" can be also obtained by scheme B
alone, if only a part of the stream exiting the power cycle is
submitted to C0 2 separation (with the remainder vented to the
•atmosphere), due to the fact that IGCC and scheme B, without
separation process, show the same net efficiency (see Table 1).
The selection of the best strategy of C0 2 removal, keeping into
account its progressive penetration into the market, is beyond the
scope of the paper and would anticipate the necessary research and
development studies. In fact, the discussion here developed outlines
the negative impact of C0 2 removal on the conversion efficiency and
on the plant complexity, compared to the already high capitalintensive and complicated IGCC stations, but demonstrates that a
drastic abatement of CO, emissions is within today's technological
capabilities. A realistic economic study cannot be drawn at present,
due to the difficulties of estimating the investment costs when novel
components are introduced. In addition, any cost estimation should
take into account the avoided costs of "externalities," i.e., the social
cost connected to pollutant emission (mainly C0 2 and NO,). Nevertheless, we believe that the present analysis can be useful to provide
the necessary basic information to develop such estimations and to
assess the possibility of success of emission-free fossil-fueled power
plants in a competitive energy market constrained by increasingly
stringent global emission regulations.
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Abstract
Since mid-2006, RWE Power has been planning the construction of a coal-based demonstration power plant with
carbon capture, transport and storage. A combined-cycle gas turbine plant with integrated coal gasification (IGCC)
was chosen as the power plant technology to be used. The use of a modern gas turbine of the F class enables the
plant to achieve a gross electric capacity of approx. 450MW. The separated CO2 is to be stored safely over the long
term in deep saline aquifers. The first grid connection is due to take place at the end of 2014/start of 2015.
As regards the power plant, a feasibility study was conducted to analyze and evaluate the technologies available in
the process chain, decide on a technical concept, and establish the technical and economic parameters of the process.
As far as CO2 transport & storage is concerned, regional screening is about to be completed and the potential storage
sites are being evaluated in-depth with respect to seismic data interpretation, lithology, and structure.
This presentation will outline key findings and results of this phase for both the power plant and transport & storage
and present the next steps to be taken in the execution of the project. In light of a market situation characterized by
high capacity utilization of potential contractors and an extraordinary rise in investment costs this aspect is currently
very important. Another basic prerequisite needed for the project to proceed according to schedule is the
establishment of a European and national regulatory framework for carbon transport and storage by mid-2009.
Keywords: Gasification, Coal, Electricity Generation, IGCC, Combined Cycle, CCS

1. Introduction
Innovative coal technologies are as indispensable to preventive climate protection as coal is to satisfying the
world's thirst for energy. With its Clean Coal Power strategy, RWE faces the challenge of preventing climate change
and is now introducing further elements of this strategy. In this respect, carbon capture and storage (CCS) play a key
role if CO2 reductions more substantial than is possible by merely increasing efficiencies are to be achieved.
____________
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If this vision is to become reality, expertise, great commitment and a high willingness to take risks are required to
implement a technological quantum leap.
The development of coal-fired power plants with CCS strengthens Germany's position as a technology leader,
secures export potential for manufacturers and jobs in industry. The 450 MW IGCC/CCS project is part of RWE's
overall strategy aimed at developing and implementing Clean Coal Power (Fig. 1).

y
RWE’s Clean Coal Power Strategy
For today
Construction of highly
efficient power plants;
2,200 MW raw lignite,
3,200 MW hard coal

Power plant portfolio: continuous renewal

For tomorrow

Commercial use
Lignite pre-drying (WTA prototype)

Figure 1

700°C test plants

For the day after tomorrow
450-MW IGCC carbon capture & storage plant

PCC development for conventional power plants

Figure 1: RWE´s clean coal power strategy
On a broad basis – in line with the energy mix in the generation portfolio – innovation lines with different
horizons are being pursued both for lignite and hard coal.
RWE has recently launched a large-scale renewal programme for coal- and natural gas-based power plants that
involves using cutting-edge technology to increase efficiency for the sake of climate protection. Examples for the
use of coal are the BoA 2/3 new-build projects at the Neurath power plant and the two hard coal-fired twin units at
the Westfalen power plant and in Eemshaven in the Netherlands. The total new-build capacity based on coal
amounts to 5,400 MW with corresponding capital costs of €6 bn. Each year, carbon emissions are reduced by
15 mill. t in these projects alone.
In a second horizon, RWE is developing technologies in collaboration with partners that permit efficiencies to be
further increased beyond today's high level. The focus is on demonstrating the WTA (lignite pre-drying) technology,
which was developed by RWE to dry moist lignite on the prototype plant at BoA 1 in Niederaussem and on the test
plant for the 700°C technology; both lines of development allow a further efficiency increase of approx. 4% points.
For these projects, RWE Power will expend approx. €60 million.
The 450-MW IGCC/CCS project, which will be described in the following, is the most outstanding endeavour of
the third horizon, focusing on the capture and storage of the CO2 emitted by fossil-fired power plants. In parallel,
we will develop CO2 scrubbing technologies for conventional power plants in pilot plants with the primary goal of
retrofitting advanced power plants to achieve a substantial cut in carbon emissions.
The overall aim of RWE's Clean Coal Power Strategy is the continuous renewal of the power plant fleet using
state-of-the-art technology that ensures both competitiveness and security of supply while protecting the climate,
thus making RWE's generation business fit for the future.

2. Project Status
Following the project announcement in 2006, its concept was developed and specified in all process areas and its
viability verified. RWE Power – which is responsible in the Group for electricity generation in continental Europe –
was in charge of power plant matters, while RWE Dea, which is responsible for the exploration and production of
crude oil and natural gas, worked on the CO2 pipeline and storage facility. This work went hand in hand with our
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intensive efforts to establish the necessary underlying conditions, such as a regulatory framework for the treatment
of CO2 and a communication concept for informing authorities and the public. In the following, the current status
will be presented.
2.1. Power Plant
Figure 2 shows the key components of the power plant based on the IGCC (Integrated Gasification Combined
Cycle) technology.
Air

N2

ASU
ASU

Drying/Milling
Drying/Milling

H2-rich

CO/H2-rich

O2

Raw
lignite

Gasification
Gasification

G
Gas
as conditioning
conditioning

Gas
Gas treating
treating

CCPP
CCPP

CO2/pipeline

> Fuel:

Rhenish raw lignite

> Coal drying & milling:

WTA technology plus roller mill

> Gasification:

Quench gasifier (~ 1,000 MWth, 40 bar)

> Gas treating:

Sour shift, H2S/CO2 unit, Claus, compression

> Gas conditioning:

Dilution with N2, H2O

> CCPP:

F class technology; diffusion burner

Figure 2: Main process features of the IGCC demonstration plant
Rhenish lignite from our own opencast mines serves as the fuel. In a first process step, its moisture content is
reduced from approx. 55% to 12% using RWE's own WTA drying technology. Subsequently, the lignite is ground
by roller mills according to gasification requirements. An entrained-flow gasifier with a dry lignite inlet and a
thermal capacity of approx. 1,000 MW, operated at a pressure of approx. 40 bar, is employed for gasification. The
hot, CO/H2-rich raw gas is quenched to approx. 200°C using water. The resulting high portion of steam is used in
the subsequent shift stage to convert the CO into more hydrogen and CO2.

Raw
lignite 370 t/h

Gas
Gas island
island

Power
Power island
island

455 MWgross

gross = 48,5 % (LHV)
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ST (160 MW)

Auxiliaries

ASU (49 MW)
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Total CO2 input based on coal
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:

107 g /kWhnet

2.6 mill. t/a (92 % capture rate)

Figure 3: Key performance data of the 450 MW IGCC/CCS plant
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The hydrogen-rich gas left over after the H2S/CO2 separation process is conditioned with N2 from the air
separation unit and if necessary with steam to create moderate combustion conditions and meet the legal
requirements for NOX values. The conditioned fuel gas is used to generate electricity in the CCPP unit. The capacity
of the gas turbine (F class), which has a share of approx. 300 MW in the total electricity generation capacity of
450 MW, determines the capacity of the overall process. Thus, the process design largely corresponds to the concept
of the HTW (high-temperature Winkler) demonstration plant that RWE already operated on an industrial scale from
1986 – 1997 to produce synthesis gas/methanol from lignite. The essential technical challenges of the new project
consist in demonstrating the interaction of all individual processes and achieving normal power plant availability.
The gross efficiency of the overall plant (Fig 3) is 48.5% (LHV) and thus lower than that of a conventional IGCC
plant. This is mainly due to conversion losses caused by the CO shift and the separation of CO2 otherwise used as an
additional working medium in the gas turbine. Taking into account auxiliary electric power requirements, the plant
has a net capacity of 320 MW and a net efficiency of 34% (LHV). The carbon capture rate is calculated at 92%. We
have decided to erect the IGCC/CCS power plant at the Goldenberg power plant location near Cologne (Fig 4).

Figure 4: Plant site Goldenberg/Cologne
The location thus resumes of RWE/Rheinbraun's earlier gasification activities in connection with the
development of HTW gasification and it is already connected with our large lignite opencast mines via railway.
2.2. CO2 Pipeline and Storage
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e
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Storage region

> Pipeline length of 530 km (330
miles) required
> Initial pressure: 200 bar, no booster
compressor
> Pipeline diameter: 16”-32”
> Use of an existing route corridor if
possible
> Study verifies technical feasibility

Goldenberg
power plant

> Communication concept developed

Figure 5: CO2 Pipeline
As a result of our feasibility study regarding transport of CO2, pipeline is the best and most secure way to
transport CO2, delivered from a continuous industrial process. Due to the fact that the nearest feasible storage
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options are located in the northernmost Federal States, one of our challenges within this project, is the length of this
pipeline. The pipeline will have a total length of approximately 530 km and will start at the power plant located in
Goldenberg, cross three Federal States – NRW, Niedersachsen and Schleswig-Holstein – and will end in the
northern part onshore (Fig. 5). Though, it is not planned to install a booster station. This means the pipeline will
transport CO2 in a high pressure regime. Inlet pressure will be approximately 200 bar – decreasing to 90 bar at the
storage location. The diameter of the pipeline depends on pressure regime and flow rate of CO2. By using a 16 inch
diameter, we are able to transport 2.8 MM tons per year. Regarding the basic principles of spatial planning, we try to
use existing pipeline routes to reduce influences through industry to public space.
Another major challenge in the pipeline project is the public acceptance. So the project has to watch carefully the
public outreach and observe trends and discussions in the public. Also it is important to act proactive towards the
public. A concept for communications is already developed, even in this early state.
2.3. CO2 Storage
To find a suitable location for save storage of CO2, RWE Dea investigated the geology of the northern part of
Germany (yellow marked area in the picture of Figure 6). Criteria for suitable storage locations were:
- Depth between 1000m and 4000m to keep CO2 in specific pressure and temperature conditions.
- Area with low tectonic impacts
- Sufficient seal, injectivity and capacity of the storage reservoir
- Preferred trapping system: Anticline/Syncline combination
- Salt structures shown as blue spots in the picture
> Screening of the onshore and
offshore storage potential by
RWE DEA completed.
DK

> Suitable storage formations are
located in the north-west and
north-east Germany
> Max. storage potential: 20 Gt
(BGR)

Areas under investigation
PL
NL

> The exploratory phase has
started in March 2008 and
comprises seismic
investigations of preselected
storage sites
> Start of exploratory drilling in
2009/10

Figure 6: CO2 Storage sites
Adequate reservoirs closest to the Rhenish Revier were found especially in northern Federal States. The technical
accessible storage potential of the mentioned (yellow) study area in total is approximately 20 Gt. This means that a
considerably infrastructure, including pipelines and injectors has to be installed to access this total amount of
potential.

2.4. Regulatory framework
The CCS draft directive, issued by the EU at the start of 2008, in our opinion constitutes an important and
positive basis for the next steps to be taken. The draft is due to be adopted at the end of 2008. Subsequently the
directive has to be transposed into national law. We rely on this transposition to be completed within the current
legislative period by mid-2009 to be able to keep to the project schedule. The following important requirements
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have to be fulfilled by a regulatory framework from the point of view of operators:
- The experience gained from demonstration projects has to be taken account of in the regulatory framework
- Accelerated planning and building law for CO2 pipelines
- Financial guarantees for stored CO2 have to be adequate, risk-dependent and time-limited
- Financial support of the Federal Government in constructing a pipeline infrastructure
2.5. Important steps for implementation
With regard to the power plant, which we divide into the two main working sections ‘gas island’ and ‘power
island’, work currently focuses on the selection of contractors for the PDP and FEED phase including approval
planning. After the power plant, the pipeline and the storage facility have been approved – which is a prerequisite
for taking the final investment decision – we will invite tenders for and award the EPC contracts.
With regard to the pipeline, the first important step in the approval procedure – namely the regional planning
procedure – has just begun. After the second essential process, i.e. the formal public planning procedure, has been
completed, construction can begin. As far as the storage facility is concerned, the exploratory phase comprising
planned seismic investigations of preseletcted storage sites started in March 2008. Exploratory drilling is planned for
2009/2010.
Provided that a regulatory framework is developed in time and that the approval procedure duration is
appropriate, commissioning of the project can start at the end of 2014/the start of 2015.
3. Costs and Commercial Perspective

3.1. Capital Costs
Figure 7 shows the absolute amount and structure of the capital costs of the overall project following the
completion of the feasibility studies conducted in mid-2008.
Capex

€ 2120 m
Pipeline
€ 430 m
Power island
€ 480 m

Storage
facility
€ 80 m

Gas island
€ 1130 m

Figure 7: Capital Costs of the Demonstration Plant
The calculated costs are based on budgetary estimates provided by manufacturers for important plant units and on
our own estimates for the balance of plant. The costs have been calculated on the basis of prices in 2008 in nominal
terms, with an estimate accuracy of ±25 %. The total capital costs of €2,120 mill. are thus far above the €1,000 mill.
mentioned in the initial project announcement.
This considerable increase in cost may be attributed mainly to the following causes:
- A longer pipeline (approx. €200 mill.)
- The general development of capital costs in the energy industry
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3.2. Electricity Generation Costs
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Figure 8: Electricity generating costs
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The high capital costs have a corresponding effect on the electricity production costs of the demonstration plant.
Figure 8 explains the structure and cost shares, which amount to a total of €125/MWh.
The power plant accounts for about 80% of the total costs. The pipeline and storage facility are estimated to
constitute about 20%. At 60%, the capital costs make up the largest share of the total costs; hence the most
important field for reducing the costs of future large-scale plants has been identified.
The costs have been calculated on the basis of an annual operating period of 7,500 h taking account of a learning
curve in the first three years of operation, the use of Rhenish lignite, and the aforementioned technical performance
of the plant. To be better able to estimate profitability, these figures are juxtaposed with the electricity prices for
forwards (base load, 2009), which are currently traded for €70 - 80/MWh.
These figures confirm the typical “economic gap” of demonstration plants compared with commercial power
plants.
A key driver of this effect are the high specific costs caused by the relatively low capacity of a demonstration
plant, the plant concept that has yet to be optimized on the basis of the operational experience gained, and limited
availability in particular during the start-up phase due to the unavoidable occurrence of “teething troubles” that have
to be dealt with. Hence, an economic operation of the plant is not possible.
On the other hand, widespread commercial use before the suitability of this technology has been proven is
irresponsible. For us to commit ourselves to a costly demonstration project given this situation, the following
requirements must be met:
- Prospect of bridging the economic gap in future large scale plants
- Financial support by cooperations with industrial partners and/or research funding
The economic viability of the IGCC/CCS route was investigated by RWE Power as part of a separate study of
large-scale plants. In addition to scale-up options for the various units in the process chain, cost reduction leverage is
provided in particular by the future plant size and the implementation of learning effects gained in demonstration
operation. Large-scale plants will presumably have even higher individual train capacities and be designed as a
modular system based on a multi-train concept. This results especially in engineering savings, which today makes
up some 20% of the capital costs of a demonstration power plant. In addition, we expect extensive optimizations and
standardizations, and improvements regarding reliability, availability and maintainability (RAM) as a result of the
experience gained in demonstration operation.
The widespread commercial use of CCS technology will require the construction of a pipeline infrastructure and
lead to a further significant reduction in specific costs. The capex level of large-scale plants constructed after 2020
remains unpredictable. The large-scale plant study conducted by us assumed that the capital cost level remains
unchanged compared with 2008.
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Tapping the above-mentioned cost reduction potentials has a decisive effect on electricity generation costs.
Fig. 9 shows that future large-scale IGCC/CCS plants will reach a level of €80/MWh.
By comparison, a conventional steam power plant equipped with cutting-edge technology has to buy a larger
amount of emission allowances since it is operated without CCS. The electricity generation costs of this power plant
are at the same level as those for the IGCC/CCS, resulting in avoidance costs of €46/t (See calculation shown in Fig.
9). In case of higher allowance prices, the CCS technology is economically superior to conventional technology.
The assumptions regarding expected carbon prices are understandably very uncertain. According to [1], for
instance, a range of €35-50/MWh is specified for early full commercial-scale CCS projects, while prices in the
mature commercial phase are expected to be in the range of €30-45/MWh.
This indicates that large-scale IGCC/CCS plants are basically viable, which justifies their further development.
The high costs and risks of the demonstration plant nevertheless have to be dealt with. Thus, RWE Power is seeking
financial support by cooperations with industrial partners and/or by research funding.
CO2 avoidance costs

Electricity generation costs in €/MWh*

(80  5)  (81  41) €/MWh
€46 /t CO2
(0.85 - 0.1) t CO2 /MWh

125
approx. 40%

5

80

Allowances

41

First IGCC/CCS
plant
*)

Future large-scale
CCS plants

70 - 80

81
Allowances

Dry lignite-fired PP
(700°C) without CCS

Market perspective
Forwards 2009

Discounted average costs in today’s monetary value (position: 2008)

Figure 9: Commercial perspectives of future large-scale powerplants

4. Conclusion

RWE is working hard to promote the project in all fields. The key factors for succesful implementation are:
Costs and profitability:
- Commercial large-scale IGCC/CCS plants can be economically self-sustaining.
- The high costs and risks of the demonstration plant require financial support.
Regulatory framework:
- Viable regulations must be developed as quickly as possible
Acceptance:
- Public awareness and support require a comprehensive
communication concept and political support.
We rely on the commitment of all those involved to demonstrate the climate-friendly use of coal.
____________

[1] Carbon Capture & Storage: Assessing the Economics, McKinsey Company, 2008
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a b s t r a c t
In the last decade the environmental performance of climate effective carbon dioxide capture and storage
(CCS) considering also other environmental effects has become focus of several studies. With various
technological CCS options under development, the ﬁeld of possible technical solutions is hardly covered
yet. This paper identiﬁes technologies whose environmental effects have been analysed from a life cycle
perspective.
Life Cycle Assessment (LCA) has proved to be a helpful tool to investigate the environmental consequences associated with the introduction of CCS. Even though, big differences in underlying assumptions
of existing studies make comparison difﬁcult, some general effects can be described.
In general the intended reduction in GWP by introducing CO2 capture (up to – 85% hard coal oxyfuel, – 95% lignite oxyfuel, – 80% natural gas post-combustion) is combined with an increase of other
environmental effects, regardless of capture technology, time horizon or fuel considered. Performing the
normalisation step shows that acidiﬁcation and human toxicity potential have to be watched as well.
Additionally, three parameter sets have been identiﬁed, which have a signiﬁcant impact on the effects:
(a) development of plant efﬁciencies and energy penalties; (b) capture efﬁciency; (c) fuel origin and
composition.
© 2012 Elsevier Ltd. All rights reserved.

1. Introduction
Main environmental focus of carbon dioxide capture and storage (CCS) technology is the extensive reduction of CO2 emissions
into the atmosphere at large point sources in order to protect our
climate. This clearly essential goal, however, can only be reached
by losing some of the efﬁciency. Furthermore, some technologies
induce other environmental impacts which have to be recognised. A
life cycle approach, including into the analysis upstream processes
like additional fuel and operation material supply as well as downstream processes such as waste treatment, provides a basis for an
extensive assessment of environmental impacts of commercial CCS
adoption.
In the last years, several studies have addressed environmental consequences associated with the introduction of CCS in power
plants beyond CO2 reduction using Life Cycle Assessment (LCA)
as a tool. Basis for the environmental assessment in this paper
is a study on behalf of the IEA Greenhouse Gas R&D Programme
(IEAGHG) ﬁnalised spring 2010 (Marx et al., 2010) in which the
results of different studies were systematically compared considering the different approaches, site and time speciﬁc differences, and
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methodological variations. Moreover, two recent studies are added
to this analysis (Nie et al., 2011; Singh et al., 2011). In total the environmental assessment of this report is based on seventeen studies
which have been undertaken after 2000, not including CCS studies
dealing with enhanced oil and gas recovery (EOR, EGR) to maintain comparability. Many studies (9) have a European focus, three
consider the US situation, one looks at the Japanese situation and
four have a global approach. Even though basic assumptions differ
in the studies as a matter of course, this paper tries to draw some
general conclusions regarding environmental effects by combining
the ﬁndings of the studies.
2. Systematic comparison of study parameters
A comparison of competing energy technologies requires a
thorough understanding of each system and its boundaries.
Assumptions regarding functions of the systems, their boundaries
and generic data are especially important. Additionally, the wide
range of performance possibilities and methodological challenges
of LCA make a close investigation of the studies and their results
necessary.
The functional unit of all investigated systems is 1 kWh of electricity generation. Other assumptions differ more widely within the
studies, due to the varying focuses. In the following, the impacts on
the results are described.
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Scope of LCA studies.

2.1.1. Capture technology
The three capture technology routes, post-combustion, oxyfuel and pre-combustion constitute the ﬁrst differentiation criteria.
Post-combustion capture technology as one possible future CCS
system is examined in nearly every study. CO2 capture systems that
utilize Mono-ethanolamine (MEA) scrubbing are common to all
papers analysed here. As several demonstration plants using MEA
scrubbing already exist, some operation data should be available.
However, most studies rely on modelled data.
Only two studies investigate other post-combustion technologies (Khoo, 2006; D’Addario et al., 2003). While Muramatsu and
Iijima (2002) examined the performance of MHI’s proprietary
amines for CO2 capture. The oxyfuel process route is described only
in ﬁve of the newer studies (NEEDS et al., 2008; Nie et al., 2011;
Pehnt and Henkel, 2008; Singh et al., 2011; Viebahn et al., 2007).
The IGCC/NGCC technology with integrated pre-combustion technology is the objective of 9 studies (D’Addario et al., 2003; Doctor
et al., 2001; IEA, 2006; NEEDS et al., 2008; Lombardi, 2003; Odeh
and Cockerill, 2008; Pehnt and Henkel, 2008; Singh et al., 2011;
Viebahn et al., 2007) (Table 1).
As fuel hard coal is considered in 14 studies. In four studies
(NEEDS et al., 2008; Pehnt and Henkel, 2008; Schreiber et al., 2009;
Viebahn et al., 2007) lignite as a local fuel is assumed. Looking at
a European or even global level, natural gas is investigated as well
(9 studies) (D’Addario et al., 2003; IEA, 2006; Modahl et al., 2009;
NEEDS et al., 2008; Lombardi, 2003; Odeh and Cockerill, 2008;
Singh et al., 2011; Spath and Mann, 2004; Viebahn et al., 2007)
(Table 1).
As CCS is a future technology, the technological representation
varies considerably across these studies. The used power plant
information is either gathered by own modelling (often using
Aspen) or by literature study. Typical literature which is quoted regularly is (Göttlicher, 1999; Rao and Rubin, 2002; Rubin et al., 2007;
Thitakamol et al., 2007; Tzimas et al., 2007). As several of the studies
focus on Europe the Ecoinvent database (Ecoinvent Centre, 2007) is
often used for background data (IEA, 2006; Koornneef et al., 2008;
NEEDS et al., 2008; Odeh and Cockerill, 2008; Pehnt and Henkel,
2008; Schreiber et al., 2009; Viebahn et al., 2007; Wildbolz, 2007).
No common understanding of future efﬁciency development for
commercial power production exists, let alone of energy penalties due to capture. Often it is not clear which detailed technical
assumptions, e.g. technological representation or emission reduction efﬁciencies are used for the analysis. In Fig. 1 the net efﬁciencies
and the assumed energy penalties of the different studies are presented with respect to the fuels used.
For hard coal post-combustion efﬁciency values between 29.6%
(2010 retroﬁt, Schreiber et al., 2009) and 49% (values for 2050,

Normal. step

Some studies compare different CCS technologies against each
other, while other studies concentrate on one speciﬁc CCS technology and/or compare CCS routes against alternative low CO2
emission technologies such as energy production by renewable
energy sources. A comparison with renewable systems is quite
complex, due to different availability of 1 kWh of electricity produced by some renewable technologies (e.g. wind, photovoltaic)
compared to fossil fuel technology. Furthermore renewable technologies have clearly lower global warming potential (GWP) but
induce other impacts such as change of biocoenosis for wind or
impairment of habitat for solar power (Viebahn et al., 2007). Additionally a couple of studies have a clear focus on the comparison
of CCS and renewable energy generation (Spath and Mann, 2004;
Viebahn et al., 2007). However, a detailed comparison between
CCS-enabled electric power systems and renewable energy systems
is not the focus of the work presented here.
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NEEDS et al., 2008) can be found. For lignite the difference between
the lowest (26.3%, 2010 retroﬁt, Schreiber et al., 2009) and the highest efﬁciency (49%, values for 2050, NEEDS et al., 2008) is even
higher. For the oxyfuel process a high share of energy is needed for
the oxygen production. The speciﬁc demand is still very unclear,
ﬁgures ranging from 160 kWh/tO2 in Doosan Babcock (2009) up
to 320 kWh/tO2 in Pehnt and Henkel (2008). The signiﬁcant difference originates from the underlying time perspective and the
future technological representation of the studies. As expected
NEEDS et al. (2008), the study with the furthest time horizon 2050,
assesses the highest net efﬁciencies. In general, energy penalties for

pre-combustion processes are the lowest and for post-combustion
the highest. The energy penalty of lignite fuelled post-combustion
power plants differs mostly (from 7%-points up to 18.2%-points)
due to different states of technology. The capture technology can
be retroﬁtted to an existing power plant leading in higher energy
penalties or being integrated into an optimised greenﬁeld power
plant, as explicitly analysed in Schreiber et al. (2009).
2.1.2. Transport and storage
All studies which include CO2 transportation and storage
into their analysis describe the share of these processes on the
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Table 2
Impact categories considered.
Impact category

Abbreviation

Short description

Example of relevant LCI data

Characterisation factor
(Guinée et al., 2002)

Global warming
potential

GWP

CO2 , N2 O, CH4 , SF6 , CHCL3 , CF4 , CFCs, HCFCs,
CH3 Br

kg CO2 -equiv.

Acidiﬁcation potential
Eutrophication
potential
Photochemical
oxidation potential

AP
EP

Impact of human emissions on
radiative forcing of atmosphere,
causing a temperature rise
Emission of acid-forming substances
Excessive supply of nutrients

SOx , NOx , HCl, HF, NH3 , HNO3 , H2 SO4 , H3 O4 P
PO4 3− , N2, NO2 , HNO3 , NH3 , H3 PO4 , COD

kg SO2 -equiv.
kg PO4 3 − equiv.

PAH, NOx , NMVOC, CH4

kg ethylene-equiv.

Human toxicity
potential
Fresh water aquatic
ecotoxicity potential
Terrestrial ecotoxicity
potential
Cumulative energy
demand

HTP

PM10, SO2 , NOx , CH4 , CH2 O, C6 H6 PAH, As, Cd,
dioxin
Heavy metals

kg 1,4-DCB-equiv.
kg 1,4-DCB-equiv.

TETP

Summer smog; formation of reactive
chemical compounds by action of
sunlight on primary pollutants
Impacts on human health of toxic
substances
Effects of toxic substances on fresh
water
Effects of toxic substances on soil

Heavy metals

kg 1,4-DCB-equiv.

CED

Quantity of energy used

Energy resources

MJ

POCP

FAETP

environmental effects of the overall system as relatively small,
though in a wide range (approx. 1–10%), depending on the capture performance and fuel used. The lower the efﬁciency of the
power plant (e.g. old-fashioned lignite-fuel power plants) or the
higher the capture rate, the more CO2 emissions have to be captured
resulting in higher efforts for CO2 transport and storage. Also, transport distance, number of recompression steps along the pipeline,
type of storage (gas ﬁeld, saline aquifer), and depth of injection
affect the results, but to a smaller degree. Wildbolz (2007) stated
a threefold higher energy demand for CO2 injection and storage in
a depleted gas ﬁeld (2500 m deep) than in a saline aquifer (800 m
deep). The length of the pipeline has the smallest effect. Spath and
Mann (2004) received a share of transport on total GWP rising from
0.1% for 300 km to 1% for 1800 km pipeline length. However, as the
different studies often do not describe the underlying parameters,
it is not always possible to assess the share of transport and storage
to the speciﬁc matters in detail.
2.2. LCA methodology driven differentiation
Although a standard deﬁnes the procedure of an LCA (ISO
14040/14044, 2006), the margin of ﬂexibility in how to perform
an LCA is still wide. As a consequence, some choices have a high
impact on the overall results.
2.2.1. Impact categories
In the life cycle impact assessment (LCIA) the environmental effects of the investigated system are described by allocating
the comprehended inputs and outputs to impact categories. For
some impact categories there are several characterisation models and category indicators suggested. So it might be possible that
studies, although addressing the same impact category, cannot be
compared directly, because they use different category indicators.
The NEEDS et al. (2008) study considers only inventory data (e.g.
materials, energy, emissions). On basis of these data Bauer (2009)
provided (for the 2025 systems) impact data (such as global warming potential) also, to allow comparison with the other studies.
Here results are presented for those categories for which a
sufﬁcient number of studies use the same impact indicator. The
considered categories are: global warming potential GWP, acidiﬁcation potential AP, eutrophication potential EP, photochemical
oxidation potential POCP, human toxicity potential HTP, fresh
water aquatic ecotoxicity potential (FAETP), terrestrial ecotoxicity potential (TETP) and cumulated energy demand CED. Table 2
describes brieﬂy the different impact categories, names typical

emissions contributing to this effect and state the category indicator by which the effects are expressed.
The impact assessment is completed by applying a normalisation step in order to gain a better understanding of the relative
importance of an effect on the environment (see also Section 2.2.3).
As different impacts do not correspond directly to perceptible problems or prevailing threats it is sometimes difﬁcult to interpret these
absolute values. Therefore, each effect is benchmarked against the
known total effect for this class of a speciﬁc region, e.g. Europe,
global, to better understand the relative importance of this environmental effect.
2.2.2. Time horizon
The time horizon has an impact on the future technical parameters which are selected for CCS but also those selected for
competing technologies. Almost all studies consider present and
future power plant and CCS systems up to the year 2020. IEA (2006)
and NEEDS et al. (2008) extrapolate the power plants up to 2030 and
even to 2050, resulting primarily in different technology descriptions (see also Section 2.1.1).
The choice of time horizon plays also an important role evaluating the storage process and especially possible leakage. In LCAs,
long-term emissions are implicitly cut off. Beyond this it is not
clear, how far the long-term CO2 emissions from possible storage
leakage (occurring after 100 years or more) will have a negative
environmental effect in the remote future. Apparently, LCA is not
the appropriate tool to integrate long-term aspects. Nevertheless,
Khoo (2006) and Viebahn et al. (2007) consider different leakage
rates, to get an idea of long-term impact and not to underestimate
the storage phase by ignoring it at all.
2.2.3. Spatial representation
In the CCS chain especially the storage sites are highly site speciﬁc. However, in those studies where storage is included, no site
speciﬁc information beside CO2 transport distances and in some
studies number of wells as well as the energy demand for recompression and injection is used to describe the process.
Additionally, many products of second order processes, such
as fuel supply or electricity mix are very site speciﬁc. Especially
hard coal supply has a high impact on the results. Also different
coal compositions yield to different power plant emissions even
when the same technology is used. However, only a few studies
explicitly address this topic (Korre et al., 2009; Odeh and Cockerill,
2008; Schreiber et al., 2009). Underlying site speciﬁc assumptions
are hardly addressed, so that it is difﬁcult to determine the effects
on the results.
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Fig. 2. Fractions of life cycle phases on GWP for different studies.

The different environmental impacts contribute on global (climate change, stratospheric ozone depletion), regional or even local
scales (acidiﬁcation, eutrophication). Related to the geographical
location the impacts for regionally or locally scaled emissions can
vary widely, depending on the ecosystem sensitivity. Although
there are some approaches for including regionally different environmental impacts under discussion (Posch et al., 2008; Seppälä
et al., 2006) no study uses site or region dependent impact factors. A marginal approach to consider regional references is the
normalisation step, where each effect is benchmarked against the
known total effect for this class of a speciﬁc region. Those studies
(Koornneef et al., 2008; Modahl et al., 2009; Schreiber et al., 2009)
including the normalisation step use the same approach of CML
2001 (Guinée et al., 2002) but different country speciﬁc data to set
the relation.
2.2.4. Upstream and downstream processes
The analysis of the studies clearly shows the signiﬁcant inﬂuence of upstream and downstream processes on the overall
emissions and their impacts. The different studies approach the
topic of upstream and downstream processes on different levels of
detail. Along different impact categories the share can vary considerably. For power plants with CCS it is in general higher than
for power plants without CCS, due to losses in efﬁciency associated
with additional demand of fuel. For GWP the share of the different
life cycle stage are described exemplarily for some studies in Fig. 2,
distinguishing between emissions from power plant operation, fuel
supply, CO2 transport and storage, and other contributions. This last

category combines solvent supply, construction and dismantling of
power plants which cannot be identiﬁed separately for all studies.
The variations between the different studies become obvious.
The share of upstream and downstream processes varies from 90%
for a hard coal oxyfuel plant in Viebahn et al. (2007) to 10% for an
IGCC lignite pre-combustion plant in NEEDS et al. (2008). Also the
differences in CO2 transport and storage relevance can be seen (see
also Section 2.1.2). However some trends can be identiﬁed. Within
one fuel type the oxyfuel technology shows the least emissions by
far at the power plant itself, followed mostly by post-combustion
and then pre-combustion, which are often close by. Comparing
within one technology route, the gas supply chain has the highest share and the lignite supply chain the clearly smallest (note
that this order must not be the same for the absolute values). Consequentially, for lignite fuelled plants a performance improvement
at the power plant itself is most promising, while for the other fuels
a revision of the supply chain is interesting as well. Especially for
the oxyfuel concept fuelled by gas or hard coal, contribution to GWP
is dominated by the fuel supply chain.
The hard coal supply chain also contributes strongly to other
impact categories, such as AP, EP and POCP. Especially ocean coal
transport via ship fuelled by heavy oil is the major contributor
(above 30%) to the AP. Furthermore, the MEA production chain
accounts for an extreme increase in the HTP score due to the emission of ethylene oxide to air and water. In contrast to that the direct
MEA emissions and the disposal of reclaimer bottoms from the capture process contribute only to a very small extent (0.005%) to HTP
(Koornneef et al., 2008).
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Fig. 3. Environmental impacts of hard coal (left column) and lignite (right column) ﬁred pulverised coal combustion technology (a) without capture and (b) relative impacts
for plants with post-combustion/MEA or oxyfuel capture and normalised values related to global emissions in 2000.

For conventional power systems it has often been proved, that
construction and dismantling of power plants can be neglected.
Koornneef et al. (2008) and Pehnt and Henkel (2008) consider a
share of less than 0.2% on the total GWP connected to those life cycle
phases. While for CCS systems the absolute GWP emissions during
power plant operation are reduced, the values for construction and
dismantling are constant, resulting in an increasing proportion of
the construction and dismantling path. The studies differ in their
estimation between 0.34% in Lombardi (2003) for a hard coal based
IGCC and 4.9% in NEEDS et al. (2008) for a lignite fuelled oxyfuel system. In contrast, Singh et al. (2011) points out, that especially for
other inputs such as EP but also toxicities (human, ecosystem, fresh
water, marine), the inﬂuence of additional infrastructure increases
signiﬁcantly due to heavy metal emissions associated with the
material production (mainly steel).
The upstream and downstream process chains are often not represented with the same quality as the main processes. For example,
the score for HTP is highly uncertain due to possible inaccurate
data on the production of MEA (Koornneef et al., 2008; Schreiber
et al., 2009). This data should be veriﬁed because they have a major
inﬂuence on the outcome.

capture (b). As discussed before, a presentation of relative changes
in one diagram without further reﬂection might overvalue impact
categories with big changes but still small contribution to the total
environment. Therefore, a yearly contribution to a speciﬁc region
is given as evidence (normalisation step). As the different studies
cover different regions global emissions are chosen for the reference system. In an extensive study Sleeswijk et al. (2008) have
gathered worldwide emissions for all impact categories for the
year 2000 and calculated subsequent global normalisation values.
Table 3 shows these global values for the different impact categories
as the latest available ﬁgures.
For the CCS systems arithmetic average impact data were calculated from the studies for each capture technology. According to
a speciﬁc capture route and fuel global power generation with this
average impact data is assumed. For consistency, electricity generation ﬁgures for the different energy sources for the same year 2000
(hard coal: 5136 TWh, lignite: 749 TWh, natural gas: 2677 TWh;
OECD/IEA, 2002) are chosen. Hence, in each ﬁgure (Figs. 3–5) the
share of an assumed global power generation using exclusively one
speciﬁc technology is given to display the importance of the various impact categories, by relating it to the total global emissions
for the year 2000.

3. CCS technologies and their impacts
3.1. Hard coal and lignite
The environmental impacts of CCS technologies are compared considering different capture techniques and types of fuel
(Figs. 3–5). Therefore, the absolute impact equivalents for each fuel
and technology are presented in the ﬁrst diagram of a ﬁgure (a). The
subsequent graphs always show the relative difference due to CO2

The absolute GWP of pulverised hard coal combustion technology without capture varies between 765 g CO2 -equiv./kWh
(a future 2025 plant in NEEDS, 2008) and 1092 g CO2 -equiv./kWh
(old PC plant 2000 in Koornneef et al., 2008), depending on the
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Fig. 4. Environmental impacts of an IGCC hard coal (left column) and lignite (right column) gasiﬁcation system (a) without capture and (b) relative impacts of systems with
pre-combustion capture and normalised values related to global emissions in 2000.
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Fig. 5. Environmental impacts of a natural gas combined cycle (a) without capture and (b) relative impacts of systems with post-combustion MEA-capture and normalised
values related to global emissions in 2000. No absolute ﬁgures for IEA (2006) available.

estimated efﬁciency and, to a lower extent on the type of coal
used (Fig. 3a, left). The acidiﬁcation potential values scatter much
more. Koornneef et al. (2008) assume a very high value (2.8 g SO2 equiv./kWh) for an old average PC plant from 2000, while the lowest
value is 0.39 g SO2 -equiv./kWh (Korre et al., 2009). Most important
here is the assumed ﬂue gas treatment, but also again the coal composition. EP, POCP, CED as well as the toxic effects (HTP, FAETP and
TETP) vary corresponding to the efﬁciencies assumed.
As expected the GWP for a lignite base plant without CCS (Fig. 3a,
right) is slightly higher compared to hard coal. The AP varies
between 0.66 and 1.59 g SO2 -equiv./kWh. In contrast to hard coal
supply the local lignite mining requires no long distance transport

Table 3
Normalisation factors world 2000 (Sleeswijk et al., 2008).
Impact category

World 2000

Global warming potential (GWP 100 years)
Acidiﬁcation potential (AP)
Eutrophication potential (EP)
Photochemical oxidation potential (POCP)
Human toxicity potential (HTP)
Fresh water aquatic ecotoxicity potential
(FAETP)
Terrestrial ecotoxicity potential (TETP)

4.18E+13 kg CO2 equiv.
2.39E+11 kg SO2 equiv.
1.58E+11 kg phosphate equiv.
2.90E+10 kg ethane equiv.
3.63E+12 kg DCB equiv.
3.47E+12 kg DCB equiv.
1.09E+12 kg DCB equiv.

systems which are associated with NOx and SO2 emissions causing
AP. Consequentially, lignite shows lower AP values.
The normalisation shows, that global hard coal based power
generation (5136 TWh) without CCS contributes considerably to
global GWP, with a share of 10.6%, assuming the power production
by an average hard coal power plant gathered from the information of the studies. The share on the world’s AP is 2.6%. Even smaller
are the other effects (EP, POCP, HTP, FAETP and TETP). Due to the
much smaller amount of power generation by lignite ﬁred plants
worldwide (749 TWh), the share of all environmental impacts on
the global impact is much smaller, than for hard coal. For GWP it is
maximum 1.6% without CCS and all other categories are negligible.
As expected, the results for hard coal and lignite power generation with CCS clearly indicate a substantial reduction in GWP.
However, the reduction is less than the considered CO2 capture rate
(in most studies 90%). One reason is the efﬁciency loss and subsequently additional coal demand resulting in a higher amount of CO2
emissions which have to be captured. Additionally, this higher coal
demand results in an increase of methane emissions during mining
and transport of the hard coal.
Furthermore, the LCAs show an increase in all the other considered impact categories (AP, EP, POCP, HTP, FAETP, TETP and CED)
for post-combustion. The AP and EP of a MEA post-combustion system increases in almost all studies even though further reductions
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of SO2 and of NOx at the power plant by improved ﬂue gas desulphurisation (FGD) and denitriﬁcation, respectively, are assumed.
Beside minor emissions from MEA processes main reason for this
effect are the assumed higher SO2 and NOx emitted during heavy-oil
freighter transport according to additional coal demand. This transport is also reason for the increase in POCP together with higher
methane emissions by increased coal mining and ethylene oxide
formation during the production of MEA.
Here, LCA shows clearly, that impacts are shifted between life
cycle phases and by doing so probably also to other regions. While
SO2 and NOx decreases at the power plant itself, the regional effects
of AP and EP decreases as well (for example in Europe). Nonetheless, SO2 and NOx are increased during transport and associated AP
and EP effects occur somewhere else (e.g. South America, oceans).
The increasing CED is directly connected to the estimated efﬁciency
loss. Impact categories describing toxicological effects are signiﬁcantly affected by post-combustion technology. Especially recent
studies, including these categories, often show an increase of up to
200% for post-combustion systems. This follows from two aspects:
ﬁrstly, organic emissions (mainly ethylene oxide emissions from
MEA supply) into air and water and secondly, heavy metals and
some phosphate emissions into water from landﬁlling of hazardous
waste and coal ash. Waste treatment of residues is still an open
question for large scale MEA plants. An optimised waste management system might diminish the effect.
The normalisation still shows a relatively low importance of
FAETP and TETP (0.7% and 0.1%) even with this high increase of
absolute ﬁgures. However, the impact of HTP increases considerably (from 0.5% to 1.9%).
The share in the world AP for hard coal increases slightly from
2.6% to 3.2%. For EP and POCP the shares are 0.8% and 1.5%.
The impact assessments of the four studies analysing hard coal
oxyfuel power plants present no consistent results, except for GWP.
The relative values for AP and EP relating to the power plants without CO2 capture lie between −38% and 40% and −43% and 58%,
respectively, for POCP between 23% and 123%. The toxicity effects
are considered in two studies and show the same tendency for
HTP (approx. 34%) and FAETP (approx. 41%) but diverge for TETP
(20–65%). Reason for the heterogeneous perspectives might be the
differences in efﬁciency, energy penalty, ﬂue gas treatment, or the
distribution of SO2 and NOx in the compressed CO2 stream versus
in ﬂue gas emissions. However, this cannot be deduced clearly
from the studies. This implies, that no general conclusions can be
drawn for the environmental assessment of oxyfuel power plants
from existing studies so far. For the lignite oxyfuel system all other
categories decrease as well. Only the CED increases due to the
energy penalty. The two LCAs for oxyfuel demonstrate values for AP
(- 15% up to - 80%) and EP (30 up to 80%). The obvious decrease of
AP and EP compared to hard coal is again related to the absence of
considerable transport distances. If the ratio of global lignite power
production remains small the impacts will stay negligible. Even an
increase of more than 500% for POCP using CCS will not have a
noticeable effect on the total worldwide impacts.
The absolute ﬁgures for the IGCC system without CCS are smaller
than for conventional pulverised combustion and more balanced.
IGCC with CCS shows the same tendency as post-combustion technology, but on a lower level. Although all studies consider different
solvents, the increase of AP, EP, POCP and CED in general is smaller
than 40% and remain rather low compared to the global EP and
POCP (Fig. 4). The share of AP on the world impact increases slightly
from 1.5% to 1.8%, GWP decreases from 11.5% to 2.9%.
3.2. Natural gas
For natural gas mostly post-combustion systems are investigated. According to the efﬁciency of natural gas power plants
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without CCS the absolute GWP is much lower as for coal plants.
While power generation amounts to nearly half of the hard coal
plants the share on the global GWP is less than a quarter (2.7%).
With CCS it comes down to 1.0%. The results for GWP are again
the most uniform. Within the studies no coherent picture concerning the other impact categories is visible. The increase for
AP, EP, POCP and CED is mostly in the range between 15% and
50%. All normalised impacts are well below 1% of the world
total, even with the considered increase within the different categories.
In summary for all fuel types and capture systems only GWP
is a very robust impact parameter. For a reliable statement about
other environmental impacts more, well documented LCAs are
necessary including well described assumptions, parameters and
uncertainties to explain the effects on the results clearly. For example, assumptions about transocean shipment of coal in a study,
or solvent production in another study can all have a signiﬁcant
impact on various LCA categories of interest.

4. Conclusions and outlook
A comprehensive analysis of environmental consequences associated with the introduction of CCS has become subject of several
studies in the last decade. Synergies and trade-offs on the environmental impacts are revealed to widen the discussion. As
expected, it is difﬁcult to obtain homogeneous information about
environmental impacts of CCS technologies by comparing studies with diverging backgrounds. Nevertheless, overall effects and
trends are recognisable and sensitive parameters can be identiﬁed.
In general the studies show an increase in other environmental impacts when the global warming potential is substantially
reduced by introducing CCS, regardless of capture options or fuel
used. This is most often related to the loss in efﬁciency and the
corresponding additional demand for fuel, operating materials
(e.g. solvents) and increasing wastes. Looking closer at the origin
of these effects, it becomes obvious, that an exclusively optimisation of power plant performance alone is not sufﬁcient to decrease
the effects considerably. Especially for hard coal and gas fuelled
power production the fuel supply has a high share in the varying
impacts.
When scrubbing solvents are used in the process, typically toxicological impacts on humans and the environment increase. This
is caused by the release of organic emissions, mostly ethylene
oxide emissions from MEA supply, into air and water. Also AP and
EP increase because of ammonia emissions during MEA production.
For hard coal plants heavy metals released into air and water and
also, heavy metals and some phosphate emissions into water from
landﬁlling of hazardous waste and coal ash are also causing toxicological effects. They are higher for CCS plants due to the energy
penalty and relating additional coal demand. During fuel transport
SO2 and NOx emissions occur, causing additional AP and EP. Here,
LCA reveals a shift from emissions at power plants to regions of fuel
extraction and transport.
By comparing the studies it has become obvious that process chains of operation material and waste treatment are
often less well investigated compared to the process chain of
power generation and capture. However, for many environmental impacts they are the main driver of the increase in impacts.
Therefore, a more detailed look into these process chains is recommended.
For hard coal and lignite post-combustion systems the impacts
except GWP can increase 100% and more. For oxyfuel and precombustion the increase is smaller, but still visible. However, a
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relation to total global emissions shows clearly, that crucial impacts
associated with power generation are the GWP which decreases
drastically by using CCS technology and AP which increases slightly.
For post-combustion HTP must be kept track. This normalisation
step helps to rank the environmental effects and prevent overestimations and therefore should be included in every LCA.
A detailed look into the studies reveals parameters which have
a considerable impact on the outcome. One signiﬁcant aspect is the
assumption of power plant efﬁciencies today and in the future. As it
turns out, no common perception about future technology parameters with or even without CCS exists. The efﬁciencies vary from 37%
to 54% for a hard coal system without CCS, representing different
stages of technology. For lignite systems without CCS efﬁciencies
of 41–54% and for natural gas systems of 50–66% are described.
Energy penalty ranges from 6%-points to 18%-points can be found
looking across all capture technologies.
Other parameters, with considerable impact on the results are
capture efﬁciency and quality of CO2 captured. Odeh and Cockerill
(2008) show a GWP increase up to 25% if the capture efﬁciency
decreases by 5%. Koornneef et al. (2008) state, that CO2 removal
efﬁciencies included in the IPCC report of ±5% translate to a change
in GWP of ±20%, in relation to a 90% efﬁciency basis. The inﬂuence
of CO2 quality requirements on the process performance has not
been investigated in an LCA context yet. Although different CO2
qualities do not hinder a comparison from a life cycle perspective,
deeper knowledge about the effect on the results are desirable.
The parameters with the highest impact on the results, fuel
composition and origin, differ for every study. Same technologies
using different fuels have different emissions and subsequent different impacts. Though, without background data it is not possible
to determine, which part of the result is related to the technology and which is related to the fuel. As it cannot be expected, that
the practitioners of LCA studies use the same coal or gas input, it
would be helpful to present the underlying fuel parameters, such
as composition, heating value and transport distances.
Typically CO2 transport and storage as well as construction and
dismantling of the power plants and CCS systems have only a minor
impact on the overall effects.
In summary, the analysis of existing studies has shown several
open questions for further investigations. Especially for the oxyfuel process, but also for the pre-combustion route, it is essential
that more LCAs include well documented parameters and describe
uncertainties and assumptions precisely. So far it is difﬁcult to draw
robust conclusions about environmental performances of oxyfuel
processes. Also investigations about oxyfuel and pre-combustion
technologies in natural gas power plants are missing. In addition, new, second generation capture technologies, such as chilled
ammonia, membranes or others, should be covered also. A comparison of CCS with other GHG emission mitigation measures,
particularly renewable energies, will follow.
However widening the portfolio of technologies will cause additional demand for new studies. To encourage an easier general
interpretation of the results, it is helpful to have a set of background
or benchmark information about technologies or fuel supply. A list
of impacts to be considered as well as regional normalisation factors
to rank the effects completes the basic requirements.
This study has shown, that LCA is a helpful tool to support
the discussion about environmental effects associated with CCS
technology. Beside the striving goal of CO2 reduction also other
environmental effects are considered. Additionally, the life cycle
perspective helps to identify shifts in occurrence of effects along
the life cycle or to other regions. Finally, the valuation of different
environmental effects against each other is facilitated by the normalisation step, showing that GWP is reduced considerably while
only the increase of AP and HTP (for hard coal post-combustion)
have to be watched closely.
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